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Intensified process designs with advanced solvents have been proposed to decrease
both capital and operating costs of post-combustion carbon capture with amine scrubbing.
These advanced flowsheets create process control challenges because process variables are
designed to operate near constraints and the degrees of freedom are increased due to heat
recovery. Additionally, amine scrubbing is tightly integrated with the upstream power plant
and downstream enhanced oil recovery (EOR) facility. This work simulated an amine
scrubbing plant that uses an intercooled absorber and advanced flash stripper configuration
with aqueous piperazine to capture CO, from a 550 MWe coal-fired power plant. The
objective of this research was to develop a process control strategy that resulted in favorable
closed-loop dynamics and near-optimal conditions in response to disturbances and off-

design operation.

Two models were created for dynamic simulation of the amine scrubbing system:

a medium-order model of an intercooled absorber column and a low-order model of the

Vil



entire plant. The purpose of the medium-order model was to accurately predict the absorber
temperature profile in order to identify a column temperature that can be controlled by
manipulating the solvent circulation rate to maintain a constant liquid to gas ratio. The low-
order model, which was shown to sufficiently represent dynamic process behavior through

validation with pilot plant data, was used to develop a plantwide control strategy.

A regulatory control layer was implemented and tested with bounding cases that
represent either electricity generation requirements, CO, emission regulations, or EOR
constraints dominating the control strategy. Satisfying the operational and economic ob-
jectives of one system component was found to result in unfavorable dynamic performance
for the remainder of the system. Self-optimizing control variables were identified for the
energy recovery flowrates of the advanced flash stripper that maintained good energy per-

formance in off-design conditions.

Regulatory control alone could not satisfactorily achieve the set point for CO, re-
moval rate from the flue gas. A supervisory model predictive controller was developed
that manipulates the set point for the stripper pressure controller in order to control re-
moval. The straightforward single-input, single-output constrained linear model predictive

controller exhibited a significant improvement compared to PI control alone.
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Chapter 1

Introduction

Carbon dioxide (CO,) is the largest anthropogenic source of greenhouse gas (GHG)
emissions and is known to be a major cause of climate change (IEA, |2015). The rise in
global temperature as a result of GHGs has been implicated in melting glaciers (Radi¢
et al., 2014), rising sea levels (Hinkel et al., 2014)), acidification of marine ecosystems
(Kroeker et al., 2013} Doney et al., 2009), intensified drought (Trenberth et al., [2014), in-
creased ultraviolet-B radiation (Hegglin and Shepherd, 2009)), and increased fire frequency
(Bowman et al., 2009), all of which threaten biodiversity (Pimm et al., 2014 and human
food supplies (Rosenzweig et al., 2014)). Electricity generation accounts for nearly a third
of U.S. GHG emissions, with coal-fired power plants responsible for a 40% share of total
electricity generation in 2014 (EIA| 2015). It is therefore desirable to mitigate CO, emis-
sions from large, point source electricity generation power plants through carbon capture
and sequestration (CCS) technology in order to slow global climate change. Figure [I.]
shows IEA CO, emissions projections for a “business as usual” scenario and predicts the
action required to limit the rise in average global temperature to 2 °C (IEA, [2015). While
the bulk of emission reductions will likely come from higher penetration of renewables,
increases in both generation and end-use efficiencies, and fuel switching, CCS is projected

to be a critical CO, abatement strategy.
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Figure 1.1: Historical CO, emissions and IEA projections for the 6 °C Scenario, which is
largely an extrapolation of current trends, and the 2 °C Scenario, which lays out a pathway
that will give at least a 50% chance of limiting the rise of average global temperature to 2
°C (IEA} 2015)

One of the leading technologies for post-combustion CCS is aqueous amine scrub-
bing (Rochelle, 2009; [Boot-Handford et al., 2014}, which is a commercially demonstrated
process for capturing CO, from coal-fired power plant emissions (Stéphenne, 2014; Schert-
fius et al., 2013). The research presented here is focused on dynamic modeling and process
control strategy development for amine scrubbing. The goal of this work is to improve
operational stability, energy performance, and process economics, thereby advancing the

feasibility of widespread deployment of amine scrubbing for CCS from power plants.
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Figure 1.2: Pollution control steps for coal-fired power plants

1.1 Regulation of CO, Emissions

The Supreme Court case Massachusetts v. EPA (2007) classified CO, as a pollutant
under the Clean Air Act (CAA), requiring the EPA to regulate CO, emissions. New source
performance standards have already been implemented by the EPA to limit power plant
emissions at the level of a natural gas combined cycle plant (EPA, 2016), and there are
pending existing source standards (EPA, 2015). The CAA has long been used to regulate
post-combustion power plant emissions. As shown in Figure electrostatic precipitation
(ESP) for particulate removal, flue gas desulfurization (FGD) for SO, removal, selective
catalytic reduction (SCR) to reduce NOx to N,, and activated carbon injection (ACI) for
mercury removal have been added to coal-fired power plants over the past several decades
because of EPA and state regulations. Amine scrubbing is a tail-end technology that will
allow power plant operators to comply with future EPA rules, just as other post-combustion
pollution control technologies have historically facilitated the control of particulates, sulfur

dioxide, nitrogen oxide, and mercury as a result of EPA regulation.
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Figure 1.3: Basic flowsheet of an amine scrubbing plant

1.2 Overview of Amine Scrubbing

The main operating units of amine scrubbing are an absorber, stripper, and cross
heat exchanger, as shown in Figure Amine scrubbing is a heat-driven, thermal-swing
process: CO, in the flue gas is absorbed by an amine solvent in a low-temperature absorber,
and then the CO,-rich solvent is heated in a stripper to regenerate gaseous CO,. The heat
required for regeneration is derived by extracting low-quality steam from the power plant
turbines, and the efficiency of the process depends on effective cross exchange between the
hot and cold solvent. The CO, exiting the stripper is compressed to 150 bar for geological

sequestration.

1.2.1 Baseline MEA Process

Previous dynamic modeling studies have exclusively considered the basic process
shown in Figure with monoethanolamine (MEA) solvent, as summarized in Table (1.1
This configuration is commercially proven for acid gas treating and is commonly used as

a case study for post-combustion CO, capture. However, the basic process may not be



Table 1.1: Previously published plantwide amine scrubbing dynamic models

Solvent Absorber  Stripper

Lin et al.[(2011) MEA Simple  Reboiled
Lawal et al.|(2012) MEA Simple  Reboiled
Ziaii-Fashami| (2012) MEA Simple  Reboiled
Ceccarelli et al.| (2014) MEA Simple  Reboiled
Nittaya et al. (2014) MEA Simple  Reboiled
Enaasen Flg et al.[(2015) MEA Simple  Reboiled

representative of an optimized system, which contains additional degrees of freedom due

to energy integration and operates closer to process constraints, for process control studies.

1.2.2 Advanced Amine Scrubbing Process

Because of the high capital cost and large energy penalty associated with CO, cap-
ture, a commercial plant will likely use an advanced solvent with an intensified process.
This work considers an optimized process flowsheet and second generation solvent, de-
scribed in the following subsections. The advanced amine scrubbing process is used as a

case study for all modeling and control work that will be presented in subsequent chapters.

1.2.2.1 Piperazine as a Second Generation Solvent

Piperazine (PZ) has been identified as a second generation solvent with superior
properties to MEA (Rochelle et al.,|2011). Additionally, PZ solvent properties are readily
available in the literature and can incorporated into a process model. Table [I.2] compares

key solvent properties of MEA and PZ. PZ is a fast solvent, and therefore the height of the



Table 1.2: Solvent properties comparison, with best value shown in bold (Rochelle et al.,
2011)

Property TmMEA 8mPZ 5mPZ
Rate
(mol/Pa-m?2-s) 4.3 8.5 11.3
Capacity
(mol CO,/mol alkalinity) 0.5 0.79 0.63
Viscosity
(cP @ 40 °C) 2.5 10.8 3
Degradation T
°O) 121 163 163
Max Stripper P
(bar) 2.2 14.3 14.3

absorber column is smaller than a system with MEA. Because PZ has a higher degradation
temperature than MEA, the stripper can be operated at a higher pressure for superior energy
performance. PZ is used as the amine in this work to examine a system that will likely be

more representative of a future commercial solvent than MEA.

Two drawbacks to PZ are its relatively high viscosity compared to MEA and solid
solubility issues (Ma et al., 2012). 5 molal (m) PZ was selected over 8 m PZ for this work
because of the reduced viscosity and wider solid solubility window. The improvement
in viscosity, and therefore the heat transfer coefficient, likely outweighs the decrease in
solvent capacity. The high temperature/high pressure stripping operation creates safety

constraints that must be considered during process control strategy development.
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Figure 1.4: In-and-out intercooled absorber with advanced flash stripper configuration

1.2.2.2 Optimized Process Flowsheet

The optimized process configuration used in this work is an in-and-out intercooled
absorber with the advanced flash stripper (Figure [I.4). Absorber intercooling reduces
the required solvent flowrate and height of structured packing by decreasing the temper-
ature bulge in the column that results from the exothermic absorption of CO, (Sachde and
Rochelle, 2014). The energy performance of the advanced flash stripper configuration is
better than a reboiled stripper due to the effective recovery of stripping steam heat (Lin
et al., 2014). However, this configuration increases process complexity because of the in-
creased number of heat exchangers compared to the simple absorber and reboiled stripper

configuration.



1.3 Process Control Challenges

Amine scrubbing is not a new technology; it is widely used for removing CO, from
natural gas and hydrogen, with the basic process patented in 1930 (Bottoms, |1930). How-
ever, the throughput of an amine scrubbing plant that treats flue gas from a commercial
scale power plant will be an order of magnitude larger than the throughput of a natural gas
processing facility. Additionally, capital cost has been the dominant consideration in the
design of amine plants for current applications, whereas operating cost is likely more im-
portant for CCS from power plants. It is estimated that the parasitic power demand of the
system is equivalent to 20-25% of typical power plant output as a result of steam draw-off
for solvent regeneration and compression for geological sequestration (Lin and Rochelle,
2016)). Finally, operation is dependent on the upstream power plant and downstream com-
pressor, making amine scrubbing in CCS a highly integrated, complex system. Because
of this increased scale, energy demand, and complexity, there is a significant need for re-
search in the optimum design, operation, and control of the system prior to widespread

commercial scale implementation.

1.3.1 Hierarchical Process Control

A hierarchical approach is taken for designing a process control strategy for the
amine scrubbing system, described by Figure [I.5] (Seborg et al.| 2011} [Scattolini, 2009).
The first level of process control is the regulatory control layer, which consists of feedback
and feedforward controllers that regulate a process to its steady state in the presence of
disturbances and set point changes. The next level is the supervisory model predictive con-

trol (MPC) layer, which is responsible for coordinating the action of the individual control



loops of the regulatory control layer. The top level is real-time optimization (RTO), which
regularly calculates new optimum controller set point values based on changing economic
factors. RTO is not explicitly considered in this work, although realistic changes in process
set points that could result from RTO are examined when evaluating control strategy per-

formance. The reader is referred to the work of |(Cohen| (2012)) for further information on

RTO of amine scrubbing.
hours- Real-Time
days Optimization
minutes- Model Predictive
hours Control
seconds- Regulatory
minutes Control
Amine Scrubbing
Plant

Figure 1.5: Hierarchy of process control (Seborg et al., 2011} Scattolini, 2009)

1.4 Research Summary

There were two primary components of this research: (1) dynamic modeling and
(2) process control strategy development. A low-order, control relevant dynamic model of
the amine scrubbing plant was formulated and validated with pilot plant data. The low-
order model was used as a tool for evaluating proposed control structures. A medium-
order dynamic model of CO, absorption was also created to explore the dynamics of the
absorber column temperature profile. A regulatory control strategy was developed, taking

into account competing objectives between the capture plant, power plant, and enhanced oil



recovery facility. Controlling the performance of the heat integrated advanced flash stripper
and intercooled absorber was also addressed. Finally, supervisory model-based control was
used to account for the higher-level system objective of maintaining a desired CO, removal

rate from the flue gas.

The dissertation is organized as follows:

* Chapter 2 Literature review of process modeling and control of amine scrubbing

(Walters et al., 2016blc)

* Chapter [3} Low-order dynamic model development and validation for the advanced

amine scrubbing process configuration (Walters et al., 2016c)

* Chapter d} Demonstration of time scale multiplicity for key process variables using

singular perturbation analysis (Walters et al.,|[2014)

* Chapter [5} Regulatory control strategy recommendations for varying system objec-

tives (Walters et al., 2016b))

* Chapter [6} Identification of self-optimizing controlled variables for the advanced

flash stripper (Walters et al., 2016d)

* Chapter [/f Medium-order dynamic absorber model development and L/G control
(Walters et al., 20164l

* Chapter [§} Implementation and evaluation of a supervisory model predictive con-

troller

* Chapter [0} Conclusions and recommendations
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Chapter 2

Literature Review

2.1 First Principles Modeling of Amine Scrubbing

There are limited examples of equation-based plantwide dynamic models of post-
combustion amine scrubbing in the literature. Ziaii-Fashami (2012) developed a dynamic
model of the absorber/stripper process in Aspen Custom Modeler® for a 100 MWe coal-
fired power plant, but did not perform any validation to quantify model performance.
Enaasen Flg et al.| (2015) implemented a dynamic pilot plant model in MATLAB® and
performed both steady state and dynamic model validation. Nittaya et al. (2014) created
a model in gPROMS® for capture from a 750 MWe coal-fired power plant. The absorber
from this model was validated using steady state pilot plant data in previous work (Harun
et al., |2012). Lawal et al. (2012)) presented a dynamic model formulation that was imple-
mented in gPROMS® to simulate a pilot plant scale system, as well as a full-scale 500
MWe coal-fired power plant. The pilot-scale model was validated with steady state pilot
plant data. [Ceccarelli et al. (2014) used Process System Enterprise’s proprietary gCCS
package in gPROMS® to capture CO, from a 350 MWe NGCC plant but did not provide
any model validation. All of the previous research presented here used monoethanolamine

(MEA) as the solvent with the basic process configuration shown in Figure[1.3]
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There are five fundamental model components necessary to create a plantwide
amine scrubbing model (either steady state or dynamic): flow type, thermodynamics, trans-
port, kinetics, and contactor and exchanger characteristics. The following discussion briefly
reviews the various levels of complexity with which these properties can be incorporated

into the overall model.

2.1.1 Flow Type

Flow type refers to how the bulk properties of a fluid are calculated along the spa-
tial dimension of the flow in columns or heat exchangers. Discretized partial differential
equations represent a plug flow regime in a distributed model, while a lumped model uses
ordinary differential equations at one or more well-mixed nodes to approximate the dis-
tributed system (Oh and Pantelides, |1996). Equations [2.1aH2.1b| show a liquid side mole

balance on component ¢ for structured packing using distributed and lumped models, re-

spectively:
0 (eCt 4 )0 ("
(&1 ) _ _(7TD2) (aZ ) +N;, Z[Le[0,1) (2.1a)
d(eCE ANs
( dt k) ) (7?[)2[/) (zi,k—leL—l - xszkL) + Nik, vk (2.1b)

where C' is molar concentration, D is column diameter, F' is molar flowrate, L is total
length of the packing, NV is volume-specific interphase molar transfer rate, Ns is the total
number of well-mixed stages, x is liquid mole fraction, Z is the axial dimension, ¢ is liquid
hold-up, superscript L refers to the liquid phase, and subscript k refers to the stage number.

As Ns — oo, the lumped model approaches the distributed model.

12



2.1.2 Thermodynamics

Electrolyte activity coefficient models (Chen et al., [1982)) are the recommended
thermodynamic method to rigorously predict vapor-liquid equilibrium (VLE) of a CO,-
amine-water system (Austgen et al., [1989). This approach requires all true ionic species
present in solution to be defined in the model. Figure [2.1|describes the difference between
true and apparent species representations. Alternatively, a simplified semi-empirical model
(Equation[2.2) was developed by Xul (2011) to calculate CO, VLE using the concentration

of the apparent species in solution:

l (P )_— + — + + + — + — (22)
n C C C3(X + C4(X C C .
CcCO2 1 2T 3 4 5T 6T

where P is the equilibrium partial pressure, 7" is temperature, « is loading defined as
moles CO,/moles alkalinity, and c is a constant. The accompanying VLE relation for water
(Equation [2.3)), based on Raoult’s Law, assumes no free CO, exists in solution:
* LH20 sat
Prrao = 1= 2o Piiso (T) (2.3)
—ZTco2

where P;% ) is the saturation pressure of water at a given 7.
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Figure 2.1: True versus apparent species representation

In a thermodynamically consistent model, the heat of absorption of CO, (AH¢02)
and heat capacity of the loaded solution (C'p”) should be related to the VLE (Lewis and
Randall, [1923; Mathias and O’Connell, 2012)). To simplify the calculation, AHspo and

Cp* may be treated as constants that can be adjusted to account for uncertainty in the
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2.1.3 Material and Energy Transport

CO, absorption and desorption is known to be a mass-transfer limited process, and
therefore must be modeled using rate-based nonequilibrium equations (Taylor et al.,|2003).
The most sophisticated model for calculating multicomponent mass transfer through a two-
film boundary layer is Maxwell-Stefan diffusion (Bird et al., 2002)). The Maxwell-Stefan
equations require binary diffusion coefficients for all species and therefore the true specia-

tion must be known.

A simpler approach uses two-film resistance theory with an apparent species mass
transfer coefficient. The amine can be assumed to be non-volatile (/N 4,, = 0) and O, and N,
in the flue gas can assumed to be insoluble (Nps, Nyo = 0) without significantly affecting
the overall process dynamics. In general, there are N, — 1 independent flux equations,
where N, 1s the number of components. It is valid to assume negligible bulk convection
and write N, independent flux equations in the cases of: (1) low total flux, (2) presence
of an inert in high concentration, or (3) equimolar counterdiffusion. Because the absorber
gas is mostly insoluble N, and O, (case 2), the assumption holds in the absorber column.
The stripper does not fall into any of the three cases for the negligible bulk convection

assumption to be valid.

The two-film equations with apparent species mass transfer coefficients are given

in Equations [2.4aH2.4d

ka = kal,ia(a:i{k - Tik) (2.4a)
N = Vikgia(Pyy, = Piy) (2.4b)
N +7is = Nij = Nig (2.4¢)
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yp = f(z1, T}, P) (2.4d)

where a is specific interfacial area, k, and k; are gas and liquid film apparent mass
transfer coefficients, NV and N are transfer rates through the vapor and liquid films, P
is total pressure, 7 is reaction rate, V' is volume, and superscript / refers to the gas/liquid
interface. These equations assume that the gas/liquid interface: (1) has no accumulation
(Equation and (2) is at equilibrium (Equation [2.4d). In the most general case, the
mass transfer coefficients are a function of the apparent diffusion coefficient, temperature,
fluid velocity, and packing geometry. In the low-order model, the mass transfer coefficients

are treated as constant, adjustable parameters.

Interphase energy transfer occurs as a result of two phenomena: enthalpy transfer
from interphase material flux and natural convection due to a temperature gradient. Because
the thermal conductivity of the liquid is much greater than that of the gas, the low-order
model assumes that there is no temperature gradient in the liquid film (7)* = T}). The

interphase energy transport (Ny) is determined by Equation [2.5}
Ny = Vih{a(TY - TF) + Ny HY (2.5)

where H is specific enthalpy and h is the convective heat transfer coefficient. h is related

to the gas mass transfer coefficient for water through the Chilton-Colburn analogy.

2.1.4 Kinetics

Low-temperature CO, absorption is further limited by reaction kinetics occurring
in the liquid film, which can be explicitly modeled using the Arrhenius equation for calcu-

lating reaction rate or implicitly modeled as an enhancement to the apparent mass-transfer

16



coefficient. The parameter k; has been defined (Dugas and Rochellel 2011) to account for
the enhancement due to chemical reaction of the apparent CO, liquid film mass transfer co-
efficient. This parameter is measurable experimentally, unlike a true enhancement factor,

and is mostly a function of CO, loading.

The entire resistance to mass transfer across the two-film boundary (/) is cal-
culated using a series resistance model (Equation [2.6a), and the total interphase flux is
determined based on a partial pressure driving force between the bulk gas and bulk liquid

(Equation [2.6b)):

111
1.1 2.6

K, k, K (2.62)
N, = VK, a(P, - P) (2.6b)

where P; is partial pressure of the bulk vapor. Figure summarizes the physical and

chemical resistances occurring in the boundary layer.
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the parameter K.

2.1.5 Contactor and Exchanger Characteristics

The type of packing used in the absorber and stripper affects mass and heat transfer
coefficients as well as hydraulic properties. Similarly, heat exchanger design is important
for calculating the overall heat transfer coefficient and hydraulics. In general, the transfer

coefficients, liquid hold-up, and pressure drop are functions of geometry and fluid velocity.
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2.1.6 Summary of Model Complexity

Table [2.1] assigns the model parameters discussed in the preceding sections into
high-, medium-, and low-order models. The groupings attempt to pair model properties

that have approximately equivalent levels of complexity.

Table 2.1: Overview of model complexity

High-Order Medium-Order Low-Order
Distributed Distributed Lumped
Flow Type (plug flow) (plug flow) (well-mixed)
Activity-Based Activity-Based Semi—Empirigal
Thermo (true species) (true species) (apparent species)
Rate-Based Rate-Based Rate-Based
ate-Base ; nstant apparent
Transport : (variable apparent (co pp
P (Maxwell-Stefan) k, and k) K,)
.. Reactions in Discretized Embedded in Embedded in
Kinetics Liquid Film Variable Apparent &/, ~Constant Apparent

Variable Hydraulics Variable Hydraulics
(geometry and velocity (geometry and velocity
dependent) dependent)

Constant Hydraulics
(fixed at design point)

Contactor
Characteristics

Table summarizes the characteristics of previously published plantwide dy-
namic models. Based on these characteristics, an overall level of model order is assigned
according to the guidelines in Table 2.1 Low- and medium-order models are developed in

this work (Chapters 3] and [7] respectively) and are included in the table.
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Table 2.2: Previously published equation-based plantwide dynamic models

. Overall
Model Type Thermo Transport Kinetics Order
Ziaii-Fashami Semi- Embedded .
- Medium
©012) Lumped Empirical Rate-Based in k!
Enaasen-Flg Distributed Semi- Rate-Based Enhancement  predium
et al. (2015) ISHIBUEE prpirical ate-base Factor
Nittaya et al. Semi- Enhancement -
istri - Medium
@014) Distributed Empirical Rate-Based Factor
Lawal et al.
a(v;z(l)lc;)a Distributed e-NRTL Rate-Based Instantapeous Low
Reaction
Coccatell)  Distributed  gSAFT  Rate-Based  MSWIANCOUS [ oy
This Work .
Medillfm—g)rrder Distributed ~ e-NRTL  Rate-Based Emll;le/j,d ed Medium
g
This Work Semi- Embedded
- Low
Low-Order Lumped Empirical Rate-Based in K,

Table[2.2|shows that there are currently no published high-order plantwide dynamic
models, which include rate-based mass transfer with explicit reactions occurring in the lig-
uid film. The discretized film reactions cause high-order models to be difficult to initialize

and not robust in off-design conditions, making them unsuitable for dynamic simulation of

disturbances and set point changes.
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2.2 Control Strategies for Integrated Amine Scrubbing Plants

Previously published plantwide process control strategies have focused on control-
ling the system from the perspective of the capture plant. Panahi and Skogestad (2011}
2012)) selected self-optimizing controlled variables (CVs) for a simple absorber and re-
boiled stripper process with MEA capturing CO, from a coal-fired power plant. After sat-
isfying level control requirements and process constraints, two degrees of freedom (DOFs)
remained for the process. The two best self-optimizing CVs were identified as the CO,
removal in the absorber (Zem) and the temperature of a tray within the stripper column
(Tst). Stripper pressure (Psr) was considered an equality constraint and was controlled
using the CO, delivery rate from the stripper (Foo2). When flue gas rates deviated up to
+20%, the solvent circulation rate (F}) and the reboiler duty (()gg) were manipulated us-
ing PI controllers to control Rem and Tsr, respectively. Model predictive control was also
considered using the same CVs and manipulated variables (MVs) as the self-optimizing PI

control scheme, and marginal improvements were found in the economic performance.

Ziaii-Fashami (2012)) designed a multiloop PI control strategy for the same simple
absorber and reboiled stripper system with MEA to handle a reduction in coal-fired power
plant load, a change in the desired steam extraction rate, and an increase in liquid hold-up
from foaming in the absorber. Three DOFs were found after level control requirements
were satisfied, which is one more than Panahi and Skogestad considered because Psr was
not an equality constraint. Several different control structures were evaluated, and it was
concluded that the most stable structure resulted from controlling Psr, reboiler temperature
(Trp), and F§. The set points for these CVs were adjusted using a feedforward scheme

where the desired values for a given set of conditions were predetermined from an offline
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optimization. With this strategy, there is no guarantee that an optimum will be achieved
or process constraints will be obeyed in the case of plant-model mismatch or unmeasured
disturbances. Attempting to explicitly control Rem by manipulating F; was shown to result
in oscillations of process variables and was deemed to not be a stable configuration. This
work included a steady state model of the power plant steam turbines to predict off-design

steam conditions in the stripper reboiler.

Lawal et al.| (2010) also considered the same basic process, with disturbances in flue
gas load, Qrp, and CO, in the flue gas. When operating at normal power plant load, Qrp
and F; were manipulated to control Trp and Rem, respectively. A perfect back-pressure
regulator was included at the top of the stripper to maintain Psp at a constant value. This
valve will incur a pressure drop penalty and increase the work required by the multi-stage
compressor. In the case of an increase in flue gas rate, the Rem controller was turned
off and Fj is either kept constant or used to control the liquid to gas (L/G) ratio in the
absorber to a constant value. Constant F resulted in a lower value for Rem with better
energy performance, while constant L/G ratio kept Rem approximately constant with a
slight decrease in energy performance. In the case of a reduction in ()gpg, both the Tgrp
and Rem controllers were turned off. Keeping F; and Psp constant with a drop in Qrp
will result in poor energy performance from the resulting drop in Txrp, and is therefore

considered to be an unrealistic control strategy.

The simple absorber and reboiled stripper configuration was again used by Nittaya
et al.|(2014)) with a range of disturbances in the coal-fired power plant, as well as a set point
change to Rem. Pgp was set to a constant value with no explanation of how this could be

practically implemented, although it could possibly occur by using a back-pressure valve
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as proposed by |[Lawal et al. (2010). In a control structure developed using RGA analysis,
F; and Q) were used to control Tz5 and Rem, respectively. The reverse pairing was also
considered and found to have superior performance to the structure that resulted from the

RGA analysis.

Ceccarelli et al.| (2014) investigated capture from an NGCC plant using a simple
absorber and reboiled stripper with MEA. The simulation was configured to control Pgsp
using Fops in response to a 30% drop in flue gas rate to the absorber. The ratios of F
and Fieqn, to the flue gas load were controlled at constant values during the disturbance.
While the Rem value is maintained close to its operating target of 85% throughout the
disturbance, the plant takes over three hours to reach a new steady state. The authors
suggest that feedforward or advanced process control is necessary to improve the response

time of the system.

Table [2.3] summarizes the PID feedback control strategies used in the previously
published works discussed in this section. There are several works that used non-rigorous
models to develop amine scrubbing control strategies (for example, Lin et al.| (2011)) or
considered just one part of the process (for example, |Akesson et al. (2012))). However, only

plantwide models using rate-based mass transfer have been reviewed here.
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Table 2.3: Summary of previously published process control strategies for post-combustion
amine scrubbing

MVs CVs
Panahi & Skogestad (2011;2012 Fooo, Qrp, F Por, Tor, Rem
Ziaii-Fashami (2012 Fco2, Faeam» Fs  Psty Trps Fs = f(Friue)
Lawal et al.[(2010 Qrp, F; Trz, Rem (or Fii -)
Nittaya et al. (2014 Qrp, Fs Trp, Rem
Ceccarelli et al.| (2014 Fco2, Fiteams Fs Pgr, fogam| oo
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Chapter 3

Low-Order Dynamic Model

3.1 Overview of Low-Order Model

Developing a dynamic model for the amine scrubbing system is necessary to un-
derstand the effects of disturbances on process operation and for controller design. A low-
order model of an advanced amine scrubbing process using aqueous piperazine (PZ) is
formulated in Appendix[A] using the guidelines from Chapter[2] The low order model uses
a lumped formulation (Equation with a small value for Ns in the packed sections,
where Ns is the number of well-mixed stages. The model has an apparent species rep-
resentation (Figure with a semi-empirical VLE equation (Equation and constant
values for heat capacity and heat of phase change. The low-order model uses a simplified
rate-based representation (Figure where the total mass transfer coefficient, K a, and
heat transfer coefficient, ha, are both treated as independent adjustable parameters. Negli-
gible bulk convection is assumed in the stripper of the low-order model to avoid solving a
highly nonlinear system of equations. Hydraulic properties are assumed to be constant at

their design point.

Concentration (C') and absorber pressure (F,;,) were assumed to be constant. The
values of these constant model parameters are given in Table Parameters used to de-

scribe the packed sections within the system are given in Table [3.2] Billet (1995)) provides
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experimental liquid hold-up (¢%) values for a range of different packings. For structured
packings with a specific area of 250 m?/m?, ! typically ranges from 0.02-0.10 when the
packing is at less than 70% flood. As shown in the table, a midpoint value was arbitrarily

selected to represent the hold-up in the low-order model.

Table 3.1: Constant Model Parameters

Value

CEL (kmol/m?) 439

CY., (mol/m3) 384

Y. (mol/m?) 284
P, abs (bar) 1

Table 3.2: Packed Column Parameters

Value

Nsabs,top 10
Nsabs,btm 10

N. Sstrip 6

NS ypw 4
5aLb87tOp (m3/m3) 0.05
5§bs7btm (m3/m3) 0.05

el . (m3/m3?) 0.05

strip

Two case studies were considered for model validation: a full-scale commercial

plant and the Separations Research Program (SRP) pilot plant at the University of Texas
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at Austin. Equipment dimensions for both the full-scale plant and the SRP pilot plant are

given in Table where D is diameter and L is height.

Table 3.3: Equipment Dimensions

Full Plant SRP

Daps(m) 18.5 0.43

D t1q5n(m) 9.6 0.46

Dirip(m) 7.1 0.15

Dyrge(m) 12.1 1.37

Labs,top(m) 4 3.05

Labs ptm () 4 3.05
Luaterwash(m) 0.38 -
Ltyip(m) 2 2

Listributor (M) 0.05

The model was implemented in MATLAB® and solved using ODE15s. A small
number of adjustable parameters in the model help account for uncertainties. The intent
of this low-order model is to capture the general behavior of the process for screening
regulatory control strategies; a high-order model is required for rigorous process design

and optimization studies (Frailie, 2014)).

3.2 Model Validation
3.2.1 Steady State Off-Design Validation with High-Order Model

The first objective of the low-order model validation activity was to quantify the

model performance as the system moves away from its design point. The off-design steady
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state solutions of the model should be sufficiently accurate to predict energy performance
and general plant behavior. Here we compare the off-design steady state solutions of the

low-order model to a rigorous and previously validated high-order model.

3.2.1.1 Case Study

The system was designed to handle flue gas from a 550 MWe coal-fired power plant
specified by Case 11 of NETL|(2010). The flue gas conditions for the 100% load case are
given in Table It 1s assumed that the flue gas was passed through a direct contact
cooler before entering the absorber to cool it to 40°C. This model makes no restrictions on
the availability of steam extracted from the power cycle for CO, regeneration. The flowrate
of CO, out of the condensate tank is set by a multistage compressor, and it is assumed that

the compressor can always achieve the specified flow.

Table 3.4: Inlet flue gas conditions for 100% power plant load

Value

F 18.8 kmol/s
Yco2 14.78%

YN2 75.42%
Yo2 2.66%
YH20 7.14%

3.2.1.2 High-Order Aspen Plus® Model

A high-order Aspen Plus® model (Frailie, 2014) was previously used to design the

process in Figure [[.4] for this case study (Trimeric Corporation| 2015). The high-order
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model was simulated for a range of off-design power plant loads to compare to the low-

order model. In each off-design case, the following conditions were maintained:

* Constant L/G ratio in the absorber of 4.32 kg/kg;
* 5 molal PZ entering the absorber;

* Constant ccx in the equation UA = cox I,/ for the main cross exchangers, where

F.q 1s the average molar flowrate of the hot and cold sides of the exchanger and cc x

is fit for both exchangers to give the correct LMTD at the design point;
* Constant UA for the overhead vapor exchanger;

* No H,O accumulation or depletion in the system by adjusting the water wash recycle

flowrate;
* 90% CO, removal by adjusting lean loading into the absorber;
* Constant flash tank temperature by adjusting the heat duty;
* Constant cold and warm bypass ratios of 9% and 35%, respectively;

* Lean loading target for the absorber met by adjusting the flash tank pressure.

The overall mass and heat transfer coefficients in the absorber, water wash, and
stripper used in the Aspen Plus® simulation were found by plotting the transfer rate against
the driving force predicted by the high-order model for each bed of packing and determin-
ing the slope. Figure demonstrates this procedure for the absorber top bed of packing.

Table [3.5] summarizes the transfer coefficients found for the packed sections within the
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system. While there is a good fit for the heat transfer coefficient and the mass transfer
coefficient of H,O, there is clearly uncertainty in the CO, mass transfer coefficient. The
nonlinear behavior in the CO, transfer profile occurred because the temperature bulge from
the exothermic absorption of CO, affected the reaction kinetics. The maximum liquid
temperature of 60.4°C for the absorber top bed of packing was observed at a CO, partial
pressure driving force of 5.1 kPa, which corresponds to the minimum in the CO, transfer

rate profile.
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Figure 3.1: Transfer rates versus driving force for the absorber top bed predicted by high-
order Aspen Plus® model, using Sulzer 250X packing and a lean loading of 0.22
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Table 3.5: Overall mass and heat transfer coefficients for packed beds fitted from Aspen
Plus® model

K, cosa K, ma0a ha
(mol/kPa-m3-s) (mol/kPa-m?3-s) (kW/m3-K)
Value R? Value R? Value  R?
Absorber Top Bed 0.29  0.943 32 0.998 9.3 0977
Absorber Btm Bed 0.11  0.926 2.9 0.972 9.2 0957
Stripper  0.12  0.871 1.2 0.969 13.0 0.998
Water Wash - - 4.2 1.000 7.1 0.999

Heat exchanger overall transfer coefficients (UA) are given in Table These
coefficients were set by specifying a LMT'D of 7.7°C and 7.0°C on the two main exchang-
ers (CX1 and CX2, respectively) and a LM TD of 20°C on the overhead vapor exchanger
(CX3).

Table 3.6: Overall heat transfer coefficients specified for design case of Aspen Plus® model

CX1 CX2 CX3

Design LMTD (°C) 7.7 7.0 20.0
Design UA MW/K) 77.7 362 2.6
Design FU—A (J/mol-K) 806 452 401

The non-volatile amine assumption was examined using the high-order model. Fig-
ure [3.2] plots the PZ vapor fraction for a range of possible flash tank operating conditions.
The vapor fraction was well under 1% for design case, as well as for any off-design condi-

tion that might reasonably occur.
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Figure 3.2: Vapor fraction of PZ predicted by high-order model for a range of temperatures
and lean loadings («)

3.2.1.3 Adjusted Parameters

Several parameters were adjusted in the low-order MATLAB® model to match the
design conditions from the high-order Aspen Plus® model. The normalized squared error
between the low-order model and design case was minimized to adjust the parameters
simultaneously in each section of the system (absorber side, stripper side, and entire plant),
as summarized in Table The table shows that seven physically significant parameters
were used to match seven experimentally measurable target values from the design case
only; a nonlinear parameter estimation using data from a range of power plant loads was

not performed.
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Table 3.7: Adjusted parameters in low-order model

Adjusted Parameter Target
K CO, removal
Absorber g,c?/ga ? Y
Cp TV, flue gas
AH
co? Flash Tank T & P
: AHp0
Stripper
Ky co2a CO, stripping rate
Cp¥ T, stripper gas
Plantwide Cp* Qcxi,hot = Qox1,cold

To match the 90% CO, removal rate at design conditions, K, co2a was allowed
to vary by + 20%. The ratio of the overall CO, mass transfer coefficient for the top and

bottom absorber beds was kept constant, according to Equation 3.1

Kg,C’OQ,top _ Kg,C’O2,top (3 1)
Kycozptm  \ Kgcozpm )

where the subscript old denotes the value from Table The values used in the low-order

model are given in Table[3.§]

Table 3.8: CO, mass transfer coefficients used in low-order absorber model for validation
with high-order model

K, coz2a
(mol/kPa-m3-s)

Absorber Top 0.339
Absorber Btm 0.125
Stripper 0.128
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The nominal values for AHqpe and AH oo were assumed in the absorber. To
match the VLE on the stripping side of the process, these values were varied by + 20%.
C'p" was calculated based on the performance of CX1 and C'p" was set to match the outlet
temperature of the absorber or stripper gas. The thermodynamic parameters are listed in
Table[3.9] Figure[3.3]compares the constant solvent thermodynamic parameters of the low-
order model to a range of values predicted by the thermodynamically consistent high-order

model.

Table 3.9: Thermodynamic parameters used in low-order model for validation with high-
order model

Absorber  Stripper

AHeos (kJ/mol) 70 69.6
AH 90 (kJ/mol) 40 34.2
Cp" (kJ/mol-K) 0.085

Cp¥ (KJ/molK)  0.029 0.038
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Figure 3.3: Constant thermodynamic parameters from the low-order model (solid) com-
pared to values predicted by the thermodynamically consistent high-order Aspen Plus®
model for a range of temperatures and loadings
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3.2.1.4 Results from Boiler Load Reduction

100% to 85% part-load operation of the coal-fired power plant was examined, as-
suming that the inlet flowrate of flue gas is be directly proportional to load and the flue gas
CO, concentration is constant. Figure [3.4] gives the inputs to the low-order model based
on the results from the high-order model. Figure shows that the low-order model is

well-behaved near the design load.

3.2.2 Dynamic Validation with Pilot Plant Data

The second objective of the low-order model validation is to show that it captures
the general behavior of the process dynamics. In order to have confidence in a control sys-
tem designed using the low-order model, the model should accurately represent the major
time constants present in the system. The dynamic response of the model was compared
to pilot plant data to quantify its ability to predict the characteristic time of the total CO,

inventory in the system.

3.2.2.1 Separations Research Program Pilot Plant

While a growing body of steady-state amine scrubbing pilot plant data is available
for model validation, dynamic data are relatively scarce. Enaasen Flg et al.| (2015) has
previously performed a dynamic model validation that used data from the Glgshaugen pilot
plant. SRP at the University of Texas at Austin has an amine scrubbing pilot plant that uses
synthetic flue gas equivalent to a 0.1 MWe coal-fired power plant (Chen et al., [2013). The
pilot plant is configured similar to Figure [I.4] but does not contain a water wash section of

the absorber or a compressor. The amine solvent is nominally 5 molal PZ. In the Spring
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2015 SRP campaign, dynamic step tests were completed to acquire meaningful data which

can be easily interpreted and used to validate a dynamic model.

An experiment was performed to test the dynamics of the total CO, inventory of the
system. When the desired steady state was reached, the stripper pressure control valve in
Figure [3.6| was switched from automatic to manual. A step change was made in the valve
position, which effectively changed the flowrate of stripped CO, out of the process. An
increase in valve position, corresponding to a decrease in stripper pressure, was selected
for safety considerations to ensure the pressure ratings on the process equipment would not
be exceeded. A relatively modest increase in valve position was made to avoid flooding the
stripper or loosing control of the level in the flash tank. When the step change occurred,
the stripper pressure immediately decreased, CO, was flashed out of the solvent at a faster
rate, and the temperature of the flash tank decreased. Due to the non-aggressive tuning of
the temperature controller on the flash tank, there was a slow ramp up in heat duty after the
step change as the controller attempts to maintain the temperature set point. As the system

began to approach steady state, the heat duty ramped back down.

Figure shows the inputs to the dynamic model to simulate the step change. The
heat duty reported in Figure is a filtered signal, so the noise has been eliminated. It is
assumed the inlet conditions to the absorber, all controlled levels, and all controlled flows
remained constant during the dynamic test. The values of the constant inputs to the low-

order model can be found in Table [3.10L
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Table 3.10: Constant inputs to low-order model

Value

l
C’PZ,lean 4.86 kgnﬁozo

Flean ~ 28.87%
Fre 6.8972

Yco2 12.0%
(p) 69.0%
Yo2 18.3%

YH20 0.7%

Cold BP 4.6%
Warm BP 22.4%
TV 9.1°C

Quoss 46 kW

The pressure control valve is an equal percentage valve, and it is operating at choked
conditions as a result of the downstream condenser being at approximately atmospheric
pressure. The flowrate through the valve can therefore be modeled according to Equa-

tion [3.2] which contains constants that have been fitted to the pilot plant data:

Fooo [kg/s] = (9.66 x 107)(29.51)%Y(P [Pa])\/p" [kg/m3] (3.2)

where ¢, is the stem position of the valve (between 0 and 1) and pV is the gas density
at the valve inlet. Equation 3.2 assumes that condensed water that is in the two-phase flow

leaving the hot side of CX3 has no effect on the CO, flowrate through the pressure control
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valve. Equation [3.2] predicts the measured CO, flowrate within 5% for 20 out of 21 steady

state runs with varying conditions (Figure [3.8)).
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Figure 3.8: Stripper overhead CO, flowrate parity plot for stripper gas conditions of 4—7
bar and 8-18°C

Several model parameters were adjusted to match the pilot plant data at steady state
before the step change occurs. To achieve the desired removal and stripping rates, the CO,
mass transfer coefficients were adjusted (Table[3.11)). The change from the high-order val-
ues from the absorber are in good agreement with a previous pilot plant data reconciliation
using the high-order Aspen Plus® model, where the interfacial area in the absorber was ad-
justed by a factor of 0.74 (Chen et al., 2013)). UA values were also calculated for pilot plant
conditions and are given in Table All of the thermodynamic values from high-order

model validation remained the same for the pilot plant validation.
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Table 3.11: Fitted K, co2a (mol/kPa-m?-s) for packed sections

Fit from Fit from K, cosa SRP
high-order SRP K, co2a HighOrder
Top Bed 0.339 0.253
0.744
Bottom Bed 0.125 0.094
Stripper 0.128 0.128 1.00

Table 3.12: Overall heat transfer coefficients for exchangers fitted from SRP data

CX1 CX2 CX3

Steady State LMTD (°C) 4.0 34 16.8
UAKW/K) 44 23 05
oo (J/molK) 1590 933 441

3.2.2.2 Results from Open-Loop Step Test

After 15 minutes of steady state operation, the stripper overhead valve was placed
in manual and a 5% step change increase was made to the position of the valve (Figure[3.7).
Density, which is measured online, was used to quantify the changes in lean and rich load-
ings over time. The Freeman density equation (Freeman, 2011) was used to calculate the
density predicted by the low-order model at a given loading. This density was normalized
by the density of water at the predicted temperature to remove the temperature dependence
on density. The calculated value was compared to the measured value, which was normal-
ized by the density of water at the temperature measured by the densitometer. Figure

compares the model response with the measured dynamics. The SRP data in Figure [3.9]
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were sampled at a rate of 5 seconds from the lean stream at a flowrate of 10 gpm and from

the cold rich stream at a flowrate of 0.5 gpm.
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Figure 3.9: Dynamic response to a step change in the overhead valve position

Transport delay from piping is ignored in the low-order model, leading to the delay

between the predicted and measured lean density response shown in Figure [3.9af This
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delay does not significantly impact the overall response. As previously mentioned, non-
aggressive tuning on the flash tank temperature controller caused a slow response in the
heat duty supplied to the steam heater. This recovery back to the temperature set point is
reflected as an increase in lean density both in the model and experimental data. Figure|3.9b
shows that there is an initial small increase in the rich density immediately after the step
change is made. This is likely an artificial effect caused by recycling the stripped CO, back
to the absorber inlet in pilot plant operation. Imperfect flow control of the absorber inlet
gas caused an increase in CO, concentration; in the true process this will not occur since
the inlet flue gas composition is set by the upstream power plant. This change in inlet gas
conditions is not captured by the low-order model, causing an offset between the measured
and predicted rich density. The shape of the two curves, however, is the same. There is a
time delay of approximately 15 minutes in the response of the rich loading in the low-order
model, which largely reflects the capacity of the lean surge tank and absorber. The increase
in the measured signal begins to level off after 15 minutes, which is consistent with the

time delay predicted by the model.

3.3 Discussion

The CO, removal rate (Figure is the most important indicator of model per-
formance since maintaining a removal target is likely the primary control objective of the
process. The high- and low-order model removal rates agree within 1% when the power
plant load is within 6% of the design case. This is sufficient for screening a regulatory
control structure where disturbances in a base-loaded power plant are expected to be small.

While the lean loading of the low-order model closely tracks the Aspen Plus® simulation,

46



rich loading is over-predicted as the power plant load decreases (Figure [3.5b). This indi-
cates the absorber performance is being over-predicted, and that the decrease in the overall
CO, mass transfer coefficient with decreasing fluid velocity is significant. This observation
is consistent with the systematically high removal rate prediction. The predicted tempera-
tures (Figure are in good agreement, showing a small number of adjustable thermo-
dynamic parameters are sufficient. The rich side exchanger temperatures for the main cross
exchanger with constant UA tracks the temperatures predicted using a UA which depends
on fluid flowrate. Therefore it can be concluded that constant UA is a good assumption
at part-load when operating near the design case. For all cases, the low-order MATLAB®
model converged when given a set of set of initial conditions that were near the steady
state solution; the high-order Aspen Plus® model requires multiple initialization steps for

convergence.

Processes with material and energy recycle are known to complicate process dy-
namics and control compared to cascaded units without recycle (Luyben, 1993 Morud
and Skogestad, 1996). In the amine scrubbing system, the recycled lean solvent causes
positive feedback in the absorber and increases the system time constant. Processes with
heavy material recycle have historically included surge tanks to buffer disturbances at the
expense of added capital cost and increased total inventory. The SRP pilot plant includes
a large lean surge tank prior to the inlet to the absorber. The time constant for the CO,
removal rate is associated with the total CO, inventory, most of which is in the lean surge
tank. In the step change experiment, the rich loading time constant is representative of the
total inventory. The pilot plant was not allowed to run to steady state after the step change

occurred. However, simulating the model to steady-state in Figure [3.10] (by holding the
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heat duty at its final value in Figure showed that the characteristic time of the CO,
inventory is 77 minutes. This is much longer than the total liquid residence time of 47.7

minutes (Table [3.13) because of the significant material recycle from the stripper back to

the absorber.
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Figure 3.10: Characteristic times of density measurements
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Table 3.13: Liquid residence times for SRP unit operations

Residence
Time (min)

Lean Surge Tank 37.5
Absorber Sump 2.7

CX1 2.1

Flash Tank 1.3

Absorber Chimney Tray 1.3
CX2 1.3

Absorber Packing 1.1
Absorber Distributor 0.2

Stripper Packing 0.2

Total 47.7

A commercial post-combustion capture plant will not be designed with a large surge
tank because it increases safety risks by maintaining a large inventory of amine, presents
operational challenges for solvents operating near their solid solubility limit, and is pro-
hibitively expensive. A sensitivity analysis was performed with the low-order model by
varying the hold-up of SRP solvent in the presence of the step change in overhead valve
position, shown in Figure All other residence times listed in Table remained
constant. To remove the dynamics associated with the varying heat duty, a step change was
also made simultaneously to the steam heater duty to its final value in Figure Both a
lean surge tank and rich surge tank were considered. In the case of a rich surge tank, which

was included as part of the absorber sump inventory for the simulation, the lean surge tank
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was given an initial level that corresponds to the original absorber sump inventory from

Table

The response of rich loading was compared to a first-order transfer function with the
same gain and characteristic time, demonstrating that the rich loading displays a first-order
response (top row of Figure [3.11)). With a lean surge tank, the change in lean loading was
buffered by the surge tank before it entered the absorber, causing a relatively slow initial
response in CO, removal (bottom left of Figure [3.11)). There was a fast initial response to
CO, removal that tracked the lean loading in the case of a rich surge tank, followed by a
slow approach to steady state as a result of feedback from the stripping side of the process
(bottom right of Figure [3.T1). Plotting the characteristic time versus the liquid residence
time in Figure [3.12| shows that the slope was constant as the surge tank size was varied. In
both lean and rich surge tank cases, the characteristic time was slower than the residence
time. However, it was significantly slower in the case of a rich surge tank because there
was a much larger inventory of CO, compared to the lean case. The slow characteristic

time is important because it complicates tightly controlling the removal rate.
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Figure 3.11: SRP surge tank sensitivity analysis showing the response of rich loading and
CO, removal to a step change in overhead valve position predicted by the low-order model,
with stars denoting the characteristic time of the response
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Figure 3.12: Dependence of the characteristic time of the rich loading on the total liquid
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3.4 Conclusions

When compared to off-design steady state solutions of a high-order model, the low-
order model is in good agreement near the design point. However, the low-order model
systematically over-predicts absorber performance as the flue gas load decreases. The low-
order model also correctly predicts the dynamic behavior of the overall CO, inventory when
compared to SRP pilot plant data. Therefore, the low-order model presented here will be
used in future work to design a regulatory control layer for the amine scrubbing process.
Because of solvent recycle, the characteristic time of the pilot plant rich loading in response
to a step change was 60% slower than the total liquid residence time. A sensitivity analysis
showed that a lean surge tank causes a slow response in CO, removal from the flue gas,
while a rich surge tank leads to a faster response in the absorber but a slower approach to

steady state.
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Chapter 4

Demonstrating Time Scale Multiplicity of Amine
Scrubbing

4.1 Introduction

The general trend in the chemical industry is the development of increasingly inte-
grated process designs that use extensive material and energy recycling as well as minimize
the overall chemical inventory. With large capital and operating costs, post-combustion
amine scrubbing adheres to this trend. After the amine solvent has absorbed CO, from the
flue gas, it is regenerated at high temperature and completely recycled back to the absorber.
Most of the sensible heat from the thermal swing process is recovered either through di-
rect contact packing or a cross heat exchanger. Designing an effective plantwide control
strategy of processes with recycle streams is often nonobvious and is much less studied
than systems without recycle (Luyben, |1993)). An early solution in the process industry to
reduce disturbance propagation in recycle systems was to install large surge tanks between
interacting process units (Seborg et al., 2011). Large surge tanks are unlikely to be ac-
ceptable in amine scrubbing because of the added capital cost, along with oxidation, solid
solubility, and safety issues associated with large amine hold-ups. Therefore, any storage
tank in the plant will not be able to effectively dampen disturbances that propagate through

the recycle streams.
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In order to develop a plantwide control strategy for recycle systems with minimal
inventory, the multiple time scale behavior that emerges as a result of material and energy
recycling must be taken into consideration. There are two distinct time scales that exist in
the amine scrubbing process dynamics: a fast time scale at the unit level associated with the
large recycle flows and a slow time scale at the process level associated with the small feed
and product flows. The time scales of the process variable will be identified using singular
perturbation theory. Standard singularly perturbed model form is shown in Equations 4.1}
where & represents the slow variables, 1 represents the fast variables, and ¢ is some
small parameter. Arranging the model of the amine scrubbing system in this form allows
for the systematic identification of slow and fast variables. In the limit where € — 0, the left
hand side of Equation 4.2{becomes zero and the fast variables are approximately at steady

state (Kokotovic et al., [1986)).

&=f(&m) (4.1)

en=g9(&n) (4.2)

4.2 Dynamic Model Description

The model developed in Chapter [3]is used for the process flowsheet shown in Fig-
ure 4.1} In contrast to Figure [I.4] the analysis in this chapter models a heated flash tank
and does not include a water wash section of the absorber. While a simple absorber with no
intercooling is considered in this chapter, the absorber temperature profile is not expected
to have a large influence on the system time constants; intercooling is primarily a design
choice that reduces the required height of the packing. 8 m PZ was used as the solvent for

this analysis. Table @.1] summarizes the inputs and parameters used for the design case of
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the low-order model for the time scale analysis. Figure #.2] compares the absorber perfor-

mance of the low-order model at these conditions to a rigorous Aspen Plus® simulation.

CATML

AB- Absorber

ATM- Atmosphere
C- Cooler

CX- Cross Exchanger
F- Flowrate

FT- Flash Tank

IN- Inlet flow

LS- Lean Storage Tank
OVHD- Overhead

P- Pump

ST- Stripper

SU- Sump

V- Valve

P1 t
( suU )| Q cx1 cx2

Figure 4.1: Process flow diagram used for the time scale analysis
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Table 4.1: Model inputs and parameters for time scale analysis

Inputs

Thermo & Transport Params

Physical Params

FL =139.9 kmol/s
Ff, =0.15Ff

FL, =0.20Ff

FL. =29 kmol/s
Qs = 385 MW

Fry =18.85 kmol/s
T}y =313.15K
Yycoz,n = 0.147

yna2,in = 0.752
Yoz, 1n = 0.027
yu20,1n = 0.074
lngsp =3m
l%‘—'T,sp =3m

Cp* = 0.11 kJ/mol-K

Cp¥ = 0.03 kJ/mol-K

AHcpo = 70 kJ/mol

A Hyso =40 kJ/mol

K g co2a = 0.483 mol/kPa-m?-s
K up m20a = 11.6 mol/kPa-m?-s
K co2a = 0.966 mol/kPa-m?-s
K1 maoa = 11.6 mol/kPa-m?s
hasp = 9.3 kW/m3-K

hagr = 13.0 kW/m3-K

UAcx1 =600 MW/K

UAcxs =300 MW/K

UAcxs =4.5 MW/K

Ct = 35.7 kmol/m?
CY 5 = 0.038 kmol/m?
CY 5 = 0.350 kmol/m?
Dyp=18m

Dsy =18 m

Dpr =10.6 m
Dgr=3m
D;s=10m

hag =0.05m

hsr =0.05m
Lap=4.72m
Lsr=2m

Nsag =10

Nsgr =4

Psp =1bar
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Figure 4.2: Comparison of absorber (a) mole fraction and (b) temperature profiles for rig-
orous Aspen Plus® model and low-order model
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4.3 Time Scale Analysis
4.3.1 Material Recycle Number

A time scale analysis was performed on the low-order model of the amine pro-
cess (Chapter [3]) based on the work of Baldea and Daoutidis| (2012). Figure 4.3 shows a
rate-based absorber where CO, is transferring into the solvent from the flue gas at all k
segments. The recycle flowrate, Fi1°, is much greater than the amount of CO, fluxing into
the system. Furthermore, the flowrate of CO, in the lean solvent entering the absorber is
higher than the flowrate of CO, in the flue gas. A material recycle number, Rc, is defined

in Equation[4.3] as the ratio of the large recycle flowrate to the small feed flowrate:

Rc = ! = LSS 4.3)
e N, éO2,k::Ns

where superscript s refers to a steady state value. The CO, flux is generally expected

to be greatest at the bottom of the column, so the flux at the bottom segment is selected

for the recycle number definition. An important implication of this selection is that the

transfer rates at other segments of the column are of the same order of magnitude or less.

The recycle number is substituted into the low-order model described in Chapter 3| Other

dimensionless quantities have been defined in Table 4.2}
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Figure 4.3: CO, transfers from the flue gas to the liquid at each k£ segment of the column,
but this flow is relatively small compared to the total liquid flow into the column

Table 4.2: Scaled quantites substituted into low-order model

Manipulated Inputs Other Parameters
Fl FrL
uy = L‘//ls Wo = XQS
g
Ug = X2s w3 = Zss
g g
— 1% — V4
V3 Vi
Us = Fiy W _ _Na.co2k
47 FLS AB,CO2k = Nup cozk-ns"
F, Nan .
_ *fvs o _ Napiik
us = FY.® WAB.i.k NaB,ik®
F
— P1
Up = =F5
P FPl
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4.3.2 Nonstandard Singularly Perturbed Model

After making the substitutions from Section {.3.1] the model takes the form of
Equation 4.4}
. 1
= f(x) + Gon(x)Usm, + gGlg(w)ulg 4.4)

where x € 1" is the state vector, u,,, € R™s are the small inlet or outlet flows, u;, € R™s
are the large internal flows, f € 93" is a vector of small flows which are a functions of
the states, and G, and G, are matrices of appropriate dimensions. Equation is re-
ferred to as nonstandard singularly perturbed form. Unlike the standard form given in
Equations the variables are not explicitly separated into slow and fast time scales
in the nonstandard form. Equations [4.5H4.1§] show the amine scrubbing low-order model

(excluding the energy balances and absorber vapor material balances) in the form of Equa-

tion 4.4]

) 1 s
TAB,CO2k = M—L[NAB,coz,k:Ns dAB,cO2,kWAB,CO2,k
AB
k-1 k
+ TAB,CO2,k-1 Z NaB i —TaB,cozk Z Nap i (4.5)
k=1 k=1
1 S
+ gulNAB,COQ,kst (TaB.cO2k-1— TAB,CO2E) ]
1 k-1 k
XAB,PZk = ML [IAB,PZ,k—1 Z NAB,k — Y AB,PZ,k Z NAB,k
AB k=1 j=1 (4.6)
1
S
+ gulNAB,COQ,kst (zaB,PZk-1—TAB,PZE)]
1 k-1 k
TST.CO2k = T7T [Nsr.cook + Tsr.conk-1 Y Nsrk — Tsr,cozk Y. Nstk
ST k=1 s 4.7)
1

+ ENAB,COZ,k:IS (IST,COQ,k—l - $ST,002,k) (u2w2 + u3w3)]
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1 k-1 k

TST.PZ K = AL [zsr.pzi-1 ), Nk —Tsr,pze Y, Nstk
ST k=1 =1 (4.8)
1
+ ENAB,COZ,I@:lS (zsr.pzk-1— TsT.pzk) (Uswa + Usws) ]
1 e
- v
Ystr,co2.k = MY [(ysT.cozk+1 = YsT,cO2k) (U5FV5 + Z NST,k)
STk P 4.9)
+ysr.co2k+1Nstk — Nsr,c02.k |
. VR 1
lsy = ——=— Napj+ —Nap,coze-ns" (u1 —wpp) (4.10)
SU WDSUch kz::l ) 5 ) ) S p
1 17
Tsu,co2 = Q—LL[Z Napk (JCAB,Coz,k:NS - ISU,coz)
7DsCLlL, & @.11)
1
+ ENAB,COZI@:NSSul (zaB.cO2k=N, — TsU.co2)]
4 Ny
Tsu,pz = Q—LL[Z Nap (JIAB,PZ,k:NS - HTSU,PZ)
mDsu"Cllgy k=i (4.12)
1
+ ENAB,COZk:Nssul (zaB.PzE-N, — Tsu.pz)]
. 4 i
I = ——————[~usFV:" + ~Napcosp1® (wptty, — watty) (4.13)
FT 7TDFT20L[ vs * 2 ,C02, pUp ]
4 Ny
TpT,c02 = Q—LL[($ST,CO2,k:Ns ~yrr,co2) Y. Nst
T Dpr”C lFT k=1

1
v s s
+(zpr,co2 — Yrr,c0o2) UsF s + ENAB,COQ,kzl ((zsv.co2 — Trr.co2) Upwy

+ (JJST,coz,k:Ns - CCSU,CO2) (ugws + uzws))]

4.14)
4 Ny s
Tpr Pz = m [TsT.PZK-Ns ’; Ngrp + $FT,PZU5F\‘;5
1 . 4.15
+ ENAB,COZk:l ((zsvu,pz — Trr,pz) Upwy “4.15)
+ (QZST,PZ,k:Ns - xSU,PZ) (ung + Uswa))]
. 4 1
Foe=—  [FE  +=N 17 (wag —u 4.16
LS 7TDLS2CL[ w20 + ZNap.cozk=1 (wWattg —uy)] (4.16)
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4 1

. L S
TLS,CO02 = — S 9 ~7170 [~215,002FH20 + =Nap,cozk=1"witia (Tr1,002 — T15,002) ]
7TDLS CEl 9
LS
4.17)
, 4 L .
TLS,PZ = — 5T [-21spzF 20+ —Nap.cozk=1"wita (Tprpz — Trspz)]
7TDLS C lLS 9

(4.18)

In the context of Equation Usm = Us and wyy, = [Ug U U3 Uy up]T. The only
states that are exclusively slow (G, = 0) are the stripper vapor mole fractions in Equa-
tion[4.9] All other state variables have both slow and fast components. Figure #.4]demon-
strates the pseudo-open loop response of the process to a 10% step reduction in flue gas
rate after one hour of steady state operation. The total material balances (Equations
M.13] and [4.16) render the system open loop unstable, so perfect level control is assumed
in the sump and flash tank during the simulation. It is also assumed that the water makeup
rate is perfectly controlled so the lean storage tank concentration is always 8 m PZ. The
absorber liquid mole fractions (Figure have an initial fast response at the unit level
as the amount of CO, entering the system is decreased. The fast response is followed by
a slow transient period as the system approaches a new steady state. The stripper vapor
mole fractions (Figure {.4b) are only affected by the small outlet flowrate and therefore

only demonstrate a slow response to the step change.

62



0.09
0.085¢ ]
_ N
o k=
= 0.08Component o]
{
- 0075 Slow
é | Component ]
N 4
g 0.071
© k=3
0.065} —
006 L L L L
0 1 2 3 4 5
Time (h)
(a)
0.9
c
O 0.85¢ 1
g
(I k=1
o) 0.8r 4
Q k=2
=
Q 075 Only Slow 1
‘>“ Component
(]
O 07} ]
O k=4
0_65 I 1 I 1
0 1 2 3 4 5
Time (h)

(b)

Figure 4.4: Pseudo-open loop response to a 10% decrease in flue gas flow after one hour for
(a) the absorber liquid mole fractions and (b) the stripper vapor mole fractions at segment
k of the column
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4.3.3 Standard Singularly Perturbed Model

In this section, the process model is explicitly separated into fast and slow variables
(Chen et al.,|2012). The sump and flash tank inventories must be stabilized based on the fast
time scale, so it is assumed that there is a linear state feedback controller for the tank levels
that manipulates the tank effluent flow. It is also assumed that there is a state feedback
law for the exiting cross exchange temperatures (T x5, and T x3 ) that manipulates the
bypass flowrates. The feedback control laws are given in Equations which show

that the large flowrates are now a function of the states.

s = 1= K§ (Thixs g~ Thixspsp) (4.19)
ug =1 = KY (Thxsp— Thixspsp) (4.20)
uy =1~ K (lpr = lpr,sp) (4.21)
u, =1~ K (Isv — lsu,sp) (4.22)

Itis assumed that the matrix G, («) can be decomposed according to Equation m
Gy, (z) = B(z) Gy (z) (4.23)

where B € R (n=3-Nsst) ig a full column rank matrix and é’lg e R(n=3-Nssr)xmiy ig g
matrix with linearly independent rows (Baldea and Daoutidis, |2014)). The variable trans-

formation T'(«) in Equation is applied to explicitly separate the low-order model into
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slow and fast states:

Mtotal
Mtotal,CO2
Mtotal,PZ
YsT,co2,k=1
l ¢ ]=T(az) = : (4.24)

YsT,Cco2,k

YST,c02,k=Ns
Gy () wy ()

where ¢ € R3*Nsst are the slow states, 1 € R?3-Nss7 are the fast states, and the subscript
total denotes the total system molar hold-up. This transformation allows the low-order
model to be arranged in the form of Equations B.TH4.2] and shows that the total molar
hold-ups also evolve on the slow time scale in addition to the stripper vapor mole frac-
tions. Figure {.4] demonstrates the step response of the total system CO, hold-up has only
a slow component. The steady state liquid residence times in the absorber, sump, flash
tank, stripper, and lean storage tank are 0.3, 3.2, 1.1, 0.02, and 0.9 minutes, respectively,
while Figure shows that the time constant of total CO, inventory is “32 minutes. The
total plant inventory time constant is an order of magnitude higher than the individual unit

operation residence times because of the material recycle occurring in the process.
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Figure 4.5: Pseudo-open loop response to a 10% decrease in flue gas flow after one hour
for the total CO, inventory

The low-order model was linearized around the design point to perform an eigen-
value () analysis. Figure plots the system \’s, which represent the reciprocals of the

process time constants. The figure shows that the real part spans several orders of mag-

nitude. The condition number, defined as 2=zl is 1011, clearly demonstrating that the

‘)\mzn‘ ’

process model contains multiple time scales.
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Figure 4.6: Eigenvalues of the linearized system

4.4 Proposed Control Structure

The overall control objective of the amine scrubbing process will likely be related
to maintaining a desired CO, removal rate that minimizes energy use. Based on the singu-
larly perturbed model form, this control objective is related to the slow time scale. In the
previous section, state feedback control laws were proposed for the large internal solvent
flows in order to stabilize the system on the fast time scale. The only remaining manipu-
lated variable for the slow time scale objectives is the stripper overhead flowrate (F/;). F\Vs
is closely tied to the flowrate of CO, out of the process, so it should be used to control the
removal rate. Previous work has proposed controlling the removal rate with the large in-
ternal recycle flow Panahi and Skogestad| (2011} [2012); Ziaii-Fashami| (2012); Lawal et al.
(2010); |Nittaya et al. (2014). However, this strategy will likely lead to an ill-conditioned
controller based on the time scale analysis since the slow time scale has not been addressed.

Oscillations in stripper pressure were observed by [Ziaii-Fashami| (2012)) when the removal
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rate was controlled using the solvent flowrate. The control structure proposed in this work

is summarized in Table

Table 4.3: Proposed Control Structure

Proposed

Time Scale Output Variable Input Variable Controller
Sump Level Sump Effluent Flowrate Proportional
Fast Flash Tank Level Solvent Recycle Flowrate ~ Proportional
Lean Storage Tank Level - Uncontrolled
Slow CO, Removal Rate Stripper Overhead Flowrate Model-Based

4.5 Conclusions

Two time scales exist in the amine scrubbing process dynamics as a result of mate-
rial recycling. The time scale decomposition shows that the stripper vapor mole fractions
and total system inventories evolve on the slow time scale only. Therefore the CO, removal
rate should be controlled using the small stripper overhead flow. Controlling CO, removal

with the large solvent recycle flowrate will likely lead to oscillations in process variables.

4.6 Notation

Greek

AHcoo heat of desorption (kJ/mol CO,)
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AHpo0

=

ST S

heat of vaporization (kJ/mol H,0)
vector of fast variables (varies)
O(1) quantity (varies)

vector of slow variables (varies)

wetted area (m?/m?)

molar concentration (mol/m?)
specific heat capacity (kJ/mol-K)
diameter (m)

disturbance (-)

molar flowrate (mol/s)

liquid hold-up in packing (m3*/m?)
specific enthalpy (kJ/mol)

overall mass transfer coefficient (mol/Pa-m?-s)
proportional gain (varies)

length (m)

level (m)

molar amount (mol)

transfer rate (amount/s)
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Px—

Qs

Subscripts

H

Sp

Superscripts

L

number of well-mixed stages (—)
pressure (Pa)

equilibrium pressure of the liquid (Pa)
steam heat duty (kW)

recycle number (-)

temperature (K)

normalized manipulated input (-)
overall heat transfer coefficient (kW/K)
vapor fraction (mol/mol)

state vector (varies)

liquid apparent mole fraction (mol/mol)

vapor mole fraction (mol/mol)

enthalpy
component (CO,, PZ, H,0, N,, or O,)
stage number (top stage is k = 1)

setpoint

liquid
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steady state

vapor
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Chapter 5

Regulatory Control

5.1 Introduction

Amine scrubbing is highly integrated with the upstream power plant and down-
stream enhanced oil recovery (EOR) facility, as shown in Figure [5.I] The power plant
consists of a coal-fired boiler and high-, intermediate-, and low-pressure steam turbines
(HP, 1P, and LP, respectively). Flue gas from the boiler passes through pollution control
equipment, including selective catalytic reduction (SCR), electrostatic precipitation (ESP),
and flue gas desulfurization (FGD), before it is sent to a direct contact cooler (DCC) to
cool the gas to 40 °C. The cooled flue gas enters the bottom of the absorber, where it
is countercurrently contacted with amine solvent to remove CO,. Steam from the IP/LP
crossover point of the power cycle is then used to regenerate the solvent in a stripper. The
stripped CO, is compressed in a multi-stage compressor and injected into a reservoir for
EOR, creating a customer demand for the CO, product. The power plant, capture plant,
and EOR facility can be considered three separate entities with competing operational and
economic objectives. The goal of this Chapter is to develop regulatory control strategies

using a system-wide approach, taking into account these competing objectives.
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Figure 5.1: The amine scrubbing capture plant is highly integrated with the upstream power
plant and downstream EOR facility

5.1.1 Scope

A holistic approach is used to develop regulatory control strategies for a range of
system objectives. The control strategies were assessed using a dynamic model of an amine
scrubbing process with an optimized flowsheet and an advanced solvent, in contrast to pre-
vious works which have generally modeled a simple absorber and reboiled stripper with
MEA. An explicit representation of a 550 MWe coal-fired power plant was included to
fully capture the dependence of the amine plant operation on power plant conditions. Four
mutually exclusive system objectives were addressed: (1) satisfying the CO, demand for
EOR, (2) satisfying the steam demand for electricity generation, (3) maintaining a CO,
removal rate target, and (4) minimizing deviations from steady state. The trade-offs asso-
ciated with the regulatory control strategies necessary to satisfy each of these objectives

are described in detail in the subsequent sections. The implications of the various control
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strategies for equipment design were explored, including the stripper column, steam ex-
traction valve, and compressor configuration. The significance of the solvent surge tank

location on controller performance was also considered.

5.2 Process Model

A dynamic process model was used as a tool to tune PID controllers, test the system
response to various disturbances and set point changes, and evaluate the performance of
various controller configurations. The process model was designed to capture 90% of CO,
from the flue gas of a 550 MWe coal-fired power plant operating at 100% load (Trimeric
Corporation, 2015)). The model was simulated in Simulink® using ODE15s. The following

sections describe the components of the model used in this work.

5.2.1 Capture Plant

A control relevant low-order model of an intercooled absorber and advanced flash
stripper (AFS) with aqueous piperazine (PZ) solvent was previously developed and vali-
dated in Chapter 3] The flowsheet for this process is given in Figure [[.4, The flowsheet
shows that both lean and rich surge tanks have been considered as process alternatives.
Liquid residence times for the major unit operations are listed in Table [5.1] More detailed
information about equipment sizes can be found in Chapter 3] Individual capture plant unit

operations were included in the Simulink® flowsheet using S-function implementation.
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Table 5.1: Liquid residence times

Unit Min

Total Absorber 7.2

Sump 5.0
Chimney Tray 2.0
Distributor 0.1
Packing <0.1
Flash Tank 5.0
Total Exchangers 3.0
CX1 1.8
CX2 1.0
CX3 <0.1
Steam Heater 0.2
Surge Tank 2.5
Stripper <0.1
Total 17.7

5.2.2 Power Plant

The temperature and pressure of steam at the IP/LP crossover point depend on the
boiler load and the flowrate of steam extracted to the steam heater of the AFS. This section
develops a steady state coal-fired power plant model based on Case 11 of NETL (2010)
to predict the steam conditions for off-design turbine operation. A detailed flowsheet of
a supercritical coal-fired power plant is given in Figure [5.2] along with typical operating
conditions. Itis assumed that the boiler is regulated by an adiabatic throttle valve to produce

steam at 24.1 MPa and 593 °C. The steam flowrate through the throttle valve is calculated
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according to Equation[5.1] given the boiler load:

Qboiler
Whoiler = = v T 5.1
Hboile'r - eredwater

where H is mass specific enthalpy, @) is duty, w is mass flowrate, subscripts boiler and
feedwater refer to conditions of steam exiting the boiler and feedwater entering the boiler,

respectively, and superscripts L and V' refer to liquid and vapor phases, respectively. H, Y o

and HL

feedwater

are both assumed to be constant for all loads.

CO, Stripping  [~--="""77mmmm

— Flue Gas

. 320°F
3500psi  Throttle DX
1100°F

2

700 psi

----------------- Feedwater Heater
A

Figure 5.2: Detailed flowsheet of a supercritical coal-fired power plant with steam extrac-
tion for CO, regeneration

The HP steam from the throttle valve is expanded through n turbine stages, shown in
Figure[5.3] Each stage ¢ consists of two uncontrolled steam extractions: (1) steam extracted
to the next stage (w;) and (2) steam extracted to the feedwater heater system (w,;). Other
minor steam extractions, for example to the steam seal regulator, have been ignored in this
work. Equation [5.2] represents each stage, including a mass balance (Equation [5.24), a

steam table lookup (Equation[5.2b)), and Stodola’s Ellipse Law for calculating uncontrolled
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extractions (Cookel [1983) (Equations[5.2cH5.2d):

Wi-1 = Wi + Wy

T; = f(P;, Si)

B=\/wi2ﬂ¢Di+}jiZ

+1

b= \/w:%iTiﬁbchi + P2,

(5.2a)
(5.2b)
(5.2¢)

(5.2d)

where S is entropy and ¢p is a flow constant calculated from design conditions. Values

for ¢ p, which were set to match the flowrates from the NETL case, are given in Table

Table 5.2: Flow constants (Pa?-s?/K-kg?) for uncontrolled extractions to the next turbine
stage (¢p;) and to the feedwater heater (¢p,;)

Turbine Stage (7) ODi P Dui
1.71 X 10° 4.86 X 108
HP
2 1.98 X 10° 8.03 X 10°
P 3 1.06 X 105 1.89 X 107
4 3.82X 105 2.66 X 107
5 8.52X 103 424X 10°
6 1.55X10° 9.68 X 10°
LP 7 295 393X 10°
8 44.8 9.51 X 10*
9 13.4 —

Isentropic expansion has been assumed at each turbine stage; therefore, S; = Sy,

in the HP turbine and S; = Sgry after the HP/IP steam has been reheated in the boiler,
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according to Equation [5.3]

Stn = f(Pi1, IQ’X,W) (5.32)

Sru = f(Pru, Hyy) (5.3b)

H KH is calculated by assuming the reheating duty () gyy) is directly proportional to Qpeise:--

Condenser

Feedwater Heater

Figure 5.3: Power plant turbine stage showing two uncontrolled extractions

When the power plant steam cycle is integrated with the capture plant, a controlled
extraction to the stripper is added at the IP/LP crossover point. This controlled extraction

is assumed to occur through an equal percentage valve, according to Equation [5.4}

Wep = Cquv_l\/(PIP/LP ~ Psu)prpiLp (5.4)

where (), is the valve coefficient, g, is the valve stem position, R is a constant (set at a typ-
ical value of 50), p is mass density, and the subscripts /P/LP and SH refer to conditions
at the IP/LP crossover point and the steam heater of the AFS, respectively. Psy was deter-
mined by assuming the saturated steam on the shell side of the steam heater is always 5 °C
greater than the process fluid. C', was calculated so that wgy is the design flowrate when
¢» = 1. In other words, the steam extraction valve is 100% open at design conditions to
minimize the steam pressure drop between the power plant and capture plant. This design

limits steam availability in upset conditions.
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The power plant turbines consist of nine stages: two in the HP turbine, two in the
IP turbine, and five in the LP turbine. The design conditions for the power plant model
are given in Table [5.3] The power plant algebraic equations were solved for a range of
values for (QQpoie- and ¢,. The resulting values for temperature, pressure, and flowrate of
the extracted steam were implemented as an n-D Lookup Table in Simulink®. The flue gas
flowrate was assumed to be directly proportional to (yi1e- and flue gas composition was

assumed to be constant for all power plant loads.

Table 5.3: Power plant operating conditions

Value
Pboiler 24.1 MPa
Tboiler 593°C
Qboiler
(full-load) 1410 MW
Qru
(full-load) 35T MW
]—Tlfeedwater 1250 kJ/kg
Pcondenser 6.89 kPa
Cy
0.248 m?

(extraction valve)

5.2.3 CO, Compression and EOR Facility

The compressor discharge pressure was always regulated at 150 bar, so that manip-
ulating the compressor operation effectively changed the suction pressure and volumetric
flow. Pressure changes in the CO, injection well were ignored. The compressor was as-

sumed to be at steady state, and no restrictions were placed on achievable CO, flowrates.
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The implications of ignoring compressor operating constraints are described in the Discus-

sion.

5.3 Plantwide Control Strategy

A regulatory control strategy consists of feedback and feedforward controllers that
regulate a process to its steady state in the presence of disturbances and set point changes.
In this work, the Simulink® discrete-time PID Controller function block in parallel form
was used for feedback control. Level controllers were configured to be P-only and all other
feedback controllers were PI. The controllers were tuned using the Tyreus-Luyben contin-
uous cycling method (Seborg et al., 2011). Controller outputs were limited to physically
significant values (for example 0 < ¢, < 1) and the upper limit for flows was set at 150%
of the design value. The anti-windup method was activated to discharge the integrator if a
controller became saturated. Perfect flow control was assumed everywhere except for the
steam extraction valve. The controllers proposed here would, in practice, be the master
loop of a cascaded controller where the output is the set point for a nested flow controller.
Condensers and coolers were assumed to have perfect temperature control; dynamics and

constraints associated with cooling water were not considered.

This section describes the plantwide control strategy for the integrated amine plant,
including inventory stabilization and higher level control objectives. The higher level ob-
jectives are related to energy performance, stability, and satisfying demand requirements.
Table [5.4]lists the step changes used to test the plantwide control strategy for the four case

studies considered in this work.
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Table 5.4: Step changes examined in this case study

Case Step Change

1 5% decrease in CO, delivery rate

2 5% decrease in steam extraction rate
3 5% decrease in power plant load
4

5% decrease in power plant load

5.3.1 Inventory Stabilization

Inventory stabilization was a primary objective for the design of a regulatory control
strategy for the capture plant. There are five levels that must be controlled: absorber sump,
absorber chimney tray, flash tank, stripper overhead condensate tank, and water recycle
tank. The pump or valve immediately downstream of the controlled inventory served as
the MV for these level CVs. Additionally, there is a surge tank (either rich or lean) where
the level was allowed to fluctuate. The pump immediately following the surge tank set
the solvent circulation rate for the process through a flow controller. A comparatively
small surge tank inventory was examined in this work. In practice, a small surge inventory
may limit the maximum allowable ramp rate of the solvent circulation pump to prevent

cavitation.

In addition to level control, the regulatory control strategy must maintain the pro-
cess water balance to stabilize the inventory. While the main purpose of the water wash
section of the absorber column is to remove volatile amine emissions, it also plays a key
role in the overall water balance. To avoid a net condensation or evaporation of water in to

or out of the solvent, the flowrate of water exiting with the scrubbed flue gas to the atmo-
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sphere must match the flowrate of water to the absorber column from the DCC. The water
recycle flowrate around the water wash was used as the MV to control the temperature of
the scrubbed gas exiting to the atmosphere. By selecting the correct set point for this tem-
perature, the amount of water in the outlet gas matches that of the inlet gas and the water
balance is maintained. At steady state, the water overflowing from the water wash to the
absorber distributor is equal to the water condensed from the stripper overhead minus (or

plus) the water condensed (or evaporated) in the absorber column.

In the event of process disturbances, the water wash temperature set point may
not be achieved at all times or may not be correct to maintain zero water accumulation at
the current set of conditions. A makeup or bleed water flowrate from the water recycle
tank was included to account for mismatch in the absorber inlet and outlet water content.
If the amine concentration is deviating from its desired set point, water can be added to or
removed from the tank to compensate. In the simulation used here, the water makeup/bleed
flowrate was calculated analytically so the water balance was always perfectly maintained.
In a true plant, the amine concentration will likely be measured periodically in an offline
titration, and operators will manually add or remove water from the system based on the
titration results. Alternatively, the set point for the absorber outlet gas temperature could

be adjusted to ensure the proper amine concentration is achieved.

Over time, the amine will degrade and makeup amine will be required (Mazari et al.,
2014). The degradation process occurs at a much slower time scale than the process dis-
turbances considered in this work and does not significantly affect the results. In practice,
fresh amine will likely be added to the surge tank if the level in the tank begins to decrease.

When the amine concentration is at its desired value, the drop in level indicates that amine
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has been lost due to degradation and the degraded product has been removed through a
reclaiming operation. The model assumes no amine was lost through any mechanism, and

therefore amine makeup was not required in this simulation.

5.3.2 Higher Level Control Objectives

The AFS has five remaining MVs which have not yet been assigned to a specific
control objective: the multi-stage compressor (which sets the flowrate of stripped CO,), the
steam valve position (which sets the amount of steam extracted from the IP/LP crossover),
the solvent circulation rate, and the two bypass flows. Previous work has demonstrated that
maintaining L/G in the absorber at a constant value maintains stable operation in the ab-
sorber column (Lawal et al., 2010; |Ceccarelli et al., 2014). Additionally, large fluctuations
in the solvent flowrate, which may occur if Fj is assigned as a MV, will require longer
residence times to assure stable level control and a larger inventory in the surge tank to
prevent pump cavitation. Constant L/G should result in manageable changes in F; that are

proportional to power plant load.

The bypass flows of the AFS are responsible for recovering energy from steam
stripped along with the CO, from the aqueous solvent, thereby increasing the reversibility
of the process (Lin and Rochelle, 2016). In order to simplify the control strategy and avoid
generating convoluted results, the bypass flows were controlled to maintain their respective
bypass ratio at a constant value of 9% for the cold bypass and 35% for the warm bypass.
While the bypass flows are important for system energy performance, they do not play a
large role in the interconnection of the capture plant with the power plant or EOR facility.

Maintaining these flows at their design conditions in the presence of the small process
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changes investigated here should not significantly impact the overall energy performance of
the system. Developing a control strategy that optimizes these bypass flows in the presence

of a disturbance will be considered in future work.

Amine scrubbing is a thermal swing process, and operating the stripper at higher
temperature leads to more efficient energy performance (Lin and Rochellel |2016). The
system in this work was designed so the flash tank operates at 150 °C, which represents
a reasonable compromise between efficiency and thermal degradation of PZ (Freeman,
2011). The hottest point in the system, the temperature of the steam heater (I'sy), was
selected as a CV for all cases examined here. If the steam valve was an available DOF, it
was assigned as the MV to control Tsy. Otherwise, the multi-stage compressor was used
as the MV. T was not selected as the CV because it is directly influenced by the stripper
liquid temperature and responds more slowly to the steam valve than 75y as a result of its

larger liquid hold-up.

The control strategy for the capture plant described in this section is given in Fig-
ure [5.4] The controllers shown were responsible for inventory stabilization, as well as the
higher level objectives of constant L/G ratio in the absorber and constant bypass ratios in
the AFS. The two available DOFs, the steam valve and multi-stage compressor, are outlined

in the figure because they have not yet been assigned to a higher-level process objective.
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Figure 5.4: The capture plant P&ID shows controllers (C) and transmitters (T) for flow
(F), level (L), pressure (P), and temperature (T). There is an option for a lean surge tank
or a rich surge tank, along with the corresponding solvent circulation pump. The available
DOFs (steam valve and multi-stage compressor) are outlined.

5.4 Simulation Results

There are two remaining DOFs available to assign to CVs: the multi-stage com-
pressor operation and the steam extraction valve. Four different control configurations
have been considered, summarized in Table |3;5[ These configurations, described in the fol-
lowing sections, represent bounding cases where economic and operational objectives of
one system component (EOR facility, power plant, or capture plant) dominate the process

control strategy.
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Table 5.5: CVs for the multistage compressor and steam extraction valve MV's

Case Compressor Steam Valve

1 Feoz Tsu
2 Tsu Fteam
3 Rem Tsy
4 Pst Tsy

The discrete-time PI control law is given in Equation[5.5}

u=u+Kp(xsp— 1) + Kt Z (rsp — k) (5.5)

k=—o0
where K p is proportional gain, K7 is integral gain, u is the MV, 7, is the controller bias,
x 1s the CV, and xgp is the CV set point. A one second sampling time (Z5) was assumed.

The parameters for the controllers used in this work are listed in Table [5.6]

Table 5.6: P and PI controller parameters

U u x Tsp Kp Ky
Frr  99.3 kmol/s lpr 9.8 m -540 kmol/m-s -
Fre 102 kmol/s lor 1.0m -1950 kmol/m-s -
Foyy 103 kmol/s lsy 2.6m -1950 kmol/m-s -
Fywwi 32.1kmol/s Iy 1.0m -590 kmol/m-s -
Fywo  30.9 kmol/s T‘}//W 3152 K 65 kmol/K:s 0.477 kmol/K-s?
Gv 1 Tsg 4260K 0.0500 1/K 0.0220 1/K:s
Tsy 4260K -2.00 kmol/K:s -0.0733 kmol/K-s?
Feos  2.50 kmol/s < Rem 90% 0.0160 kmol/s 4.88 X 1073 kmol/s?

Psr  6.01 bar  -0.0120 kmol/bars -5.30 X 103 kmol/bar-s?
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5.4.1 Case 1: Control CO, Delivery

The CO, delivery rate to the EOR facility is important for stable operation of the
CO, injection well. Additionally, there may be contractual obligations, well capacity con-
straints, and economic objectives from oil production that are associated with the CO,
delivery rate. If Fiopo is set external to the capture plant to satisfy EOR requirements, the
DOF from the multi-stage compressor is lost. In Case 1, Fizp2 was controlled by the com-
pressor, and a 5% step change decrease in F-p2 was examined. The remaining DOF, the
steam draw-off valve, was assigned to control T'sy at its design set point. The results from
Case 1 are shown in Figure[5.5] This strategy resulted in a fast change in EOR operation, a
slow approach to a new steady state in the capture plant (including the multi-stage compres-
sor), and a fast initial response followed by a slow approach to new operating conditions in

the power plant.
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Figure 5.5: Case 1 results in response to a 5% set change in CO, delivery rate with a 2.5 min
lean (solid) or rich (dashed) surge tank inventory out of a 17.7 min total system residence
time

5.4.2 Case 2: Control Steam Flowrate from IP/LP Crossover

Varying the rate of steam extraction from the IP/LP crossover affects the stability
of the coal-fired power plant operation, analogous to the CO, delivery rate affecting the
stability of the EOR facility. The steam rate also plays an important role in flexible capture.
Flexible capture refers to manipulating the steam extraction rate in order to change the rate
of electricity production. In flexible capture, the capture plant is used as either an ancillary

service to respond to peak demand or a quasi-producer that can bid in to electricity markets
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during high-price periods (Cohen et al.,|2012a,bj Khalilpour, [2014;|Zaman and Lee, |[2015).
In Case 2, Fiieqm Was set by the power plant, which resulted in the loss of the DOF from
the steam extraction valve. The multi-stage compressor was used to control 75y in this
scenario. A 5% step change decrease in the set point for Fj;.,,,, was introduced, shown in
Figure[5.6 This strategy resulted in a fast change in power plant operation, a slow approach
to steady state in the capture plant, and an initial large change followed by a slow approach
to a new steady state in the CO, delivery rate. T'sy; was tightly controlled to its set point by
making aggressive moves in the compressor operation; constraints on the compressor ramp
rate may make less aggressive tuning of the temperature controller necessary for practical

implementation.
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Figure 5.6: Case 2 results in response to a 5% step change in steam extraction rate with a
2.5 min lean (solid) or rich (dashed) surge tank inventory out of a 17.7 min total system
residence time. The highlighted portion of the MV and CV graphs has been expanded to
show the fast control action.

5.4.3 Case 3: Control Capture Rate

Controlling the CO, removal rate from the flue gas may be economically important
in the case of a high carbon tax or obligatory in the case of strict regulatory requirements.
Case 3 controls Rem to 90% with Fizoo as the MV. This is in contrast to previous work that
attempted to control Rem using F, (Panahi and Skogestad, 2011} 2012; |Ziaii-Fashami,

2012; [Lawal et al., 2010} Nittaya et al., 2014). Figure [5.7] gives the results of this strategy
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in response to a 5% decrease in power plant load. A prolonged, damped oscillation was
observed in the process variables, largely because of feedback created by the solvent cir-
culation loop. Less aggressive tuning could eliminate the oscillatory behavior, but will not

improve the response time.
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Figure 5.7: Case 3 results in response to a 5% step change in boiler load with a 2.5 min
lean (solid) or rich (dashed) surge tank inventory out of a 17.7 min total system residence
time and maintaining a constant L/G ratio in the absorber

5.4.4 Case 4: Control Stripper Conditions

While Cases 1-3 have controlled a specific flowrate (Fzoo in Case 1, Fyjeqnm in Case

2, and CO, flowrate in the flue gas out of the absorber in Case 3), the primary objective of
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Case 4 is to maintain the stability of the overall system. This was achieved by controlling
Tsy and Psp, which effectively sets a constant lean loading. The same 5% load disturbance
in Case 3 was introduced, and the results are plotted in Figure [5.8] Initially, there was a
fast increase in Rem as the absorber sees a smaller flue gas flowrate and a fast decrease in
Fteam as Qpoiter 18 dropped by 5%. Following this initial disturbance, the variables quickly
approached a new steady state. It was not possible to control 75y to its set point because

the steam availability was limited by the steam valve design.
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Figure 5.8: Case 4 results in response to a 5% step change in boiler load with a 2.5 min
lean (solid) or rich (dashed) surge tank inventory out of a 17.7 min total system residence
time and maintaining a constant L/G ratio in the absorber
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5.5 Discussion

Figures [5.5H5.8] show that trade-offs clearly exist when satisfying the objectives
of one system component. Controlling either Fl;..m Or Fooo eliminated a DOF in the
capture plant, and resulted in a slow approach to steady state for Rem in response to process
changes. Controlling Ty and Psp brought all system components to a new steady state the
fastest, but did not take into consideration system economics. Tightly controlling Rem in
the absorber was not possible with feedback control only. Rem control is complicated by
the significant solvent recycling and energy recovery in amine scrubbing, which is utilized
to reduce capital and operating costs in the plant. The high amount of recycling leads to
control loop interactions and time scale multiplicity in the process variables (Walters et al.,
2014). Advanced process control will be considered in future work to address removal

control.

5.5.1 Process Design Implications

Depending on the selected control strategy, the process equipment requires different
designs to achieve the desired control action without violating equipment constraints. The

design implications for the stripper column and steam extraction valve are examined here.

5.5.1.1 Stripper Column

The stripper column is susceptible to flooding because changes in Tsp, Psy, and
gas molar flowrate (F¥) are expected during upset conditions. The gas volumetric flowrate
through the column is directly proportional to sy and FY, and inversely proportional to

Psp. The stripper diameter should be designed so that the column does not flood as a
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result of the necessary control action taken to respond to process disturbances. Figure[5.9]
shows the gas volumetric flowrate through the stripper for Cases 1-4. When the volumetric
flowrate is increased from its design value, the stripper column is approaching its flooding

limit.

45k Approaching Flood |
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Figure 5.9: Stripper gas volumetric flowrate

The control strategies from Cases 2 and 4 will not result in flooding with well-tuned
controllers. For Case 2, a decrease in steam extraction valve position from 100% open with
temperature control resulted in less stripped CO, and therefore a lower total volumetric
flowrate. For Case 4, a decrease from 100% boiler load with temperature and pressure
control also decreased FXT. Case 1 resulted in a monotonic decrease in volumetric flow as
a result of a decrease in the set point for Fops. If the Fiopo set point had been increased
instead of decreased, a monotonic increase in volumetric flow would have been observed.
Unlike Case 4 where Pgp is controlled by manipulating Fo2, Psr is an uncontrolled

process variable in Case 3 and an initial increase in volumetric flow was observed. The
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initial decrease in Psp for Case 3 that resulted from the power plant load drop caused a
significant increase in gas density. Based on these observations, over-designing the stripper
column may be necessary if a removal rate more than 90% is required at 100% boiler load

or if Pgr isnota CV.

5.5.1.2 Steam Extraction Valve

A trade-off exists with the steam extraction valve between the energy performance
at the design operating conditions and the ability to maintain temperature control in re-
sponse to disturbances. The valve was designed to be 100% open at full load conditions
to minimize the steam pressure drop between the IP/LP crossover and the capture plant.
However, Figure [5.10] shows that the valve was saturated and unable to achieve the Ty
set point when the power plant was operating at part load (Cases 3 and 4). If temperature

control of the AFS is an important objective, a larger valve is required.
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Figure 5.10: Steam valve stem position
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5.5.2 Multi-stage Compressor Configurations

The results reported in the previous section assumed that the desired value for Foo
was always achievable. The compressor action that would have been required to produce
the values of oo, from Figures [5.5H5.8]is explored in more detail here. Two types of off-
design compressor flow regulation were considered: (1) variable speed and (2) adjustable
inlet guide vanes (IGVs). Liidtke (2004) provides typical compressor performance maps
for different flow regulation methods, using a 7-stage acid gas compressor as a case study.
The reported performance maps were normalized by the design conditions and are shown
in the first column of Figure It was assumed that these maps are representative of the
5-stage CO, compressor that would be required in this work to compress the gas from Pgp
to 150 bar with a design compression ratio per stage of less than 2.0. The design point, as
well as the final steady state conditions of each case study, are labeled on the performance

maps.

The right column of Figure[5.1T]describes the path the compressor would have taken
to get from the design point to the final steady state for each case. Flow regulation with
a variable speed compressor resulted in speed variations between 96—-103% of the design
speed for all cases, which are readily achievable off-design compressor operating condi-
tions. With the exception of Case 3, flow regulation through adjustable IGVs adequately
handled the step changes investigated in this work. Adjustable IGVs have limited ability to
operate at over-design conditions and therefore have a lower capacity limit than speed reg-
ulation. By extrapolating the performance map, Case 3 required a vane angle that was well
beyond the capacity limit for the compressor. Adjustable IGVs may also be problematic

for Case 1 in a scenario where greater than 90% capture was required.
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Reaching the compressor surge limit is undesirable because activating anti-surge
control decreases the compressor efficiency. When the steam flowrate was decreased in
Case 2, the compressor decreased the volumetric flowrate in order to control Tsy. This
control action caused the compressor to approach its surge limit for both variable speed
and adjustable IGVs methods. Less aggressive temperature control tuning may be ad-
vantageous in Case 2 to prevent the use of anti-surge control. The modest step changes
considered in this work resulted in steady state volumetric flowrates that were within 89%
of the design flowrate, well beyond the compressor surge limit. Reaching the surge line
becomes unavoidable with larger changes in process conditions that result in small volu-
metric flowrates. The performance map for the adjustable IGVs compressor has a surge
line with a less steep slope than the variable speed compressor, so it can operate at lower

volumetric flows before activating anti-surge control.
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Figure 5.11: The top and bottom rows show the performance of a variable speed com-
pressor and a compressor with adjustable IGVs, respectively, for this case study. The left
column contains typical compressor performance maps adapted from a 7-stage acid gas
compressor given in |[Ludtke (2004). The steady state operating points from each case is
denoted on the map (Design Case: ¢, Case 1: O, Case 2: <, Case 3: O, and Case 4: A).
The right column reports the compressor speed (N) or vane angle (#) that would have been
required based on the performance maps to achieve the desired control action from each
case.

5.5.3 Rich versus Lean Surge Tank

A surge tank with uncontrolled level containing 14% of the total steady state liquid
inventory was included for all cases. The surge tank allowed F to be set by the pump at
the tank effluent, as well as dampened disturbances that propagate between the absorber

and AFS. A short residence time of 2.5 min was arbitrarily selected to demonstrate the
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performance of a system with a small solvent hold-up. A small amine inventory is desir-
able because it mitigates safety risks from a process failure, avoids operational challenges
for solvents operating near their solid solubility limit, and is economically favorable by
decreasing amine makeup costs. Negligible differences in the system performance were
observed in Figures [5.5H5.8| between a rich surge tank and a lean surge tank for any of the
cases examined. This is consistent with the results from Chapter [3| which showed that the
characteristic time of the total CO, inventory for processes with rich or lean surge tanks

converged as the surge tank inventory was decreased.

In order to more clearly understand the control implications of the surge tank loca-
tion, Case 3 was repeated with a surge tank residence time of 15 min so that approximately
half of the system inventory was in the surge tank. The controller tuning was not changed
from the previous conditions. Chapter[3|showed that a rich surge tank allows for a faster ini-
tial change in Rem compared to a lean surge tank in response to an open-loop step change
in the stripper. Figure [5.12] shows that the rich surge tank with a 15 min inventory allowed
for more effective control of Rem than a lean surge tank. In other words, the more lean
inventory in the process, the less aggressive the control action can be in the stripper. A rich
surge tank may present other operational benefits not captured in this analysis. The rich
tank will dampen disturbances from the absorber to the AFS, which operates at high tem-
perature and high pressure with multiple bypass flows and is therefore sensitive to changes
in process conditions. The rich tank will also decrease flowrate disturbances to the AFS
since the rich flowrate is controlled, which is important for heat exchanger performance.

There is the option to strip dissolved oxygen from the rich tank by N, sparging to pre-
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vent oxidative degradation of the amine (Voice and Rochelle, |2013)). Therefore the system

should be designed with a rich surge tank.

Removal (%)

89 I -

01.2.4.6.810.12
Step Change Time (h)

Figure 5.12: Case 3 repeated with a 15 min residence time in the lean (solid) or rich
(dashed) surge tank

5.6 Conclusions

The recommended plantwide regulatory control strategy for the amine scrubbing

process described in this work is summarized as follows:

* Control the absorber sump, absorber chimney tray, flash tank, overhead condensate

tank, and water recycle tank levels using the valve or pump at the inventory effluent.

* Control the vapor outlet temperature of the water wash using the water wash recycle

flowrate in order to maintain the water balance.

* Control the absorber L/G ratio using the solvent circulation flowrate for absorber

performance.
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* Control the steam heater outlet temperature using either the steam extraction valve
(preferred) or multi-stage compressor (if steam valve not available) for the AFS en-

ergy performance.

 Control the CO, delivery rate, CO, removal rate, or stripper pressure using the multi-

stage compressor to achieve higher level control objectives.

In order to satisfy the objectives of one system component (either the oil produced
by the EOR facility, the electricity generated by the power plant, or the CO, captured by
the amine scrubbing plant), the performance of the other system components suffers. When
the CO, delivery rate was decreased by 5%, 3.1 and 0.9 hours were required for the CO,
removal rate and steam extraction rate to come within 5% of their new steady state values,
respectively. The removal rate did not reach 95% of its response for 3.0 hours and the
delivery rate had an initial decrease of 23% in response to a 5% decrease in steam extraction
rate. Tightly controlling CO, removal using only feedback control was not feasible because
of the positive feedback from the recycle of lean amine back to the absorber column. When
controlling the stripper temperature and pressure, 1.9 hours were required to bring the MVs

to within 5% of their new steady state values in response to a 5% decrease in boiler load.

The design of process equipment depends on the process control strategy. The
stripper column diameter must be over-designed if stripper pressure is not controlled or
removal rates greater than the design conditions are required. In order to ensure stripper
temperature control by manipulating the steam extraction valve, the valve must be sized to
be less than 100% open at design conditions at the expense of the energy performance of

the design case.
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A rich surge tank is more advantageous than a lean surge tank for controlling the
CO, removal because changes in lean loading are propagated more quickly to the absorber
without the dampening effects caused by a large lean inventory. More aggressive controller
tuning can be used as a result. However, the difference in performance between rich and

lean surge tanks is negligible with a small surge tank inventory.

5.7 Notation

Greek

Ppi flow constant for uncontrolled steam extraction to next stage
®Daxi flow constant for uncontrolled steam extraction to feedwater heater
Roman

C, steam extraction valve flow coefficient

Fcoz CO, flowrate through multi-stage compressor

Fer flash tank effluent flowrate

Fie absorber chimney tray effluent flowrate

Fqy absorber sump effluent flowrate

Fywwn water tank effluent flowrate

Fywwo water wash chimney tray effluent flowrate
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eredwater
K

Kp

Pboiler

P, condenser

Psr
Qboiler
Qru
qv
Rem
Thoiter
ts
Tsn
Tivw

u

specific enthalpy of boiler feedwater
integral gain

proportional gain

absorber chimney tray level

flash tank level

absorber sump level

water tank level

supercritical boiler pressure

LP steam condenser

stripper pressure

duty applied to boiler feedwater
reheating duty applied to steam exiting HP turbine
steam extraction valve stem position
CO, removal rate from the flue gas
supercritical boiler temperature
sampling time

steam heater outlet temperature
water wash outlet vapor temperature

nominal value for manipulated variable
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u manipulated variable
T controlled variable

Tsp set point for controlled variable
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Chapter 6

Process Control of the Advanced Flash Stripper

6.1 Introduction

To minimize the parasitic load of the amine scrubbing plant, the advanced flash
stripper (AFS) using aqueous piperazine (PZ) has been proposed (Rochelle et al., 2011}
Lin et al., 2014) and demonstrated at the pilot scale (Chen et al., 2014). The process
flow diagram is shown in Figure [6.1] This intensified process contains two rich amine
bypass flows for energy recovery, increasing the degrees of freedom compared to the basic
process where all rich solvent enters the top of a reboiled stripper. The AFS also has two
points with high-temperature amine: the steam heater effluent and the flash tank hold-
up. A conventional reboiled stripper only contains one high-temperature location in the
reboiler sump. It is not obvious a priori which process variables should be controlled using
the bypass flowrates or the steam extraction flowrate from the power plant for the AFS

configuration.
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co, BM- Bypass Mix  RH- Rich Hot
Condenser BW- Bypass Warm RW- Rich Warm
LH- Lean Hot SH- Steam Heater
LC- Lean Cold VH- Vapor Hot
H,O LW- Lean Warm  VW- Vapor Warm
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Figure 6.1: Advanced flash stripper flowsheet showing possible temperature transmitter
(TT) locations with unique steady state values

6.1.1 Literature Review

Previous work on the dynamics and control of post-combustion amine scrubbing
has mostly considered processes with a conventional reboiled stripper using the first gener-
ation solvent monoethanolamine (MEA). The maximum stripper temperature and pressure
are limited by solvent degradation, which in this configuration are approximately 120 °C
and 2 bar, respectively (Davis, 2009). Using a heuristic approach, the most obvious con-
troller configuration for the reboiled stripper system is to control the reboiler temperature
by manipulating the steam extraction rate and the stripper pressure by manipulating the

multi-stage compressor (or a suction throttle valve). This strategy was examined by Ziaii-
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Fashami| (2012) and found to result in a stable response to disturbances. However, there
is no guarantee that the final steady state will have optimal energy performance or sat-
isfy process objectives such as maintaining a desired CO, capture rate. Lawal et al.|(2010)
and Nittaya et al. (2014) effectively used this strategy by controlling the reboiler tempera-
ture and assuming a constant stripper pressure. Walters et al.| (2016b) developed a plantwide
regulatory control strategy for a process using PZ with the AFS for CO, regeneration. In
this study, which primarily focused on the interaction between the amine scrubbing plant,
power plant, and enhanced oil recovery facility, the steam heater effluent temperature was
controlled and constant cold and warm rich bypass flowrate ratios were maintained in the
presence of a disturbance. This strategy was found to be effective when stripper pressure
control was active, but again there is no guarantee of achieving optimal conditions in off-

design operation.

Since previous research has not provided guidance on a control strategy that will
optimize the performance of the AFS, this work evaluates “self-optimizing” control as a
method to minimize the system energy demand. Self-optimizing control refers to a con-
trol strategy where near-optimal operation is achieved by maintaining constant controller
set points, without needing to re-optimize in the presence of a disturbance (Morari et al.,
1980; [Skogestad, 2000). Figure [6.2] provides a graphical representation of this concept.
A self-optimizing control strategy was employed by |Panahi and Skogestad (2011} 2012)
to identify controlled variables (CVs) for the reboiled stripper with MEA. Their analysis
showed that the best self-optimizing CV for the steam valve manipulated variable (MV)

was the temperature of tray 16 of a 20 tray stripper column. Pressure was controlled by a
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suction throttling valve. A similar strategy was used in this work to assign self-optimizing

CVs to the bypass flowrate MVs of the AFS.

A
Objective Function

&)

Design
Point

t Loss

?

Disturbance (d)

A
v

Figure 6.2: Two CV candidates (CV1 and CV2) are compared to demonstrate the idea of
self-optimizing control. CV1 is a better self-optimizing variable than CV2 because only a
marginal loss in steady state system performance is observed when the set point for CV1
remains constant in the presence of a disturbance (Skogestad, [2000).

6.1.2 Motivation and Scope

The Separations Research Program at the University of Texas at Austin tested the
AFS configuration and PZ solvent in a 0.1 MWe equivalent amine scrubbing pilot plant
in March 2015 (Chen, [2015; Sachdel 2016} Lin et al., |2016). The temperature set point
for the flash inventory was varied between 140-150 °C, and this set point was achieved
by manipulating the steam flowrate to the steam heater with a PID controller. The cold
and warm bypass flowrates were set by flow controllers. During the initial phase of pilot

plant operation, the set points for the flow controllers for a given set of conditions were
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determined through an offline optimization using an Aspen Plus® simulation. After gaining
operational experience, the plant operators manually adjusted the flowrate set point for the
cold bypass to maintain the vapor outlet temperature of the vapor/liquid cross exchanger
(Tyw) and the flowrate set point for the warm bypass to maintain the temperature difference
at the top of the stripper (T — Tsar). These temperatures have physical significance in
the energy performance of the system. 7y represents energy that is ultimately lost to the
overhead condenser, which operated at 40 °C in the pilot plant. Heat exchange within the
stripper packing is related to Ty ;7 — T'p;. However, there was no attempt to systematically

identify the best CVs for the AFS system in pilot plant operation.

The goal of this work was to develop a feedback process control strategy that main-
tains stable and near-optimal operation of the AFS in response to disturbances and oft-
design operating conditions. Three main objectives were considered: (1) identify self-
optimizing CVs to assign to the rich bypass flowrate MVs, (2) determine an appropriate
CV for the steam extraction rate MV, and (3) demonstrate the performance of the selected
process control configuration. The results generated here will provide guidance for future

pilot plant activity, as well as commercial scale implementation of the AFS.

6.2 Process Simulation
6.2.1 High-Fidelity Steady State Model

A high-fidelity steady state Aspen Plus® model for the PZ/H,0/CO, system was
previously developed using hundreds of laboratory data points to regress 43 thermody-
namic parameters (Frailie, 2014), and the model has been extensively validated with pilot

plant results (Chen et al., 2013, |2014). The stripper is modeled with rate-based heat and
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mass transfer and equilibrium reactions. The high-fidelity model was used in this work to
simulate off-design steady state conditions of the AFS and evaluate the energy performance

of the system.

Case 11 of NETL (2010) provides specifications for a 550 MWe coal-fired power
plant to be used when evaluating post-combustion CO, capture technologies. [Trimeric Cor-
poration (2015) reported a base case design for the AFS in an amine plant that removes
90% of CO, from the flue gas of the NETL case study, which was developed using the
high-fidelity Aspen Plus® simulation. The specifications of the AFS from the Trimeric
design were used for the design case in this work. All equipment dimensions remained

constant from the values reported by Trimeric.

Rich amine from an absorber enters the system with a given temperature (7)),
loading (i, mol CO,/mol alkalinity), and flowrate (F};s), and a constant amine concen-
tration (Cyc,) of 5 molal PZ for all cases. The steady state pressure of the flash (Pyqs,) Was
also kept constant at its design point, implying that the lean loading (¢.,,) remained con-
stant for a given operating temperature of the flash tank. The performance of the main cross

exchangers (CX1 and CX2) were predicted by the power law expression in Equation [6.1}

UA = chF0'7 (61)

avg

where UA is the overall heat transfer coefficient (MW/K), F,,, is the average flowrate
through the exchanger (mol/s), and ccx is a constant fit for both exchangers to give the cor-
rect LM TD at the design point. The UA of the vapor/liquid exchanger (CX3) was assumed

to be constant. The constant values used in all off-design cases are listed in Table[6.1]
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Table 6.1: Constant Parameters in the High-Order Model

Parameter Value
Chrich 5 molal PZ
Pflash 5.93 bar

Cox1 0.328 MW/K:(mol/s)*7
Cox2 0.187 MW/K:-(mol/s)?7
UAcxs 2.6 MW/K

6.2.2 Low-Order Dynamic Model

Walters et al.| (2016c) previously developed and validated a low-order dynamic
model in MATLAB® for an amine scrubbing process containing the AFS, and the low-order
model was used in this work to evaluate the closed-loop performance of the proposed con-
trol structure. This first principles model contains a semi-empirical relation for vapor-liquid
equilibrium and rate-based heat and mass transfer with adjustable transfer coefficients. The
model parameters for the AFS system designed for the NETL 550 MWe power plant are
given in |Walters et al.| (2016¢)). The steady state muti-stage compressor in this work was
assumed to be able to achieve any specified CO, flowrate. The model was incorporated

into a Simulink® flowsheet using S-function implementation.

A steady state representation of the power plant reported by Walters et al.| (2016b)
to predict off-design turbine operation was also included as part of the low-order dynamic
model. This turbine model uses Stodola’s Ellipse Law for calculating uncontrolled steam
extractions between turbine stages (Cooke, |1983). The steam extraction valve at the inter-

mediate pressure (IP)/low pressure (LP) turbine crossover of the steam cycle was designed
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to be 100% open at design conditions to minimize the steam pressure drop between the
power plant and capture plant. This design limits steam availability in upset conditions.
The wide-open valve design is unique to advanced solvents with relatively high degrada-
tion temperatures, because the steam heater of the AFS is able to take advantage of using
steam at the pressure of the IP/LP crossover. The steady state power plant model was
included in the Simulink® flowsheet as an n-D lookup table, where the steam extraction
flowrate and IP/LP crossover pressure are a function of the boiler load (Qpoi1er-), €Xtraction

valve stem position, and steam temperature at the steam heater.

6.3 CV Selection for Bypass Flowrate MVs

An 1deal self-optimizing CV should be sensitive to changes in the corresponding
MYV, while the optimum value of the CV should be insensitive to process disturbances. The
following sections describe how these two steady state criteria of sensitivity to the MV and
optimum value insensitivity were evaluated using the high-fidelity Aspen Plus® model to
select a self-optimizing CV candidate to assign to each bypass flowrate MV. Disturbances
in absorber operation, including changes in Fi s, Qien, and 1y, were examined in this
work. A disturbance in steam availability, which was assumed to result in a lower operating
temperature of the flash tank (77 ), was also explored. Since temperature is a measurable
quantity that is related to the system energy balance, the unique system temperatures shown
in Figure were considered for possible CV candidates. The standard deviation (o) of
temperatures predicted by the model for a range of specified conditions was used as a metric

to quantify sensitivity.
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6.3.1 Temperature Sensitivity to Bypass Flowrates

A CV candidate must be responsive to changes in the MV for a feedback controller
to be effective (Seborg et al., 2011). This section examines the sensitivity of the unique
AFS temperatures to changes in the cold bypass (CBP) and warm bypass (WBP) flowrates.
The range of values considered for the CBP and WBP flowrates are listed in Table
and the resulting process temperature sensitivities are plotted in Figure [6.3] The standard
deviations were normalized by the total flowrate range for each bypass (AF’) so that a
direct comparison could be made. The figure shows that the system temperatures were
more sensitive to changes in the CBP than the WBP, but there is not an obvious trend

between the two sensitivities.

Table 6.2: Design values and tested ranges for bypass flowrates

Design  Range

e 212 0454
Fonp ((gorim iow) ) 4% @ 18%
FWBP< ke/s ) (35%)  (10-42%)

(% of total flow)
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Figure 6.3: Temperature sensitivity to changes in the bypass flowrates predicted by the
high-fidelity Aspen Plus® model

6.3.2 Optimum Off-design Temperature Values

The optimum off-design values of the CV candidates were examined to determine
variables with insensitive optimums. The ranges of off-design values listed in Table [6.3|
were considered. For each off-design case, the bypass flowrates were determined according

to the optimization problem in Equation [6.2}

minimize 6.2
Fepp, Fwsp QSH ( )
subject to: Trr =Trosp

Psr =5.93 bar

where (g is the heat duty of the steam heater. Because the stripper was maintained at a

constant pressure, compression work was not included in the objective function.

114



Table 6.3: Design values and tested ranges for disturbance variables

Design Range

Fps (kgls) 2524 -10%—+10%
Qrich
(mol CO,/mol alkalinity) 0.378 0.341-0.416
Trg (°C) 150 140-155

Figure [6.4] plots the sensitivity of the optimum values for the unique AFS tempera-
tures to the range of off-design conditions from Table [6.3] Variables with low sensitivities
are favorable because controlling them at their design set point will lead to near-optimal
operation (see Figure[6.2)). While there are some process temperatures that had insensitive
optimum values for certain off-design conditions, there was no temperature that had an in-
sensitive optimum across all off-design scenarios evaluated. The optimum value of TT-LC,
for example, had the lowest sensitivity to variations in 77y and o, but there was a sig-
nificant change to the optimum in response to deviations in 7. It was also observed that
the optimums of all AFS temperatures were generally insensitive to a disturbance in F,,
leading to the conclusion that variations in flowrate will not significantly impact system

energy performance for any selected self-optimizing CV.
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Figure 6.4: Sensitivity of optimum off-design temperature values predicted by the high-
fidelity Aspen Plus® model in response to changes in Fiy,, Qpichs Tups, and T

6.3.3 Self-optimizing CV Candidate Identification

Figure [6.4] showed that there was not an obvious choice for a self-optimizing CV
from the unique process temperature measurements. To potentially identify a more fa-
vorable CV candidate, temperature differences (A7”s) were considered instead of direct
temperature measurements. A7”s have been previously used to design a non-interacting
control system for a distillation process (Bequette and Edgar, 1989). With eight distinct

process temperatures in combinations of two, there are = 28 possible steady state

8!
21(8-2)!

AT’s that can be measured for the AFS. The following criteria were used to select a AT

CV candidate for each bypass flowrate:

1. AT must be more sensitive to changes in the corresponding bypass MV than the

other bypass flowrate

2. AT sensitivity must be greater than the median sensitivity to the bypass MV
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3. Sensitivity of the optimum off-design AT" must be within the lower quartile of opti-

mum value sensitivities to changes in &icn, Tups, Fups, and Ty

Only one AT for each flowrate met these three criteria for the CBP and WBP:
Ty —Tpw and Ty g — Ty, respectively. The optimum value sensitivity analysis is plotted
in Figure [6.5] To confirm that a reasonable MV-CV pairing was made, a relative gain
array (RGA) was calculated from the steady state process model in Equation Values
close to unity on the diagonal indicate that there should be minimal loop interaction in this

multiloop control structure.

CBP WBP
Tva - Tew 0.998 0.002 (6.3)
Tve - Ty 0.002 0.998
1.00
Design Conditions : L] Tow— Tow
Ty~ Tgw = 10.2°C T, T,
0.75 | Ty~ Ty =6.1°C E
g
b 0.50 | E
©
Gmax = Gmax = Gmax = Gmax =
025 | 19.8 °C 12.9 °C 55°C 28°C |
0.00 LLL
ATLH ATabs AO(‘rich AFabs

Figure 6.5: Sensitivity of optimum off-design values for Ty — Tsy and Ty — T'sas pre-
dicted by the high-fidelity Aspen Plus® model in response to changes in Fiyg, Qrichs Taps
and TL H
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Since Ty — Tew and Ty — Ty were both sensitive to changes in their corre-
sponding bypass flowrate MV and have insensitive optimum values to all off-design condi-
tions examined, they were selected as self-optimizing CV candidates for evaluation in the

dynamic model. The proposed self-optimizing control structure is shown in Figure [6.6]

Condenser €0: BM- Bypass Mix
BW- Bypass Warm
VH- Vapor Hot
H,O

Stripper Gas

=] &

>
>

Stripper

Steam
[ Heater

Flash

Figure 6.6: Proposed self-optimizing control structure for the rich bypass flowrates

6.4 CV Selection for Steam Flowrate MV

Steam is extracted from the IP/LP crossover of the power plant steam cycle to the
convective heater of the AFS to regenerate the amine solvent. The steam extraction valve
is an available MV to control the stripping temperature. As stated in the Introduction, there

are two high-temperature amine locations in the AFS system: the steam heater effluent
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(Tsp) and the flash tank (77, 5). In the Trimeric design, the flash tank operates at 150 °C,
which is a reasonable compromise between efficiency and thermal degradation of PZ (Free-
man, 2011). Because liquid from the stripper packing is also flowing into the flash tank,

T'syr 1s operated slightly hotter than 77z at 152.4 °C.

Tsy has a much quicker response to changes in steam flowrate than 77 as a result
of the small residence time of the convective heater compared to the flash tank. Addi-
tionally, Tsy is not directly influenced by the stripper temperature. Therefore, Tsy was
selected as the CV to assign to the steam flowrate MV. This configuration has the advan-
tage of being able to include meaningful temperature constraints in the controller to avoid

exceeding solvent degradation limits in the convective heater.

Ty is an important process variable for the AFS. .., 1s a function of flash tank
temperature and pressure, and flash tank temperature also strongly influences heat exchange
in all three cross heat exchangers as well as the stripper packing. As a result, controlling
Tsy and allowing 77y to float could negatively impact system performance. Two high-
temperature control options were considered, shown in Figure In Option 1, only Ty
was controlled using the steam extraction valve. Option 2 used a cascade control structure,
where the inner loop was the T controller and the outer loop provided the steam heater
effluent temperature set point (755 sp) to control 77,;. The closed-loop response of these

two options is presented in the Dynamic Results section.
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Figure 6.7: Control options for high-temperature stripping

6.5 Dynamic Results

The low-order model was used to evaluate the dynamic performance of the self-
optimizing control strategy for the bypass flowrates (Figure [6.6)) and the high temperature
control options for the steam extraction rate (Figure [6.7). The controller tuning provided
by Walters et al.| (2016b) was used for the Tsy, stripper pressure, and flash tank level con-
trollers. The stripper pressure set point was kept constant in this work. The Tyreus-Luyben
continuous cycling method (Seborg et al.,|2011) was used to tune the self-optimizing con-
trollers and the outer loop of the cascade controller. Four disturbance cases were consid-
ered, as summarized in Table @ The dynamic results for each case are described in the

following subsections.
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Table 6.4: Disturbances considered for evaluating closed-loop performance of the AFS

Case Disturbance

Qboiler
1 (90-100%)
Qrich
2 (0.360-0.398)
Tabs

3 (43.7-53.7 °C)
TSH,sp or TFT,sp
4 (140-150 °C)

6.5.1 Case 1: Power Plant Load Disturbance

The capture plant in this work was designed to treat all flue gas from a 550 MWe
power plant operating at full load. In Case 1, part-load operation of the power plant boiler
was examined. The power plant model assumes the flue gas flowrate is proportional to
Qpoiter- 1f the CO, absorber column operates at a constant liquid to gas ratio, Fi;s will
be proportional to Qpeier as well. A typical ramp rate for a supercritical coal-fired power
plant is 2%/min (Peltier, [2005). Case 1 tested the proposed control strategy with a ramp
disturbance in @y, between 100-90% load, and the results are presented in Figure
The Case 1 results show that the bypass flowrates exhibited an inverse response during
the ramping period, followed by a fast approach to a new steady state. When Qe Was
ramped down and steam availability was limited, there was no difference between the cas-
caded and non-cascaded options because the steam extraction valve was saturated. In the
ramp up period, however, the cascaded strategy showed better performance because devia-

tions in the flash tank temperature were minimized.
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Figure 6.8: Case 1 closed-loop response with steam heater effluent control only (solid) and
cascade control (dashed)

6.5.2 Case 2: o, Disturbance

Case 2 investigated a step change disturbance in «,.;.,, which could result from a
change in the inlet flue gas CO, concentration to the absorber. If the AFS is operated at
a constant temperature and pressure (and hence «;.,,) With constant F,;,, an increase in

Qurien, corresponds to stripping more CO, and a decrease in «.;.;, corresponds to stripping
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less CO,. Figure[6.9] gives the Case 2 results. Similar to Case 1, an inverse response was
observed in the bypass flowrates before reaching steady state. There was not a clear benefit

for the cascade option in this case.
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Figure 6.9: Case 2 closed-loop response with steam heater effluent control only (solid) and
cascade control (dashed)
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6.5.3 Case 3: T, Disturbance

Depending on the operation of absorber intercooling or the direct contact cooler
for flue gas pre-treating, temperature variations may occur in the inlet solvent to the AFS.
Step change disturbances in 7,;,; were considered for Case 3, and the closed-loop sys-
tem response is plotted in Figure The self-optimizing strategy resulted in smooth
transitions for the bypass flowrates, compared to the previous two cases where an inverse
response was observed. Cascade control maintained a more consistent .., than the non-
cascaded option, which will in turn lead to more consistent operation of the absorber when

the lean solvent is recycled.
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Figure 6.10: Case 3 closed-loop response with steam heater effluent control only (solid)
and cascade control (dashed)

6.5.4 Case4: T}y, Disturbance

Flexible capture has been proposed as an operational strategy to maximize revenue
from the CO, capture plant. Flexible capture refers to manipulating the steam extraction
flowrate in order to change the rate of electricity production. With this strategy, the capture

plant is used as either an ancillary service to respond to peak demand or a quasi-producer
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that can bid in to electricity markets during high-price periods (Cohen, 2012;|Cohen et al.,
2012b; Khalilpour, 2014} Zaman and Leel 2015). In Case 4, a flexible capture scenario was
examined where the high-temperature amine set point (either T'sj 5, for Option 1 or 17,5 )
for Option 2) was decreased in steps over time. Case 4 results are given in Figure[6.11] The
cascaded structure led to aggressive action in the steam extraction valve to quickly change
the flash tank temperature, which is undesirable from the perspective of the power plant
steam turbines. In a flexible capture scenario where the objective is high-temperature set
point tracking (as opposed to a high-temperature regulation problem like the previous three
cases), less aggressive tuning in the outer loop of the cascade controller may be required.
While the magnitude of change for the bypass flowrates was much larger in Case 4 than the
other cases, the manipulated flows were still able to quickly reach a new steady state with

the self-optimizing strategy.
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Figure 6.11: Case 4 closed-loop response with steam heater effluent control only (solid)
and cascade control (dashed)

6.6 Discussion

Figures [6.8H6.11] showed that the proposed self-optimizing control strategy from
Figure [6.6] resulted in a satisfactory closed-loop response for the bypass flowrates. By

selecting AT’s that were sensitive to changes in the corresponding bypass MV, loop in-
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teractions were minimized despite the large amount of energy integration in the AFS sys-
tem. RGA further confirmed that the two bypass control loops should have minimal loop
interaction. The high-order model was used to quantify the energy performance of the self-
optimizing strategy by comparing the steam heater duty requirement with constant self-
optimizing variables to the true system optimum. Table[6.5|demonstrates that this straight-
forward feedback control strategy will bring the plant to within 1% of the true steady state

optimum for a wide range of off-design conditions.

Table 6.5: Energy performance of self-optimizing strategy

Optimum  Self-Optimizing
Disturbance ~ Duty (MW) Duty (MW) Qioss (%)

ap. 0% 30077 304.74 0.99
P 10% 24237 242.50 0.05
+10%  295.67 29574 0.02

Aariah
10% 23779 238.23 0.19
+10°C  264.06 265.00 0.36

AT‘abs
10°C  275.61 276.56 035
+5°C  374.60 375.83 0.33

ATy
10°C 160.50 161.49 0.62

Cascade control was generally advantageous when steam availability was not lim-
ited. Additionally, maintaining a constant «y.,, in the cascaded option will prevent distur-
bances from propagating back to the absorber. This phenomena, which results from the
heavy material recycle in amine scrubbing, was not captured in the results presented here

because the absorber model was not included. The Case 4 results clearly demonstrated that
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the controller tuning for the outer loop of the cascaded controller should depend on whether

the control objective is regulation or set point tracking.

6.7 Conclusions

A self-optimizing control strategy for the rich bypass flowrates of the advanced flash
stripper was proposed, where the cold bypass flow is manipulated to control the temperature
difference on the hot end of the vapor/liquid cross exchanger and the warm bypass flow
is manipulated to control the temperature difference at the top of the stripper packing.
A dynamic model was used to show that this strategy has a fast and stable closed-loop
response to process disturbances. A high-fidelity steady state model was used to calculate
energy performance, and less than 1% energy loss compared to the true optimum was
observed for the range of disturbances examined. Cascade control, where the inner loop
controls the steam heater effluent temperature and the outer loop controls the flash tank
temperature, resulted in a more favorable dynamic response than temperature control of the
steam heater effluent alone. However, there was no advantage to cascade control when the
steam extraction valve was saturated. Cascade control also resulted in aggressive control
moves in the steam extraction flowrate for a temperature tracking objective. The self-
optimizing strategy with high-temperature cascade control will be implemented in future

scheduled pilot plant tests of the advanced flash stripper configuration.
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Chapter 7

Dynamic Modeling and Control of an Intercooled
Absorber

7.1 Introduction

Absorber intercooling has been proposed to reduce the temperature bulge that oc-
curs as a result of the exothermic absorption of CO,. Operating the absorber at a lower
temperature increases both the maximum solvent capacity and driving force within the col-
umn, resulting in better energy performance of CO, regeneration and decreased packing
requirements (Sachde and Rochelle, 2014). Figure|/.1|shows an absorber column with in-
and-out intercooling (where solvent leaving the top bed of packing is cooled and returned
to the same point within the column) and a water wash section for removing volatile amine
emissions. In this chapter, a dynamic model of the intercooled absorber is developed, vali-

dated, and used to address process control of absorber operation.

7.1.1 Literature Review of Absorber Modeling

Several equation-based dynamic models have been presented for post-combustion
CO, capture with a simple absorber. The complexity of these dynamic models can be
roughly grouped into two categories as described by Walters et al. (2016c)): medium-order
or low-order. In a medium-order dynamic model, rate-based mass transfer is modeled

with apparent species mass transfer coefficients (k, and k; for the gas and liquid, respec-
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Figure 7.1: In-and-out intercooled absorber and water wash

tively) and reaction kinetics are embedded in an enhancement factor (Ecp2) or liquid film
mass transfer coefficient (k) -,). Examples of medium-order dynamic absorber models
include Kvamsdal et al.| (2009)), Ziaii-Fashami| (2012), Harun et al. (2012), |[Enaasen Flg
et al. (2015). While these medium-order models have generally addressed CO, kinetics,
they contain an approximate semi-empirical thermodynamic model to predict the equilib-

rium partial pressure of the liquid.

Low-order dynamic absorber models further approximate reaction kinetics by as-
suming an instantaneous reaction at the gas/liquid interface (Lawal et al. (2009))) or a con-
stant overall mass transfer coefficient (Walters et al.| (2016c)). Interestingly, the model
by |[Lawal et al| (2009) assuming instantaneous reaction included a rigorous equation of
state for the electrolyte system. There are no examples of high-order dynamic absorber

models in the literature, where true component Maxwell-Stefan diffusion is used for rate-
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Table 7.1: Summary of mass transfer and kinetic model complexity for CO, absorption

High-Order Medium-Order Low-Order
Rate-Based Rate-Based Rate-Based
Transport (Maxwell-Stefan (Variable Apparent (Const. Apparent
Diffusion) k4 and k;) Ky)
o Arrhenius Eq. in Embedded in Instantaneous or
Kinetics  pjgcretized Liquid Film k) cos Of Ecoz Embedded in Const. K
Table 7.2: Previously published dynamic absorber models
Type Thermo Transport Kinetics
Ziaii-Fashami Simple Semi-Empirical Rate-Based k) cos
Kvamsdal et al. Simple Semi-Empirical Rate-Based Ecoo
Harun et al. Simple Semi-Empirical Rate-Based Ecoo
Enaasen Flg et al. Simple Semi-Empirical Rate-Based Ecoo
Lawal et al. Simple eNRTL Rate-Based Instantaneous
Walters et al. Intercooled Semi-Empirical Rate-Based Constant

This Chapter Intercooled eNRTL Rate-Based kg coo

based mass transfer and reaction kinetics are explicitly represented in a discretized liquid
film with the Arrhenius equation. Table describes the transport and kinetic methods
for high-, medium-, and low-order absorption models, and Table summarizes the ther-
modynamic, transport, and kinetic methods used in previous dynamic absorber modeling
work. With the exception of Walters et al.| (2016c)), all previous dynamic models have been

developed for the first generation solvent monoethanolamine (MEA).
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7.1.2 Motivation and Scope

Dynamic models are useful for understanding the effects of disturbances on process
operation, but there are no published medium-order dynamic models that have included ab-
sorber intercooling, as discussed in the literature review. Intercooling significantly changes
the column temperature profile compared to a non-intercooled simple absorber (Sachde and
Rochelle, 2014), and at least a medium-order model is likely required to accurately cap-
ture the behavior of the temperatures in dynamic and off-design conditions. The goals of
this study are to: (1) develop a medium-order dynamic model for an intercooled absorber,
(2) perform a steady state model validation through comparison with a high-order model,
and (3) use the medium-order model to develop a feedback control strategy based on the
column temperature profile to maintain consistent absorber operation in the presence of

process disturbances.

7.2 Dynamic Model Development

An equation-based dynamic model of the intercooled absorber configuration in Fig-
ure was developed and implemented in gPROMS®, an advanced process modeling
platform. The following subsections describe the components of the medium-order model,
including the absorber packing, water wash, and other auxiliary equipment. The complete
model formulation is provided in the Supporting Information. 5 molal piperazine (PZ) was
used as the solvent in this work because of its superior properties to MEA (Rochelle et al.,

2011).

133



7.2.1 Absorber Packing

The absorber consists of two packed sections, with one above and one below the
in-and-out intercooler. Mellapak 250X (MP250X) structured packing was modeled in this
work, but any packing type could in principle be simulated by substituting the appropriate
parameters. The equations representing a rate-based, nonequilibrium model for a packed

section are described here.

7.2.1.1 Heat and Material Balances

In each bed of packing, the vapor enters at z = 0 and the liquid enters at z = 1,
where 2 is the normalized axial domain. The component mass balances and the energy
balance for the liquid phase are given in Equations assuming plug flow. The liquid
phase, which is flowing down the column, was discretized using a first order forward finite
difference method. As the concentrations evolve over time, the component mole fractions

must sum to unity (Equation[7.3).

o) 1 OFF .

5 (eCF) + o " NFE i =CO,, H,0,PZ; 0<z<1 (7.1)

o) 1 OFf

E(ELUL)+Tsa—ZH= L 0<z<1 (7.2)
Si=1 0<z<1 (7.3)

Liquid hold-up (¢%), which determines the amount of liquid at each finite volume of
packing, was not assumed to be constant in this work and was included as part of the time
derivative term in the continuity equations. This is consistent with Ziaii-Fashami (2012)
and in contrast to Kvamsdal et al.|(2009) and Enaasen Flg et al.| (2015) where €& was not

included as part of the time derivative and |Harun et al. (2012) where % was incorrectly
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omitted from the balance equations. Lawal et al.| (2009) did not describe how mass hold-
up on a stage was determined. If ¥ is calculated as a function of liquid flowrate but not
included as part of the time derivative, this implicitly assumes that there are no dynamics
associated with the total material balance. Treating € as a constant assumes constant liquid

molar (or mass) overflow in the packing.

Because the molar hold-up of the vapor is much smaller than that of the liquid,
the vapor phase dynamics were ignored. This is a common assumption when model-
ing rate-based distillation (Taylor et al., 2003) and is consistent with Kvamsdal et al.
(2009), [Enaasen Flg et al.| (2015)), Lawal et al.| (2009). PZ was assumed to be nonvolatile
in the absorber (ypz = 0). Equations show the vapor phase balances and the mole
fraction summation requirement. The vapor phase, which is flowing up the column, was

discretized using a first order backward finite difference method.

1 OFY v .
o al =—N, i =CO,, H,0,N,,0,; 0<z<1 (7.4)
. V4
1 OFY
LS@H:_N}I/ 0<z<1 (7.5)
. z
Syi=1 0<z<1 (7.6)

7.2.1.2 CAPE-OPEN Thermodynamic Package

An electrolyte non-random two-liquid (eNRTL) model was previously regressed in
Aspen Plus® for a CO,/PZ/H,0 system using hundreds of laboratory measurements, and
the model has been validated extensively with pilot plant data (Frailie, 2014)). To take ad-
vantage of this high-fidelity thermodynamic model, gPROMS® was interfaced with Aspen

Properties® using the CAPE-OPEN standard (Pifiol et al., 2011). A disadvantage to this
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Figure 7.2: Only the total apparent species are defined in the gPROMS® model, while
Aspen Properties® uses a true species representation

formulation is that the CAPE-OPEN package is treated as a black box by gPROMS®, and
therefore the solver does not have access to the analytical derivatives of the thermody-
namic parameters. CAPE-OPEN uses SI units for all parameters, so unit conversions were

required for the property calls.

True and apparent species representations for the liquid phase are compared in Fig-
ure The Aspen Properties® model uses a true species representation; however, the
material balances presented in the previous section were only performed on the total appar-
ent species in the liquid. Since the liquid speciation is not known in the dynamic model,
a pressure-vapor fraction (P-VF) flash was performed for the liquid phase at all z (Equa-
tion [7.7). The pressure in the P-VF flash calculation is the equilibrium pressure of the

liquid, not the mechanical pressure of the system.

flash = f(P*-10°,vf = 0,2¢0) (7.7)

The flash calculation returns values for temperature, true liquid speciation, liquid

volume, liquid enthalpy, and equilibrium vapor mole fractions. The values for enthalpy and
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volume are per mole of true species, which were converted to apparent species for use in
the dynamic model. The conversion was achieved by multiplying by the ratio of apparent
molecular weight to true molecular weight. Since the vapor phase is not an electrolyte
solution and therefore not speciated, vapor volume and enthalpy were called directly from

the CAPE-OPEN package without performing a flash calculation (Equations [7.847.9).

av=f(Tv,P-10°,y00) - 1073 (7.8)

VY= f(TV,P-10°, yco) - 10° (7.9)

For any Aspen Properties® calculation that requires mole fraction as an input, a
value for all components defined in the Aspen Properties® model must be provided. A
vector of mole fractions, x¢o, that contains the apparent values for CO,, H,0, and PZ and

zero for all other components was defined for the liquid phase in Equations

TCo. = T i = CO,, PZ, H,0 (7.10a)

Tco, =0 i + CO,, PZ, H,0 (7.10b)

Similarly, a vector of vapor mole fractions, containing the values of CO,, H,0,
N,, and O, and zero for all other components was defined for the vapor phase in Equa-
tions No speciation occurs in the vapor phase, so there is no distinction

between true and apparent species for the gas side equations.

Yco,i = Yi 1= Coza HQO, N2, 02 (7.11a)

yCO,i = O Z * C027 HQO’ N2, 02 (7.11b)
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7.2.1.3 Interphase Flux

Rate-based material transfer of CO, and H,O occurs between the bulk liquid and
bulk gas within the absorber packing. PZ was assumed to be nonvolatile (N5, = 0) and N,
and O, were assumed to be insoluble (Ny,, NJ, = 0) in this model. The component flux
from the bulk vapor to the bulk liquid was calculated using a linear driving force model,
according to Equation Convective mass transfer was ignored in this analysis because
CO, and H,O0 are relatively dilute in the bulk gas, allowing independent flux equations to
be written for both components. Since z = 0 and z = 1 are boundary conditions for the
vapor and liquid, respectively, no flux was allowed at the ends of the column to ensure the
total material balance was maintained. A height correction is described in the Supporting

Information to account for no flux at the boundaries.

NF =N} =K,a.(Pi-P) i=C0,H,0; 0<z<1 (7.12)

(2 (2 (2

H,O transfer was assumed to only have gas film resistance, while CO, flux was
limited by diffusion in both phases as well as reaction kinetics occurring in the liquid
film. Wang (2015) has measured gas film mass transfer coefficients as a function of gas
velocity in MP250X packing for an SO,/H,O/air system. The wetted area of the packing,
ae, 1 included in the experimental data and not explicitly calculated for the gas side mass
transfer. This data was fit to a power law expression, shown in Figure The power
law expression was used to calculate the gas film resistances for the absorber packing in
Equation[7.13] Binary gas diffusion coefficients were calculated with the Chapman-Enskog

equation (Bird et al., 2002), and a mole-weighted average diffusion coefficient was used to
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Figure 7.3: Experimentally measured gas film mass transfer coefficients of SO,/air for
MP250X structured packing at 25 °C with a liquid load ranging from 15-20 GPM/ft? re-
ported by Wang| (2015)

represent the diffusion of H,O and CO, in the flue gas mixture (D;_f1e).

1.07-106

.667
kg i = (v")0:506 Dipue)™ o, 1,0 (7.13)
gsLte — RTV - 29 2 .

104

The overall mass transfer coefficient for CO,, K, co2, was determined through a
series resistance model (Equation . k, represents both the kinetic resistance from a
finite reaction and the physical resistance from the diffusion of reactants and products to
and from the interface. Dugas| (2009) has tabulated experimental k;, data for 5 molal PZ
measured in a wetted wall column with laminar flow (Figure . k; in a packed column
is expected to follow the same loading (a)) dependence, which is related to the kinetics of
the solvent. However, an adjustable parameter, c;,, was included to account for the dis-
crepancy in liquid diffusive resistance (k;) between the wetted wall column and the actual
process (Equation [7.15)). Note that there is not an observable temperature dependence on

the experimental data. The wetted area of the packing for the liquid side mass transfer was
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Figure 7.4: Experimentally measured liquid film mass transfer coefficients for 5 molal PZ
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calculated according to Tsai et al. (2011) in Equation One value for surface tension
(o) was assumed throughout the column based on the conditions at z = 1 to avoid calling a

CAPE-OPEN physical property that requires the true liquid speciation.

! = L + ! (7.14)

Kg,002ae kg,CO2ae

!
kg,cozae

In (k) co2) = cx, —9.90cx (7.15)
Lgl/3|FL 0116
de 134 LLJ (7.16)
ap O'OLLP/

Energy is transferred between the vapor and liquid through both the transfer of
material and convection resulting from a temperature driving force, according to Equa-
tion Like the material flux, no energy flux was allowed at z = 0 or z = 1. Energy
transfer was assumed to have only gas film resistance because of the high thermal conduc-

tivity of liquids, so the gas/liquid interface temperature was the same as the bulk liquid
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(T = TEL).

N§=Nl‘{/:Z(NZVH}/)+hae(TV—TL) 0<z<1 (7.17)

(2

Partial molar enthalpy (H;) is defined in Equation where H is an extensive
enthalpy value. Aspen Properties® does not report H;, so it was calculated numerically by
perturbing the value for n;. In general, H) # H}; however, assuming no accumulation at
the gas/liquid interface and T = T forces this relation to be true. Vapor enthalpy is easier

to calculate in Aspen Properties® because it does not require a flash calculation; therefore

_ HY
oy = (‘9 ) (7.18)
T,P,TLJ'¢Z'

H} was used in this work.

ani
The convective heat transfer coefficient is related to kg 20 through the Chilton-

Colburn analogy in Equation The vapor heat capacity (Cp") and thermal conductivity
(kY) were calculated through the CAPE-OPEN interface.

/3
BTV s 1047
N o o\ [ 10t 7.19
a 9,H200 (102) ( P ) (DHQOflue) 7

7.2.1.4 Packing Hydraulics

Liquid hold-up was predicted using the correlation from Billet and Schultes| (1993)
(Equation[7.20)). To calculate viscosity (1) using CAPE-OPEN, the liquid speciation must
first be obtained through a flash calculation. The dependence of 1.~ on the flash call created
convergence issues, so the modified Weiland viscosity equation (Weiland et al., [1998) from

Aspen Properties® was coded directly into the gPROMS® model (Equation [7.21). uk.,,
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was calculated using the temperature-dependent equation from DIPPR!(2016).

12ula2 oL\ /3
EL:(#W) (7.20)
pPg
L
In (JLL ) = [wpz ((420.5wpyz +1349.3)T* + (1.352wpy +4.224) )]
H20
4 —0.0045157TL - 0.1584) + 1
(a(9 o8wWpy 00(;?25 0.1584) + ) (7.21)

Pressure drop was neglected in the absorber column, resulting in a constant vapor
velocity in the packing. Kvamsdal et al.| (2009) and Enaasen Flg et al. (2015) allowed
the vapor velocity to vary independently of the linear pressure drop profile they assumed,
creating an inconsistent hydraulic relationship. In general, the gas velocity in the column

depends on the pressure drop relation.

7.2.2 Water Wash and Liquid Distributor

While the primary purpose of the water wash is to remove volatile amine emissions,
it is important from a process control perspective for maintaining the system water bal-
ance (Walters et al., [2016b)). The water wash should be designed so that the mass flowrate
of water entering the bottom of the absorber with the flue gas is equivalent to the mass
flowrate of water exiting the top of the column with the scrubbed gas. PZ was assumed to
be nonvolatile in this work, but the water wash was still included to ensure that the correct
amount of water was returned to the absorber. Mellapak 350Y structured packing was used

for the water wash section.

The water wash was modeled similar to the absorber, except zpz = 0 in the liquid

phase and Ngp2 = 0. In the true process, a small amount of PZ will be present in the
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liquid from the removal of volatile amine as well as from the PZ in the stripper overhead
condensate that is returned to the water wash recycle loop. Additionally, a small amount of

CO, will transfer into the water as the result of physical solubility.

Walters et al.| (2016b) proposed that the level of the water tank from the water
recycle loop should be controlled using the circulation pump and the circulation flowrate
should be set by the valve that controls the flow of water out of the water wash chimney
tray. The water that is not extracted to the recycle loop overflows from the water wash
chimney tray into the liquid distributor of the absorber. This overflow flowrate should be
equal to the amount of water returned with the stripper condensate plus (or minus) the
amount of water condensed (or evaporated) within the water wash packing in order to have
no water accumulation or depletion in the system. The water tank and liquid distributor of
the absorber were modeled as well-mixed stages, and the recycle cooler was assumed to be
a perfect exchanger. The water wash distributor and water wash chimney tray inventories

were assumed to be included as part of the water tank inventory.

7.2.3 Chimney Tray and Intercooler

The in-and-out intercooler between the top and bottom beds of packing draws-off
solvent from the absorber chimney tray and cools it in a heat exchanger. The chimney tray
was modeled as a well-mixed stage with one flow in and one flow out. The outlet flow
to the intercooler was set by a level controller for the tray. An alternative configuration
not explored here is to design the chimney tray to have a small overflow to the liquid re-
distributor for the bottom section of packing, which would eliminate the need for a level

controller. The inventory in the liquid re-distributor for the bottom section of packing was
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assumed to be included as part of the chimney tray inventory. The intercooler was modeled
as a perfect exchanger; dynamics associated with temperature control and cooling water

disturbances were ignored.

7.2.4 Flowsheet Connectivity

Every stream within the flowsheet connecting different unit operations contains four
pieces of information related to the movement of material and energy: mole flowrate, mole
composition, mole specific enthalpy, and pressure. The first three components must be
passed in the direction of the flow, while pressure may be passed in either direction. This
formulation ensures that consistent information is passed between unit operations and the
overall heat and material balance for the system is obeyed. Additionally, every stream
carries information for model execution, including the names of the apparent species con-
tained within the stream and the name of the eNRTL physical properties package. Two
source blocks are included within the flowsheet for the lean amine entering the absorber
distributor and the flue gas entering the bottom of the absorber packing. The species defi-

nition for liquid phase source block is different from that of vapor phase source block.

7.2.5 Model Characteristics

There are three distributed packed sections in the model: the absorber top and bot-
tom beds and the water wash. Both absorber sections were discretized into 50 intervals and
the water wash was discretized into 30 intervals. This is consistent with the discretization
used in the high-order Aspen Plus® model. The open-loop gPROMS® model described

here contains 500 differential variables and 21,282 algebraic variables. The large number
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of algebraic variables is a result of the requirement by CAPE-OPEN to provide an input for
all species defined in the thermodynamic package; many of these algebraic variables have

a value of zero according to Equations [7.10b|and [7.11b| The system was solved using the

build-in gPROMS® differential and algebraic equation solver with a relative error tolerance
of 1075, To aid the initialization calculation, initial guesses were provided for all variables

that were determined by calls to the CAPE-OPEN package.

7.3 Model Validation
7.3.1 Design Case

The absorber column was designed to remove 90% of the CO, in the flue gas from
a 550 MWe coal-fired power plant specified by Case 11 of NETL|(2010). Table|[/.3(lists the
flue gas conditions for the 100% load case, assuming that the flue gas was passed through
a direct contact cooler prior to entering the bottom bed of packing. This work assumes no

change in flue gas composition for power plant part-load operation.

Table 7.3: Inlet flue gas conditions for 100% power plant load

Value
FV 560 kg/s
TV ~ 40°C
Yooz 14.78%
yne  75.42%
Yoz  2.66%
Yoo  1.14%
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Trimeric Corporation (2015) used the high-order Aspen Plus® model (Frailie, 2014)
discussed in the previous section to design an amine scrubbing plant with an intercooled
absorber for the NETL case study. The equipment sizes for the absorber design are listed
in Table and operating conditions are given in Table Walters et al.| (2016c¢) pro-
vided dimensions for the water tank and absorber distributor, as well as set points for the
level (/) in the water tank and absorber chimney tray. These parameters are also listed in
Table While the medium-order model in this work incorporates the Aspen Properties®
thermodynamic model, the high-order Aspen Plus® model simulates rigorous mass transfer
with true component Maxwell-Stefan diffusion and explicit kinetic rates in the liquid film.
There are no adjusted parameters in the Aspen Plus® model since a user-defined equation
for k; is included. The high-order model is also not restricted by assumptions of negligible
bulk convection, infinite thermal conductivity in the liquid phase, and negligible liquid film
resistance of H,O.

Table 7.4: Equipment dimensions and level set points (sp) for the absorber (AB) packing,
water wash (WW) packing, absorber chimney tray (CT), absorber distributor (DAB), and
water tank (WT)

Value
dap 18.5m
dWT 6.0m

Lapptm 4.0m

Lagtop 4.0m
Lyw 1.5m
Lpag  3in
lersy 1.0m

lWT,sp 6.0 m
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Table 7.5: Design operating conditions for the lean solvent, absorber (AB), water wash
(WW), condensate return (CR), trim cooler (TC), intercooler (IC), and recycle cooler (RC)

Value
FE =~ 2420 kgls
Qlean 0.22
CFiean S molal
P, 1.03 bar

FlLy  558kgls
FLn 20.5kg/s

Tk, 40.0°C
TL,  40.0°C
TL. 43.6°C

While the high-order Aspen Plus® model is a good representation of the process,
it is a two-dimensional spatial problem and requires an expert user for convergence. Ad-
ditionally, Aspen Dynamics® does not support rate-based distillation simulations. It is
therefore desirable to use the medium-order model developed in the previous section to

evaluate the dynamics of the absorber temperature profile.

7.3.2 Validation Results

Prior to validating the medium-order gPROMS® model of this work with the high-
order Aspen Plus® model, the adjustable parameter in Equation must be determined.
To do this, k;omae was back-calculated from the design case simulation results of the
high-order model given the flux and driving force at each discrete section of the column.

Figure compares the high-order model value of k;,CO2a@ to the value calculated using
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Figure 7.5: Comparison of uncorrected and corrected values of k| ., from Equation m
to values back-calculated from the high-order model results

the uncorrected regression equation from Figure The discontinuity in the high-order
profile occurs at the location of the solvent intercooler. c¢;, was calculated for each bed of
packing using least squares error, and the adjusted value is also included in Figure If
the objective of the medium-order model was to match an existing commercial process, a

parameter estimation is required to identify cy,.

The medium-order model was compared to the high-order Aspen Plus® model for
100-85% flue gas load. In each off-design condition, the lean composition, flue gas com-
position, and liquid to gas (L/G) ratio were kept constant at the values listed in Tables
and The water wash recycle flowrate was adjusted according to the off-design values
reported in Walters et al.| (2016c). The validation results are presented in Figure The

figure shows that the rich and absorber-middle loadings are in good agreement for the high-
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Figure 7.6: Off-design steady state simulation results of the high-order Aspen Plus® model
(solid) compared to the medium-order gPROMS® model (dashed) for the Trimeric design,
with a constant .., of 0.22, lean concentration of 5 molal PZ, and L/G ratio of 4.32

and medium-order models. At 85% load, the deviation between the predicted removal rate

for the two models is less than 0.7%.

The temperature profile is an important indicator of absorber column performance.
The temperature profiles for 100% and 85% flue gas load are given in Figure The
medium-order model profile is slightly sharper and to the left, meaning that the more mass
transfer is occurring at the rich end of each bed in the medium-order model than in the
high-order model. However, there is generally good agreement between the temperature

profiles of the two models, as summarized in Table
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Figure 7.7: Absorber temperature profile of the liquid (blue) and vapor (red) phases at 100%
(a) and 85% (b) flue gas load predicted by the high-order Aspen Plus® model (solid) and
medium-order gPROMS® model (dashed) for the Trimeric design, with a constant v, of
0.22, lean concentration of 5 molal PZ, and L/G ratio of 4.32
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Table 7.6: Maximum temperature (7,,,,) and temperature bulge location comparison for
high- and medium-order models

100% Load 85% Load

High Medium A High Medium A

TL . (°C) 604 61.7 1.3 61.4 62.5 1.1

Top L(m) 5.12 5.14 0.02 5.12 5.14 0.02
Bed

TV . (°C) 60.3 614 1.1 61.3 62.3 1.0

L (m) 5.52 5.39 0.13 5.52 5.39 0.13

TL (°C) 51.6 51.9 0.3 51.8 52.5 0.7

Btm L(@m) 1.20 0.98 0.22 1.20 0.98 0.22
Bed

TV . (°C) 51.6 51.7 0.1 51.8 524 0.6

L (m) 1.60 1.22 0.38 1.60 1.22 0.38

7.4 Absorber Column Control

Several works have evaluated process control strategies for the simple absorber col-
umn. Zian-Fashami (2012) and Nittaya et al.| (2014) have attempted to control the CO,
removal rate with the solvent circulation rate. However, Walters et al.[(2014) performed a
time scale analysis to show that controlling removal with the large internal flow will likely
lead to poor controller performance. Ziaii-Fashami| (2012)) concluded that this strategy re-
sulted in oscillations of important process variables such as stripper pressure. While Nittaya
et al.| (2014) showed that this control structure was able to quickly reject disturbances and
track set point changes, their model ignored changes in stripper pressure and thus missed

important lean loading dynamics that will impact the ability to tightly control removal.
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Lawal et al.| (2010)), |[Ceccarelli et al.| (2014), and [Walters et al.|(2016b)) have recom-
mended maintaining a constant liquid to gas (L/G) ratio in the absorber, defined as the ratio
of liquid mass flow entering the top of the column to gas mass flow entering the bottom of
the column. This method maintains consistent operation of the absorber column, producing
rich solvent at a nearly constant loading with varying flue gas flowrates. While this strat-
egy has been shown to result in favorable process dynamics, it is unlikely that a reliable
gas flow measurement will be available online. This section identifies a surrogate process
variable that can be used in place of the flue gas flow rate measurement and develops a

process control strategy that maintains near-constant L/G ratio.

7.4.1 Controlled Variable Identification

Figure and Table demonstrate that while the magnitude of the maximum
observed temperature in each bed of packing varied slightly as the amount of CO, absorbed
was decreased, the shape of the temperature profile was nearly identical across a range
of flue gas loads when constant L/G was maintained. This shows that the shape of the
temperature profile can be an indicator of L/G ratio. By identifying a temperature within
the absorber column profile that is sensitive to changes of the profile shape, a feedback
controller with the lean solvent flowrate as the manipulated variable (MV) can be used
to control this temperature at the desired set point in order to maintain constant L/G ratio.
Figure[7.7|shows that the largest continuous, monotonic change in temperature occurs in the
liquid phase between a packing height of 5.1-8 m. The midpoint temperature of this range
occurs at a packing height of 6.5 m (TLL:“) and was selected as the controlled variable (CV)

in this work. Figureplots the off-design steady state value of 7}, . when constant L/G
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Figure 7.8: Off-design steady state simulation results for 7' . predicted by the medium-
order gPROMS® model for the Trimeric design, with a constant ¢, of 0.22, lean concen-
tration of 5 molal PZ, and L/G ratio of 4.32

ratio was maintained, showing that it changed by less than 0.2 °C as the flue gas flowrate

was decreased from 100% to 85%.

A 5% step change in lean flowrate was introduced at time zero, and the open-loop
response of T~ . is plotted in Figure The response takes the form of a first-order plus
time-delay (FOPTD) model. A temperature change of nearly 8 °C resulted from the 5%
change in solvent rate, further demonstrating that 7~ . is a good indicator of deviations in

L/G ratio.

153



[(6)]

(o]
1
-
=
[0]
2

8
1

%)
°_56F
S
0 |
© 54 ! Gain: 0.060 °C/(kg/s) A
1l |
- H Time Constant: 185 s
© 52 | i
| ! ime- :
i : Time-Delay: 10 s
]
S0F i 4
: 1 .: 1 " 1 " 1 "
0 2 1t 4 6 8 10
Time (min)
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7.4.2 L/G Control Performance

A PI controller that manipulates the lean solvent flowrate to control 77 . at its
design set point was implemented to maintain constant L/G in the presence of flue gas
flowrate disturbances. Standard lambda tuning (Seborg et al., 2011)) was used based on
the FOPTD parameters from Figure with A = 36,, where 0, is the time delay. Tuning
parameters for the water tank and chimney tray level controllers were provided by Walters
et al.|(2016b) and used in this work. The water wash circulation flowrate remained constant

when evaluating L/G control performance.

A typical ramp rate for a supercritical coal-fired power plant is approximately 2%
per min (Peltier, [2005). A 2% per min decrease in flue gas flowrate from 100-80% load
was selected as the disturbance to test the proposed L/G control strategy. This should
be consistent with the typical power plant ramp rate, assuming that the flue gas flowrate
is proportional to the load of the coal-fired boiler. Figure plots the values for the
disturbance, MV, CV, and L/G ratio over time. The results show satisfactory performance
with this strategy, with the L/G ratio maintained within 0.9% of the design L/G ratio of

4.32 throughout the duration of the disturbance.

7.4.3 L/G Control with other Process Disturbances

Disturbances in other process variables besides the flue gas flowrate may also affect
the absorber temperature profile, including changes in eqy, TILC, and ycoo in the flue
gas. Figure shows that when step changes was made for each of these variables with
constant lean flowrate, a FOPTD response of 77 . was observed. This demonstrates that

the desired L/G ratio will not be maintained if temperature control is active in the presence
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Figure 7.10: Closed-loop results predicted by the medium-order gPROMS® model for the
Trimeric design, with a constant «.,,, of 0.22 and lean concentration of 5 molal PZ
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Figure 7.11: Open-loop response of T . to disturbances in eqn, 17, and ycoo pre-
dicted by the medium-order gPROMS® model for the Trimeric design, with a constant lean
concentration of 5 molal PZ and design flowrates for the flue gas and lean solvent

of disturbances that cause deviations in the shape and location of the column temperature

profile.

Feedforward control that adjusts the temperature controller set point was used to
compensate for measured disturbances. Figure presents a block diagram for the pro-
posed feedforward structure. By determining a FOPTD transfer function model for each
measured disturbance (G;) from the open-loop tests in Figure the temperature con-

troller set point can be updated online so the desired L/G ratio will be maintained.

The feedforward scheme was demonstrated for a disturbance in 7'%,. Cooling water
temperature or availability will likely vary as a result of changing ambient conditions, and

plant operators may want to take advantage of operating the absorber at lower temperatures
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Figure 7.12: Block diagram for absorber temperature control with feedforward action

based on these changes. In Figure a step change in 77 was introduced with the
feedforward controller active, maintaining a constant flue gas flowrate. To the extent that
the true response from Figure differs from the FOPTD model, there will be slight
variations in the lean flowrate (and hence L/G ratio). However, the deviation in L/G ratio
was less than 0.6% in this case, showing that the effects of disturbances can be mitigated

through feedforward control assuming that the disturbances are measured online.

7.5 Conclusions

A medium-order dynamic absorber model was developed in gPROMS® and is in
good agreement a high-order Aspen Plus® steady state model. The CO, removal rate pre-
dicted by the two models differed by less than 0.7% at 85% flue gas load and the maximum
predicted values of the absorber temperature profile for the design case were within 1.2
°C. Unlike other medium-order models in the literature that model a simple absorber with
MEA solvent and use semi-empirical thermodynamics, the work presented here simulated
an intercooled absorber with PZ solvent and contained a rigorous eNRTL thermodynamic

model. Controlling the L/G ratio in the absorber should result in favorable process dynam-
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Figure 7.13: Feedforward results with a disturbance in T/, predicted by the medium-order
gPROMS® model for the Trimeric design, with constant lean solvent and flue gas condi-
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ics of the amine scrubbing process, but it is unlikely that a reliable flue gas flowrate will be
available online. The liquid temperature that occurs at an absorber packing height of 6.5 m
was shown to be an effective indicator of the L/G ratio. A controller that manipulated the
solvent flowrate to control this temperature resulted in less than a 0.9% change at all times
when the flue gas rate was ramped from 100-80%. Incorporating feedforward control can
compensate for the effect of measured disturbances on the absorber temperature profile and

allow for the desired L/G ratio to be maintained.

7.6 Notation

Greek

Q@ loading (mol CO,/mol alkalinity)

5 liquid hold-up (m3/m?)

K thermal conductivity (MW/m-K)

1 viscosity (Pa-s)

p mass density (kg/m?)

o surface tension (N/m)

Roman

Qe effective wetted area of packing (m?/m?)
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ks

SRS

S

is

specific area of packing (m?/m?)

concentration (kmol/m?)

specific heat capacity (MJ/kmol-K)

diffusion coefficient (cm?/s)

diameter (m)

molar or energy flowrate (kmol/s or MW)
acceleration of gravity (m/s?)

specific enthalpy (MJ/kmol)

enthalpy (MJ)

convective heat transfer coefficient (MW/m?-K)
partial molar enthalpy (MJ/kmol)

overall mass transfer coefficient (kmol/bar-m?2-s)
gas side mass transfer coefficient (kmol/bar-m?-s)
liquid side mass transfer coefficient (kmol/bar-m?-s)
height (m)

wetted perimeter (m)

material or energy flux (kmol/m?3-s or MW/m?)
molar amount (kmol)

pressure (bar)
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P equilibrium pressure (bar)

R gas constant (J/mol-K)

S cross sectional area (m?)

T temperature (K)

t time (s)

U specific internal energy (MJ/m?)
v superficial velocity (m/s)

uf vapor fraction (kmol/kmol)

1% specific volume (m?3/kmol)

w mass fraction (kg/kg)

x liquid mole fraction (kmol/kmol)
Y vapor mole fraction (kmol/kmol)
z normalized axial domain (m/m)
Subscripts

cO CAPE-OPEN

H energy

1 component
Superscripts

I interface
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liquid

vapor
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Chapter 8

Model Predictive Control of CO, Removal

8.1 Introduction

This chapter proposes model predictive control (MPC) as the supervisory level con-
troller for the amine scrubbing system. MPC is commonly used in the process industries
(Qmn and Badgwell, [2003) and takes advantage of an explicit process model to predict fu-
ture plant behavior. In MPC, an optimal control problem is solved over a finite horizon
subject to process constraints, and the controller implements the first move of the optimal
control solution (Mayne et al., [2000; Seborg et al., 2011). This process is repeated at every
sampling time to account for feedback from the measured output variables. The goal of
this chapter is to determine the improvement in closed-loop performance that results from

superimposing an MPC controller on the regulatory control layer developed in Chapter 5

8.1.1 Literature Review of MPC for Amine Scrubbing

Several researchers have demonstrated various MPC strategies for amine scrubbing
systems using a simple absorber and reboiled stripper. These works are described in the fol-
lowing paragraphs, and the proposed controlled variables (CVs) and manipulated variables
(MVs) are summarized in Table Akesson et al.| (2012) used nonlinear MPC (NMPC)
as a strategy to track a CO, removal (Rem) reference trajectory (where Rem was defined as

the flowrate ratio of CO, exiting the stripper to CO, entering the absorber). Two scenarios
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were considered: (1) control Rem by manipulating the reboiler heat duty ((),..;) only and
(2) control Rem by manipulating both @),.., and solvent circulation rate (). The stripper
pressure controller set point (Pgr s,) Was constant in both scenarios. The first scenario only
contained a model of a reboiled stripper and assumed constant rich conditions from the
absorber, which ignores important process dynamics from solvent recycle. The desired set
point was not achieved in this scenario because of constraints on the reboiler pressure. A
two-stage equilibrium absorber model was included for the second scenario, and the Rem

set point was achieved through significant adjustment in Fj.

Arce et al. (2012) examined the control of a detailed thermosiphon reboiler model.
Linear MPC was responsible for tracking the set points of the reboiler level (/,;) and CO,
stripping rate (F-p2) by simultaneously manipulating F and Q),..,. Foo2 Was defined as the
liquid flowrate of CO, in to the reboiler minus the liquid rate out. At steady state, this value
is equivalent to the CO, delivery rate to the sequestration facility. The reference trajectories
were determined through an economic optimization. A separate MPC problem regulated
the stripping pressure (Ps7) to a constant set point by manipulating the molar flowrate
of the stripper gas (F&;). While the closed-loop results for this strategy showed good
performance with disturbances in rich loading (a;.;,) and lean flowrate, the simulation did
not take into account feedback from the absorber. Additionally, reboiler temperature (7;..;)

was allowed to fluctuate, which will likely result in decreased energy performance.

Sahraei and Ricardez-Sandoval|(2014) implemented linear MPC on an equilibrium-
stage Aspen HYSYS® model for a full amine scrubbing plant. He et al.| (2016) expanded
on this work to include a simultaneous scheduling and control framework. The centralized

MPC problem considered the following CVs: Rem, CO, product composition (yco2,s7),
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T b, and levels for the absorber sump, reboiler, and condenser ({symp, lrep, and leonq, TESPEC-
tively). The condenser temperature (1¢,,4) 1s likely a more appropriate CV than yco2 s,
which was used as a CV in that work. The corresponding MVs were: Fy, (),.p, condenser
duty (Qconq), and flowrates associated with valves on the lean stream, rich stream, and strip-
per reflux. The level control objectives and their corresponding flowrates were not listed in
Table [8.1] for conciseness, even though they were included in the MPC formulation. It is
unclear how Psp and Fioo, were determined in this work, although the results suggest that

Fooo was calculated by Aspen HYSYS® to maintain Psr at a constant value.

The thermodynamic model for MEA/CO,/H,0O developed by Plaza (2011) is used
here to demonstrate the importance of Pgp as a process variable. Figure shows the
equilibrium dependence of «;..,, on pressure at the reboiler operating temperature specified
by Sahraei and Ricardez-Sandoval. Small deviations in pressure will significantly impact
Qean, and deviations in qye,, Will in turn impose a disturbance on absorber operation by
changing the mass transfer driving force within the column. Given that the control of a
critical process variable appears to have been ignored in the work of |Sahraei and Ricardez-
Sandoval, their results showing good closed-loop responses to disturbances and set point

tracking may be artificially favorable.
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Figure 8.1: VLE curve for 7m MEA at constant temperature demonstrating the relationship
between pressure and «

Luu et al.|(20135)) fit a linear model to a medium-order model of an amine scrubbing
plant. The linear model was then used for both the plant and the MPC problem, so there was
no plant-model mismatch. The CVs were identified as Rem, 1., and energy performance

(EP). Energy performance was defined according to Equation (8.1

100Qreb
EP = 8.1
yCOQ,inEnRem ( )

where yco2.in 1s the CO, composition in the inlet flue gas and £, is the flue gas flowrate.
Equation [8.1] is not a good objective function to quantify energy performance because it
does not take in to account compression work or the equivalent work of steam (Lin and
Rochellel, 2016). F; and ()., were selected as the MVs. Pgr appears to have been kept
constant during the linear model identification by varying F-p,. Similar to Sahraei and
Ricardez-Sandoval (2014)), this work did not adequately account for stripper operation, and

therefore the results showing favorable closed-loop performance are questionable.
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Mehleri et al. (2015) identified a linear model from the rigorous gCCS® model
created by Process Systems Enterprise and performed a closed-loop MPC simulation with
no plant-model mismatch. The CVs were Rem, T'cp, Teonds lsump, and ., and the MVs
were Fy, Q,.p, and the valve positions for the rich solvent, lean solvent, and condenser
cooling water. Variables associated with levels and cooling water were excluded from
Table (8.1} Once again, Psy dynamics were ignored, which will result in unrealistic system

performance.

Zhang et al. (2016) developed an amine scrubbing model in Aspen Dynamics®, us-
ing Murphree efficiency to predict mass transfer in the absorber. Linear models for the CVs
Rem and T,., were identified as a function of the MVs F; and ()., and the disturbance
variables F,, and yco2 ., for implementation in MPC. This configuration effectively con-
trols Psp and 7T'..;, (and hence ., ) and manipulates F to control the capture rate. Because
MPC uses the identified linear model to predict future plant behavior, there were no signif-
icant oscillations like what was observed by [Z1aii-Fashami| (2012)) when using this strategy
with PID control alone. Even with MPC, a large solvent surge tank will be required due to
excessive flowrate variations to ensure stable operation when using the solvent circulation

rate to respond to disturbances in absorber performance.
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Table 8.1: Previously published MPC strategies for amine scrubbing

CV(s) MV(s)
Akesson et al. (2012) Rem F, Qrep
Arce et al. (2012) Feo2, lreps Psr Fy, Qrev, Fir
Sahraei and Ricardez-Sandoval (2014) Rem, ycoz.s, Trev  Fs, Qrevs Qcond
Luu et al. (2015) Rem, T,ep, EP F,, Qe
Mehleri et al.| (2015)) Rem, Thep Fy, Qreb
Zhang et al.| (2016) Rem, Tep Fy, Qrep
This Work Rem Pst s

Despite the relatively large body of work on MPC for post-combustion amine scrub-
bing in the literature, several critical process control issues have not been adequately ad-
dressed. Stripper pressure (Psr) is an important process variable because it is related to
Qean and Foos, as demonstrated in Figure @ for an MEA system. However, Psy has
been ignored in several previous studies. Only Arce et al. (2012) included Psp in the
MPC formulation, and Zhang et al.| (2016) and Akesson et al.| (2012)) had regulatory PID
controllers to maintain Psrg,. The remaining works either arbitrarily set Pg7 to a con-
stant value (Sahraei and Ricardez-Sandoval, 2014) or identified a linear model that did
not include the effects of Pgp (Luu et all 2015; Mehleri et all, 2015). The interaction
between solvent regeneration and the power plant turbines has also largely been ignored.
Only [Zhang et al. (2016) included a steam turbine model when evaluating closed-loop
performance. Additionally, none of the previous researchers have considered control of

systems with advanced solvents or intensified process configurations.
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8.1.2 Motivation and Scope

As shown in Table all previous MPC designs had F as an MV and Rem (or a
surrogate for Rem) as a CV. However, Chapter[d|used a time scale analysis to show that con-
trolling the small deviations in CO, flux within the absorber column using the small CO,
product flow should result in better closed-loop performance than using the large solvent
circulation rate as the MV. Furthermore, Chapter [5] discussed the implications of manipu-
lating F for the required solvent residence time in the system and Chapter [/| showed that
maintaining a constant L/G ratio kept the absorber column profiles approximately constant
at off-design conditions. A simplistic view of the strategies from Table is that ayeq, Was
kept constant and F; was manipulated to control Rem. This chapter proposes an alternative
formulation where L/G in the absorber is kept constant and /-2 1s manipulated to control
Rem. The objectives of this chapter are to: (1) develop a linear MPC controller to regulate
the CO, removal set point, (2) compare the performance of MPC to PI control alone, and

(3) demonstrate removal control with MPC for a load-following power plant.

8.2 CO, Removal Controller Development

Case 3 of Chapter[5|demonstrated that controlling Rem directly with Fooo through
regulatory feedback control resulted in undesirable closed-loop dynamics in response to a
decrease in boiler load (see Figure[5.7). When Psy was controlled instead of Rem in Case
4 of Chapter 3] a fast and stable response was observed (see Figure [5.8), but there was no
guarantee that the desired set point for Rem would be achieved. To maintain the favorable
performance of Case 4 but also control the CO, removal rate from the flue gas, MPC was

superimposed on the Case 4 regulatory control strategy. Rem was the CV and the set point
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of the pressure PI controller was the MV for the MPC problem, as shown in Figure [8.2]
The P&ID for this configuration is given in Figure[8.3]

minutes-
MPC
hours
. 7} co,
ST,
P v Removal
seconds- Regulatory
minutes Control
Amine Scrubbing
Plant

Figure 8.2: Hierarchical strategy for controlling CO, removal from flue gas (Seborg et al.,
2011))

J\ N Compressed
N [ o,
@ AAAAAA e Condenser Multi-stage
: > Compressor

1 L_| Absorber

J—»]Q . N

LC N\ LT

Water Bleed/
Makeup Flue Gas

Figure 8.3: Control strategy from Case 4 of Chapter |5| (as well as temperature cascade
from Chapter|[7) with supervisory MPC controller determining the set point for the pressure
control PI loop
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8.2.1 System Identification

In this section, a single-input, single-output (SISO) linear transfer function model
is identified to predict CO, removal in the absorber as a function of the stripper pressure
controller set point. Step changes were made in Psr g, for the low-order model in the con-
figuration of Figure using the same P and PI controller tuning as reported in Chapter[5]
Figure [8.4]plots the simulation results from this system identification experiment. The Rem
gain was asymmetrical for positive and negative step changes because the steam valve was

saturated when Psr 5, dropped below its design condition.
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Figure 8.4: Simulation results using the flowsheet from Case 4 of Chapter in response to
step changes in Psr g,

The MATLAB® System Identification Toolbox™ was used to identify a first-order
transfer function model using the data from Figure [8.4] The transfer function response
is compared to the low-order dynamic model in Figure [8.5 While the overshoot from
the pressure control action was not captured by the first-order model, the general relation

between Psr 5, and em was adequately predicted with a 72% fit. The identified transfer
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function model used for MPC is given in Equation [8.2]

ARem  -3.3147
APsr, T760.5-s+1

[%/bar] (8.2)

I v I v T T T
0.5 _-===-=-,  Solid: Process Model
Dashed: Controller Model

ARemoval (%)

Time (h)

Figure 8.5: Comparison of Rem predicted by the low-order dynamic process model (solid)
and first-order transfer function (dashed)

Step response models are commonly used in MPC implementation because they
can capture dynamic behavior that is missed by simple transfer function models such as
Equation[8.2](Seborg et al.| 2011). A step response model, shown in Equation[8.3] typically
contains between 30 and 120 step response coefficients (.5;) depending on the settling time
(ts):

N
y(k+1) =yo+ Y S;Au(k-i+1) (8.3)
i=1
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where y is the output, « is the input, N is the model horizon, and k is the sampling instant. A
step response model was not used in this work because of the asymmetric behavior of CO,
removal in response to positive and negative changes in the pressure controller set point.
Two step response models were fit from the simulation results in Figure [8.4; one using the
negative step change at ¢ = 1h and another using the positive step change that occurred
at t = 5h. The step response models assume a sampling time (At) of 1 min and a model
horizon of 70 min. To demonstrate the issue with using a step response model, Figure
expands upon Figure [8.5] by plotting the prediction from the positive and negative step
response models. Because the transfer function model represents a reasonable average for

both negative and positive step changes in Pgr ), it was used as the model for MPC.
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Figure 8.6: The asymmetry of Rem predicted by the low-order dynamic process model
(solid) leads to poor performance of step response models identified using a positive step
change in Psr g, (long dash) and a negative step change in Psr g, (dots), making the first-
order transfer function (dashed) a reasonable model to use in the MPC problem

8.2.2 Linear MPC Controller Formulation

The SISO MPC problem takes the form of Equation [8.4] (Seborg et al., 2011):

min J=E(k+1)TQE(k+1)+ AU()"RAU (k) + Q, (E(P))"  (8.4)
AU (k
subjectto:  E(k+1) = f(E(k),AU(k))

AUy < A(j(k) < AUy

where E(k) is the error at the current sampling time k, E(k + 1) is the predicted error

vector, Af](k) is a vector of control moves, @ is a P x P positive definite diagonal output
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weighting matrix, R is an M x M positive semi-definite diagonal input weighting matrix,
@, is the terminal penalty, M is the control horizon, P is the prediction horizon, and
subscripts /b and ub refer to lower bound and upper bounds. Predicted error between the
output variable and set point is calculated by a linear transfer function model, and E (k+1)

is defined by Equation 8.5}
E(k+1)=[E(k+1), B(k+2),..., E(k+P)] (8.5)
Similarly, AU (k) is defined according to Equation

AU (k) = [0(k), U(k+1), ... . U(k+M-1)] (8.6)

In the context of the CO, removal rate controller from this chapter, £/ = Rem — 90
and AU = APgsr 5. The MPC tuning parameters are listed in Table[8.2} An MPC sampling
period (At) of 1 min was arbitrarily chosen. The settling time (¢;) of Equation [8.2] was
found to be 38 min, and this value was used to select the control and prediction horizons

using the following heuristics (Seborg et al., 2011): % < M < F% and P = M + &5.

The diagonal elements of the output weighting matrix (g;;) and input weighting matrix (r;;)
were determined by taking the reciprocal of the nominal values for the percent removal and
pressure. The terminal penalty was set equal to half the weight applied to the prediction
error vector. Constraints were applied to the change in the stripper pressure set point to
avoid making aggressive moves that could lead to overpressurization or flooding. Psr ),
itself was not constrained in the MPC problem, although the regulatory PI pressure con-
troller did contain upper and lower bounds on Fps. It may be necessary to add an MV

constraint to the MPC formulation to improve the performance if the stripper is operating
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near its pressure limit, but the pressure bounds were never violated in the results presented
in the next section.

Table 8.2: MPC tuning parameters

Parameter Value

M 15

P 53

dii (90%)_1

Tii (6 bar) ™"

Qp § i
AUy, -1 bar

AUy +1 bar

8.3 Closed-loop Results and Discussion

The MPC problem described in the previous section was implemented in the Simulink®
flowsheet from Case 4 of Chapter [5§| The CO, removal control results in response to

changes in power plant boiler load are presented in the following subsections.

8.3.1 Comparison to PI Control

Case 3 of Chapter [5]used a PI controller to manipulate F-o2 in order to maintain
the removal set point in response to a 5% step change decrease in boiler load. Because
of the positive feedback in the stripper as a result of material recycle, this strategy led to
undesirable oscillatory behavior. To determine the performance improvement of the MPC

implementation, the same -5% change in boiler load was tested and the results are plotted
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in Figure The PI control results with lean storage from Figure are also replotted in
Figure for comparison. The results show that the oscillatory behavior was eliminated
with the implementation of MPC because the controller now has knowledge of the expected
feedback from material recycle. The system reached a new steady state with MPC in less
than 1 h, showing a clear benefit to the MPC implementation. Note that initial fast changes
in variables such as Rem and F.,,, are unavoidable with any control strategy as they are

a direct result of the step change in power plant load.
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Figure 8.7: Closed-loop performance of the MPC strategy compared to the PI only strategy
from Case 3 of Chapter|[]

8.3.2 Load-Following Performance

The MPC strategy was also evaluated for a load-following power plant, as shown in

Figure@ In this scenario, the boiler load was ramped from 100% to 90% at 2%/min, held
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for 1 h, and ramped back up to 100% load (top panel of Figure [8.8)). The pressure set point
(MV for MPC) and process pressure are plotted in the second panel of the figure. When
the ramp down begins, less steam is available for solvent regeneration and Pgp quickly
drops, despite Psr 5, being increased by the MPC action. After the ramp down is finished,
the PI controller for Psr recovers and is able to closely track the set point specified by the
supervisory controller. The reverse situation occurs during the ramp up period as excess
steam becomes available. The third panel of the figure shows the response of Rem in the
absorber. In the ramp down case, the steam extraction valve is saturated, the flash tank
temperature is uncontrolled, and oy, fluctuates (bottom two panels). This resulted in a
slower response for Rem than would have otherwise been observed with active temperature
control. MPC is able to drive Rem to its set point quickly after the ramp up period with
active temperature control. These results show that the MPC performance was somewhat
diminished as a result of the steam valve design but nevertheless had reasonably good

closed-loop performance without oscillation.
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Figure 8.8: Closed-loop MPC performance for removal control with a load-following
power plant

182



8.4 Conclusions

Linear MPC was used in a supervisory controller configuration to regulate the CO,
removal rate in the presence of disturbances in boiler load. The manipulated variable for
the SISO controller was the set point for the stripper pressure controller. Constraints were
placed on the magnitude of the control moves to prevent flooding the stripper or exceed-
ing pressure ratings. This strategy resulted in a significant improvement from controlling
removal with the CO, stripping rate using PI control alone. When the boiler load was de-
creased by 5%, the MPC strategy brought the plant to steady state in 1 h, compared to over
6 hrs for the PID case. MPC also allowed removal control to be active for a load-following
scenario, although the controller performance was diminished when the steam extraction
valve was saturated. This SISO strategy provides a straightforward way to control removal
that does not involve manipulating the solvent circulation rate, which has been proposed in
the literature, and is advantageous for processes operating with small amine inventories and
minimal surge capacity. Expanding the MPC problem to a multiple-input, multiple-output
controller by including the solvent circulation rate and steam valve position as manipulated
variables will likely provide little improvement because of constraints on surge capacity

and steam availability.
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Chapter 9

Conclusions and Recommendations

9.1 Summary of Work Completed

The key findings from this research on dynamic modeling and process control of
post-combustion amine scrubbing are summarized here. The intent of this section is to

highlight the major conclusions from the dissertation.

9.1.1 Dynamic Modeling
9.1.1.1 Low-order Model

A low-order amine scrubbing model was developed in Chapter 3] for an intercooled
absorber and advanced flash stripper with aqueous piperazine. The low-order lumped pa-
rameter model uses semi-empirical thermodynamics and rate-based mass transfer, and em-
beds reaction kinetics in a constant overall transfer coefficient. The predicted off-design
steady state of this model is compared to a high-order Aspen Plus® simulation for 100% to
85% power plant load. The difference in CO, removal rate between the two models is less
than 1% when power plant load is greater than 94%. The removal rate is systematically
over-predicted in the low-order model because a constant CO, mass transfer coefficient in
the absorber leads to an over-prediction of absorber performance at part-load operation.
Compared to pilot plant data, the low-order model captures the dynamic response of a step

change in the stripper pressure control valve. The characteristic time of the total CO, in-
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ventory is found to be 77 minutes, compared to a total liquid residence time of 48 minutes.
The low-order model sufficiently represents process behavior and was used in Chapters

51 [6} and [§] for process control strategy development.

9.1.1.2 Medium-order Model

Chapter [7|develops a medium-order dynamic model in gPROMS® for an absorber
column with piperazine solvent that contains two packed beds separated by an in-and-out
intercooler, as well as a packed water wash section. This model represents an improvement
from previously published rate-based dynamic absorber models because it uses a regressed
Aspen Properties® eNRTL thermodynamic model and a liquid film mass transfer coefficient
correlation with an experimentally measured CO, loading dependence. Simulation results
for off-design flue gas load were validated against a high-order steady state model, and the
maximum predicted column temperature differed by less than 1.2 °C for 100-85% load.

This model was used in Chapter|[/|to develop a control strategy for absorber operation.

9.1.2 Process Control

9.1.2.1 Time Scale Analysis

Amine scrubbing uses extensive material and energy recycling to reduce costs and
increase efficiency. As a result, the process variables exhibit a fast time scale at the unit
level associated with the large recycle flows and a slow time scale at the plant level asso-
ciated with the small feed and product flows. The material balances were demonstrated to
be in nonstandard singularly perturbed form. Only the stripper vapor mole fractions evolve

exclusively on the slow time scale in this model form; all other model states have both slow
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and fast components. By applying a variable transformation, the model is arranged into
standard singularly perturbed form. The slow states in this form are the overall process
material hold-ups as well as the stripper vapor mole fractions. An effective control strategy
for the process should control the CO, removal rate on the slow time scale using the small
stripper overhead flowrate. Attempting to control CO, removal rate with the large solvent

recycle rate will likely lead to an ill-conditioned controller.

9.1.2.2 Regulatory Control

Tight integration between the amine scrubbing plant, coal-fired power plant, and en-
hanced oil recovery (EOR) facility creates process design and control challenges for post-
combustion CO, capture. The low-order dynamic model of the advanced amine scrubbing
process and a steady state model of a 550 MWe power plant were used to examine four
bounding cases that represent different system components dominating the regulatory pro-
cess control strategy. Satisfying the operational and economic objectives of one system
component resulted in unfavorable dynamic performance for the remainder of the system.
When a step change decrease occurred in either the CO, delivery rate from the capture plant
to the EOR facility or the steam extraction rate from the power plant to the capture plant,
more than three hours were required for the amine plant to reach a new steady state. At-
tempting to control the CO, removal rate from the flue gas cannot be satisfactorily achieved
through regulatory control alone. Controlling stripper temperature and pressure brought all
manipulated variables to within 5% of their final steady state value in less than two hours in
response to a decrease in power plant load. The design of process equipment, specifically

the CO, stripper and steam extraction valve, depends heavily on the desired process control
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strategy. The solvent surge tank should be placed in the flow of the rich solvent to allow
for tighter control of absorber removal, although the difference in system performance be-
tween rich and lean surge tanks was found to be negligible when the surge tank inventory

was small.

9.1.2.3 Controlling Advanced Flash Stripper Operation

The advanced flash stripper (AFS) is an intensified process design for solvent re-
generation in amine scrubbing. Self-optimizing control variables were identified for the
energy recovery bypass flowrates of the AFS, as well as a controller configuration for the
steam extraction flowrate. Two self-optimizing variables were selected using a high-fidelity
steady state process model: the temperature difference at the top of the stripper packing and
the temperature difference on the hot end of the stripper overhead heat exchanger. Ranges
of possible off-design conditions for the rich loading, absorber temperature, rich flowrate,
and flash tank operating temperature were evaluated, and the worst case energy perfor-
mance of the self-optimizing control scheme as a percentage of the true system optimum
was found to be less than 1%. A low-order dynamic model was used to test the proposed
self-optimizing control strategy and showed no significant control loop interactions in the
closed-loop response. Cascade control, where the inner loop controlled the steam heater
effluent temperature and the outer loop controlled the flash tank temperature, had favorable
dynamic performance compared to a non-cascaded structure with uncontrolled flash tank

temperature.

187



9.1.2.4 Controlling Absorber Operation

Operating the absorber at a constant liquid to gas (L/G) ratio has previously been
shown to result in favorable dynamic behavior in the presence of disturbances in flue gas
load, but it is unlikely that a commercial system will have a reliable flue gas flow mea-
surement. The shape of the column temperature profile was demonstrated to be a good
indicator of L/G ratio in the absence of a flue gas flow measurement, and the medium-order
model was used to identify a liquid phase temperature within the top bed of absorber pack-
ing as a control variable that is sensitive to changes in L/G ratio. As the flue gas load was
ramped from 100-80%, a maximum L/G ratio deviation of 0.9% from the design value was
observed when controlling the column temperature with the solvent flowrate. Feedforward
control may be necessary to account for other process disturbances that influence the tem-
perature profile and was shown to be effective at counteracting a step change in intercooling

temperature.

9.1.2.5 Model Predictive Control of CO, Removal

Single-input, single-output linear model predictive control was used as a supervi-
sory controller to regulate the CO, removal rate in the presence of disturbances in boiler
load. The manipulated variable was the set point for the stripper pressure controller. Con-
straints were placed on the magnitude of the control moves to prevent flooding the stripper
or exceeding pressure ratings. This strategy resulted in a significant improvement from
controlling removal with the CO, stripping rate using PI control alone. When the boiler
load was decreased by 5%, the MPC strategy brought the plant to steady state in 1 h, com-

pared to over 6 hrs for the PID case. MPC also allowed removal control to be active for
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a load-following scenario, although the controller performance was diminished when the
steam extraction valve was saturated. This SISO strategy provides a straightforward way
to control removal that does not involve manipulating the solvent circulation rate, which
has been proposed in the literature, and is advantageous for processes operating with small

amine inventories and minimal surge capacity.

9.2 Recommendations for Future Work

9.2.1 Pilot Plant Implementation

The control strategies proposed in this work have only been evaluated with deter-
ministic dynamic process models. Prior to commercial scale implementation of the ad-
vanced control strategies developed here, including the self-optimizing configuration from
Chapter [6] the L/G control using a surrogate temperature measurement from Chapter [7
and the CO, removal regulation with MPC from Chapter (8| the control strategies should
be tested at the pilot scale. Pilot plant testing will confirm the validity of the proposed
controller design and identify areas for improvement in the event that the true process con-
tains important process dynamics not captured by the first principles model or experiences
disturbances that were not accounted for in controller design. Pilot plant testing may also
expose practical limitations or constraints that were assumed to be achievable in the dy-

namic model.

9.2.2 Expansion of the Medium-order Model

Chapter([7]developed a medium-order dynamic model for CO, absorption in gPROMS®.

The primary purpose of this model was to accurately predict the profiles within the absorber
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column, which was important for identifying changes in L/G. While the low-order model
was assumed to be sufficient to predict general process behavior for the development of
regulatory and supervisory control layers, it could be advantageous to develop a plantwide
medium-order amine scrubbing model. This would require that the medium-order model

be expanded to include the advanced flash stripper.

A rigorous dynamic model is probably not necessary for control studies on a plant
where the equipment has already been sized, which was the case for this work. However,
a medium-order dynamic model could be useful for dynamic optimization, particularly for
CO, capture from a load-following plant or for flexible capture that is dictated by electricity
market dynamics. Dynamic optimization is able to optimize equipment sizes in situations
where plant conditions are regularly changing. The low-order model is not appropriate for
design calculations because it contains a simplified mass transfer model and parameters
that are adjusted to match already specified design conditions. Developing a medium-order
plantwide model in gPROMS® would be desirable to take advantage of the robust dynamic

optimization tools available in the software.

9.2.3 Integrated Scheduling and Control

Several previous researchers have considered steady state scheduling problems (for
example (Cohen| (2012))) where amine plant operation was optimized based on electricity
price, grid demand, and intermittent generation by renewables. However, there is no guar-
antee that the control system will be able to achieve the schedule produced by the steady
state optimization problem. For example, consider a summer day with rapidly increasing

real-time electricity price in the afternoon due to HVAC demand. In this scenario, schedul-
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ing decisions regarding the steam extraction rate from the power plant will be made over
a time scale that is relevant to the process dynamics and control of the amine plant. In-
tegrating the scheduling and control problems will allow the economic benefit of flexible
capture to be realized while obeying process constraints and safety requirements (Baldea
and Harjunkoskil, 2014). There is potential for the low-order model to be used in future

work in conjunction with a scheduling optimization problem.
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Appendix A

Low-Order Model Equations

A.1 Absorber Packed Sections

The material and energy balances for the absorber top and bottom beds (Equa-

tions [A.IHA.7) assume constant molar overflow in the liquid phase and negligible total va-

dM

por phase hold-up ( dt’y = 0). It is assumed the absorber intercooler is a perfect exchanger

so the liquid flow to the bottom bed is maintained at 40°C.

drcosr 1

dt = W(xCOZk—lF]f_l - $COQ’kaL + NCOQ’k) (A.1)
k
dxpz 1 L I
T W(xPZ,k—le—l - zpziply’) (A.2)
k
dTy; 1 AL L AL L
7 = OpLML (Hk—le;—l - Hk; Fk + NHJc + NCOQ%;AHCOQ + NHQOJ@AHHQO)
k
(A.3)
dycozr 1 v v
o = v Weorkn i —ycozkly ~ Neoa) (A4)
k
dyna,k 1 v v
T W(yNQ,kHFkH - ynaxFy) (A.5)
k
dyozr 1 v v
dt - W(?JOQ,kHFkH - yogkak ) (A.6)
k
Ty 1 i .
df T op MY (H By = HY FY = Nug) (A.7)
k
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The balance equations for the water wash section of the absorber column (Equa-

tions [A.8HA.T2)) assume the liquid phase is pure water, so there is no liquid-side material

balance. It is assumed the water recycle loop has perfect temperature control so the water

temperature fed to the top of the water wash is maintained at 43.2°C, which corresponds to

no accumulation or depletion of water in the system at design conditions.

dTt 1 - .
= (Hé_leL_l —HkLFIf+NH,k+NHQO7kAHH20)
dt  CptMF
dy 1
(;?2’k = W(yCOZkHF]XJ ~ Yook FY)
k
dyna,k 1
T W(?JNQ,kHFkVH —yna i FY)
k
dyos, 1
dt = W(yOZkHF]XJ - yoz,kaV)
k
aTyy 1 . .
= (HIXIFlyl_HIL/FIy_NH7k)
. CpVMy ™ " ™

(A.8)

(A.9)

(A.10)

(A.11)

(A.12)

A set of algebraic equations accompany the differential equations at each stage of

the column (Equations A.23)).

LOLrD2],
Mkng Chtn
4Ns
1-eCVrD?L
M,y:( eCVr
4Ns
k
FkL:Eﬁ-{- ZNTvK
K=1

Ns
Vv \%4
K=k

Yyu20 = 1 = Yco2 — Yn2 — Yo2

TD?LK co2a «

Ncoa = #’z(ycozp — Plog) [INgosa Vst = 0]
mD?LK, a

Nuoo = #’mo(ymop - Pf90)
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(A.15)
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NT,k = NCOQ,k + NHQO,k (A.20)

. wD?Lha
Npy = H Npj+ ——— (T - T}F) (A.21)
4Ns
HE = cpH(TE -T7) (A.22)
HY =cp’ (1Y -T7)) (A.23)

The liquid inlet to the top of the absorber is the lean amine from the lean surge tank
(set by the lean pump to maintain a constant L/G ratio) mixed with the overflow from the
water wash section. The vapor inlet to the bottom section of the absorber is the flue gas
after it has passed through a direct contact cooler. For the water wash, the inlet flowrate of

water is given by:

L _ L L
En - Frecycle + Fcondensate + FH?O (A24)
where Fécyde is the flowrate of water recycled from the bottom of the water wash, F'2 .~

is the water returned from the stripper overhead condenser, and F'50 is a small makeup or

bleed flowrate calculated to maintain the water balance:

xPZ,leanF}Ielan
CL [molality] MW a0

FHQO = - mHZO,lean-FlélaTL (A25)

The amount of water that overflows from the water wash section to the liquid distributor at

the top of the absorber section is equal to F};, - F% ..

A.2 Stripper Packing

The stripper differential equations are similar to the differential equations given in

the [Absorber Packed Sections| Section, except there is no gas phase balance on N, or O,
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since the stripper gas is assumed to consist of only CO, and H,O. The following two vapor

phase algebraic equations are also modified from the absorber formulation:

k-1

FY =Fy.+ Y Nrg (A.26)
K=1

Yyu20 =1 =Yooz (A.27)

The outlet vapor flowrate of CO, (Fop2) is set by either the multistage compressor (full-
scale plant) or the overhead valve position (pilot plant). The total overhead vapor flowrate

is calculated according to Equation |A.28

F,
v o _ CO2
Fout -

Yco2,k=1

(A.28)

A.3 Constant Hold-up Liquid Inventories

The absorber sump, absorber liquid distributor, and absorber chimney tray are as-
sumed to have a constant hold-up only in the liquid phase. For simulations that use level

controllers, an additional differential equation for level (the total liquid hold-up) is also

included.
decos  AFL
o = et (Eeozin ~ Tco2) (A.29)
dz;;z _ W;Z%L (Tpzin—Tpz) (A.30)
- STk (A31)

196



A4 Cross Exchanger # 1

The balance equations for the cold side (rich solvent) of CX1 are given in Equa-

tions and for the hot side (lean solvent) in Equations |A.35HA.37

drcos. F,

7t = M—;(xcoz,m,c ~ TC02,c) (A.32)
dxcj;tz,c i AP;L (Spzime— 7072) (A.33)
qe G PO (T =)+ Vi) (A34)
dx(cjl;)gh _ ]\]j[—}}%(l’coz,m,h ~2conn) (A.35)
dxgtz,h _ %(xpz,m,h ) (A.36)
T

dt = CpLML (FthL(ﬂfz,h B Tf{:) - NH) (A.37)
h

The energy transfer rate is calculated in Equation To improve the numerical proper-

ties of the simulation, the Underwood approximation is used to calculate the LMTD.

3

(A.38)

o (T, ~ T2 + (T} - nﬁ,c>1/3)
H =

2

A.5 Cross Exchanger # 2

It is assumed that CX1 is operating below the bubble point of the rich amine steam.
CX2 accounts for flashing that occurs in the rich stream on the cold side of the exchanger

(Equations [A.39HA 41)). The hot side differential equations as well as the heat transfer
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equation are assumed to be identical to those for CX1.

dZCOQ,c _ Fc

L (Tcozine — 2c02,c) (A.39)
drpy. F.
% = W(xpz,m,c ~Tpz.) (A.40)
dTr 1 Lol .
a CplME (FCp (T .~ T.) —vf - Fo(yco2 AHcoz + yr20AHp0) + Ni)

(A.41)

The vapor faction (vf) and component vapor fractions (y) are determined by a nu-

merical flash calculation using the semi-empirical thermo model.

A.6 Cross Exchanger # 3

The overhead vapor exchanger contains rich amine on the cold side and stripper
gas on the hot side. Flashing from the amine solution is ignored and only sensible heat
is considered on the cold side of the exchanger, so these balance equations are identical
to those given for CX1. There are two contributions to heat transfer on the hot side: the
cooling of the hot stripper gas and the exothermic condensation of water vapor. The hot
side balance equations are shown in Equations

dycosn  Fy

MV (Ycoz,inh = Ycoz,n) (A.42)
h
dT}, Vo LV
i - Ol (FY Cp™(TY, - T0) + Fo(1 - vf)AHpys0 - Niy) (A.43)

The vapor fraction in this case is calculated assuming water is at its saturation pressure at
the temperature of the exchanger (Equation [A.44)).

f= Yco2,in,h

== (A.44)
1- PHzto/P
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A.7 Steam Heater

The steam heater is providing primarily latent heat to the system to flash CO, out
of the solvent. The material and energy balances are given in Equations Like

CX2, the flash calculation is done numerically with the semi-empirical thermo model.

dz F
CZOQ = —7(2c00in ~ 2c02) (A45)
dz F
d:Z = M(xpz,m - iUPZ) (A.46)
dar 1

= CPTM(F(CPL(E’n -T) = (vf -yco2 = Vfin - Yco2,im) AHco2 (A.47)

- (Uf *YH20 — Ufin : yH2O,in)AHH2O) + Q - Qloss)

A.8 Flash Tank

The flash tank has two inlets (the two-phase flow from the steam heater and the

liquid exiting stage k = Ns of the stripper) and two outlets (lean liquid and vapor product).

Like the [Constant Hold-up Liquid Inventories| Section, level (total moles) is assumed to

be constant for the flash tank, and the equations shown here must be modified if a level

controller is included in the simulation.

drcoa 4

dt - wD2ICL (F(}:Lt(xCO2 - yC’OQ) + En(xCOZin - LUCOQ) + Fk{;Ns (xCOQ,k:Ns — ICOZ))
(A.48)

drpyz 4 v .
o7 = ~D2ICT (xPZFOUt+En(xPZ’i"_xPZ)+Fk:Ns(xPZ,kst_-TPZ)) (A.49)
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dre 4
dt  wD2CLCpL

(FinHip + BEy HE - (FE, + FY )H" - FY,HY) (A.50)

The enthalpies in the flash tank energy balance are calculated according to Equations|A.51

[AS4

Hiy = Cp"(Tin = T) + 0, (yco2.n A Heon + Yr20.in AH20) (A.51)
HE = CpH(TE - T7T) (A.52)
HY = CpH(T" - T7) (A.53)
1Y = (yooaAHeos + Yo AHmso) (A.54)

A.9 Lean Surge Tank

The material balance equations for the lean surge tank are given in Equations[A.55}-
This is a surge tank with no level control, so the total mole balance is included. The
trim cooler is assumed to be a perfect exchanger and always keep the lean solvent inlet
temperature to the absorber at 40°C; therefore the energy balance for the lean surge tank is

not included.

dl 4
dt ~ 7D2CT (Fin+ Fitao = Fou) (A.55)
drcos 4 ; .,
dt  7DCE ((wcozin = wco2) Fir, = wco2Fiiao (A.56)
dx 4
dI;Z = —mer (@rzim = wp2) i~ wpzFino (A.57)

FL, is a makeup flow to maintain the water balance. When the low-order model is com-
pared to the high-order model, Ff,, = 0 since the water wash is included. When the

low-order model is compared to the pilot plant, F;, , is calculated to achieve the desired
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lean solvent molality that was measured experimentally in the pilot plant. This flow ap-
proximately represents the condensate return from the stripper overhead, but is primarily
included to ensure the water balance is maintained in the simulation. Without including

this flow, the simulation of the pilot plant will never come to steady state.

A.10 Condenser

The stripper overhead condenser is not explicitly included in the simulation. It is
assumed to be a perfect condenser which has a liquid outlet of pure H,O and a vapor outlet

of pure CO,, both at 40°C.

A.11 Notation

Greek
AHcoo heat of desorption (kJ/mol CO,)

AHpyo0 heat of vaporization (kJ/mol H,O)

€ hold-up (m3/m?)
Roman

a wetted area (m?/m?)

C concentration (mol/m?)
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Cp specific heat capacity (kJ/mol-K)

D diameter (m)

F molar flowrate (mol/s)

H specific enthalpy (kJ/mol)

h heat transfer coefficient (kW/m?2-K)

K mass transfer coefficient (mol/m?2-Pa-s)
L total length of packed section (m)

l liquid level (m)

M total moles (mol)

MW molecular weight (kg/mol)

N material or energy transfer rate (mol/s or kW)
P equilibrium partial pressure (Pa)

P total pressure (Pa)

Ppsat saturation pressure (Pa)

Q heat duty (kW)

T temperature (K)

t time (s)

UA overall heat transfer coefficient (kW/K)
vf vapor fraction (mol/mol)
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Z;
Yi

Zq

Subscripts

i
k

loss

Superscripts

L

ref

liquid mole fraction (mol i/mol liquid)
vapor mole fraction (mol i/mol vapor)

total mole fraction (mol i/mol total)

cold side

energy

hot side

apparent species (CO,, PZ, H,0O, N,, or O,)
stage number (top stage is k& = 1)

loss to surroundings

liquid
reference state
total

vapor
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Appendix B

Medium-Order Model Equations

B.1 Absorber Equations

Equations with boundary conditions:

0 ( Loy L OFF
7 (¢ crl) = L-S 0z
0, ,un 1 OFE
at(EU)‘ L-S 0z
lefizl

1 0FY .,
L-S 0z =N

1 OFy
L-S 0z i
Zyizl

Nz‘L = Niv = Kg,iae(Pi - Pz*)

i=CO,, H,0,PZ; 0<z<1

0<z<1

0<z<1

N =Ny =Y (NVHY) + ha(TV -T")

P=P(z= O)z— z(%)

Equations occurring at all z, where f(...

ical properties package:

flash = f(P* - 10%, of = 0,2co)

UL=CrHL - P.10
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0<z<l1
O<z<1

O0<zx<l

0<z<l1

(B.1)

(B.2)
(B.3)
(B.4)
(B.5)
(B.6)
(B.7)

(B.8)

(B.9)

) denotes a call to the CAPE-OPEN phys-

(B.10)

(B.11)



HY = f{(TV,P-10°,yco) - 1073
VV = f(TV,P-10°, yco) - 10°
xcoi=x; 1=C0,, PZ H,O
rc0i=0 i#CO, PZ, H,0
Ycoq =Yi 1 =CO0,, Hy,0,N,, O,

Yco,i = 0 @+ COZ’ HZO’ NZ’ 02

NE, =0
N]‘\;Q = N(‘)/2 =0
by = (M) yosn (P o, 10
K m200e = kg, H200e
1 1 1

N /
Kg,COQCLe kg,COZGG kg7o()2ae
/ —
In (k! cos) = cx —9.90

_ Tco2
2$PZ

Lyi/3 | FL 0.116
Ze a2 |4/3|
ap oCrL,
4L

L,= S( cs )

LCB ' Lcrimp
OHV CHY -HY
8717; TP h 5%
§i; =107 j=i

H) =

7

i = COZ’ HQO

ij=0 j=i

HY = f(TV,P-10°,yco +6i) - 107 i =CO,, H,0
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(B.12)
(B.13)
(B.14)
(B.15)
(B.16)
(B.17)
(B.18)
(B.19)
(B.20)
(B.21)
(B.22)
(B.23)

(B.24)

(B.25)

(B.26)

(B.27)
(B.28)
(B.29)

(B.30)



TV 104V \2°
haezkg,HQOa/e'(R ).(CVCpV)l/B(O—H:)

102 DH2O—flue
oo (12 |vL|)”3
ptg
L
ln( s ) = [wpz (420 5wpy +1349.3) T + (1.352wp, +4.224))]
Hr20
(9.458wpy — 0.004515TL - 0.1584) + 1
TL?
3703.6 ) 10
In o0 = =52.843 + =+ 58660 InT* - 5.8790- 107 (T*)
Fh=FrH"
Fy=F'HY

Ckt=x,Ct i=C0O, H,0,PZ
Ff=z,FL i=C0,, H,0,PZ

P’ =y’P* i=CO0,, H,0

FY =4,FV i=C0,,H,0,N,, O,

TE = flash. T*
. . MWE
a* = (flash.H" -107?) —Wf
MWk
ok - ( 10_?1 )(Mwﬁ)
flash.VE )\ MWE
pt=CtMW
oV = L
VL
y* = flash.y*

xr = flash.xp
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(B.31)

(B.32)

(B.33)

(B.34)
(B.35)
(B.36)
(B.37)
(B.38)
(B.39)
(B.40)
(B.41)
(B.42)

(B.43)

(B.44)
(B.45)
(B.46)
(B.47)

(B.48)



Fr=ytCts (B.49)

MW = 2002 MW con + Trao MW oo + xpz MW py (B.50)
MWY = ycos MW coz + Y20 MW 20 + yna MW n2 + yoa MW o2 (B.51)
MW5 =3 (xr;,MW,) (B.52)
1.8583-10-3 (TV)** /I/MW, + I/MW,; o
0.9869Pd;_;*Q;_;
Qi =1.46(T  kpfe;;) % i, j=CO,, HyO,Ny; i # j (B.54)
(y: Dy
Di-fiue = % i = CO,p, Hy05 j = CO,, HyO, N, j #1 (B.55)
3 \Yj
kY = f(TV,P-10°,yc0) - 107 (B.56)
Cp" = f(TV,P-10°,yco) - 1073 (B.57)

Equations that are not a function of z, where f(...) denotes a call to the CAPE-

OPEN physical properties package:

FV(2=0)=v"-CY(2=0)-9 (B.58)

U:f(TL(Z:1),P(z:1),xT(z:1),yCO(z:1)) (B.59)

Boundary conditions at z = 0, where in" is the inlet vapor stream and out” is the

outlet liquid stream:

NF=NY=0 i = CO,, H,0 (B.60)
lej[ — NI‘{/ =0 (B.61)
FV=in".F (B.62)
V= inV I (B.63)
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y=in".y (B.64)

in" . P=P (B.65)
outl . F =-F*F (B.66)
out® H = H" (B.67)
out.x =z (B.68)

Boundary conditions at z = 1, where out" is the outlet vapor stream and in’ is the

inlet liquid stream:

NE=NY=0 i = CO,, H,0 (B.69)
Nt =Ny =0 (B.70)
Ft=—inl F (B.71)
HY =in* H (B.72)
r=int.x (B.73)
int.P=P (B.74)
outV . F=FV (B.75)
outV.H=H" (B.76)
outV .y =y (B.77)
P =outV.P (B.78)

Since no flux was allowed at z = 0 or z = 1, the volume where mass transfer can
occur is effectively shorter by one finite section at each end of the column. To account for

this, the length used in the continuity equations (L) is adjusted from the actual length of
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the packing (L,.;). Note that this adjustment artificially increases the residence time of the

packing by a small amount.

2
L=1L 1+ — B.7
m( +N8) (B.79)

B.1.1 Packing Parameters and Model Constants

Table B.1: MP250X Parameters

value

a, (m?/m3) 250
Log (m) 0.017
Leg (m)  0.0241

Lerimp (m)  0.0119

Table B.2: Model Constants

value

Ns 50
dcoa-ma0 (A) 3.291
dcoz-na2 (A) 3.8695
dirao-no (A) 3.2195

kB/ECOQ_HQO (I/K) 0.002516
kplecoa-n2 (1/K)  0.008471
kp/enz0-n2 (1/K)  0.004161
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B.2 Water Wash Equations

Equations with boundary conditions:

0 1 OFF
a(5LCL) :—TSE'FN[L{QO 0<z<1 (B80)
9 ( 11 1 aFI—LI L
— =————+N < .
at(eU) T 5. Vi 0<z<1l (B.8I)
1 OFY v :
1 OFY
i =-NYV < X
7.5 - I 0<z<1l (B.83)
dyi=1 0<z<1l (B.84)
NIETQO = NXQO = k’g’Hgoae(PHgo — P;IQO) O<zxl (B85)
NE = Ny = NjooHYpoo + ha(TY - TT) 0<z<1 (B.86)
AP
P=P(Z=O)—Z(—) 0<z<1 (B.87)
Az

Equations occurring at all z, where f(...) denotes a call to the CAPE-OPEN phys-

ical properties package:

flash = f(P*-10°,vf = 0,2¢0) (B.88)
Ut =CtHY - P10 (B.89)
HY = f(TV,P-10°,yc0) - 1073 (B.90)
VV = (T, P-10°, yco) - 10° (B.91)
roo,H20 = 1 (B.92)
zc0;=0 i#*H,0 (B.93)
ycoi=yi 1=C0, H,0,N,, 0, (B.94)
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yCO’@ = O Z * COz, Hzo, Nz, 02

NgOQ = NJXGQ = Ng2 =0

1.67- 106) (UV)0.683 (DHQO—flue )0.667

kg 200 = ( RV 108

1% %
HY E(81_]‘/ ) ~H5H2O_H
H20 aano T,Pnj.tr20 5H20H20

SH20 20 =107% j =14

§H20,=0 j+ H20

H}o = £ (Y, P-10°, yoo + 6H20) - 1078

TV 104KV 2/3
hae=kg,H20ae.(R ).(CVCpV)1/3.(_O R )

102 Dy20-fiue
L (UM%HOCL% ot )1/ ’
ptg
In il = —52.843 + 37793‘6 +5.86601n 7% — 5.8790 - 1072 (T%)"°
FE=FLa*
Fy=F'HY

Piroo = Yo P”

FY =4,FV i=C0,,H,0,N,, 0,
Prs0o = ymoP

Tt = flash. T*

H" = flash. H" - 1073

on_ 107
flash. V'L
ol =CtMW*r
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(B.95)
(B.96)

(B.97)

(B.93)

(B.99)
(B.100)

(B.101)

(B.102)

(B.103)

(B.104)
(B.105)
(B.106)
(B.107)
(B.108)
(B.109)
(B.110)
(B.111)
(B.112)

(B.113)



1

oV - (B.114)
VL
y* = flash.y* (B.115)
FL=otCts (B.116)
MWE = MW 90 (B.117)
MWY = yoos MW coa + Yyeo MW g2o + yna MW no + yo2 MW o2 (B.118)
1.8583-1073 (TV)*? \/T[MWiso + /MW,
H20-j = v — . j=CO,N,  (B.119)
0.9869Pd 20—, Q20
Qrroo-j = 1.46(TV kp/emao-;) 0" j=CO, N, (B.120)
¥ (ijHQO—j) )
Duoo- fiue = =2 j=CO,, N (B.121)
H20-f1 Zj (yj) 2 2
£ = f(TV,P-10°,yco) - 107 (B.122)
Cp" = f(TV,P-10°,yco) - 1073 (B.123)

Equations that are not a function of z, where f(...) denotes a call to the CAPE-

OPEN physical properties package:

FV(2=0)=v"-CY(2=0)-9 (B.124)

2
L:Lact(1+F) (B.125)

S

Boundary conditions at z = 0, where in" is the inlet vapor stream, reccheL is the
outlet liquid stream set by the water wash recycle control valve, and overflow” is the liquid

overflowing to the distributor for the top section of absorber packing:

Nit20 = Nijz0 =0 (B.126)

NE =N}y =0 (B.127)
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FV=inV.F
HY =inV.H
y=in"y
inV.P=P
overflow™ F = —F* — recycle® . F
recycle’ . H = overflow™ H = H"

recycle™.x = overflow™.x = x

(B.128)
(B.129)
(B.130)
(B.131)
(B.132)
(B.133)

(B.134)

Boundary conditions at z = 1, where out" is the outlet vapor stream and in” is the

inlet liquid stream:

Nﬁzo:NI‘J/w:O
NfI:NE:O

FL=—int F
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(B.135)
(B.136)
(B.137)
(B.138)
(B.139)
(B.140)
(B.141)
(B.142)
(B.143)

(B.144)



B.3 Notation

Greek

o loading (mol CO,/mol alkalinity)

% pressure drop through a packed section (bar/m)
0% vector with small perturbation amount for 1 and O for all other j (mol)
€ Lennard-Jones force constant (s>/m? - kg)

€ liquid hold-up (m3/m?)

K thermal conductivity (MW/m-K)

W viscosity (Pa-s)

Qi diffusion collision integral (-)

p mass density (kg/m?)

o surface tension (N/m)
Roman

Qe effective wetted area of packing (m?/m?)

a, specific area of packing (m?/m?)

C concentration (kmol/m?)

Ck, adjustable constant (-)

Cp specific heat capacity (MJ/kmol-K)
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anp

Hj,

Lep
Lcrimp

Lecs

diffusion coefficient (cm?/s)

diameter (m)

mean molecular diameter of i-j gas pair (A)

molar or energy flowrate (kmol/s or MW)

vector returned by CAPE-OPEN flash call (-)
acceleration of gravity (m/s?)

enthalpy (MJ)

convective heat transfer coefficient (MW/m?2-K)
specific enthalpy (MJ/kmol)

enthalpy calculated with perturbed amount of i (MJ)
partial molar enthalpy (MJ/kmol)

Boltzmann constant (m? - kg/s?-K)

overall mass transfer coefficient (kmol/bar-m?-s)
gas side mass transfer coefficient (kmol/bar-m?-s)
liquid side mass transfer coefficient (kmol/bar-m?-s)
height (m)

channel base height of packing (m)

crimp height of packing (m)

channel side height of packing (m)
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MW

MW,

wetted perimeter (m)

molecular weight of the liquid or vapor (kg/kmol)
molecular weight vector returned by physical properties package (kg i/kmol)

material or energy flux (kmol/m?3-s or MW/m?)

molar amount (kmol)

number of discretization intervals (-)

pressure (bar)

equilibrium pressure (bar)

gas constant (J/mol-K)

cross sectional area (m?)
temperature (K)

time (s)

specific internal energy (MJ/m?)
superficial velocity (m/s)

vapor fraction (kmol/kmol)
specific volume (m3/kmol)
mass fraction (kg/kg)

liquid mole fraction (kmol/kmol)

vapor mole fraction (kmol/kmol)
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z normalized axial domain (m/m)

Subscripts

A apparent

cO CAPE-OPEN
H energy

) component

T true
Superscripts

L liquid

V vapor
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