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Introduction

This research program is focused on the technical obstacles to the deployment of CO, capture
from flue gas by alkanolamine absorption/stripping. The objective is to develop and demonstrate
evolutionary improvements to monoethanolamine (MEA) absorption/stripping for CO, capture
from gas-fired and coal-fired flue gas. The Texas Carbon Management Program and the
Industrial Associates Program for CO, Capture by Aqueous Absorption support 17 graduate
students. Most of these students have prepared detailed quarterly progress reports for the period
July 1 to September, 2014.

Conclusions

Thermodynamics and Rates

The secondary amine solvent 7 m DEA has competitive CO, absorption rates compared to 7 m
MEA. The measured CO- liquid film mass transfer coefficient (ky’) at coal flue gas conditions is
about 10% higher than 7 m MEA. DEA has double the intrinsic capacity of MEA. The CO,-
carrying capacity of 7 m DEA is 60% higher than 7 m MEA and other primary unhindered amine
solvents. The heat of absorption of CO, for 7 m DEA is estimated to be lower than or about the
same as 7 m MEA.

Modeling

e As the CO; rich loading varies from 0.37 to 0.43 in 5 m PZ, the optimum lean loading
occurs at a loading difference of 0.14 mol/equivalent PZ CO,. The minimum total
equivalent work decreases from 36.2 kJ/mol CO; to 30.7 kJ/mol,

e The Second Law efficiency of the advanced flash stripper varies from 45 to 70% as the
delta loading varies from 0.06 to 0.22. At the optimum delta loading of 0.14 the
efficiency is 65%.

e The energy cost of using MDEA/PZ is lower than using 5 m PZ. For Case 19, equivalent
work using 5 m MDEA/5 m PZ (32.41 kJ/mol COy) is less than using 5 m PZ (33.24
kJ/mol COy).



Adding reflux and purge can separate ammonia from the amine scrubbing system
efficiently. As reflux ratio increases from 0.8 to 1, the mole fraction of NHj3 in the purge
increases from 0.160 to 0.347. The normalized amount of NH3 in purge has a peak value
(0.0118 mole NH3s/mole CO, removed) at 30.5 kg purge/ton CO, removed.

The ky' of CO;, absorption into glycerol/water/NaOH was measured by the WWC with p_
from 0.9-60 cP. The kg was found to initially increase about 25% when glycerol
increases to 10 wt % because of the catalytic effect of glycerol, and then decrease about
75% when glycerol increases to 89 wt % because of the impeding effect of elevated p_on
mass transfer.

The amine scrubbing process has a fast time scale associated with large recycle flow rates
and a slow time scale associated with small feed and product flow rates. The linear
system model is ill-conditioned. An effective control strategy should take into
consideration the different time scales that occur in the process.

The pressure drop in dry structured packing increases steadily with gas flow rate (F-
factor) to the power of 1.6-1.9. The pressure drop increases by 30% from dry condition
to a liquid load of 5 gpm/ft? (12 m*m?*h), and increases slightly with increasing liquid
flow rate.

The effective mass transfer area increases with liquid velocity to the 0.15 power and is
essentially independent of gas velocity. The fractional effective area decreases as
packing surface area increases because of the inefficient wetting in the higher specific
surface area packings. Rivulets, ripples, and droplets also provide additional mass
transfer area in lower specific surface area packings. The effective mass transfer area is
not a function of packing corrugation angle.

The liquid film mass transfer coefficient (k) is a function of liquid velocity and
independent of gas velocity. The gas film mass transfer coefficient (kg) is a function of
gas velocity and independent of liquid velocity. The ki increases with liquid velocity
(up) to the power of 0.5-0.77 for all packings in this work. The kg increases with liquid
velocity (ug) to the power of 0.43-0.76 for all packings in this work. Summaries of k.
and Kg are given in Figures 4.27 and 4.28.

With high inlet CO,, compared to 5 m PZ, 5 m MDEA/5 m PZ results in twice the delta
loading and half of the lean solvent flow rate due to the high CO, capacity, but results in
more than twice the amount of absorber packing due to low absorption rate. Compared to
5 m PZ, absorber costs increase by 50% and advanced flash stripper costs decrease by
47%. The total equipment costs go down by 13%.

Solvent Management

PZ-activated tertiary morpholines were found to be the most stable solvent class, with
Twmax values greater than 150 °C.

PZ-activated acyclic tertiary amines without methyl groups were of an intermediate
stability, with Tyax values between 130 and 140 °C.

PZ-activated acyclic tertiary amines with at least one methyl group were stable below
130 °C.

Acyclic PZ-activated hindered amines had Tmax from 128 °C to 147 °C, with the least
stable acyclic hindered amines having the greatest number of hydroxyl groups.

Cyclic PZ-activated hindered amines had Tmax below 130 °C.
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e Increasing amine chain length between the amino function and the end amino or hydroxyl
function of linear amines decreased the initial rate of thermal degradation and increased
the activation energy of thermal degradation.

e Ethylenediamine was found to be the most corrosive amine tested, and propylenediamine
was the least corrosive.

e Propylenediamine and monopropanolamine were found to be oxidatively stable and did
not show any appreciable oxidative degradation.

e Ammonia production, and by proxy amine oxidation, increased along with the
accumulation of stainless steel metals in solution with 4 m PZ in the HTOR.

e Ethylenediamine was the most significant oxidation product observed to accumulate in
the PZ solvent during the HTOR experiment. It appeared to be reaching a steady state of
35 mmol/kg by the end of the run. 0.24 moles of total formate were produced per mole
of ammonia emitted during the HTOR experiment. N-methyl-piperazine was also
observed at a similar concentration to total formate.

e Removal of dissolved oxygen with N, sparging in a bubble column before the high
temperature section of the HTOR reduced the ammonia rate by 20%.

e In samples received from a pilot plant campaign conducted at NCCC in June using 7 m
MEA, HEGIy was the most significant degradation product quantified, at a concentration
in excess of 1 wt % by the end of the campaign. Organic heat stable salts, chiefly
formate, acetate, and oxalate, were observed in similarly high concentrations. No
significant accumulation of thermal degradation products or nitrosamines was observed.

e Reclaimer waste from a pilot-scale vacuum reclaimer contained 2 to 3 moles of MEA per
mole of heat stable salt. MEA recovery decreased as the concentration of contaminants
in the solvent feed was increased. No significant contaminants were observed in the
reclaimed MEA product stream.

NO; absorption in sulfite

o An uninhibited sulfite system is not effective for NO, absorption. The ratio of
SO oxidized/NO, absorbed is on the order of 1000.

o Thiosulfate drastically reduces sulfite oxidation; addition of 0.1M S,05% reduced
K1 obs by a factor of 33.

o Increasing sulfite does not affect k; ons, but produces a first-order correlation
between SO5* oxidized/NO, absorbed and sulfite.

o Sulfite oxidation is half order in NO, and is removed more efficiently at higher
partial pressures (SOs” oxidized/NO, absorbed is inverse half order with NO5).

o lron and other metals can catalyze oxidation, but NO, catalysis is dominant.

o EDTA or asimilar chelating agent should be added to chelate the metal ions; 0.01
mM Fe?* has kj ops and 8032' oxidized/NO; absorbed 2.8 times greater than 0.02
mM EDTA.

o Sulfite oxidation rates follow the Arrhenius law with an apparent activation
energy of 24.1 kJ/mol.

o Oxygen concentrations do not have an effect on the oxidation rate until below
roughly 5 kPa O,

NOy Absorption Kinetics
o NOy absorption at ppm levels of NOy is dominated by the free radical absorption
of NO,.
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o Free radical absorption of NO; is first order in NO, partial pressure and half order
in free amine concentration.

o Absorption can be modeled as mass transfer with fast reaction in the pseudo-first-
order regime.

o NO; absorption kinetics are fastest with tertiary amines and slowest with primary
amines similar to ClO; free radical absorption into amines.

o 70-99% of NO, will absorb in amine scrubbers designed to capture 90% of COy;
only 4% of NO, absorption can be attributed to hydrolysis.

o A prescrubber with an A/G of 1*10° s-Pa-m?/mol can scrub 90% of flue gas NO;
with 0.17 m free MDEA.

o MDEA oxidation is not catalyzed by NO; absorption in the presence of air and
stainless steel metals.

NOy Absorption Products

o 10 ppm of NO, absorbs into 0.1 m MDEA with a 95% nitrite yield and a 5%
nitrate yield.

o Nitrite yield is independent of NO and oxygen, proving that the absorption
species is NO; directly instead of N,Os.

o NO; hydrolysis through N,O, becomes the dominating absorption mechanism
when NO; partial pressure is above 10 Pa (100 ppm at atmospheric pressure).

o Nitrosamine is less than 3% of total absorption product in 0.1 m MDEA.

o NO can be directly absorbed into amine solution by reacting with the free radical
formed by NO, absorption.

o In PZ solution, NO absorption forms MNPZ with yields of 20-35% of total
absorbed NOy at 20 °C.

o PZ free radicals can also react with themselves or free radical scavengers to lower
the yield to MNPZ.

o MNPZ vyield is independent of amine concentration and loading, but yield
increases as the ratio of NO,:NOy decreases.

o PZ free radicals can also react with themselves or with free radical scavengers to
lower the MNPZ vyield.

o Increasing absorption temperature from 20 °C to 60 °C decreases MNPZ yield by
60% due to the decreased solubility of NO.

o MNPZ yield at 40 °C in 5 m PZ with an NO,:NOy ratio of 1:10 is 17% with nitrite
closing the mole balance.

o High temperature nitrosation from nitrite is the dominating mechanism for

nitrosamine formation in amine scrubbing.

From neat 4 m PZ, Amberlite 748i showed high removal of Ni and Mn at 81% and 71%
respectively. The resin showed moderate removal of Fe and Cr, at 47% and 36%. Breakthrough
of metals was not reached at 16 bed volumes of solvent. The initial concentrations of metals
were Cr: 0.10 mM, Fe: 0.09 mM, Mn: 0.12 mM, and Ni: 0.14 mM.

From neat 4 m MEA, Amberlite 748i showed high removal of Ni and Mn at 88% and 94%
respectively. In addition, the resin showed moderate removal of Fe, at 40%. Breakthrough of
metals was not reached by about 14 bed volumes of amine. The initial concentrations of metals
were Cr: 0.20 mM, Fe: 0.22 mM, Mn: 0.21 mM, and Ni: 0.21 mM.

From PP2 PZ, Amberlite 748i showed complete Ca, Mg, and Mn removal (100%). In addition,
the resin showed moderate removal of Ni and Fe, at 52% and 43%. The resin showed low
removal of Cr, Mo, Ni and Se. Breakthrough of Fe, Ni, and Mn was not reached by 15 bed
volumes. The initial metal concentrations for stainless steel metals were Cr: 2.0 mM, Fe: 0.45
mM, Mn: 0.14 mM, and Ni: 1.6 mM.



Laboratory Safety

All  experimental work is performed under the Laboratory Safety Guidelines
(http://www.utexas.edu/safety/ehs/lab/manual/) of the University of Texas. The laboratory
personnel have all completed four safety training courses certified by the University: general lab
safety, hazardous materials, fire extinguisher, and site specific safety. Routine personal safety
protection includes safety glasses, lab coats, gloves, long pants, and closed-toe shoes. Goggles
are used for specific hazardous operations. Food and drink are prohibited in the laboratories.
Safety inspections of all labs are conducted by a different student every month. The University
Office of Environmental Health and Safety conducts random safety evaluations of each lab,
usually about twice a year. An industrial visitor conducts a safety evaluation of each lab once
per year. A Standard Operating Procedure is followed for three of our major experiments.

Most of the experimental work with amines is conducted in exhaust hoods. Ventilated gas
cabinets are used with cylinders of nitrogen mixed with ammonia, NO, NO,, and SO,. All work
on undiluted nitrosamine samples is contained in one laboratory that has no desks assigned to
students for continuous occupancy. We have developed a standard operating procedure to be
used in an experiment with closed cylinders of amine solution heated to 175 °C in convection
ovens. These experiments are also contained in the nitrosamines lab.

Dr. Rochelle is the Chairman of the Safety Committee of the Department of Chemical
Engineering. The committee meets once a month to review safety issues and safety experiences,
and to address initiatives for improving safety.

1. Aqueous Piperazine Blends for CO, Capture p. 14
by Yang Du

A Ph.D. research proposal has been prepared on aqueous piperazine blends for CO, capture. A
number of contributions are expected from this work:

1. Review existing relationships between amine structure and its properties, such as thermal
stability and volatility.

2. Experimentally screen PZ-based amine blends for thermal and oxidative stability,
volatility, CO, cyclic capacity, and CO, absorption rate.

3. Investigate the relationship between pKa of the blended tertiary amine and CO; cyclic
capacity of the PZ/tertiary amine blend using wetted wall column.

4. Characterize and evaluate selected PZ-based amine blends for low partial pressure CO,
capture.

5. Develop rigorous thermodynamic and kinetic models for selected PZ-based amine blends
in Aspen Plus®

2. CO, solubility and mass transfer rates by the wetted wall column p. 41
by Lynn Li

The secondary amine diethanolamine (DEA) was tested as a solvent for CO, capture using the
wetted wall column (WWC). The concentration of the amine in the solvent was 7 m, so the

results are directly comparable to the base case solvent, 7 m monoethanolamine (MEA). The
CO, absorption rate and solubility in 7 m DEA was measured at 20, 40, 60, and 80 °C. The

absorption performance of the solvent in an absorber for coal flue gas is estimated from the mass
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transfer data. The CO; carrying capacity and heat of absorption are calculated from the CO,
solubility data. The performance of 7 m DEA is then compared to 7 m MEA and other primary
unhindered amine solvents. The absorption rate of 7 m DEA at coal flue gas conditions is about
10% higher than that of 7 m MEA. The intrinsic capacity of DEA is double that of MEA. The
CO; capacity of 7 m DEA is about 60% higher than that of 7 m MEA. The heat of absorption of
CO, for 7 m DEA is lower or about the same as for 7 m MEA.

3. Absorber Intercooling Evaluation p.53
by Darshan Sachde

The evaluation of intercooling benefits (solvent capacity and packing) was completed and
summarized in the GHGT manuscript attached to this report. Three flue gas sources were
included for the evaluation with 8 m PZ: natural gas combined cycle (NGCC, 4.1% CO,), coal-
fired boiler (13.5% COy), and steel blast furnace (27.4% CO;). As an extension to the
intercooling evaluation work, a shortcut method using an energy balance around the absorber
was developed to predict the lean loading for each flue gas application where a temperature-
related mass transfer pinch becomes limiting and intercooling is necessary to achieve maximum
solvent capacity. The new method consistently over-predicts the pinch formation point, but
provides a reasonable approximation of lean loading where maximum intercooling benefit could
be achieved (within ~10% for all flue gas applications). The method only requires the use of a
thermodynamic model for flash calculations and eliminates the need for the rigorous rate-based
modeling to identify conditions for maximum intercooling benefit.

4. Modeling and Optimization of Advanced Stripper Configurations p. 62
by Yu-Jeng Lin

The work done in this quarter was prepared as a paper manuscript and is in the Attachments to
this report. The objective of this work is to identity inefficiencies and improve the process
accordingly. The regeneration process and the compressor train were simulated in Aspen Plus®.
The lost work of each unit operation was quantified by the exergy balance. The results showed
that the two major sources of lost work for the simple stripper are the lean/rich solvent cross
exchanger and overhead condenser. The advanced flash stripper was proposed to reduce the lost
work of the condenser by recovering the stripping steam heat from the stripper. The advanced
flash stripper reduces the heat duty and total equivalent work by 16% and 11%, respectively,
compared to the simple stripper. Lean vapor compression was also evaluated, which reduces
heat duty and total equivalent work by 8% and 3%, respectively. After reducing the stripping
steam heat, the major source of lost work is from the cross exchanger, which should be
optimized by including both energy and capital cost.

5. Absorber performance with 5 m MDEA/5 m PZ p. 63
by Yue Zhang

In a hybrid-parallel process combining amine scrubbing with membrane technology, the CO,
concentration in the flue gas is enriched to 23.4% and removal level is increased to 95% (Case
19). This work simulates absorber performance of Case 19 with the Independence model for 5
molal (m) MDEA/5 molal (m) PZ in Aspen Plus®. Different packing types, intercooling
configurations, and absorber operating conditions have been tested to get better absorber
performance and minimize stripper energy use.



5 m MDEA/5 m PZ offers higher CO, capacity but a lower absorption rate than 5 m PZ.
Compared to 5 m PZ, absorber costs increase by 50% and advanced flash stripper costs decrease
by 47%. The total equipment costs go down by 13%.

6. Stripper Performance and Equipment Costs using 5 m PZ and MDEA/PZ
and Design of Ammonia Purging System p. 72
by Junyuan Ding

Also supported by a Phillips 66 Fellowship.

Previous work optimized stripping with 5 m piperazine (PZ) with rich loading from 0.37 to 0.43
mol CO,/mol N. Advanced flash with warm rich bypass and cold rich exchanger bypass is used
for stripping. The Independence model for PZ in Aspen Plus® was used to simulate the stripping
performance.

In this quarter, stripping data for 24 cases, including heat duty, equivalent work, CO, output
pressure, and optimal cold and warm rich bypass, were used to build a correlation with CO; rich
and lean loading. The Second Law efficiency based on the ratio of stripping minimum work and
total ideal work was introduced to explain the stripping work. The Second Law efficiency has a
maximum value at a specific CO, loading.

In previous work, four cases whose inlet CO, concentration and CO, removal rate were given by
MTR (Cases 13, 14, 18, and 19) were simulated based on absorber performance. Since 5 m
MDEA/5 m PZ has a higher CO, capacity than 5 m PZ, Case 19-MDEA/PZ (rich loading of
0.398 mol CO,/mol N and lean loading of 0.209 mol CO,/mol N) using 5 m MDEA/5 m PZ was
studied to reduce the heat duty, compared with Case 19 (rich loading of 0.411 mol CO,/mol N
and lean loading of 0.303 mol CO,/mol N) using 5 m PZ. The base-case stripping configuration
was the advanced flash with warm rich bypass and cold rich exchanger bypass. The
Independence model for MDEA/PZ in Aspen Plus® was used to simulate the stripping
performance. Equipment costs for Case 19 using 5 m PZ and 5 m MDEA/5 m PZ were both
analyzed according to the economic part of Peter Frailie’s dissertation.

Ammonia purging design is required for amine scrubbing. Amine scrubbing may create an air
quality problem by releasing ammonia. Some amine is converted to ammonia through oxidative
or thermal degradation in the absorber and reboiler. Ammonia emits into air with the treated flue
gas from the absorber, serving as a significant precursor of PM,s.

In this work, a top stripper and a reflux flow of the condensate over the stripper is used to
concentrate ammonia and the rest is purged. Different reflux ratios are chosen to see the
ammonia concentration and flowrate of the purge. 1 kg/1000 kg mass ratio of NH3/H,O is set for
the ammonia amount. The base-case stripping configuration was the advanced flash with warm
rich bypass and cold rich exchanger bypass. The Independence model for PZ in Aspen Plus®
was used to simulate the stripping performance.

7. Packing characterization: hydraulic and mass transfer results overview
p.91

by Chao Wang

In this quarter, review of hydraulic and mass transfer results containing all 14 packings measured

in this work was presented. The experimental results serve as Chapter 4 of the Ph.D.
dissertation. The effects of liquid superficial velocity (u.), gas superficial velocity (ug), packing
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surface area (ap), and packing corrugation angle (6) on hydraulic properties and mass transfer
performance were explored. In general, pressure drop increases steadily with gas flow rate (F-
factor) to the power of 1.6-1.9. The pressure drop increases by 30% from dry condition to a
liquid load of 5 gpm/ft? (12 m*/m?*h), and increases slightly with increasing liquid flow rate.
The liquid hold-up increases slightly with gas flow rate in the pre-loading region, and increases
sharply with gas flow rate in the loading region until flood. Liquid hold-up increases with liquid
flow rate at the constant gas flow rate. Both pressure drop and liquid hold-up increase with
packing surface area and decrease with packing corrugation angle.

The effective mass transfer area increases with liquid velocity to the 0.15 power and is
essentially independent of gas velocity. The fractional effective area decreases as packing
surface area increases because of the inefficient wetting in the higher specific surface area
packings. Rivulets, ripples, and droplets provide additional mass transfer area in lower specific
surface area packings. The effective mass transfer area is not a function of packing corrugation
angle.

The liquid film mass transfer coefficient (k) is a function of liquid velocity and independent of
gas velocity. Conversely, the gas film mass transfer coefficient (kg) is a function of gas velocity
and independent of liquid velocity. The ki increases with liquid velocity (u.) to the power of
0.5-0.77 for all packings in this work. The kg increases with liquid velocity (ug) to the power of
0.43-0.76 for all packings in this work. Summaries of k;_ and kg are shown in Figures 4.27 and
4.28 of the attached Chapter 4.

8. Effect of liquid viscosity on the liquid film mass transfer coefficient in
packed columns p.114

by Di Song

In this quarter, a model of surface tension (o) for NaOH/H,O/glycerol was built based on
literature data. A modified correlation for liquid flow rate (L) of the rotameter in the wetted wall
column (WWC) was built, introducing corrected terms for liquid viscosity («.). Based on the
updated data for L, surface depletion of each WWC case was calculated, and surface-depletion
correction was made to part of the ky' data. Models of the overall reaction rate constant (Kai)
were built based on empirical data for kg'. A paper for GHGT-12 was completed summarizing
the previous work.

9. Kinetic Modelling of 4 m 2MPZ/4 m PZ and 4 m AMP/2 m PZ p. 119
by Brent Sherman

Also supported by CCSI

The kinetics of two different piperazine (PZ) blends were regressed: 4 m 2-methylpiperazine
(2MPZ)/4 m PZ and 4 m 2-amino-1-propanol (AMP)/2 m PZ. For each, wetted wall column
(WWC) flux data covering a wide loading and temperature range were regressed using activity-
based kinetics. The pseudo-first-order rate constants show that the fastest reaction for 2MPZ/PZ
is the formation of PZ(COQ"), catalyzed by free 2MPZ, and for AMP/PZ it is the formation of
AMPCOO catalyzed by free AMP. While this is reasonable for the AMP/PZ system, it is
suspicious for the 2MPZ/PZ system as the formation of PZCOO ™ catalyzed by free PZ should be
the fastest. Further, the rate-based absorber model with kinetics could not be converged for
2MPZ/PZ due to an unreasonable 2MPZ zwitterion activity coefficient. While a working
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process model was achieved by removing zwitterion reactions, this model lacks some physical
significance.

10. Time Scale Analysis of Amine Scrubbing p. 142

by Matt Walters
Co-supervised by Thomas Edgar

The process dynamics of amine scrubbing exhibit time scale multiplicity as a result of significant
material and energy recycle. A low-fidelity model of the process has been developed using
lumped parameters, approximate thermodynamics, and adjustable heat and mass transfer
coefficients. The material states of the low-fidelity model were demonstrated to be in non-
standard singularly perturbed form. In this model form, only the stripper vapor mole fractions
evolve exclusively on the slow time scale; all other variables have both fast and slow
components. A coordinate transform using the total liquid material hold-ups can be used to
explicitly separate the slow and fast dynamics. This work has been presented at the GHGT-12
conference. The system model was demonstrated to be ill-conditioned based on the eigenvalues
of the linear system.

11. Amine Degradation p. 146
by Omkar Namjoshi

Three papers were prepared and presented at the GHGT-12 conference. These are included in
the appendix to the quarterly report.

The first paper, “Thermal Degradation of PZ-Activated Tertiary Amines and Hindered Amines”
(Namjoshi), presented thermal degradation rate measurements for a range of PZ-activated
tertiary amines at an initial loading of 0.23 mol CO,/mol alkalinity and an initial concentration of
5 m PZ/5 m tertiary amine, as well as PZ-activated hindered amines at an initial loading of 0.23
mol CO,/mol alkalinity and an initial concentration of 1.33 m PZ/2.67 m hindered amine. These
rate measurements were interpreted in the context of maximum stripping temperatures (Twmax)-
PZ-activated tertiary morpholines were found to be the most stable solvent class, with Tyax
values greater than 150 °C. PZ-activated acyclic tertiary amines without methyl groups were of
an intermediate stability, with Tyax values between 130 and 140 °C. PZ-activated acyclic
tertiary amines with at least one methyl group were stable below 130 °C. Acyclic PZ-activated
hindered amines had stability temperatures ranging from 128 °C to 147 °C, with the least stable
acyclic hindered amines having the greatest number of hydroxyl groups. Cyclic PZ-activated
hindered amines had stability temperatures below 130 °C.

The second paper, “Thermal Degradation of Linear Amines” (Hatchell), presented thermal
degradation rate measurements for a range of linear diamines and alkanolamines with an initial
concentration of 10 m alkalinity (5 m alkalinity for hexamethylenediamine) and an initial loading
of 0.4 mol CO,/mol alkalinity. Increasing amine chain length between the amino function and
the end amino or hydroxyl function decreased the initial rate of thermal degradation and
increased the activation energy of thermal degradation. Ethylenediamine was found to be the
most corrosive amine tested, whereas propylenediamine was the least corrosive.

The third paper “Oxidative Degradation of Diamines and Structural Derivatives,” (Liu),
presented oxidative degradation rate measurements for a range of linear diamines and
alkanolamines with an initial concentration of 10 m alkalinity (5 m alkalinity for
hexyamethylenediamine) and an initial loading of 0.4 mol CO,/mol alkalinity and in the presence
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of 0.4 mM Fe, 0.2 mM Mn, 0.1 mM Ni, and 0.05 mM Cr. Propylenediamine and
monopropanolamine were found to be oxidatively stable and did not show any appreciable
oxidative degradation, whereas all amines tested lost about 80% of their mass after 2 weeks.

12. Aerosol Mitigation in CO, Capture p. 148
by Steven Fulk

Work completed this quarter is divided between this report and a manuscript prepared for the
GHGT-12 conference (appended to this report).

In the GHGT-12 work, inlet aerosols of variable (0.5 m PZ and 0.05 vol % H,SO,4) composition
were generated by vaporizing a metered liquid stream kept at 1 mL/min sucked through an
eductor by a preheated (310 °C) motive N, stream at 1.035 SCFM. The solvent flowrate (636
GPH), inlet CO, concentration (0—8 vol %), and the inlet solvent temperature (40 and 50 °C)
were changed independently and the outlet PZ concentration was measured using FTIR.

The baseline outlet gas CO, and PZ concentrations relative to the solvent (0.9 m PZ) flowing at
12 GPH were 110.4 and 2.8 ppmv, respectively. Injection of PZ and H,SO, aerosols increased
the outlet PZ value to 65 and 6.5 ppmv, respectively.

Increasing the inlet concentration of CO, to 4 vol % doubled the measured PZ in the exhaust gas
under PZ aerosol load; however, further increase of CO, produced very minor relative changes.
PZ seems to be inversely related to inlet CO, concentration in the case of H,SO, aerosols.

Changes to the solvent flowrate had far greater impact on the exhaust rate of amine. PZ
decreased from 75 to 20 ppmv when the solvent rate was reduced from 36 to 6 gpm for the PZ
aerosol case in the presence of no inlet CO,. Solvent rate was found to have the opposite
behavior for the H,SO, aerosol case; PZ emissions increased from 6 to 20 ppmv as the solvent
rate was increased from 6-36 GPH. Similar behavior was found during multivariable (CO, and
flowrate) studies, though the absolute changes in measured PZ were much smaller.

Finally, PZ emissions were found to have a reciprocal relationship to inlet solvent temperature
for the PZ aerosol case. No clear trend was observed during H,SO, aerosol testing.

In this document, LVI flow measurements and a new multi-point FTIR sampling system were
tested. The LVI flow rate and vacuum level were verified against vendor data and matched
closely to the Air-Vac HAVR093SS eductor. The multi-point FTIR sampling system flow rate
was measured for variable inlet throttling. The flow rate for both sample lines (10’ and 30’) was
8.9 and 6.3 SLPM at 70% throttle between 25-60 Hz. The flow rate for both sample lines (10’
and 30’) was 6.6 and 5.3 SLPM at 90% throttle between 25-60 Hz.

13. Aerosol Observation and Separation in Amine-Based CO, Capture p.159
by Matt Beaudry

Amine emissions in aerosol form have been observed as a significant problem for amine-based
CO; capture plants. Unarrested soot and hydrolyzed SO3; condense in the absorber while
collecting amine. Conventional water wash columns are ineffective at removing the amine once
it is captured in the aerosols. While Brownian diffusion units have proven to be fairly effective
at reducing amine emissions, cyclonic separators offer the potential for improved capture
performance with a simpler system at a lower cost. A swirl tube cyclonic separator has been
designed and will be implemented in both the Aerosol Growth Column and the PRC Pilot Plant.
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The flexibility of the design will allow for capture of aerosols at controllable sizes. Another
aerosol sampling system has been designed to utilize centrifugal forces to control the size of
particles sampled by FTIR analysis. It is hoped that this will provide similar data to the PDI with
more robust and less expensive equipment.

14. Amine Degradation in Pilot Plants p. 168
by Paul Nielsen

In a oxidation experiment using 4 m PZ in the HTOR degradation rig cycled from 40 °C to
150 °C, the rate of ammonia production, a major oxidation product, was approximately half that
previously observed with 8 m PZ at similar conditions. The ammonia rate increased over the
course of the experiment, and appeared to be tracking along with the accumulation of dissolved
metal ions in solution. The metal ions may be participating in a free radical shuttling mechanism
to oxidize the amine. A nitrogen bubble column designed to remove dissolved oxygen was
partially effective, reducing ammonia generation by 20%. 0.24 moles of total formate were
produced per mole of ammonia generated.

Degraded MEA solvent samples were analyzed from a 2-week campaign conducted at the NCCC
pilot plant in June 2014. 55 mmol/kg of N-(hydroxyethyl)-glycine and 19 mmol/kg of formate
accumulated during the campaign. No significant accumulation of nitrosamine was observed.

Samples were analyzed from a new vacuum reclaimer being tested at the Searles Valley Minerals
Facility pilot plant operated by HTC in Trona, California, using 20 wt % MEA. The reclaimer
waste typically contained 2 to 3 moles of MEA per mole of heat stable salt. The purified MEA
product stream had no significant contamination.

15. NO, Absorption into Aqueous Amines and Sulfite p.178
by Nathan Fine and Virbin Nath Sapkota

Nitric oxide (NO) and nitrogen dioxide (NO) were absorbed into aqueous amine to determine
the absorbing species, the absorption Kinetics, and the aqueous products at the ppm-level NOy
concentrations typical of flue gas from fossil fuel power plants. At flue gas conditions of 0.5-5
ppm of NO,, absorption is dominated by free radical absorption of NO, as nitrite. NO,
absorption kinetics are first order in NO; partial pressure, half order in free amine concentration,
and fastest in methyldiethanolamine (MDEA). The reaction-enhanced liquid mass transfer
coefficient for NO, absorption in 8 m piperazine (PZ) at absorber conditions is
9.7*107 mol/s-m?-Pa, vyielding 92% NO, absorption at a typical A/G of 3.3*10° s-Pa-m?/mol.
Similarly, 9 m monoethanolamine (MEA) will absorb roughly 70% of the inlet NO, while 7 m
MDEA/2 m PZ will absorb over 99% of the NO,. Nitrite and nitrate are the main NO
absorption products in MDEA with nitrite dominating at low NO, partial pressures. In PZ, the
amine free radical formed during NO, absorption will react directly with NO to form n-
nitrosopiperazine (MNPZ), or react with itself to form 2-piperazinol (2-PZOH). Typical
nitrosamine yields in 5 m PZ are around 15% of total absorbed NO, and can be halved with the
addition of 200 mM Inhibitor A (Inh A), a free radical scavenger. Nitrate and nitramine are
minor products of NOy absorption, accounting for less than 5% of total absorbed NOy.

This quarter, rates of sulfite (SO5>) oxidation during nitrogen dioxide (NO,) absorption into

sulfite solutions were measured using the high gas flow apparatus. The SOs* absorbs NO, via a

free radical mechanism that produces sulfite radical (SO;™ -) and nitrite. The radical then

catalyzes SO3* oxidation to form sulfate. Free radical scavengers such as thiosulfate can be
11



added to suppress radical concentrations and inhibit sulfite oxidation. The effects of thiosulfate,
sulfite, NO, absorption, temperature, and O, partial pressure were investigated. Under normal
industrial conditions, oxidation is inverse half-order in thiosulfate, first order in sulfite, and half
order in NO, absorbed. Sulfite oxidation shows little dependence on O, partial pressures above 5
kPa but has a strong dependence on O, at lower partial pressures. Oxidation from 20 °C to 65 °C
was fit using the Arrhenius equation with an activation energy of 24.1 kJ/mol. The addition of
0.01 mM Fe increased oxidation rates by a factor of 3 compared to solutions with 0.01 mM
EDTA added to chelate metals.

16. lon Exchange for Metals Removal from Amine Solutions p. 194
by Kent Fischer

Several experiments were conducted to test metals removal from amine solutions using an ion
exchange resin. Amines tested include MEA, PZ, and a degraded PZ solution from a pilot plant.
The resin tested was Amberlite IRC748i, a resin which shows promising selectivity for cations
from high pH solutions. High metal selectivity is due to the very favorable complex formed
between the resin functional group and strongly cationic metals.
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Abstract

A Ph.D. research proposal has been prepared on aqueous piperazine blends for CO, capture. A
number of contributions are expected from this work:

1.

2.

Review existing relationships between the amine structure and its properties, such as
thermal stability and volatility;

Experimentally screen PZ-based amine blends for thermal and oxidative stability,
volatility, CO; cyclic capacity, and CO, absorption rate;

Investigate a) the relationship between pKa of the blended tertiary amine and CO, cyclic
capacity of the PZ/tertiary amine blend using the wetted wall column, and b) the
relationships between the amine structure and its properties (thermal stability and
volatility) for ether amines, piperidines, morpholines, and imidazoles;

Characterize and evaluate selected PZ-based amine blends for low partial pressure CO,
capture;

Develop a rigorous thermodynamic and kinetic model for selected PZ-based amine blend
in Aspen Plus®.
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Summary

Amine scrubbing has shown the most promise for effective capture of CO, from coal-
fired flue gas. However, the high capital expenditure (CAPEX) and operational expenditure
(OPEX), as a result of low CO, partial pressure in flue gas and potential Environmental Health
and Safety (EHS) issues, impede its commercial application. Novel solvent development and
process optimization are two important approaches to solving these issues. This study will focus
on the first approach. Concentrated piperazine (PZ) has the most outstanding properties for low
partial pressure CO, capture (high cyclic CO, capacity, high CO, absorption rate, high solvent
stability, and low volatility), but its industrial application is limited by its low solubility in water.
The objective of this work is to find a suitable amine to blend with less concentrated PZ, so that
this blend maintains the desired properties of concentrated PZ for low partial pressure CO,
capture but alleviates the solvent solubility issue.

Five research goals are proposed:

e Review existing relationships between amine structure and its properties, such as thermal
stability and volatility;

e Experimentally screen PZ-based amine blends for thermal and oxidative stability,
volatility, CO; cyclic capacity, and CO, absorption rate;

e Investigate a) the relationship between pKa of the blended tertiary amine and CO, cyclic
capacity of the PZ/tertiary amine blend using the wetted wall column, and b) the
relationships between the amine structure and its properties (thermal stability and
volatility) for ether amines, piperidines, morpholines, and imidazoles;

e Characterize and evaluate selected PZ-based amine blends for low partial pressure CO,
capture;

e Develop a rigorous thermodynamic and kinetic model for selected PZ-based amine blend

in Aspen Plus®.



These five goals are expected to be finished by 2016 May, and a dissertation and three

journal papers will be published. A detailed research timeline is shown below.

2014 2015 2015 2016
Sep-Dec | Jan-Jun Jul-Dec Jan-May

Review amine structure-property relationships | V

Screen PZ-based amine blends \Y

Investigate amine structure — property v

relationships

Characterize selected solvent \

Develop Aspen Plus® model Vv

Write dissertation Vv

BACKGROUND AND MOTIVATION

Anthropogenic greenhouse gas emissions are changing climates worldwide (IPCC, 2014).
Mitigation of greenhouse gas emissions can substantially reduce risks of climate change in the
second half of the 21st century (IPCC, 2014). CO; emissions from fossil fuel combustion and
industrial processes contributed about 78 % of the total GHG emission increase from 1970 to
2010, and accounted for 65% of the total anthropogenic GHG emissions in 2010 (IPCC, 2014).

The coal fired power plant is the largest single source of carbon emissions, accounting for
29% of U.S. CO; emissions (IEA, 2014) and 31% of world emissions (IEA, 2013). In 2013, the
U.S. Environmental Protection Agency (EPA) announced the new carbon emission standard for
the new and existing coal-fired power plant, aiming to reduce 30% carbon emissions by 2030,
from 2005 levels (EPA, 2014). Under this regulation, the power sector has to add the carbon

control technology to the coal-fired power plant or shift to other carbon-free power generation.




Amine scrubbing has shown the most promise for effective capture of CO, from coal-
fired flue gas (Rochelle, 2009). A typical amine scrubbing process for CO, capture is shown in
Figure 1. Desulfurized flue gas from coal combustion with 12% CO; is contacted with the
aqueous amine in the absorber where 90% of the CO, is removed. The rich solvent from the
bottom of the absorber is sent to the stripper and heated for CO, regeneration. The hot lean
solvent is cooled by the cold rich solvent in the cross exchanger before being recycled back to
the absorber. The stripped CO, is then compressed to 150 bar for further storage and
sequestration. Aqueous monoethanolamine (MEA) with a concentration of 15-30 wt % has been
previously used in similar applications such as CO, removal from natural gas and hydrogen, and

is currently considered the benchmark solvent for flue gas CO, capture (Rochelle, 2009).

Compressor Condenser

|
Vented gas co. < |\I

Water
Trim Cooler
Cross Exchanger /‘ '\
< ) >

Absorber Stripper

Flue gas

>

~— Rich Solvent Lean Solvent \T’

Q Reboiler

Figure 1 Basic amine scrubbing process for CO, capture.

Although amine scrubbing is a mature technology and has been used in the gas treating
industry for around 100 years (Bottoms, 1930), the low CO, partial pressure in flue gas will lead
to high capital and operating costs of the amine scrubbing unit. Current estimates suggest a 40—
70% increase in electricity prices to remove 90% CO, from a coal-fired power plant (NETL,
2008). To minimize capital and operating costs, current research efforts focus on 1) finding new
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solvents with desirable chemical and physical properties at low costs; and 2) optimizing process
design to improve efficiency (Rochelle, 2009). This work focuses on the first category by
screening piperazine (PZ)-based amine blends in terms of their CO, capture performance, and
potential Environmental Health and Safety (EHS) issues. Generally, a desired solvent should
have the following properties.

1. High cyclic CO; capacity

The cyclic CO; capacity of a solvent can be calculated using the difference between the

lean and rich loading (Aacoz) and the total alkalinity in solution (Equation 1):

(Xpich — Xiean) mol alkalinity _ mol CO,

Capaaty - kg (amine+ H,0) kg (1)
CO; loading (oco2) of lean and rich solvent is calculated using Equation 2.
Nco2
(= ————
Nalkalinity (2)

For coal-fired flue gas, the normal operation lean and rich loading correspond to
equilibrium CO; partial pressures of 0.5 kPa and 5 kPa at 40 °C, respectively, in order to
maintain enough driving force for CO, absorption throughout the absorber. Cyclic CO, capacity
represents the amount of CO, removed per unit mass of solvent. With higher capacity, less
solvent is required to remove the same amount of CO,. The capacity value directly relates to the
sensible heat requirement for stripping, pump work, and the size and cost of the cross-exchanger

(Lietal., 2011).

2. Fast Rate

The absorption rate of CO, by amine can be described by Equation 3.
Gas - Xcop - REMOVal Percentage = Area, i, - K, (PCOZ -P; ) (3)
Where,

Gyas 1S the flue gas flow rate.
Xcoz IS the percentage of CO; in flue gas.
Pcoz is the partial pressure of CO; in flue gas.

Pcoz2* is the equilibrium CO, partial pressure of loaded amine solvent.
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Kg' is the liquid film mass transfer coefficient defined in gas film units.

The removal of CO; is a function of packing area, mass transfer coefficient (ky’) and
driving force. With same driving force, large kg’ reduces the amount of packing required for the
same amount of CO; removal, which leads to smaller absorber size and thus lower capital cost.
A simple absorber design estimated that for unit volume of flue gas, the required packing area
for fast amines such as 5 m N-methyl-diethanolamine (MDEA)/5 m PZ is only 1/2 to 1/3 of that
for slow solvents like Diglycolamine® (DGA®), methyl-amino-propane amine (MAPA), and 2-
amino-2-methyl-1-propanol (AMP) (Chen, 2011). On the other hand, for an absorber with fixed
amount of packing and CO, removal, larger kg’ also allows smaller driving force to be used and
thus less solvent circulate rate.

3. Resistance to thermal degradation

At high temperature, amines can degrade by different mechanisms, resulting in solvent
makeup cost and potential EHS issues. While the rate of amine degradation increases with
increase in temperature, the energy performance of the process improves with higher stripper
operating temperature (Oyenekan and Rochelle, 2007). Stripper operating temperature is limited
by the rate of thermal degradation, and the optimum corresponds to the maximum tolerable rate
of amine loss. Previous work by Davis (2009) suggests the acceptable rate of degradation (k)
for 7 m MEA is 2.9x10® s with stripper temperature at 121 °C. This optimum is calculated by
the trade-off between the cost of MEA loss and the energy benefits of higher stripper
temperature and pressure (Oyenekan and Rochelle, 2007).

4. Resistance to oxidation

Oxidation is the degradation of amine in response to the oxygen in the flue gas (Sexton,
2009). Oxidation causes the major amine loss in CO, capture process for coal-fired flue gas. In
addition, some oxidative degradation products are corrosive or toxic (Karl et al., 2011).

5. Low volatility
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Amine volatility is one of the key criteria used in screening an amine solvent for CO,
capture due to a number of reasons including: (1) amine losses up the stack can react in the
atmosphere to form ozone and other toxic compounds; (2) high volatility losses can result in
greater solvent make-up costs; (3) additionally high losses will require the use of larger water
wash units, and more water, to capture fugitive amines prior to venting - these translate to higher
capital and operating costs (Nguyen, 2011).

6. Low solvent cost

Due to the low CO, partial pressure and high flow rate of flue gas in coal-fired power
plant, a large amount of solvent is required for CO, capture. For a 300 MW coal-fired power
plant, around 3000 gal solvent is needed. Solvent cost accounts for 5% of total capital cost.

7. Others

High solvent solubility and low viscosity are also preferred, as they allow high amine
concentration used in the solvent, and give better CO, absorption performance in general.

Concentrated piperazine (PZ) has been proposed as a possible alternative to 30 wt %
MEA (Rochelle et al., 2011). PZ has about twice the CO, absorption rate and CO, capacity, and
greater resistance to oxidative and thermal degradation than 30 wt % MEA, which can lower the
heat duty for the stripper in amine scrubbing systems by approximately 10 % (Rochelle et al.,
2011). In spite of desirable characteristics, the application of concentrated PZ in industry may be
limited by solid precipitation at both lean and rich CO; loading (Rochelle et al., 2011). At room
temperature (20 °C), 8 m PZ requires a loading of 0.26 mol CO,/mol alkalinity to stay in solution,
and it also forms solids at high CO, loading. Blending solvents already in use is one approach to
combine desirable characteristics. Several PZ-based amine blends were identified as alternative
to 8 m PZ, such as 5 m PZ/5 m methyldiethanolamine (MDEA), 2 m PZ/4 m 2-amino-2-methyl-
1 propanol (AMP), 5 m PZ/2 m N-(2-aminoethyl) piperazine (AEP), and 4 m PZ/4 m 2-
Methylpiperazine (2-MPZ). Although these PZ-based blends alleviate the solubility issue of
straight PZ to some extent, they suffer from other problems. PZ/MDEA and PZ/AMP are not
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thermally stable. AMP has a much higher volatility than PZ. 5 m PZ/2 m AEP has a 20% lower
capacity than 8 m PZ. 4 m PZ/4 m 2MPZ has a 20% lower absorption rate than 8 m PZ.

OBJECTIVES OF THIS WORK

The objective of this work is to find a suitable amine to blend with less concentrated PZ,
so that this blend maintains the desired properties of concentrated PZ for low partial pressure
CO,, capture but alleviates the solvent solubility issue.

Five research goals are proposed:

1. Review amine structure-property relationships

It is not feasible to screen every amine for CO, capture. However, with the
understanding of desired amine properties and amine structure-property relationships, we can
largely narrow down the list of amine to be screened. As amine scrubbing is believed to be the
most feasible method to capture CO, from coal-fired flue gas, which accounts for one third of the
total CO, emission (IEA, 2013), some research efforts were made to understand the amine
structure-property relationships (Nguyen, 2013; Freeman 2011; Chen, 2011). It is necessary to
review and summarize these empirical or theoretical rules as a guideline for our screening work.

2. Screen PZ-based amine blends

As mentioned earlier, although concentrated PZ has better CO, absorption performance
than 30 wt % MEA (Rochelle et al., 2011), its industrial application is limited by its narrow
solubility window in water at low temperature. Blending solvents already in use is one approach
to combine desirable characteristics. The objective of this work is to find a suitable amine to
blend with less concentrated PZ, so that this blend maintains the desired properties of
concentrated PZ for low partial pressure CO, capture but alleviates the solvent solubility issue.

3. Investigate the amine structure — property relationships

The CO, solubility of an amine depends on both pKa and carbamate stability of the
amine. Due to the lack of carbamate stability information, no general correlation has been

established to relate amine structure to its CO, solubility. However, as tertiary amine cannot
9
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form carbamate, its CO, solubility primarily depends on its pKa. In the case of PZ/tertiary amine
blends, the CO, cyclic capacity also primarily depends on the pKa of tertiary amines, and thus a
semi-empirical correlation can be established with sufficient CO, solubility data in PZ/tertiary
amines with a wide range of pka.

Although recent years some research efforts were made to understand the amine
structure-property relationships (Nguyen, 2013; Freeman 2011; Chen, 2011), most of them
focused on acyclic alkanolamines, acyclic diamines, and PZ derivatives. There is a lack of
understanding on the CO, absorption of ether amines, piperidines, morpholines, and imidazoles.
Therefore, this study will investigate 1) the relationship between pKa of the blended tertiary
amine and CO; cyclic capacity of the PZ/tertiary amine blend using the wetted wall column, 2)
the relationships between the amine structure and its properties (thermal stability and volatility)
for ether amines, piperidines, morpholines, piperazines, and imidazoles.

4. Characterize selected solvent

The selected PZ-based amine blend will be rigorously characterized and evaluated. CO;
solubility and absorption rate will be measured using the wetted wall column. Thermal stability
will be measured using Swagelok® 3/8-inch OD 316 stainless steel thermal cylinders. Oxidation
will be measured in a low gas flow agitated reactor with 100 mL/min of a saturated 98%/2%
0,/CO, gas mixture fed into the reactor headspace. Volatility will be measured in a stirred
reactor coupled with a hot gas FTIR analyzer (Fourier Transform Infrared Spectroscopy, Temet
Gasmet Dx-4000).

5. Develop Aspen Plus® model

To predict the overall performance of the selected PZ-based amine blend, it is necessary
to develop a rigorous model which can accurately predict the thermodynamic properties and
kinetic properties of the solvent. Electrolyte-Nonrandom Two-Liquid (eNRTL) model will be

used as the thermodynamic framework in Aspen Plus®. Experimental data (CO, solubility, CO,

10
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absorption rate, solvent volatility, NMR speciation, and viscosity) will be regressed to obtain

model parameters.

11
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Appendix A: Literature Review for Amine Structure-Property
Relationships

1. Volatility

Nguyen (2011) investigated the volatilities of amine solvents used in post-combustion
CO; capture from coal-fired power plants. Nguyen’s work is one of the largest sources of
experimental data available for amine-water volatility measurements, and for the first time it
provided a large amount of amine volatilities in CO, loaded systems. A group contribution
model was proposed by Nguyen to correlate amine volatilities to molecular structures. Nguyen’s
model gives accurate predictions of aqueous volatilities for saturated aliphatic amines. In
general, amines having one or more polar groups, such as amino, hydroxyl, and ether groups,
tend to be less volatile due to favorable interactions with water. The presence of one or more
methyl groups in a structure contributes to non-polarity or greater volatility as is the case of
AMP. As a second order effect, the presence of an N-CHg contribution in a straight chained
amine, or a C-CHj3 contribution in a cyclic amine, correlates to lower volatility, respectively.
Finally, to a small extent, the cyclic amines appear to be less volatile than straight chain amines
(Nguyen, 2011).

2. Thermal degradation

Thermal degradation for an extensive list of amines was investigated in Rochelle’s group
(Freeman, 2011; Davis, 2009). Five mechanisms were proposed by Rochelle (2012) for thermal
degradation of amines.

a) Cyclic urea formation (Ethylenediamine)

Diamine structures where two secondary or primary N’s are separated by two or three
carbons readily degrade at lower temperature in the presence of CO, to produce cyclic ureas

(imidazolidinone), such as the production of imidazolidinone from ethylenediamine (EDA):

,c’)
N+ co, =— HN/\NH
H,N 2 — + H0
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This reaction is reversible, especially at greater temperature. However, the equilibrium
concentration of the cyclic urea is substantial and represents an unacceptable loss of active amine.

b) Carbamate Polymerization

Primary and secondary alkanolamines with two or three carbons between the N and O
degrade by reversibly forming a cyclic oxazolidinone from the carbamate, which then reacts with

another amine to form a dimer of the starting amine or form urea:

'T
NH
Ho/\/ 2 4+ €O, =—5 0/\NH

+ H,0
/\/NH2 + Q NH =— HO NH; 4 co
HO SN O 2

o]
<~—— HO )‘\ OH
NH =—+ \/\NH NH/\/

c) Transalkylation and elimination

Tertiary amines appear to degrade by two mechanisms. All of the tertiary amines
participate in transalkylation, especially in the presence of secondary N’s in the parent molecule
or from other degradation mechanisms. These SN, reactions are catalyzed by CO, or acid
loading to protonate the tertiary amine. Tertiary amines react even more readily with a
quaternary amine. Elimination from the quatenary amine will result in the net production of the
secondary amine. Elimination may be faster with ethyl alcohol or ethyl amine attached to the
tertiary N.

CH, CHg

| |+
N NH
Ho” >INy + HOT N N o

AR
o™ AN o + o™ >Ny

H3C
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CH, CHg

& NH—CH, + o

N T /\/
HO/\/ I \/\OH + H,0 = HO/\/ 3" HO

H,C
d) Ring closing or opening
Amines with a ring structure, such as piperazine (PZ) degrade by ring opening. The
initial product of PZ degradation, aminoethylaminoethylpiperazine (AEAEPZ) is subject to
further degradation by cyclic urea formation. The cyclic urea reacts with PZ to produce

oligomers and fragments such as ethylenediamine (EDA) and ammonia.
NH
HN NH + HN NH, == \)
HN

./

Long chain diamines, such as DGA®, degrade by ring closing.

)

¢}
HZN/\/ \/\OH == HN 0 + Ho

.

e) Blend Synergism
A blend of amines may degrade faster than either amine, as in the case of PZ/MEA and
PZ/MDEA, or slower than either amine, as in the case of PZ/AEP. The blend of MEA with PZ

degrades fast because the reactive PZ readily reacts with the MEA oxazolidinone to produce the

o) HN/\\ HLO
H

/\ 0.0 _
HN\_/NH + <’NH ‘\/N\/\N

The blend of AEP with PZ degrades slowly because they are the major degradation products for

cross dimer.

each other, and thus reach equilibrium faster when blended.

Generally, cyclic amines without a side chain, diamines where two secondary or primary
N’s are separated by more than three carbons, and alkanolamines with more than three carbons
between the N and O show the highest thermal stability. Hindered amines show medium thermal

stability.
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Appendix B: Experimental Methods

1. Viscosity Measurements

Viscosity of amines was measured using a Physica MCR 300 cone and plate rheometer
(Anton Paar GmbH, Graz, Austria). The method was described by Freeman (2011). The
average value and standard deviation calculated from 10 individual measurements for each
sample was reported.

2. Thermal Degradation

Thermal degradation was measured in 3/8-inch OD 316 stainless steel thermal cylinders.
Cylinders were filled with 4 mL of amine solution with around 1 mL of headspace, sealed with
two Swagelok® end caps, and placed in forced convection ovens maintained at the target
temperature. Individual cylinders were removed from the ovens at each sampling point and then
analyzed for degradation products, degradation rate, and CO; loading, using a Dionex ICS-2500
cation ion chromatograph, a Dionex ICS-3000 modular Dual Reagent-Free anion ion
chromatograph (Dionex Corporation) and an infrared CO, analyzer (Horiba Instruments Inc.,
Spring, TX). The details of the experimental apparatus, procedure, and analytical methods were
described by Freeman (2011).

3. Oxidative Degradation

Oxidative degradation experiments for amines spiked with 0.05 mM Cr**, 0.1 mM Ni?,
0.4 mM Fe? and 0.1 mM Mn* were conducted in a low gas flow agitated reactor with
100 mL/min of a saturated 98%/2% O,/CO, gas mixture fed into the reactor headspace. The
duration of the experiment was 1-2 weeks and 3 ml samples were taken every two to three days
and water was added periodically to maintain the water balance of the reactor contents. The
liqguid samples were analyzed for amines, and their degradation products using ion
chromatography. The details of the experimental apparatus, procedure, and analytical methods
were described by Sexton (2009).

4. Volatility

16
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Amine volatility was measured in a stirred reactor coupled with a hot gas FTIR analyzer
(Fourier Transform Infrared Spectroscopy, Temet Gasmet Dx-4000). This was the same method
and apparatus used by Nguyen to measure amine volatility and CO, partial pressure in loaded
solutions (Nguyen, 2011).

5 WWC

CO; absorption rate and equilibrium partial pressure in amines were measured from 20 to
100 °C using a wetted wall column (WWC), which countercurrently contacted an aqueous amine
solution with a saturated N,/CO; stream on the surface of a stainless steel rod with a known
surface area to simulate the situation of CO, absorption in an absorber. The detailed description

of wetted wall column measurement was given by Li (2013).

17



Appendix C: Amine Table for Solvent Screening

Table C1: Amine table for solvent screening

31

No. Amine Structure MW
Piperidines
HN
1 4-amino-piperidine 100.16
NH,
NH,
2 4-aminomethyl-piperidine HOA 114.19
NH,
3 3-aminomethyl-piperidine 114.19
N
NH
4 2-aminomethyl-piperidine - 114.19
HO
5 nortropine @ 127.18
OH
6 3-quinuclidinol @ 127.18
N
7 4-hydroxypiperidine Ho@NH 101.15
OH
8 3-hydroxypiperidine Ej/ 101.15
H
9 2-piperidinoethanol N 129.2
p1p < > KOH

18
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Morpholines

11

12

13

3-morpholino-1,2-propanediol

1-(2-hydroxyethyl)morpholine

4-(2-aminoethyl)morpholine

3-(4-morpholinyl)propylamine

o N
™

N_\—
OH

161.20

131.17

130.19

144.22

Piperazines

14

15

16

17

1,4-diazabicyclo [2.2.2] octane

1-ethylpiperazine

1-(2-hydroxyethyl)piperazine

1,4-bis(3-aminopropyl)piperazine

112.18

114.19

130.19

200.32

Imidazoles

18

imidazole

68.08

19
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HaC—_
19 1-methylimidazole ’ N® 82.1
—N
A
HN
20 2-methylimidazole >/_? 82.1
H3;C
CH
21 4(5)-methylimidazole HNL\ ’ 82.1
—N
HaC XX
22 1,2-dimethylimidazole \—\ 96.13
HC
NN
23 2-ethylimidazole \)/:? 96.13
HyC
X\ CHs
HN
24 2-ethyl-4-methylimidazole \)/:?/ 110.16
HsC
H,N
25 1-(3-aminopropyl)imidazole \\\\ 125.17
N/§
\—y
Acyclic tertiary and hindered amines
OH
26 2-amino-2-methyl-1,3-propanediol HZN\|/AOH 105.14
CHs
OH
HoN
27 2-amino-2-ethyl-1,3-propanediol OH 119.16

20
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CH,
28 2-amino-1-butanol HZN{ 89.14
OH
HO
29 diisopropanolamine HyC NH 133.19
_>70H
H,C
OH
. H3C /_/
30 2-(Isopropylamino)ethanol >7NH 103.16
H,C
) ) ) H3C—N/ OH

31 3-(dimethylamino)-1,2-propanediol 119.16

OH

HaC——
32 3-diethylamino-1,2 diol / 147.22
-diethylamino-1,2-propanedio HC _>_\ 7.
HO OH
Acyclic primary and secondary amines
H,N
0
33 1,2-bis(2-aminoethoxy)ethane \o_/_ \ 148.20
NH,
HaC
o_\_
34 bis(2-methoxyethyl)amine NH 133.19
O—CH,

HyC—NH O—CHs
35 1,1-dimethoxy-2-methylaminoethane 119.16

O—CH,

21
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Appendix D: Preliminary Results

1. Thermal degradation

A thermal degradation screening test was conducted for the PZ-based amine blends
(Table C1). The thermal degradation of 6 m PZ/2 m amine with 0.2 mol CO,/mol alkalinity was
measured at 150 °C for 2 weeks. The thermally stable amines (amine loss is less than 10%) are
summarized in Table D1.

Table D1: Thermally stable amines

No. Amine Structure MW

Piperidines

HN
1 4-amino-piperidine O\ 100.16
NH,
NH,
2 4-aminomethyl-piperidine HOA 114.19
NH,

3 3-aminomethyl-piperidine 114.19

N

H

4 4-hydroxypiperidine Ho@NH 101.15
OH
5 3-hydroxypiperidine [j/ 101.15
N
H

Morpholines
6 1-(2-hydroxyethyl)morpholine Q N 131.17
S\
o N
7 3-(4-morpholinyl)propylamine N _\_\ 144.22

22



36

Piperazines

1-ethylpiperazine

1-(2-hydroxyethyl)piperazine

114.19

130.19

Imidazoles

10

11

12

13

14

15

16

imidazole

1-methylimidazole

2-methylimidazole

4(5)-methylimidazole

1,2-dimethylimidazole

2-ethylimidazole

2-ethyl-4-methylimidazole

68.08

82.1

82.1

82.1

96.13

96.13

110.16

Acyclic primary and secondary amines

23
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17 bis(2-methoxyethyl)amine 133.19

2. Oxidation

Oxidation of 5 m PZ/5 m 2-ethylimidazole (2E-IMI) at 70 °C in the presence of 0.1 mM Mn?**
and the typical SSM mixture (0.4 mM Fe**, 0.05 mM Cr**, and 0.1 mM Ni*"), was investigated in the low
flow gas apparatus for 2 weeks. The amine loss is shown in Figure D1. It can be seen from Figure D1

that both PZ and 2E-IMI in the blend are resistant to oxidation.

1 e ® 8 @ PZ
2E-IMI
v
()
£ 0.8 -
£
© ®
© 0.6 -
=
= ®
004 - e
o @
o
= 7 m MEA (Voice, 2013)
o) 0.2 -
L .
U
0 ) L ) L
0 1 2 3 4 5
Time (day)

Figure D1: Amine loss for 5 m PZ/5 m 2E-IMI at 70 °C in the presence of O, as well as 0.1 mM
Mn?*, 0.4 mM Fe**, 0.05 mM Cr*, and 0.1 mM Ni®*

3. WWC
The CO; solubility in loaded 5 m PZ/5 m 2E-IMI was measured at 40 °C (Figure D2). The CO,
partial pressure of 8 m PZ is given for comparison. Figure D2 shows that CO, partial pressure of 5 m

PZ/5 m 2E-IMI at 40 °C is consistently higher than that of 8 m PZ at the same temperature, indicating a

24
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lower CO, solubility in 5 m PZ/5 m 2E-IMI. Although CO, absorption rate into 5 m PZ/5 m 2E-IMI is
higher than 8 m PZ during normal loading range (Figure D3), the working capacity of 5 m PZ/5 m 2E-
IMI (0.64 mole per kg amines + water) is 25% lower than that of 8 m PZ (0.86 mole per kg amines +
water) (Li et al., 2013). However, as 5 m PZ/5 m 2E-IMI has a much lower viscosity than 8 m PZ, its
normalized CO, capacity is similar to that of 8 m PZ. The normalized CO, capacity and average
absorption rate of 5 m PZ/5 m 2E-IMI is shown in Figure D4, with 8 m PZ, 7 m MEA, and 5 m PZ/5 m

MDEA as comparison.

5.E+5 : -
Viscosity: 4.5 cP
(13.2 cP for 5 m PZ/ 5 m MDEA and 10.8 cP for 8 m PZ)
5.E+44
5m PZ/5 m 2E-IMI
5 E43 8 mPZ P
+ -
_ | - |
a ! -
e 5 - |
S5.E+2 | / L "+
o | - i
- E
- - : |
5.E+1 - i
- i
- 0.64 mol/kg i 0.86 mol/kg |
- ! i |
5.E+D 1 1 1 1 Ir 1 1 1 IE I 1 1 1 1 I 1 1 1 | i |= 1 1 1 i 1 ] 1 1 ==

0.1 0.15 0.2 0.25 0.3 0.35 0.4
CO, loading (mol/mol Alk)

Figure D2: CO; solubility for 5 m PZ/5 m 2E-IMI (Dashed lines: 8 m PZ equation model at
40 °C from Xu (2011)).
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kg' (mol/Pam2s)

1.E-7
50

e 5 m PZ/5 m 2E-IMI

500 5000
PCO,* 40C (Pa)

50000

Figure D3: Mass transfer coefficients (kg’) in 5 m PZ/5 m 2E-IMI (solid lines) at 40 °C,

compared to that in 8 m PZ (dashed line) at 40 °C.
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= - 5 m PZ/5 m 2E-IMI
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E 14 ‘E
> 12 T O 5mPZ
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f i 5 m PZ/5 m MDEA
s E ® ®
e 87 8 m PZ
0T 7 m MEA

4 + 9. L .

0.6 0.7 0.8 0.9

Normalized CO, Capacity (mol CO,/kg solvent)

Figure D4: Normalized CO; capacity and average mass transfer coefficients (kg’) for 5 m
PZ/5 m 2E-IMI, compared to other common amines.
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Abstract

The secondary amine diethanolamine (DEA) was tested as a solvent for CO, capture using the
wetted wall column (WWC). The concentration of the amine in the solvent was 7 m, so the
results are directly comparable to the base case solvent, 7 m monoethanolamine (MEA). The
CO; absorption rate and solubility in 7 m DEA was measured at 20, 40, 60, and 80 °C. The
absorption performance of the solvent in an absorber for coal flue gas is estimated from the mass
transfer data. The CO; carrying capacity and heat of absorption are calculated from the CO,
solubility data. The performance of 7 m DEA is then compared to 7 m MEA and other primary
unhindered amine solvents. The absorption rate of 7 m DEA at coal flue gas conditions is about
10% higher than that of 7 m MEA. The intrinsic capacity of DEA is double that of MEA. The
CO;, capacity of 7 m DEA is about 60% higher than that of 7 m MEA. The heat of absorption of
CO,, for 7 m DEA is lower or about the same as for 7 m MEA.

Introduction

An agueous amine solvent using 7 m diethanolamine (DEA) was tested in the wetted wall
column during this quarter. The molecular structure of DEA is shown in Figure 1. DEA is a
secondary amine with a low pKa of 8.89 at 25 °C. The aim of this work is to understand the
effect of primary vs. secondary molecular structure, as well as pKa, on the absorption rate and
capacity of CO, in the solvent. The CO, liquid film mass transfer coefficient and solubility in
7 m DEA was measured at 20, 40, 60, and 80 °C. The average absorption rate of CO, in an
absorber and the CO; capacity of 7 m DEA are estimated from the mass transfer and solubility
data. The results of 7 m DEA are compared with 7 m MEA (Dugas, 2009), 7 m
monoisopropanolamine (MIPA), and 7 m methylpropanolamine (MPA), to demonstrate the
effect of pKa and molecular structure on the performance of the amine as a capture solvent.
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HO_\_NH
\_\

OH
Figure 1: Molecular structure of diethanolamine (DEA)

Experimental Methods

The wetted wall column apparatus and experimental methods are the same as those used by Chen
(2011). The current standard operating procedure for the WWC experiment is included in the
second quarterly report of 2012 (Rochelle et al, 2012).

Materials

The amine solvents were prepared gravimetrically. To achieve each CO; loading, gaseous CO;
(99.99%, Matheson Tri-Gas) was bubbled into the solvent. The chemicals used in solvent
preparation are listed in Table 1.

Table 1: Materials Used for Solvent Preparation

Chemical Purity Source

Diethanolamine 99% Fisher Scientific

Analytical Methods

Liquid samples from each WWC experiment were analyzed for CO, content and total alkalinity.
The total inorganic carbon (TIC) method was used to measure the total moles of CO, per unit
mass of liquid sample. For each sample, TIC was performed in triplicate and the average value
was reported. The acid titration method was used to determine total alkalinity in each sample,
and the reported values are an average of triplicates. The apparatus and method for both TIC and
acid titration are identical to those used by Freeman (2011).

Safety considerations

The wetted wall column apparatus is set up in a fully vented hood. At high temperature and
pressure operating conditions, the sample collection process could result in projection of hot
liquid solvent and must be performed with care. When the apparatus cools from high
temperatures, the system must maintain pressure around 5 psi or more to avoid flashing of the
liquid solvent. During the experiment, it is important to ensure the gas line remains open at all
times to avoid a drastic increase in system pressure.
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Results and discussion

Absorption rates

1.E-06

k,' (mol/Pa's m?)

1.E'O7 ! ! ! ) L I 1 TR R T T B

100 1000 10000
Pco, @ 40 °C (Pa)

Figure 2: Absorption rate result of 7 m DEA, compared with 7 m MEA at 40 °C (Dugas,
2009).

The liquid film mass transfer coefficient (ky) of CO, into 7 m DEA was measured at 20, 40, 60,
and 80 °C, and six different CO, loadings in the estimated operating range of a capture plant.
The measured result is plotted in Figure 2, and compared with the kg’ of 7 m MEA at 40 °C. The
kg’ of 7 m DEA shows little temperature dependence over the entire temperature and CO,
loading range of the experiment. At 40 °C, 7 m DEA has slightly higher kg’ than 7 m MEA over
the range of CO; loading tested.

The Ky at 40 °C for 7 m DEA is compared with other amines in Figure 3. The solvents include 7
m MEA (Dugas, 2009), 10 m Diglycolamine® (DGA®) (Chen, 2011), 7 m methylpropanolamine
(MPA), and 7 m monoisopropanolamine (MIPA) (Li, 2013). Also included is a primary
hindered amine 4.8 m 2 amino 2 methyl 1 propanol (AMP) (Chen, 2011). The kg’ for 7 m DEA
is slightly higher than all primary unhindered amines, and much higher than the hindered amine
solvent 4.8 m AMP.

The ky* at 40 °C measured by the WWC can be used to estimate the performance of the solvent
in an absorber. The Ky’ayg is calculated using Equation 1, which represents the average
absorption rate of CO, in an isothermal absorber between the operating lean and rich loadings for
coal flue gas (Pcoz* at 0.5 and 5 kPa).
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Fluxco, M _ (Fluxco,,top—FluXco, bottom)/ LN(Fluxco, top/ Fluxco, bottom) Q)
*
PCOz,tOP_PCOZ,lean
*
Pcoy,bottom™Pco, rich

' —
Yavg  (Pco,~Péo,)m (

* *
PCOz.mp_Pcoz,lean)_(Pcoz.bottom_Pcoz,rich)/L"

The calculated Kqavg for 7 m DEA is reported in Table 3, and compared with other solvents.

1.E-05
E7mMEA 40 °C
i / 10 m DGA®
/ 7 m MIPA
= 1.E-06
£
(7, ]
(C
3 4.8 m AMP
o
g I
~° 1E07 |
- 7 m MPA
1.E-08 S S Y R S S S Y R R
10 100 1000 10000 100000

Figure 3: Absorption rate of CO; at 40 °C for 7 m DEA and other primary amines
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CO; solubility
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100

Figure 4: CO; solubility of 7 m DEA at 20, 40, 60, and 80 °C. Compared with semi-
empirical model (Equation 2, Table 2), data for 4 M DEA (empty circles) and 5 M DEA
(asterisks) at 40 °C.

The CO; solubility in 7 m DEA was measured in the WWC at 20, 40, 60, and 80 °C. The
measured results are plotted in Figure 4. The experimental data was regressed to fit a semi-
empirical VLE model, which has the form shown in Equation 2.

2
aCOZ

% b axco
In(Pgo,) =a+5+c ac, +d-acp,” +e - —2+f— )

The parameters of Equation 2 are regressed by fitting the experimental data by the WWC. The
values of the parameters and the R® of the regression are summarized in Table 2. The model
shows a good fit to the experimental data, with an R? value of 0.995. The data collected using
the WWC and the model results are compared with literature values of DEA solvents at similar
concentrations. The data for 4 M DEA (Haji-Sulaiman, 1998) and 5 M DEA (Lee, 1972) are
plotted in Figure 4. The WWC data and the empirical model result show good agreement with
both sets of literature values.
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Table 2: Parameter values for the semi-empirical VLE model for 7 m DEA (Equation 2)

Parameter Value
335
-9046.0
5.13
0
0
3236.5
0.995

O O O T QD

A=
N

Table 3: Summary of performance parameters for 7 m DEA compared with other amines

Con  Kg'ayg @ 40 °C Capacity Aldg o 'L—Iibi g@kP
Amine coz =1.oKra
(M) x10'movpasm  molkgsoly Ol mg‘y kd/mol
DEA 7 4.86 0.8 0.2 73
MIPA 7 3.71 0.35 0.08 80
MPA 7 2.52 0.27 0.055 73
MEA 7 4.35 0.5 0.096 73

The CO, carrying capacity of the solvent was calculated using experimental VLE data and the
semi-empirical model. In Equation 3, it is shown that capacity is calculated as the product of the
intrinsic capacity of the amine (Aldg) and the concentration of total alkalinity in solution.

AC __ Aldg-mol alkalinity (3)
soly — kg (amine+ H,0)

The heat of absorption of 7 m DEA can be estimated from the CO, VLE data using the semi-
empirical model. The thermodynamic definition for heat of absorption can be approximated as
the temperature dependence of the gas-liquid equilibrium (Equation 4). The thermodynamic
relationship is applied to the semi-empirical VLE model to generate an expression for the heat of
absorption of CO,. In this approximation, the heat of absorption of CO, is a function of the CO,
loading.

dIn(Pco,)
a(1/T)
The calculated CO, capacity and heat of absorption for 7 m DEA are summarized in Table 3, and
the results are compared with other solvents. The capacity of 7 m DEA is much higher than the
primary unhindered amine solvents at the same total amine concentration. The CO; heat of
absorption in 7 m DEA is estimated to be lower or similar to the primary amine solvents.

The measured kg and CO, solubility data are summarized in Table 4. The detailed WWC results
are included in the Appendix.

—AHgps = —R =—R(b+e-aco, + [ aco,?) (4)
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Table 4: Pcoz* and kg’ measurement for 7 m DEA

CO, Ioading T kq' X 10’ Pcoo*
mol/mol alk °C mol/Pa s m* kPa
0.314 20 6.18 0.22
0.349 20 5.61 0.31
0.412 20 3.25 0.73
0.470 20 2.28 1.71
0.189 40 10.10 0.41
0.253 40 7.07 0.76
0.303 40 5.65 1.36
0.348 40 5.44 2.23
0.414 40 3.37 5.95
0.455 40 2.14 12.59
0.188 60 9.48 2.04
0.250 60 7.29 4.35
0.309 60 5.76 7.26
0.349 60 5.54 11.39
0.431 60 3.13 24.97
0.188 80 8.21 9.76
0.251 80 6.53 19.08
0.303 80 5.06 29.64
0.342 80 5.80 46.84

Conclusions

The secondary amine solvent 7 m DEA has competitive CO, absorption rates compared with 7 m
MEA. The measured CO, liquid film mass transfer coefficient (kq’) at coal flue gas condition is
about 10% higher than 7 m MEA. The secondary amine DEA has double the intrinsic capacity
of MEA. The CO, carrying capacity of 7 m DEA is 60% higher than 7 m MEA and other
primary unhindered amine solvents. The heat of absorption of CO, for 7 m DEA is estimated to
be lower than or about the same as 7 m MEA.

Future Work

Two secondary amine solvents are to be tested in the WWC during the next quarter. The CO,
solubility results measured by the WWC will be used in the simplified speciation model
developed in MATLAB to estimate the carbamate stability constant of the amines.
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Appendix
Table A.1. Detailed WWC results for 7 m DEA
DEA CO;, Ildg P*cop T P Gaspyy Gas Pcozin dry | Pcozin,wet | Pcozout, dry Pcozout, wet CO, flux Kg Kq K
m mol/mol Pa °C | psig | Std L/min | Std L/min Pa Pa Pa Pa mol/s cm? m(ilr/rslzPa m(ilr/rslzPa Kalky m(:)lr/szPa
0 0 381 373 -9.8E-08
573 562 837 821 -6.8E-08
1139 1116 1312 1286 -4.4E-08
3341 3275 3175 3113 4,25E-08
7 0.348 2234 40 40 5 5.1 4434 4347 4095 4014 8.69E-08 457E-11 2.87E-10 0.159 5.44E-11
5550 5441 5022 4924 1.35E-07
0 0 381 374 -9.8E-08
1136 1114 1296 1271 -4.1E-08
3330 3265 3164 3102 4.25E-08
0 0 1987 1882 -5.1E-07
2251 2132 3778 3578 -3.9E-07
3363 3185 4675 4428 -3.4E-07
7 0.349 11386 | 60 40 5 5.28 18810 17816 17717 16780 > 8E-07 4.67E-11 2.98E-10 0.157 5.54E-11
21638 20494 20130 19066 3.86E-07
24881 23566 22845 21637 5.21E-07
0 0 10437 9477 -2E-06
12497 11347 20477 18593 -1.5E-06
22537 20464 28046 25466 -1E-06
7 0.342 46835 | 80 60 5 5.51 80308 72920 75056 68151 9.85E-07 4.62E-11 2.28E-10 0.203 5.80E-11
89062 80868 80823 73387 1.54E-06
97454 88488 88547 80400 1.67E-06
0 0 159 156 -4.1E-08
253 248 363 356 -2.8E-08
419 411 472 463 -1.4E-08
7 0.253 760 40 40 5 5.1 1175 1152 1092 1071 > 12E-08 5.67E-11 2.87E-10 0.197 7.07E-11
1726 1692 1544 1513 4,67E-08
2272 2228 1982 1943 7.43E-08
0 0 1056 1015 -2E-07
1159 1114 1951 1876 -1.5E-07
2240 2153 2832 2722 -1.1E-07
7 0.250 4354 60 60 5 5.2 9639 9266 8485 8157 > 16E-07 5.45E-11 2.16E-10 0.253 7.29E-11
11997 11533 10195 9800 3.38E-07
17352 16680 14160 13612 5.99E-07




Table A.2. Detailed WWC results for 7 m DEA

50

DEA | CO,ldg P*coz T P Gaspry Gas Pcozin, dry Pcozin, wet Pcozout.dry | Pcozout, wet CO; flux Kg Kq Ky
m mol/mol Pa °C | psig | Std L/min | Std L/min Pa Pa Pa Pa mol/s cm? m(:)lr/szpa m(ilr/rslzPa Kalkq mol/s Pa cm?
0 0 4279 3885 -8E-07
11992 10889 13846 12572 -3.5E-07
7 0.251 19082 80 60 5 5.51 32948 29917 30889 28047 3.86E-07 5.07E-11 | 2.28E-10 | 0.223 6.53E-11
51896 47122 45563 41371 1.19E-06
71565 64981 60032 54509 2.16E-06
0 0 27 27 -1.1E-08
41 41 64 63 -9.2E-09
7 0.314 217 20 20 5 5.05 75 75 93 92 -7.2E-09 5.43E-11 | 4.46E-10 | 0.122 6.18E-11
402 398 379 375 9.27E-09
514 509 478 473 1.48E-08
0 0 234 229 -5.99E-08
310 303 486 476 -4.52E-08
592 581 718 703 -3.21E-08
7 0.303 1356 40 40 5 5.1 2972 2928 2117 2076 3.96E-08 4,72E-11 | 2.87E-10 | 0.164 5.65E-11
2544 2494 2370 2324 4.44E-08
2856 2801 2604 2553 6.47E-08
0 0 1509 1450 -2.8E-07
1740 1673 2971 2856 -2.3E-07
3419 3287 4289 4123 -1.6E-07
7 0.309 7257 60 60 5 5.2 11899 11439 11075 10647 154E-07 455E-11 | 2.16E-10 | 0.211 5.76E-11
14474 13913 13084 12577 2.61E-07
17203 16537 15092 14507 3.96E-07
0 0 5782 5250 -1.1E-06
6524 5924 11637 10566 -9.6E-07
12203 11080 15704 14259 -6.6E-07
7 0.303 29640 80 60 5 5.51 76411 69380 68481 62181 149E-06 414E-11 | 2.28E-10 | 0.182 5.06E-11
85421 77562 75741 68773 1.81E-06
93042 84481 82126 74570 2.05E-06
0 0 79 79 -2E-08
131 130 193 192 -1.6E-08
247 245 297 296 -1.3E-08
7 0.412 732 20 40 5 5.03 903 897 892 886 > BE-09 2.91E-11 | 2.82E-10 | 0.103 3.25E-11
1156 1148 1116 1109 1.02E-08
1388 1380 1311 1302 1.99E-08

10
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Table A.3. Detailed WWC data for 7 m DEA

DEA | COyldg | P*cop | T P Gaspry Gas Pcozin.dry | Pcozinwet | Pcozout.dy | Pcozout, wet CO, flux Ke Kq Ky
m mol/mol Pa °C | psig L/Std. S Pa Pa Pa Pa mol/s cm? mol/sZPa mol/sZPa Kolky mol/sZPa
min L/min cm cm cm
0 0 709 695 -1.8E-07
2828 2772 3118 3057 -7.4E-08
5222 5120 5309 5205 -2.2E-08
7 0.414 5952 40 40 5 5.1 12597 12350 11918 11685 1.74E-07 3.02E-11 | 2.87E-10 0.105 | 3.37E-11
14859 14568 13917 13644 2.41E-07
16895 16564 15689 15381 3.09E-07
0 0 3429 3296 -6.4E-07
6616 6360 9134 8781 -4.7E-07
12563 12077 14263 13711 -3.2E-07
7 0.431 24971 | 60 60 5 5.2 23067 22174 23428 22521 -6.8E-08 2.73E-11 | 2.16E-10 0.127 3.13E-11
42994 41330 40728 39152 4.25E-07
62508 60089 57977 55733 8.5E-07
81560 78402 74145 71275 1.39E-06
0 0 145 144 -3.7E-08
306 304 416 414 -2.8E-08
581 578 665 661 -2.1E-08
7 0.470 1705 20 40 5 5.03 2275 2261 2211 2197 164E-08 2.11E-11 | 2.82E-10 0.075 | 2.28E-11
2837 2819 2758 2741 2.03E-08
3342 3321 3221 3201 3.09E-08
0 0 1052 1031 -2.7E-07
3695 3623 4366 4281 -1.7E-07
6372 6247 6757 6624 -9.8E-08
7 0.455 12591 | 40 40 5 5.1 22237 21405 39932 39151 5 BOE-07 1.99E-11 | 2.87E-10 0.069 | 2.14E-11
51658 50647 48906 47948 7.05E-07
61122 59925 57615 56487 8.98E-07
0 0 100 98 -2.6E-08
127 125 200 196 -1.9E-08
238 233 293 288 -1.4E-08
7 0.189 410 40 40 5 5.1 689 676 617 605 1.85E-08 7.50E-11 2.87E-10 0.261 1.01E-10
912 895 782 766 3.35E-08
1354 1327 1125 1103 5.84E-08
0 0 608 584 -1.1E-07
587 564 994 955 -7.6E-08
1159 1114 1457 1401 -5.6E-08
7 0.188 2037 60 60 5 5.2 3960 3806 3460 3326 9.36E-08 6.59E-11 | 2.16E-10 0.306 | 9.48E-11
4516 4341 3841 3692 1.26E-07
5530 5316 4521 4346 1.89E-07

11
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DEA CO, Idg P*cor T P Gaspry Gas Pcozinary | Pcogin, wet Pcozout. drv | Pcozout, wet CO, flux Ke Kq Ky
° . Std Std 2 mol/s Pa mol/s Pa | Kglkg mol/s Pa
m mol/mol Pa C | psig L/min L/min Pa Pa Pa Pa mol/s cm om? om? om?
0 0 2430 2207 -4.6E-07
4444 4035 6184 5615 -3.3E-07
7729 7018 8619 7826 -1.7E-07
7 0.188 9760 80 60 5 5.2 29547 20473 19715 17901 5 31E.07 6.04E-11 2.28E-10 | 0.265 | 8.21E-11
27490 24961 23423 21268 7.63E-07
33103 30057 27130 24634 1.12E-06

12
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Abstract

The evaluation of intercooling benefits (solvent capacity and packing) was completed and
summarized in the GHGT manuscript attached to this report. Three flue gas sources were
included for the evaluation with 8 m PZ: natural gas combined cycle (NGCC, 4.1% CO,), coal-
fired boiler (13.5% COy), and steel blast furnace (27.4% CO;). As an extension to the
intercooling evaluation work, a shortcut method using an energy balance around the absorber
was developed to predict the lean loading for each flue gas application where a temperature-
related mass transfer pinch becomes limiting and intercooling is necessary to achieve maximum
solvent capacity. The new method consistently over-predicts the pinch formation point, but
provides a reasonable approximation of lean loading where maximum intercooling benefit could
be achieved (within ~10% for all flue gas applications). The method only requires the use of a
thermodynamic model for flash calculations and eliminates the need for the rigorous rate-based
modeling to identify conditions for maximum intercooling benefit.

Introduction

Previous work used the minimum solvent rate (or maximum rich loading) to evaluate potential
benefits of intercooling for a wide range of lean loading for three CO, flue gas feed
concentrations representative of potential capture applications (NGCC, coal-fired boiler, steel
blast furnace). The analysis isolated conditions where intercooling could provide capacity
(energy performance) benefits. The current work expands on the previous analysis by
developing a shortcut method to estimate the operating condition (lean loading) where a
capacity-limiting, temperature-related mass transfer pinch forms. The development of a
simplified method should allow a quick assessment of when intercooling is required for a given
flue gas application and preferred lean loading operating condition. This method should
eliminate the requirement of a rigorous rate-based model and the extensive number of cases
required in the previous Lyn analysis.

Shortcut Method for Evaluating Solvent Capacity Benefits of
Intercooling

In previous work, the minimum solvent flow rate (Lyn) Was used to assess potential benefits of
intercooling configurations (Rochelle et al., 2014a). Ly for any absorption process can be
defined as the solvent rate required to achieve a specific solute removal (or specific gas inlet and
outlet compositions) for a given inlet solvent composition (loading) with infinite mass transfer
area available. Ly also corresponds to the maximum rich loading (maximum solvent capacity)

1
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achievable and serves as a proxy for the best energy performance that can be achieved with the
design and operating conditions of a given absorber

For each operating condition, an isothermal absorber represents the best possible performance
(lowest Lyn) and an adiabatic (no intercooling) absorber represents the worst case performance
(highest Lyn). Intercooled absorbers will fall between these limiting cases. The ratio of the
adiabatic Ly to the isothermal Lyn at each condition can serve as a screening tool for the
conditions where intercooling will be beneficial for energy performance. High values of the
preceding ratio indicate large potential benefits of intercooling. A ratio equal to (or approaching)
unity indicates that the benefits of intercooling are negligible or non-existent. Figure 1
summarizes the Ly results for the coal-fired boiler case.

2.4 3 T
COAL
29 | ' ‘ Y,CO,IN=14.7%
) 8 mPZ
2 I | 90% CO, Removal
= 20 I | "Infinite"Packing
g | | ‘ LMIN, NOIC
é 1.8 0 I
_IE l
=
2 16 * *
3 I ¢
i - Pinch Formation
1.4 Maximum Intercooling Benefit ‘
1) I 4
| |
10— 1 . . .
0.15 0.2 0.25 0.3 0.35 0.4

Lean Loading (mol CO,/mol alkalinity)

Figure 1: Ratio of the minimum solvent rate (“infinite” packing) for an adiabatic absorber
(no intercooling) to an isothermal absorber (40 °C) for 90% CO, capture from a coal-fired
boiler (13.5% CO,) using 8 m PZ. Lean loadings for the transition to a temperature-
related pinch (- - -) and the maximum deviation from isothermal performance (- - -) are
identified.

The figure also identifies the lean loading where a temperature-related pinch forms (~ 0.18 mol
CO2/mol alkalinity) and the lean loading where the maximum deviation from isothermal
performance occurs (~0.21 mol CO,/mol alkalinity). The formation of the pinch and the

2
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transition to significant deviation from isothermal behavior were described in detail in previous
work (Rochelle et al., 2014b). These loadings represent important points for absorber design for
a given flue gas application. The formation of a temperature-related pinch marks the onset of
solvent capacity penalties if intercooling is not implemented in an absorber design and the
maximum identifies where this penalty will be most severe. Therefore, if a loading in this range
can be approximated for each flue gas application, a decision regarding intercooling
implementation can be made quickly without performing the full analysis used to generate
Figure 1.

The goal of the shortcut method is to estimate a lean loading to represent the transition region
represented in Figure 1. The method requires a relationship between the lean loading and the
conditions at the mass transfer pinch (temperature, loading, and gas composition at the pinch).
Several observations during the Ly analysis allow assumptions to develop the relationship
between the lean loading and pinch conditions.

First, the temperature-related mass transfer pinch, which signifies the transition in Figure 1,
occurs at the maximum temperature in the column. Therefore, the first step in developing a
shortcut method requires estimation of the maximum temperature. Figure 2 provides
information regarding inlet, outlet, and maximum temperatures in the column as a function of
lean loading alongside the trend in the Ly ratio.
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Figure 2: Ratio of the minimum solvent rate (“infinite” packing) for an adiabatic absorber
(no intercooling) to an isothermal absorber (40 °C) for 90% CO, capture from a coal-fired
boiler (13.5% CO,) using 8 m PZ. Vapor outlet (solid red), solvent outlet (solid black), and
maximum column temperature (dashed black) are shown to explain trends in the Ly
ratio.

The temperature plot reveals that prior to the formation of a lean end temperature-related pinch
(< 0.19 mol COz/mol alkalinity), the vapor temperature leaving the column is significantly
higher than the solvent temperature leaving the column. In other words, the gas is carrying a
majority of the heat generated by CO, absorption out of the top of the column. This is supported
by the observation that the total gas heat capacity (including capacity to carry water) is much
higher than the solvent heat capacity in this lean region. As the lean end pinch forms, the solvent
rate is increased significantly to overcome the pinch and achieve 90% CO, removal. This is
reflected in the crossover of the solvent outlet and vapor outlet temperatures. The solvent carries
an increasingly large portion of the heat and eventually begins to wash the heat out of the column
and moderate the temperature effect.

The important approximation for the shortcut method is that the gas carries all of the heat
generated by CO, when operating near the lean loading where the temperature-related pinch
forms. This allows estimation of the maximum temperature achieved near the lean end pinch
conditions using only one phase. An energy balance (Equation 1) around an adiabatic absorber
was used as the starting point to estimate the pinch (or maximum) temperature.

NGas,OUTCP,GAS,OUT(TGAS,OUT - TREF) - NGas,INCP,GAS,IN(TGAS,IN - TREF)
+ AN y20,6as8AHvap 1ppr + AN co2,6asAH aBS T p
=N c (T — Trer) @)
— VSolvent,IN*% P,Solvent,IN\ * Solvent,IN REF
- NSolvent,OUTCP,Solvent,OUT(TSolvent,OUT - TREF)

where:
N = Molar flow rate of given phase (gas or solvent) (kmol/s);
Cp = Molar heat capacity of given phase (kJ/kmol-K);
T = Temperature of given phase (gas or solvent) (K);
Trer = Reference temperature to allow integration sensible heat (K);
AHyap = Heat of vaporization of water at Trer (kJ/kmol);
AHpags = Average heat of absorption of CO; at Trer (kJ/kmol).

The steady-state enthalpy balance in Equation 1 requires detailed information regarding both
phases at the lean loading conditions discussed previously. However, several steps can be taken
to simplify the energy balance:

1) Assign a reference temperature that is equal to the inlet temperatures of the gas and
solvent (TREFERENCE = TSOLVENT, IN = TGAS, N = 40 OC). This eliminates the inlet enthalpy
contributions from the energy balance in Equationl.

2) Assume the gas carries all the heat generated by CO, absorption. Therefore, the outlet
solvent temperature is equal to the inlet solvent temperature (Trererence = TSOLVENT, IN =
TsovLvent, our = 40 °C). The outlet enthalpy contribution from the energy balance is
eliminated, and the liquid phase has been completely eliminated from the energy balance.
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Equation 2 provides the simplified energy balance that results from applying the preceding
assumptions.

N Gas,OUTEP,GAS,OUT(TGAS,OUT - TREF) + ANp20,6asAHyap Ty + AN co2,64sAH aBS TR r 2)
=0

The remaining unknowns in Equation 2 are the CO, and water transfer contributions to the
energy balance. Additional assumptions are required to estimate these quantities.

First, for all three flue gas applications, the formation of the temperature-related pinch occurred
near the lean end of the column. In other words, a majority of the CO, removal occurred below
the pinch. Table 1 includes the lean loading where the temperature-related pinch forms for each
application, the loading at the mass transfer pinch, and the removal above the pinch.

Table 1: Lean End Pinch Evaluation

Lean Loading: Pinch . Portion of CO,
. Loading at Mass
Flue Gas Source Formation Transfer Pinch Removal Above
mols CO,/mols alk. Pinch
Natural Gas Combined Cycle (NGCC) 0.22 0.221 0.69%
Coal-Fired Boiler 0.19 0.194 3%
Steel Blast Furnace 0.18 0.187 5.3%

From the data in Table 1, it is apparent that the temperature-related end pinch occurs essentially
at the inlet loading of the column (minimal removal above pinch). The energy balance is
simplified by assuming the column is pinched at the solvent inlet condition (lean loading =
loading at the pinch) and that all CO, removal (90% removal) has occurred below the pinch.

Finally, the CO, mass transfer pinch coincides with a mass transfer pinch for H,O. By assuming
the solvent is in equilibrium with water at the lean inlet conditions, the water balance component
of the energy balance in Equation 2 can be approximated. An iterative approach can now be
implemented to estimate the temperature at the pinch and the loading at the pinch:

1) Guess a maximum temperature (pinch temperature), assume 90% CO; removal (TniTiaL)-

2) Solve the energy balance in Equation 2 for the water transferred and estimate the
composition of water in the exiting gas. Perform a flash calculation to estimate the lean
loading required to achieve equilibrium to the water content in the exiting gas at the
maximum temperature from step 1.

3) Perform a flash calculation to estimate a new maximum temperature (TgnaL) required to
achieve equilibrium to CO;, in the exiting gas at the lean loading from step 3.

4) Use the new temperature estimate to iterate over steps 1 through 3 until the TymiaL =

TeNAL.

This process yields the temperature and lean loading that represents the transition lean loading
range in Figure 1. Figures 3-5 superimpose the loading estimates from the shortcut method over
the full Lyn analysis for each of the three flue gas applications.

5
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Figure 3: Ratio of the minimum solvent rate (“infinite” packing) for an adiabatic absorber
(no intercooling) to an isothermal absorber (40 °C) for 90% CO, capture from a natural
gas combined cycle turbine (4.1% CO;) using 8 m PZ. The lean loading approximation for
the transition to a temperature-related pinch and the maximum deviation from isothermal
performance is identified by the dashed line.
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Figure 4: Ratio of the minimum solvent rate (“infinite” packing) for an adiabatic absorber

(no intercooling) to an isothermal absorber (40 °C) for 90% CO, capture from a coal-fired
boiler (13.5% CO) using 8 m PZ. The lean loading approximation for the transition to a
temperature-related pinch and the maximum deviation from isothermal performance is

identified by the dashed line.
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Figure 5: Ratio of the minimum solvent rate (“infinite” packing) for an adiabatic absorber
(no intercooling) to an isothermal absorber (40 °C) for 90% CO, capture from a steel blast
furnace (27% CO;) using 8 m PZ. The lean loading approximation for the transition to a
temperature-related pinch and the maximum deviation from isothermal performance is
identified by the dashed line.

Each of the figures indicates that the shortcut method consistently overestimates the transition
lean loading where a lean end pinch forms. The method is not a perfect approximation of this
condition primarily due to the assumption that the maximum temperature can be estimated by
letting the gas carry all of the heat out of the column. Figure 2 clearly shows that while gas does
carry a majority of the heat, it is not a close approximation to the maximum temperature in the
column. This is due to the fact that the solvent is carrying or “trapping” some of the heat in the
column, and creates a temperature maxima in the interior of the column. To rigorously
approximate the maximum temperature, the solvent side of the energy balance is required. This
complication is not suitable for a simple or approximate shortcut approach.

However, the shortcut loading does provide a reasonable estimate of the maximum potential
benefit of intercooling (within ~10% for all cases) and is a good indicator of the loading range
where intercooling is required to avoid significant energy penalties of poor solvent capacity.
This estimate is developed by using only a simple energy balance and flash calculations
(thermodynamic model). Rate-based calculations were not required (as in the full Ly,n analysis),

8
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thus significantly simplifying calculation and providing a quick method to determine if
intercooling is required for a selected lean loading.

Conclusions

The use of an energy balance around an adiabatic (no intercooling) absorber and several simple
assumptions regarding the formation of a temperature-related lean end pinch allows the
estimation of the lean loading for each flue gas application where intercooling is critical to
achieve maximum solvent capacity. For each flue gas application, the shortcut method over-
estimated the lean loading where a capacity limiting pinch formed, but provided a reasonable
estimate of the loading where maximum capacity benefits could be obtained from intercooling
(within ~10% of actual loading). The predicted loadings from the shortcut method can be
compared to the actual lean loading for maximum benefit for each flue gas application:

e NGCC: Actual =0.23 vs. Predicted =0.239

e Coal: Actual =0.21 vs. Predicted = 0.227

e Coal: Actual =0.195 vs. Predicted = 0.213.
The approach only requires a simplified energy balance and a thermodynamic model for flash
calculations.

Future Work

The shortcut method developed in this work will be investigated further to provide better
estimation of the transition loading for each flue gas application. In addition, sensitivity analyses
to determine controlling mass transfer resistance for each flue gas application will be developed.
The analysis will include evaluation of the controlling resistance as a function of position in the
absorber column (i.e., function of loading). Finally, the results of the intercooling benefits
analysis and mass transfer sensitivity analysis will be used to propose absorber configurations for
detailed economic analysis.

Safety

One of the primary safety issues associated with the absorber unit operation in an amine
scrubbing facility is exposure to the amine. One method for reducing the overall risk of amine
exposure is to reduce overall solvent inventory in the system. This analysis continued the
evaluation of potential solvent capacity benefits of intercooling in the absorber. At conditions
where intercooling may significantly improve solvent capacity (reduce the solvent circulation
rate), a secondary benefit is a potentially significant reduction of the overall solvent inventory in
the system.
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Abstract

The work done in this quarter was prepared as a paper manuscript and is in the Attachments to
this report. The objective of this work is to identity inefficiencies and improve the process
accordingly. The regeneration process and the compressor train were simulated in Aspen Plus®.
The lost work of each unit operation was quantified by the exergy balance. The results showed
that the two major sources of lost work for the simple stripper are the lean/rich solvent cross
exchanger and overhead condenser. The advanced flash stripper was proposed to reduce the lost
work of the condenser by recovering the stripping steam heat from the stripper. The advanced
flash stripper reduces the heat duty and total equivalent work by 16% and 11%, respectively,
compared to the simple stripper. Lean vapor compression was also evaluated, which reduces
heat duty and total equivalent work by 8% and 3%, respectively. After reducing the stripping
steam heat, the major source of lost work is from the cross exchanger, which should be
optimized by including both energy and capital cost.

Future Work

1. Economics of the advanced flash stripper using 5 m PZ will be analyzed and compared to 8 m
PZ.

2. Energy performance of natural gas and steel/iron plant applications will be evaluated.
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Abstract

In a hybrid-parallel process combining amine scrubbing with membrane technology, the CO,;
concentration in the flue gas is enriched to 23.4% and removal level is increased to 95% (Case
19). This work simulates absorber performance of Case 19 with the Independence model for 5
molal (m) MDEA/5 molal (m) PZ in Aspen Plus®. Different packing types, intercooling
configurations, and absorber operating conditions have been tested to get better absorber
performance and minimize stripper energy use.

5 m MDEA/5 m PZ offers higher CO, capacity but a lower absorption rate than 5 m PZ.
Compared to 5 m PZ, absorber costs increase by 50% and advanced flash stripper costs decrease
by 47%. The total equipment costs go down by 13%.

Introduction

Compared to 5 m PZ, 5 m MDEA/5 m PZ offers higher CO, capacity but a lower absorption rate.
It is expected to result in greater delta loading and lower stripper energy cost, but it may also
result in a higher absorber packing height. Absorber diameter is fixed by 70% flooding of the
middle section during the simulation. This work simulates absorber performance of Case 19
using 5 m MDEA/5 m PZ under different absorber packing types, intercooling configurations,
and operating conditions.
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Absorber Performance with simple pump-around intercooling

CO2 out 1 ! LLDG, 40 °C

Mellapak 250X

Simple pump-around

Aa AV /()/ Intercooling
Mellapak 2X 40 °C
Mellapak 250X
COz2in, 40 °C l RLDG

Figure 1: Simple pump-around intercooling

Based on Case 19 5 m PZ, Mellapak 2X was chosen for the middle pump-around section and
Mellapak 250X was chosen for the top and bottom sections. Simple pump-around intercooling
around the middle section was first tested with 23.4% CO, inlet concentration, 95% removal, and
0.209 lean loading (Table 1). For Case 19-1, liquid feed flow rate (L) was first set at 1.1*Lpin
and the pump-around intercooling Lr/G was set at 5 mol/mol. For Case 19-2, L was increased to
1.2*Lpmin and the pump-around intercooling Lg/G was kept at 5 mol/mol. Then L was kept at
1.2*Lmin and the pump-around intercooling Lr/G was increased to 10 mol/mol. Aspen Plus®
calculated absorber results with optimized intercooling position are listed in Table 2.

Table 1: Case 19 input information

Case CO, in (%) Removal (%) LLDG
19 23.4 95 0.209

Table 2: Absorber performance with simple pump-around intercooling with Mellapak

250X 2X 250X
Surface Area . .
Case RLDG Lgr/G LiLuin TOta(Ilg%gf(rﬁzfrea Fraction Nor(r:éa\(!izne]g/rl:%ﬁl)qng
Top Mid Bot
19-1 0.368 5 1.1 1475.7 03 06 01 635
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Figure 2: Normalized flux and temperature profile of Case 19-3

Table 2 shows that total surface area decreases in Case 19-2, suggesting that the absorber
performs better at 1.2*Ln,;». When increasing the pump-around recycle rate, the total surface
area is even lower (Case 19-3), suggesting that the absorber performs better at a higher lean
solvent rate and a higher pump-around recycle rate. Figure 2 shows the liquid and vapor
temperature as well as normalized flux along the column of Case 19-3. The simple pump-around
intercooling cannot cool the gas and liquid to 40 °C, and the temperature bulge in the bottom
section limits the mass transfer rate. More advanced intercooling is required to cool down the
hot gas and liquid.
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Absorber performance with advanced pump-around intercooling

Mellapak 250X/Mellapak 250X/Mellapak 250X

CO2 out LLDG, 40 °C
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Q ‘ 40 °C
/Q'/ In-and-out

Intercooling
40 °C

Mellapak 250X
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COz in, 40 °C J RLDG

Figure 3: Advanced pump-around intercooling

Two in-and-out intercoolings are added above and below the pump-around intercooling, which is
called advanced pump-around intercooling. To find out the best packing type for this
intercooling configuration, Mellapak 250X was first tested. L/L, was set at 1.1 and 1.2, and
Lr/G was set at 10 mol/mol and 15 mol/mol. Aspen Plus® calculated absorber results with
optimized intercooling position, which are listed in Table 3. The absorber liquid/gas temperature
profile as well as normalized flux along the column of Case 19-4 are shown in Figure 4.

Table 3: Absorber performance with advanced pump-around intercooling with Mellapak

250X/250X/250X
Case RLDG LG L/l Surface Area -Fractlon PaCkmgzggiuzrsg o FIoodlr-lg
Top Mid Bot Top Mid Bot
19-4 0415 10 11 0.26 0.50 0.20 946 0.45 0.70 0.51
19-5 0398 10 1.2 0.32 0.43 0.21 670 0.44 0.70 0.50
19-6 0418 15 11 0.26 0.50 0.19 991 0.40 0.70 0.45
19-7 0400 15 1.2 0.32 0.43 0.20 703 0.40 0.70 0.45




67

60 | 8.E-05
' L=11L,;, Lg/G=10
56
R 1 6.E-05
= @ Liquid Temperature <
,\52 i M Vapor Temperature g
o ¢ Normalized Flux 1 4E-05 N
I— y 8
48 t+ I
[
X
>
2.E-05
“1 m/: ﬁ
40 - - - L # 0.E+00
0 0.2 0.4 0.6 0.8 1

Packing Height
Figure 4: Normalized flux and temperature profile of Case 19-4

As shown in Table 3, rich loading of advanced pump-around intercooling cases is around 0.4,
higher than that of simple pump-around cases, which results in better stripper energy
performance. The absorber liquid/gas temperature profile suggests that the advanced pump-
around intercooling can cool the gas and liquid to 40 °C before entering the next stage (Figure 4).
Table 3 shows that for a fixed Lgr/G, both the absorber normalized packing and L/L, decrease
with L/Lmin. Absorber capital cost can be saved but stripper energy performance is worse. Table
3 also shows that when Lg/G increases from 10 to 15, absorber normalized packing increases
slightly and flooding in the top and bottom section is less, suggesting that higher pump-around
recycle rate is not always beneficial. Although a larger amount of solvent recycling improves the
mass transfer rate, it is easier to cause flooding in the middle section, as a result of which the
diameter becomes larger and normalized packing increases. In order to match the flooding along
the column, packing with smaller surface area per volume should be used in the middle section.
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Figure 5: Advanced pump-around intercooling

Packing with smaller surface area per volume is less likely to cause flooding, as a result of which
diameter can be reduced and flooding can be matched along the column. Mellapak 2X was used
in the middle pump-around section. The liquid feed flow rate was chosen as 1.2*Lny, and Lg/G
was chosen as 10 mol/mol and 15 mol/mol. Aspen Plus® calculated absorber results with
optimized intercooling position, as listed in Table 4.

Table 4: Absorber performance with advanced pump-around intercooling with Mellapak
250X/2X/250X

Surface Area

Case RLDG Lg/G L/Lpip Fraction Normalized Flooding

Packing(sec*m?/mol)

Top Mid Bot Top Mid Bot
19-8 0404 10 1.2 030 054 021 670 052 0.70 0.59
19-9 0406 15 1.2 031 057 0.18 692 0.46 0.70 0.52

Table 4 shows that RLDG increases slightly and normalized packing remains the same after the
packing modification, which will result in better stripper performance while maintaining same
absorber capital cost. Flooding also becomes more balanced along the column.
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Absorber economics with 5m PZ and 5 m MDEA/5 m PZ

Calculation methods for absorber costing are based on Frailie (2014). Total costs related to the
absorber include the costs of the column, intercoolers, and intercooler pumps. Absorber
operating conditions with both 5 m PZ (Case 19-PZ) and 5 m MDEA/5 m PZ (Case 19-5) are

listed in Table 5. The corresponding absorber costs are listed in Table 6. Both Case 19-PZ and
Case 19-5 were simulated with normal LLDG.

Table 5: Absorber operating conditions with 5 m PZ and blend of 5 m MDEA/5 m PZ

Case LLD RLD Lean Flow IC Confiquration Packing D H
Number G G (kg/h) g Types (m) (m)
In-and-out IC, Pump- 250X 2X
19-PZ 0.303 0.408 4310 around 1C 250X 16.6 11.2
19-5 0209 0.398 2078 Advanced Pump-around 250X 250X 166 289
250X
New target Equipment Prices at Case 19-P7 Case 19-MDEA/PZ Case 19-MDEA/PZ
23.4% CO, 593 MWe (1.2L/min) (1.3L/min)
. In-and-out IC
Intercooling Type and PA IC Advanced PA IC Advanced PA IC
Packing Type 250X 2X 250X 250X 250X 250X 250X 2X 250X
Sump + Mixing
Length $62,074 $68,246 $61,199
Flue Gas Inlet $34,970 $37,339 $34,626
Shell $1,536,620 $2,518,753 $2,356,955
Manholes (1/m Ht) $23,810 $65,817 $64,988
beStSbOf Ladders $700 $1,934 $1,910
sorber
Platforms and
Column Handrails $13,276 $14,140 $13,151
Distributors $3,626,151 $4,028,571 $3,569,055
Packing $3,286,289 $14,211,051 $11,068,948
Water Wash $5,029,090 $5,557,727 $4,954,164
Total Cost $13,438,483 $26,163,845 $21,841,388
Costs of
Absorber Total Cost $2,740,859 $2,218,790 $2,218,790
Intercooling
Costs of
Absorber Total Cost $2,220,534 $2,476,750 $1,765,040
Intercooling
Pumps
Total Costs
Related to Total Cost $18,399,876 $30,859,385 $25,825,219
Absorber
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Table 5 shows that 5 m MDEA/5 m PZ results in twice the delta loading and half of the lean
solvent flow rate due to the high CO, capacity, but results in more than twice the amount of
packing due to low absorption rate. Table 6 shows that the cost of the absorber column almost
double due to the higher packing height, and cost of intercoolers and pumps remain the same.

Table 7: Total equipment costs with 5 m PZ and 5 m MDEA/5 m PZ

Equipment Prices at 593 MWe

Case 19-PZ (%)

Case 19-5 ($)

Inlet Gas Blower $2,841,000 $2,841,000

Absorber $13,438,483 $26,163,845

Absorber Intercooler $2,740,859 $2,218,790
Absorber Intercooler Pump $2,220,534 $2,476,750
Rich Amine Pump $1,070,226 $535,113

Rich Amine Carbon Filter $181,583 $102,325
Particulate Filter $136,000 $136,000
Rich/Lean Amine Exchanger $28,191,689 $13,051,708
Lean Solvent Cooler $1,435,688 $652,585

Flash Tank $736,454 $622,175

Packed Column $1,076,927 $692,234

Steam Heater $8,406,909 $7,846,374

Overhead Condenser $522,068 $522,068
Overhead Accumulator $30,160 $21,704
Compressors $10,406,462 $9,961,213

Multistage Centrifugal Pump $540,000 $540,000
Makeup Amine Tank $345,000 $345,000
Makeup Amine Pump $9,000 $9,000
Water Tank $103,000 $103,000

Water Pump $13,000 $13,000

Surge Tank $989,238 $635,869

Lean PZ Pump $667,468 $333,734

Reclaimer $5,437,213 $2,603,081

Dehydration Unit $1,966,000 $1,966,000

Total $83,504,960 $74,392,568

Capture $70,592,498 $61,925,355

Compression $12,912,462 $12,467,213

Table 7 shows the total equipment costs with 5 m PZ and 5 m PZ/5 m MDEA. With the solvent
blend, the stripper benefits a lot from the greater delta loading and lower lean solvent flow rate,
but the lower absorption rate results in higher absorber costs. Total costs related to the absorber

increase by 52% and total equipment costs go down by 10.9%.

Future work

Cases with over-stripping LLDG and higher L/Lnmi, will be tested to lower the absorber packing

height.
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Conclusions

1. The advanced pump-around intercooling (with two in-and-out intercoolings added above and
below) is more efficient than the simple pump-around intercooling. It can sufficiently cool down
the gas and liquid to 40 °C before entering the next stage.

2. A higher pump-around intercooling recycle rate can decrease absorber packing height but will
result in larger diameter due to flooding. In order to match the flooding along the column,
packing with smaller surface area per volume should be used in the pump-around section.

3.5 m MDEA/5 m PZ results in twice the delta loading and half of the lean solvent flow rate due
to the high CO, capacity, but results in more than twice the amount of absorber packing due to
low absorption rate.

4. When using 5 m MDEA/5 m PZ, total costs related to the absorber increase by 52% and total
equipment costs go down by 10.9% compared with 5 m PZ.
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Abstract

Previous work optimized stripping with 5 m piperazine (PZ) with rich loading from 0.37 to 0.43
mol CO,/mol N. Advanced flash with warm rich bypass and cold rich exchanger bypass is used
for stripping. The Independence model for PZ in Aspen Plus® was used to simulate the stripping
performance.

In this quarter, stripping data for 24 cases, including heat duty, equivalent work, CO, output
pressure, and optimal cold and warm rich bypass, were used to build a correlation with CO; rich
and lean loading. The Second Law efficiency based on the ratio of stripping minimum work and
total ideal work was introduced to explain the stripping work. The Second Law efficiency has a
maximum value at a specific CO; loading.

In previous work, four cases whose inlet CO, concentration and CO, removal rate were given by
MTR (Cases 13, 14, 18, and 19) were simulated based on absorber performance. Since 5 m
MDEA/5 m PZ has a higher CO, capacity than 5 m PZ, Case 19-MDEA/PZ (rich loading of
0.398 mol CO2/mol N and lean loading of 0.209 mol CO,/mol N) using 5 m MDEA/5 m PZ was
studied to reduce the heat duty, compared with Case 19 (rich loading of 0.411 mol CO,/mol N
and lean loading of 0.303 mol CO,/mol N) using 5 m PZ. The base-case stripping configuration
was the advanced flash with warm rich bypass and cold rich exchanger bypass. The
Independence model for MDEA/PZ in Aspen Plus® was used to simulate the stripping
performance. Equipment costs for Case 19 using 5 m PZ and 5 m MDEA/5 m PZ were both
analyzed according to the economic part of the Frailie dissertation.

Ammonia purging design is required for amine scrubbing. Amine scrubbing may create an air
quality problem by releasing ammonia. Some amine is converted to ammonia through oxidative
or thermal degradation in the absorber and reboiler. Ammonia emits into air with the treated flue
gas from the absorber, serving as a significant precursor of PM;s.

In this work, a top stripper and a reflux flow of the condensate over the stripper is used to
concentrate ammonia and the rest is purged. Different reflux ratios are chosen to see the
ammonia concentration and flowrate of the purge. 1 kg/1000 kg mass ratio of NH3/H-0 is set for
the ammonia amount. The base-case stripping configuration was the advanced flash with warm

1
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rich bypass and cold rich exchanger bypass. The Independence model for PZ in Aspen Plus®
was used to simulate the stripping performance.

1: Regression and the Second Law Efficiency of Stripper Performance
using 5 m PZ

Introduction

A hybrid amine/membrane CO, capture model is being developed by combining a CO,
membrane separator with the absorber/stripper. The membrane separator has been developed by
Membrane Technology and Research, Inc. (MTR). The absorber and stripper performance is
simulated using the Independence model for PZ in Aspen Plus®.

Due to the outstanding energy properties of aqueous PZ, including high CO, capacity, high
thermal stability, moderately high viscosity, oxidative degradation resistance, and low volatility
in CO,-loaded solutions, it is a superior solvent for CO, capture by amine scrubbing. 5 m PZ
solves the precipitation problem that the more viscous 8 m PZ causes in the solvent loop.

This work focuses on simulating the energy performance of CO, rich loading of 0.37, 0.40, and
0.43 mol/equiv PZ with 5 m PZ. Output CO; pressure, heat duty, compression work, pump work,
and cold/warm rich bypass are recorded and calculated. For each CO, rich loading, there is an
optimal lean loading, which requires the minimum equivalent work for CO, scrubbing.

If most of the gas were sent to the membrane unit, a large area of membrane would be needed to
achieve efficient removal of the CO, into the air stream. This would be expensive, but would
have the benefit that the concentration of CO; in the flue gas would increase to around 25%.
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Figure 1: Two configurations of hybrid amine/membrane CO; capture model

Methods

Hybrid amine/membrane

The amine regeneration system for the hybrid amine/membrane process was simulated using the
Independence model in Aspen Plus®. Figure 2 shows the advanced flash stripper configuration.
All of these cases are simulated using 5 m PZ stripping at 150 °C, main exchanger LMTD =
5 °C, top exchanger LMTD = 20 °C, lean solvent output at 40 °C, and 150 bar CO, product.

3
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When CO; rich loading and lean loading of the advanced flash stripper are given, the overall
equivalent work will vary with the cold rich bypass and warm rich bypass. There is an optimal
point where the equivalent work is minimized. The corresponding cold rich bypass and warm
rich bypass is the optimal bypass for this specific CO, rich and lean loading. In order to
distinguish this from the bypass at the optimal lean loading for each CO, rich loading, the former
is described as “bypass” and the latter “optimal bypass”.

Regression analysis in Excel is used to build the correlations of heat duty, equivalent work, CO,
output pressure, optimal cold and warm rich bypass, and CO; rich and lean loading.

Top Exchanger
LMTD=20°C

C}Q =)

2
Water

Compressor Condenser

150 bar

Reflux

»
P
Cold Rich Bypass Warm Rich Bypass Stripper
Rich SolvenT Hot CrossX Steam Heater
46°C Warm CrossX (flashing)

4@ Flash Tank

150 °C
Main Exchanger

Lean Solvent LMTD=5°C

40 °C

Figure 2: Stripping configuration using 5 m PZ
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Equivalent Work Calculation

Equivalent work replaces heat duty as a more general metric of energy use than heat duty alone.
It is defined as the sum of pump work, compression work, and heat work, as Equation 1 shows.

Wq (kd/mol CO; ) = Wieat + Wioump + Weomp (1)

Heating work can be generated from the heat duty of the reboiler using Equation 2. A typical
value of 90% is used for the turbine efficiency ( 1) and Tsjnk is taken as 313K.

W, (kIimol €O, ) = (- saurce TAT ;TTsink ol @)
+

TSOUI’CE‘

Compression work can be approximated by Equation 3, which is typically assumed to be at a
discharge pressure of 150 bar.

4.572 In(@) —4.096--- P, <4.56bar

W,y (KIMOI CO,) = o )
402320 ~2.181... P > 4.56bar

in =

In

Minimum Work

Minimum work is the total reversible work required considering the stripping process as a Carnot
cycle. Minimum work can be estimated as W,;, (kJ/mol CO,) =AG =AH —TAS.

In a real process, part of the work produced is consumed by irreversible operations, such as heat
transfer in the cross exchanger, condenser, reboiler, etc. The Second Law efficiency, which is
the ratio of minimum work to total ideal work, is chosen to reflect the utilization of energy. To
estimate total ideal work the heat work, Weq, is replaced by ideal heat work, Wheat igear, S€tting
the turbine efficiency in Equation 2 to 1.0.

Process Safety

The stripper pressure should never exceed the pressure rating of the vessel. The stripper vessel
will be equipped with a relief valve that will discharge the CO,/amine mixture to a safe, low
pressure point, probably the inlet to the absorber.

Results and Discussion

Regression analysis over a wider range of rich loading

Total equivalent work, heat duty, stripping pressure, warm rich bypass, and cold rich bypass for
each case were regressed in Excel as a function of CO, rich loading and lean loading.
Comparisons between simulation results and predicted values by regression are shown in Figures
3-7.

Figure 3 compares the total equivalent work for variable CO, rich loading. As CO; rich loading
increases, the equivalent work requirement decreases for the same loading difference between
rich and lean. Since CO, capacity becomes dominant at high lean loading, total equivalent work
for all these rich loadings changes rapidly at high lean loading values and becomes flat at the low
lean loading end. At all three minimum points, the loading difference between rich solvent and
lean solvent is 0.14.
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The expression of total equivalent work (Figure 3) by regression is:
W,, =39.4+101.0LLDG+583.2LLDG? +177.8RLDG* - 961.9RLDG* LLDG (4)

RLDG represents rich loading and LLDG represents lean loading.
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Figure 3: Equivalent work and its predicted value at different rich and lean loadings.
Lines predicted by Equation 4.
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Figure 4: Heat duty and its predicted value at different rich and lean loadings. Lines
predicted by Equation 5.

Heat duty of the reboiler is composed of sensible heat requirement, latent heat requirement, and
stripping steam heat requirement. Heat work accounts for about 70% of the total equivalent
work. Figure 5 shows the comparison of heat duty for variable CO; rich loading. Heat duty also

6
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has its minimum value at a CO, loading difference of 0.14 mol CO,/mol PZ. The sensible heat
requirement dominates at high lean loading (low capacity). The stripping steam requirement
dominates at low lean loading.

The expression of heat duty (Figure 4) by regression is:
Q =119.1+342.2LLDG +1891.5LLDG? +497.7RLDG? —3098.8RLDG * LLDG (5)

Thermodynamically, the stripping pressure at 150 °C (Figure 5) depends only on the lean loading
and is given empirically by:

INP =6.6—5.9LLDG+ 21.7LLDG? (6)
g
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Figure 5: Stripping pressure and its predicted value at 0.37 to 0.40 rich loading. Bottom
temperature = 150 °C. Lines predicted by Equation 6.
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Figure: 6: Cold rich bypass. Lines predicted by Equation 7.
The optimal cold rich bypass (Figure 6) is not a function of rich loading and is given by:

CRBP =0.38-1.91LLDG + 2.44LLDG? (7)

As CO; lean loading increases, cold rich bypass plays a less important role in the advanced flash
stripper, because for high CO, lean loading, less water is heated to the vapor phase, and so less
steam stripping heat needs to be recovered by cold rich bypass. The cold rich bypass can be
removed from the advanced flash stripper design when stripping very high CO; lean loading.
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Figure 7: Optimum warm rich bypass in the advanced flash stripper with 5 m PZ. Lines
predicted by Equation 8.

As Figure 7 shows, the expression of the optimal rich bypass is:

WRBP = 2.43—9.56LLDG+4.98LLDG? —3.00RLDG? +1.09RLDG * LLDG (8)
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Warm rich bypass depends in large part on CO; lean loading, and changes in the same way that
cold rich bypass does. It also depends on CO; rich loading. Warm rich bypass at low CO rich
loading decreases more rapidly with CO, lean loading than at high CO, rich loading. At low
CO; lean loading, low CO, rich loading has a greater warm rich bypass. All the lines decrease
and cross at the same point, CO, lean loading 0.27 mol/equivalent PZ. At high CO; lean
loading, warm rich bypass with high CO, rich loading becomes higher than low CO,; rich
loading, but they all tend to zero. Combined with the profile of cold rich bypass, both warm rich
bypass and cold rich bypass play less important roles in recovering energy at high CO, lean
loading. In other words, at high CO; lean loading, the simple stripper is more economical than
the advanced stripper because of the cross exchanger capital cost.

Similarly, optimal lean loading at each CO, rich loading and its corresponding stripping
pressure, heat duty, total equivalent work, optimal cold rich bypass, and warm rich bypass are
regressed as functions of rich loading:

OPTLLDG = RLDG —0.14 )

OPTQ = 223.95—337.07RLDG + 25.30RLDG? (10)
OPTW,,, = 62.88 - 54.93RLDG — 46.13RLDG> (11)
OPT InP =8.03—12.51RLDG + 22.04LLDG? (12)
OPTCRBP =0.33—0.67RLDG (13)
OPTWRBP = 6.88 — 30.00RLDG + 33.33RLDG? (14)

The Second Law Efficiency
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Figure 8: Second law efficiency of the advanced flash stripper with 5 m PZ. Marks
calculated by Whin /Wiotaridear- Lines predicted by Equation 15.
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Figure 8 shows the effective utilization of stripping energy represented by the Second Law
efficiency. CO, loading difference (ALDG) is calculated by CO; rich loading minus CO, lean
loading. The regressed expression for the Second Law efficiency is:

EFF =0.76 -1.27LLDG - 9.58LLDG? — 2.84RLDG? +12.74RLDG* LLDG (15)

The curves on Figure 8 at different rich loading cross at a ALDG of 0.14 mole CO,/mol
equivalent PZ, which is the same as that giving the optimum equivalent work. The variation of
efficiency with lean loading may result in part from the contribution of rich pump work as shown
in Figure 9. The role of the bypass flows may also change with rich loading and delta loading as
shown in Figure 10.

At low ALDG (defined as CO, partial pressure irreversibility dominant part), the higher the CO,
rich loading, the higher the CO, partial pressure. High CO; rich loading has high pump work
requirement, as Figure 9 shows. The Second Law efficiency at high CO, rich loading is lower
than that at low CO, rich loading at low ALDG. As the pump work for different CO, rich
loadings decreases and becomes closer to each other with increasing CO, loading difference, it
plays a less important role in the efficiency. As CO; loading difference goes up, efficiency of
different CO; rich loading increases and become close to each other.

The efficiency at different CO, rich loadings splits after 0.14 mole CO,/mol equivalent PZ
loading difference. At high CO, loading difference (defined as sensible heat irreversibility
dominant part), the Second Law efficiency of low CO, rich loading is lower than that of high
CO; rich loading because lower CO; rich loading requires more bypasses, as Figure 10 shows.
At high CO; loading difference, the steam stripping heat that must be recovered by rich solvent
bypass is high. This leads to a corresponding higher irreversibility in cross exchanger and
reboiler. The cross exchanger irreversibility has a stronger impact on low CO; rich loading. As
a result, low CO; rich loading has lower Second Law efficiency at high CO, loading difference.

10
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Figure 10: Cold and warm rich bypass for different CO, rich loading with CO, loading
difference. The upper three lines are warm rich bypass presented on the right Y axis in %.
The lower three lines are cold rich bypass presented on the left Y axis in %.

Due to the combined effect of pump irreversibility and cross exchanger irreversibility, there is a
maximum efficiency with 0.37 mol/equivalent PZ CO, rich loading at 0.2 mol/equivalent PZ
CO; loading difference (Figure 10). Since bypass has less impact at high CO, rich loading, the
efficiencies of the other two CO; rich loadings are still increasing at 0.22 mol/equivalent PZ CO,
loading difference, but tend to flatten out. They may reach maximum efficiency at higher CO,
loading difference, where more energy recovery is required. If 5 m packing of the stripper is
used instead of the current 2 m, the Second Law efficiency will be higher at the high loading
difference area.
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Conclusions

1. As the CO; rich loading varies from 0.37 to 0.43, the optimum lean loading occurs at a loading
difference of 0.14 mol/equivalent PZ CO,.

2. The minimum total equivalent work decreases from 36.2 kJ/mol CO; to 30.7 kJ/mol CO, as
the rich loading increases from 0.37 to 0.43.

3. Heat duty, total equivalent work, stripping pressure, and bypasses are correlated as functions
of CO;, rich loading and lean loading.

Q=119.1+342.2LLDG+ 1891.5LLDG? + 497.7RLDG? — 3098.8RLDG * LLDG
W,, =39.4+101.0LLDG +583.2LLDG’ +177.8RLDG’ — 961.9RLDG * LLDG
InP =6.6—5.9LLDG+21.7LLDG?

CRBP =0.38—1.91LLDG + 2.44LLDG?

WRBP = 2.43—9.56LLDG + 4.98LLDG? —3.00RLDG? +1.09RLDG *LLDG

4. The Second Law efficiency of the advanced flash stripper varies from 45 to 70% as the delta
loading varies from 0.06 to 0.22. At the optimum delta loading of 0.14 the efficiency is 65%.

2. Stripper Performance and Equipment Costs Using 5 m MDEA/5 m
PZ

Introduction

A hybrid amine/membrane CO, capture model is being developed by combining a CO,
membrane separator with the absorber/stripper. The membrane separator has been developed by
Membrane Technology and Research, Inc. (MTR). The absorber and stripper performance is
simulated using the Independence model for PZ in Aspen Plus®.

Due to the high CO, capacity of MDEA/PZ, less solvent is regenerated for the same amount of
CO; product. Stripping energy will be reduced by substituting 5 m MDEA/5 m PZ for 5 m PZ.
Equipment cost is also expected to decrease because of the smaller lean/rich amine exchanger
although a bigger stripper is required. The lower CO; loading limit for 5 m MDEA/5 m PZ is
also higher than 5 m PZ, which means it is not as good as 5 m PZ for low CO; inlet
concentration. The absorption rate of 5 m MDEA/5 m PZ is also lower than 5 m PZ. So the
capital cost of the absorber will increase since the required packing height increases.

Methods

Hybrid amine/membrane

The amine regeneration system for the hybrid amine/membrane process was simulated by the
Independence model in Aspen Plus®. The advanced flash stripper configuration was used and
stripping conditions for 5 m MDEA/5 m PZ are the same as those for 5 m PZ except at 120 °C.

12
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Figure 11: Stripping configuration using 5 m MDEA/5 m PZ.

Equivalent Work Calculation

Equivalent work replaces heat duty as a more general metric of energy use than heat duty alone.
It is defined as the sum of pump work, compression work, and heat work, as Equation 1 shows.

Heating work can be generated from the heat duty of the reboiler using Equation 2.
Compression work can be approximated by Equation 3.

Results and Discussion

Stripper Performance Using 5 m MDEA/5 m PZ (Case 19-MDEA/PZ)
Table 1: Comparison of stripper performance using 5 m PZ and MDEA/PZ

Solvent 5mPZ 5m MDEA/5 m PZ
CO;, rich loading 0.411 0.398
CO; lean loading 0.303 0.209
L/G (mass) 10.3 54
Pressure (bar) 8.66 2.84
Cold rich bypass (%) 4 10
Warm rich bypass (%) 9 24
Equivalent work 33.24 32.41
Heat duty 93.14 94.71
Cold rich bypass (%) 4 9
Warm rich bypass (%) 10 24
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Table 1 compares the energy performance of Case 19 using 5 m PZ and the blended solvent. At
the same CO, partial pressure, L/G and stripping pressure are much lower for blended solvent.
As a result, compression work is a little higher and pump work is much lower. The total
equivalent work of 5 m MDEA/5 m PZ is lower than that of 5 m PZ.

Table 2: Purchased Equipment Cost of Case 19 using 5 m PZ and 5 m MDEA/5 m PZ are
these colors intentional

Description Case 19 Case 19-MDEA/PZ
Inlet Gas Blower 2,841,000 2,841,000
Absorber 15,228,000 26,164,000
Absorber Intercooler 2,871,000 2,219,000
Absorber Intercooler Pump 2,334,000 2,477,000
Rich Amine Pump 970,000 535,000
Rich Amine Carbon Filter 173,000 115,000
Particulate Filter 136,000 136,000
Rich/Lean Amine Exchanger 25,842,000 8,875,000
Lean Solvent Cooler 1,305,000 783,000
: 707,000 936,000
Stripper
1,014,000 688,000
Steam Heater 8,082,000 8,081,000
Overhead Condenser 522,000 653,000
Overhead Accumulator 31,000 30,000
Compressors 10,044,000 10,103,000
Multistage Centrifugal Pump 540,000 540,000
Makeup Amine Tank 345,000 345,000
Makeup Amine Pump 9,000 9,000
Water Tank 103,000 103,000
Water Pump 13,000 13,000
Surge Tank 931,000 632,000
Lean MEA Pump 605,000 334,000
Reclaimer 4,915,000 2,579,000
Dehydration Unit 1,966,000 1,966,000
Total 81,528,000 71,157,000
Capture 68,978,000 58,548,000
Compression 12,550,000 12,609,000

Table 2 shows the purchased equipment costs of Case 19 using 5 m PZ and 5 m MDEA/5 m PZ
of 593 MWe based on Frailie spreadsheet (2014). For the stripper, the cost centers are the steam
heater, compressors, and reclaimer. Total equipment costs of blended solvent is 13% lower than
that of 5 m PZ. The main two changes are on the main exchanger and reclaimer, due to lower
solvent flow rate caused by higher CO, capacity. Compressors cost just a little higher while the
compression work increases a lot.

But both cases using 5 m PZ and 5 m MDEA/5 m PZ are using main exchanger LMTD of 5 C,
which is not their optimum LMTD. Energy performance and equipment costs will be different
from these two tables when using their optimum LMTD.
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Conclusions

1. The energy cost of using MDEA/PZ is lower than using 5 m PZ. For Case 19, equivalent
work using 5 m MDEA/5 m PZ (32.41 kd/mol COy) is less than using 5 m PZ (33.24 kJ/mol
CO,).

2. The capital cost of Case 19 using MDEA/PZ ($ 71,157,000) is less than using PZ ($
81,528,000).

3: Model design of Ammonia Purging System
Introduction

150 bar
Rich Exchanger
LMTD=20°C

Top Stripper
Purge Reflux
| > Split
A 4 o

CO; Compressor Condenser

Water

A

>
Cold Rich B Warm Rich Bypass
© i Bypass P Stripper
Rich Solvent
Ldg=0.4 (mol COz/mol) Hot CrossX Steam Heater
Warm CrossX (flashing)
4@7 Flash Tank
&
<
LMTD =5 °C 150 °C

Lean Solvent

Ldg=0.26(mol/mol)

40 °C

Figure 12: Initial Configuration of the ammonia purging system.

Figure 12 shows the configuration of the ammonia purging system. A top stripper is added
above the flash stripper. The vapor coming out from the flash stripper goes up across the top
stripper, top heat exchanger, and condenser. The vapor out from the condenser is compressed to
150 bar. The condensate coming down from the condenser is separated into two parts. One part
is sent back to the top of the top stripper, serving as feeding liquid. The other part is purged.
The reflux ratio is defined as the flowrate ratio of the reflux over the whole condensate. The
liquid coming out from the bottom of the top stripper at high temperature is also sent away. An
applicable way to save the energy it carries and the large amount of water in it is to send it to a
cross heat exchanger and then to the water wash. As the reflux ratio goes up, ammonia and CO,
concentration in the reflux loop increases. On the other hand, as more condensate is used for
reflux, the amount of the purged flow sent out of the system is reduced. Compared with previous
advanced flash stripper without reflux, total amount of CO, captured and NH3; removed is
increased. An optimum reflux ratio can be found to have the best value of mol NH3s/mol CO;
removed.

COg; rich loading of 0.4 mol/mol equivalent PZ and lean loading of 0.26 mol/mol equivalent PZ
stripping with 5 m PZ is chosen as the base case.

15
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Methods

Adding ammonia component
Two reactions with ammonia occur in the amine scrubbing system.

NH; + HCO; & NH,CO00~ + H,0 (16)

NH; + PZH* & NH} + PZ (17)

Properties of NH3, NH4" are in the data bank of Aspen Plus®. The equilibrium coefficient of
Equation 16 is set by:

In (Keg) = -4.5834 + 2900/T (18)
New components were added into Aspen Plus® using the methods of Sherman (2013).

Process Safety

The stripper pressure should never exceed the pressure rating of the vessel. The stripper vessel
will be equipped with a relief valve that will discharge the CO,/amine mixture to a safe, low
pressure point, probably the inlet to the absorber.

Results and Discussion

Table 3 shows the comparison of the purged amount and concentration of CO, and ammonia
under different reflux ratio and non-reflux. With the increasing reflux ratio from 0.8 to 1.0, total
CO; removed from the output vapor of the stripper has a minimum value at reflux ratio of 0.85.
But in terms of CO, in both purge flow and the output vapor, the amount of CO, removed
decreases with the reflux ratio, and are all higher than without reflux/purge. In the purge, total
amount of NH3; and of CO, both have maximum value at reflux ratio of 0.85 while the mole
fraction of total ammonia increases with the reflux ratio.

Table 3: ammonia purge under different reflux ratio and non-reflux

reflux ratio 0.8 0.85 0.9 0.95 1 refll?)(()/r[l)-urge
purged total NH3 (mol/s) 14.41 16.32 13.51 6.42 0 -
purged total CO, (mol/s) 14.47 16.36 13.53 6.43 0 -
mole fraction of purged
total NHs (%) 0.160 0.255 0.344 0.344 0.347 -
treated CO, (vapor)(kg/s) 60.92 60.76 60.87 61.15 61.25 60.95
total CO, removed (kg/s) 61.55 61.49 61.46 61.43 61.25 60.95
kg purge/ton CO, treated 36.80 30.51 21.18 10.01 0 -
mol NHs/mol CO; treated | 0.0104 | 0.0118 | 0.0098 0.0046 0 -
split H,0 (kg/s) 817 | 893 | 924 | 963 | 920 (Con?jfr?sate)
mole fraction of split total 0.0176
NH; (%) 0.0054 | 0.0059 | 0.0090 0.0162 0.0276 (condensate)
mole fraction of split total 0.0206
CO, (%) 0.0059 | 0.0062 | 0.0081 0.0126 0.0199 (condensate)
temperature of output |15, | 1001 | 975 | 962 | 959 1193
vapor (C)
temperature of split (C) 114.1 114.7 113.2 109.8 106.6 -
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With a large amount of the condensate sending back for reflux, the steam stripping heat is
expected to be recovered from the split flow instead of the output vapor by changing the top V/L
heat exchanger to an L/L heat exchanger. This is because the temperature of split flow with
reflux is much higher than the output vapor. The split flow with reflux substitute the condensate
without reflux/purge to serve as a better source of water wash. Compared with condensate in
previous design without reflux/purge, the split flow has a higher amount of water and lower
concentration of both NH3 and CO,. The new configuration is shown in Figure 13.

150 bar

Rich Exchanger
LMTD=20°C

‘_Q =)

Water

CO: Compressor Condenser

Purge

Reflux
Split

>
»
Cold Rich Bypass Warm Rich Bypass Stripper
Rich Solvent
Ldg=0.4 (mol CO2/mol) Hot CrossX Steam Heater
Warm CrossX (flashing)

49__ Flash Tank

150 °C

7 3

Lean Solvent LMTD =5 °C

Ldg=0.26(mol/mol)
40 °C

Figure 13: Final Configuration of the ammonia purging system.

Figure 14 shows the mole fraction of total NH3 and mole amount of CO, and total NHs in the
purge. The mole amount of CO, and NHj in the purge are almost the same. They are at their top
at a reflux ratio of 0.85 (16.36 mol/s of total CO, and 16.32 mol/s of total NH3). The mole
fraction of total ammonia in purge increases with the reflux ratio.
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Figure 14: mole fraction of NH3; and mole amount of NH3 and H,O in the purge.

Figure 15 shows mole fraction and amount of NHj3 in the purge normalized by CO, removed.
The amount of CO, removed is based on the output vapor sent to the compressor. As reflux ratio
increases from 0.8 to 1, the normalized purge’s flow rate decreases from 36.8 kg/ton CO,
removed to 0, and the increase of the NH3 mole fraction in the purge slows down. There is a
peak value of the normalized amount of NH3 in purge (0.0118 mole NH3s/mole CO, removed)
around 30.5 kg purge/ton CO, removed. At that point the normalized mole fraction of NH3 in
purge is decreasing rapidly. The appropriate range of reflux ratio for ammonia purging is in the
range of 0.85 to 0.93.
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Figure 15: mole fraction and normalized amount of NH3 in purge.
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Conclusions

Adding reflux and purge can separate ammonia from the amine scrubbing system efficiently. As
reflux ratio increases from 0.8 to 1, the mole fraction of NHj3 in the purge increases from 0.160 to
0.347. The normalized amount of NH3 in purge has a peak value (0.0118 mole NHs/mole CO,
removed) at 30.5 kg purge/ton CO, removed.

Future Work
1. Optimize stripper performance using 5 m MDEA/5 m PZ.

2. Develop the ammonia purging model based on amine degradation rate and ammonia emission
standard.
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Abstract

In this quarter, a review of hydraulic and mass transfer results containing all 14 packings
measured in this work was presented. The experimental results serve as Chapter 4 of the Ph.D.
dissertation. The effects of liquid superficial velocity (u.), gas superficial velocity (ug), packing
surface area (ap), and packing corrugation angle (6) on hydraulic properties and mass transfer
performance were explored. In general, pressure drop increases steadily with gas flow rate (F-
factor) to the power of 1.6-1.9. The pressure drop increases by 30% from dry condition to a
liquid load of 5 gpm/ft? (12 m*m?*h), and increases slightly with increasing liquid flow rate.
The liquid hold-up increases slightly with gas flow rate in the pre-loading region, and increases
sharply with gas flow rate in the loading region until flood. Liquid hold-up increases with liquid
flow rate at the constant gas flow rate. Both pressure drop and liquid hold-up increase with
packing surface area and decrease with packing corrugation angle.

The effective mass transfer area increases with liquid velocity to the 0.15 power and is
essentially independent of gas velocity. The fractional effective area decreases as packing
surface area increases because of the inefficient wetting in the higher specific surface area
packings. Rivulets, ripples, and droplets provide additional mass transfer area in lower specific
surface area packings. The effective mass transfer area is not a function of packing corrugation
angle.

The liquid film mass transfer coefficient (k) is a function of liquid velocity and independent of
gas velocity. Conversely, the gas film mass transfer coefficient (kg) is a function of gas velocity
and independent of liquid velocity. The k. increases with liquid velocity (u.) to the power of
0.5-0.77 for all packings in this work. The kg increases with liquid velocity (ug) to the power of
0.43-0.76 for all packings in this work. Summaries of k. and kg are shown in Figures 4.27 and
4.28 of the attached Chapter 4.

Packing geometries have similar effects on k. and ks. Both k. and kg increase as packing
surface area increases and decrease as corrugation angle increases.

A dissertation chapter (Chapter 4) follows, which includes all experimental results.

1
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Future Work

Next quarter, work will be focused on other chapters of the dissertation. In Chapter 5, studies on
packing geometries are conducted to quantify the effects of packing surface area (ap) and
corrugation angle (6) on k_ and ks. A new concept, the Mixing Points Density (M), is
introduced to represent the geometry effects. Three mass transfer correlations will be developed.
In Chapter 6, an economic study on the effects of operation condition and packing selection on
absorber total cost will be conducted. The optimum operation condition and packing for amine
scrubbing CO, absorber will then be given.

Lab Safety issues

1. Steel reinforced gloves are required to prevent being cut when handling sheet metal
structured packings.

2. Chemical resistant lab gloves are required when handling a strong base such as NaOH used
in effective area measurement, and toxic chemicals such as toluene in k. measurement. After
runs, NaOH should be neutralized before draining.

3. A gas mask with respirator is required when changing SO, bottles.

Attached Chapter
Chapter 4: Packed Column Results

4.1 Hydraulic
4.1.1 General overview

The packing hydraulic characteristics (pressure drop and liquid hold-up) were determined prior
to the mass transfer measurements. The air/water system was used in the hydraulic tests. The gas
flow factor (Fg) was chosen as the independent variable since it is theoretically meaningful
(Bernoulli equation) and allows for the incorporation of temperature effects (via gas density).

The pressure drop results for Sulzer Mellapak™ 250Y (MP250Y), a standard structured packing
with surface area of 250 m®/m?, are shown in Figure 4.1. The dry pressure drop increases with
gas F-factor to the power of 1.6-1.9. Theoretically, the power should be around 2 based on
Bernoulli equation. However, the friction loss reduces the power slightly. Pressure drop
increases by 30-40% when irrigated with 5 gpm/ft® (12 m*m?*h) liquid flow (compared with
dry pressure drop), and increases slightly (5-10%) as liquid flow rate keeps increasing. In the
pre-loading region, irrigated pressure drop increases steadily with gas flow rate to the power of
1.6-2.0, which is similar to the dry pressure drop curve. In the loading region, pressure drop
increases dramatically with gas flow rate until flood. The power of pressure drop on F-factor
increases from 2.0 to 10.0 in the loading region.
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Figure 4.1. Pressure drop results for MP250Y

The liquid hold-up characteristics for Mellapak 250Y are shown in Figure 4.2. Liquid fractional
hold-up is the ratio of liquid volume in the packing to the packing void volume. In the pre-
loading region, liquid hold-up increases slightly with gas flow rate because the gas and liquid
have limited interaction in this region. In the loading region, liquid hold-up increase slightly
with gas flow rate until the loading where it increases sharply. The interaction between gas and
liquid is quite intensive in the loading region. For a fixed gas rate, the liquid hold-up increases
with liquid flow rate. In the pre-loading region, the liquid hold-up for this packing is between 3—
13%, which is within the expected magnitude (1-15%).
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Figure 4.2. Liquid hold-up results for MP250Y

4.1.2 Effect of Packing Surface Area

The dry pressure drop data for four packings with specific area ranging from 125 to 500 m%m
(Mellapak 125Y, 250Y and GT-PAK™ 350Y, 500Y) are compared in Figure 4.3. Dry pressure
drop can be correlated as a function of F-factor (Fg):

(DP/Z),,=C*F¢ (4-1)

3

For each packing, the exponent n varies in a small range (1.75 to 1.88) while the constant C
varies with packing specific area (ap). The dry pressure drop can be expressed by a normalized
correlation:

DP/Z
OP Z)ay _ 19 Fo® (4-2)
ap
Equation (4-2) compares well with the correlation by Tsai (2010) shown in Equation (4-3):

DP/Z
OP Z)ay _ 125 Foo (4-3)
ap

There is a very small difference in the constant and the exponent which is expected considering
experimental error and the difference of the database.
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Irrigated pressure drop data (liquid flow rate at 24.4 m*m?*h or 10 gpm/ft?) are shown in Figure
4.5. The data are normalized by dividing pressure drop of packing MP250Y at the same
condition. For each packing, normalized pressure drop is quite stable till flood. The capacity
difference between the packings is shown, with MP500Y exhibiting a much earlier onset to
flooding (F¢ ~ 1.7 Pa®®) compared to MP125Y (Fg ~ 3.9 Pa’®). In the preloading region, the
normalized pressure drop increases with packing specific area (MP125Y ~ 0.68, MP250Y ~
1.45, GT-PAK™ 350Y~ 2.08, GT-PAK™ 500Y ~ 4.31), but the ratio is not constant. For high
surface area packing, the value is higher than expected since resistance for gas and liquid flow is
much higher.
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Figure 4.5. Normalized irrigated pressure drop at liquid load of 24.4 m*/m**h

A comparison of liquid hold-up of these four packings is shown in Figure 4.6. The capacity
difference between packings is also evident in this plot (MP125Y the largest capacity and GT-
PAK™ 500Y the smallest capacity). Liquid hold-up increases with packing specific area but the
relative value decreases (MP125Y ~ 3%, MP250Y ~ 6%, GT-PAK™ 350Y ~ 8%, GT-PAK™
500Y ~ 9%). There are two reasons for this. One, the larger surface area packing is packed
more intensively with higher resistance for liquid flowing down than smaller surface area
packing which is why liquid hold-up increases with packing surface area. Two, the larger surface
area packing has less void space for liquid to fill which is why the increasing ratio decreases.
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Figure 4.6. Liquid hold-up comparison at liquid load of 24.4 m*m?*h

4.1.3 Effect of Packing Corrugation Angle

Besides the packing specific area, another factor that will influence the hydraulic performance of
the packing is the corrugation angle. Figure 4.7 shows the normalized dry pressure drop of two
pairs of packing: MP250Y/X and GT-PAK™ 350Y/Z. An increase in the corrugation angle will
result in a significant reduction in pressure drop. A 51% pressure drop reduction is observed for
the MP250X relative to MP250Y and 64% from GT-PAK™ 350Y to 350Z. The ratio is also
maintained in the irrigated conditions (24.4 m*m?*h or 10 gpm/ft?) as shown in Figure 4.8
where pressure drop is reduced by 60% from MP250Y to MP250X and 68% from GT-PAK™
350Y to 350Z. A larger increase in corrugation angle also causes a larger reduction in fractional
liquid hold-up, though the difference is not as significant. Liquid hold-up comparisons of
MP250Y/X and GT-PAK™ 350Y/Z are shown in Figure 4.9. Similar with pressure drop, liquid
hold-up decreases as packing corrugation angle increases.
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Figure 4.9. Liquid hold-up of MP250Y/X, GT-PAK™ 350Y/Z at a liquid load of 24.4
m%m?*h (10 gpm/ft?)

4.1.4 Effect of Packing Nominal Size (Random packing)

Several random packings were also studied in this work. For random packings, nominal size is
the equivalent packing diameter that can describe the packing piece. Larger nominal size
packings have a higher void fraction and thus smaller specific area per volume. Figure 4.10
illustrates nominal size influence on dry pressure drop. Three packings with different nominal
sizes are compared. The characteristics are listed in Table 4.1. with a with larger surface area
structured packings, the lower void fraction and larger resistance for liquid and gas flow promote
a higher pressure drop. Normalized pressure drop increases as a ratio of packing specific area
(RSR#0.7 ~ 1.2, RSR#0.5 ~ 3.0, RSR#0.3 ~ 4.1). Irrigated pressure drop follows this trend
(Figure 4.11) but the ratio is higher.

The fractional liquid hold-up characteristics are compared in Figure 4.12. Liquid hold-up
decreases as nominal size increases (packing specific area decreases). Packing capacity
increases as nominal size increases. However, the difference between RSR#0.3 and #0.5 is not
quite significant.

Table 4.1. Characteristics of Raschig Super Rings

Nominal size Void fraction Specific area, ap
mm % m°/m®

RSR#0.3 15 96 315

RSR#0.5 20 97 250

RSR#0.7 25 98 180
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Figure 4.12. Fractional liquid hold-up of RSR#0.3, #0.5, #0.7

4.2 Mass Transfer Area

4.2.1 Effect of Gas and Liquid velocities

The first mass transfer property explored is the effective packing mass transfer area (effective
area). Figure 4.13 shows the effective area measured at different gas and liquid velocities for
MP250Y. The effective area increases with liquid velocity to 0.15 power for all gas velocities.
The effective area increases by about 9% when gas velocity increases from 0.59 m/s to 1.48 m/s,
and increases by 2-3% as gas velocity keeps increasing until flood. All other packings show
similar results, where the effective area is a function of liquid velocity and a slight function of
gas velocity.
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Figure 4.13. Fractional effective area of MP250Y

4.2.2 Effect of Packing Surface Area

The effective area of four structured packin%s with identical corrugation angles (45 degree) and
surface area ranging from 125 to 500 m*m? are compared in Figure 4.14. The gas velocity is
0.99 m/s (300 ACFM) for all packings. Every packing shows an increase in effective area with
increasing liquid load which confirms the conclusion in the previous section. At the same liquid
load, the effective area increases with packing surface area. However, the effective area
increases at a smaller ratio than the packing surface area increases. The effective area of 250Y is
43% greater than 125Y, which is less than the 50% difference between the surface areas. The
effective area of 500Y is 14% greater than 350Y which is less than the 30% surface area
difference. The phenomenon of lower specific surface area packing providing higher fractional
effective area is illustrated in Figure 4.15. Rivulets, ripples, and droplets formation between the
sheets, those mass-transfer-enhancing film instabilities (Henriques de Brito, 1994), are easily
formed in coarser packings with high void fraction. End effects and wall effects could also have
a relative higher impact on coarser packings. Finer packings such as 350Y and 500Y could be
more subject to maldistribution and insufficient wetting, causing a relative lower fractional
effective area.

12
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4.2.3 Effect of Packing Corrugation Angle

The effective areas of MP250Y and 250X are compared in Figure 4.16. MP250X has an
equivalent specific surface area and geometric structure except for its higher corrugation angle
(60 degrees) relative with MP250Y (45 degrees). The solid dots are experimental data measured
at all three gas velocities (0.6 m/s, 0.99 m/s, 1.48 m/s) and the solid lines are trend lines of
experimental data. The measured effective area of MP250Y is 6% higher than MP250X.
However, this difference is insufficient to distinguish from the experimental error. These two
packings are assumed to have the same effective area.

A similar conclusion is also reached in the comparison between GT-PAK™ 350Y/Z (Figure
4.17). These two packings have an equivalent surface area and geometric structure except for
the corrugation angle. GT-PAK™ 350Y has a 45-degree corrugation angle while 350Z has a 70-
degree angle. The difference of measured effective area between these two packings is 7%,
which is still within the 10% experimental noise range.
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Figure 4.16. Fractional effective area comparison between MP250Y/X

14



105

1.6

1.2

o
M
ST .

s

3‘ 0.8 -/./’/ e ®

= T | GT-PAK™350Y

©

c

.0

e

® 04

fr
Overall: GT-PAK™ 350Z > GT-PAK™ 350Y
Deviation: 7%

00 | |
0 20 40 60 80

Liquid flow rate, m3/m?*h

Figure 4.17. Fractional effective area comparison between GT-PAK™ 350Y/Z

The conclusion that the corrugation angle has little impact on the effective area was also
confirmed by a previous University of Texas researcher (Tsai, 2010). It is believed that effective
area is determined by the wettability of the packing surface. Thus, the effective area would be
influenced by: (1) the surface tension which determines the contact angle of liquid and packing
surface; and (2) the liquid phase Reynolds number which determines the liquid flow pattern.
Other factors such as gas velocity, liquid viscosity, and packing corrugation angle would not
have a significant impact on effective area. The effective area model is composed by these
influencing factors and will be further discussed in Chapter 5.

4.2.4 Effect of Packing Nominal Size (Random packing)

The effective areas of three Raschig Super Rings (RSR#0.3, 0.5, 0.7) with different nominal
sizes are compared in Figure 4.18. The effective area increases as packing nominal size
decreases (packing surface area increases). Similar to structured packing, the effective area of
Raschig Super Rings increases at a smaller ratio than the surface area increases. The effective
area of RSR#0.3 is 11% greater than RSR#0.5, which is less than the 19% difference between
the surface areas. The effective area of RSR#0.5 is 6% higher than RSR#0.7, which is less than
the 28% surface area difference. Considering fractional effective area, the large nominal size
packing (RSR#0.7) has a larger fractional area than small nominal size packing (RSR#0.5, 0.3),
as shown in in Figure 4.19. Mass-transfer-enhancing film instabilities such as rivulets, ripples,
and droplets which form easily between the sheets in large nominal size packing contribute to the
mass transfer area.
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4.2.5 Effective area summary

The effective area results are summarized in Figure 4.20 at moderate liquid and gas flow rate
(0.99 m/s for gas velocity and 24.4 m/h for liquid velocity). In this work, three types of packings
were measured: structured packing (blue points), hybrid packing (green points), and random
packing (red points). For all packings, the fractional effective area decreases with packing
surface area (decreasing ratio distinct between packing types). For structured packings, the
fractional effective area barely changes with packing corrugation angle. The solid line in Figure
4.20 shows the area model developed in this work, which will be discussed in Chapter 5.
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Figure 4.20. Fractional effective area summary

4.3Liquid and Gas Film mass transfer coefficients (k_ and kg)

4.3.1 Effect of Gas and Liquid velocities

Figure 4.21 shows the liquid film mass transfer coefficient measured at different gas and liquid
velocities for GT-PAK™ 350Y. The liquid film mass transfer coefficient (k.) increases with
liquid velocity to 0.71 power. The effective area increases about 2% when gas velocity increases
from 0.59 m/s to 0.99 m/s, and increases by 3% from 0.99 m/s to 1.48 m/s. All other packings
show similar results: that liquid film mass transfer coefficient is a function of liquid velocity and
essentially independent of gas velocity.

Figure 4.22 shows the gas film mass transfer coefficient for MP250Y. The gas film mass
transfer coefficient (kg) increases with gas velocity to 0.61 power while it barely changes with
liquid velocity. For safety, environmental, and cost concerns, only a few data points were
repeated at different liquid velocities to minimize unnecessary SO, scrubbing experiments.

Results show that k. is only a function of liquid velocity and kg is only a function of gas
velocity. It is because ki relates to the mass transfer in the bulk liquid phase, and it should not
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be influenced by the gas flow. As for kg, it should only be influenced by the turbulence in the
bulk phase of gas, and not be influenced by the liquid flow.
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Figure 4.21. Liquid film mass transfer coefficient of GT-PAK™ 350Y
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4.3.2 Effect of Packing Surface Area

Liquid film mass transfer coefficients of packings with same corrugation angle (45 degrees) but
different surface area (250, 350, 500 m?/m®) are compared in Figure 4.23. For all packings, the
k. value increases with liquid velocity which is consistent with the conclusion in Section 4.3.1.
At the same gas and liquid flow rate, the k_ value increases as surface area increases. In general,
the k. value of 500Y is 33% higher than 350Y, and the k. value of 350Y is 21% higher than
250Y. These differences are higher than the anticipated experimental error of 10%.

A similar conclusion is found when comparing the gas film mass transfer coefficient of packings
with different surface areas (Figure 4.24). At similar gas and liquid flow rates, the kg value of
500Y is 23% higher than 350Y, and the kg value of 350Y is 22% higher than 250Y. The
difference between 250Y and 125Y is negligible (only 3%) since there could be extra bubbles,
ripples creating mass transfer in the low specific area packing like 125Y.

In general, both k_ and kg increase with surface area. This tendency is also true for random
packings (Section 4.3.5). To understand this phenomenon, the packing geometry is studied and a
new concept is proposed in Section 4.3.4.
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Figure 4.23. k. comparison between 250Y, 350Y, 500Y
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4.3.3 Effect of Packing Corrugation Angle

The liquid film and gas film mass transfer coefficients (k. and kg) for two packings with the
same surface area but different corrugation angles (GT-PAK™ 350Y and 350Z) are compared in
Figure 4.25 and Figure 4.26. At the same liquid and gas flow rate, both k_ and kg increase as
corrugation angle decreases from 70 degrees to 45 degrees (350Z to 350Y). The mass transfer
coefficient difference between these two packings is between 25% and 35%, which is not
negligible. This result is consistent with previous work. Olujic and Fair (2000) reported that
Montz B1-250 (45°) had a 20% lower HETP than Montz B1-250.60 (60). Rocha et al. (1996)
also predicted the 45° packing to have 15 to 20% greater gas and liquid film mass transfer
coefficients than the 60° packing based on distillation data measured by the Separations Research
Program at The University of Texas. Considering the previous result where the effective mass
transfer area is independent of corrugation angle, it can be interpreted that the increase in the
HETP from 60° packing to 45° packing is entirely attributable to a higher mass transfer
coefficient.
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4.4 Conclusions

In this chapter, the effects of operating conditions and packing geometries on hydraulic
properties and mass transfer performance were explored. The pressure drop increases steadily
with gas flow rate (F-factor) to the power of 1.6-1.9. The pressure drop increases by 30% from
dry condition to a liquid load of 5 gpm/ft? (12 m*/m*h), and increases slightly with increasing
liquid flow rate. The liquid hold-up increases slightly with gas flow rate in the pre-loading
region, and increases sharply with gas flow rate in the loading region until flood. Liquid hold-up
increases with liquid flow rate at the constant gas flow rate. Both pressure drop and liquid hold-
up increase with packing surface area and decrease with packing corrugation angle.

The effective mass transfer area increases with liquid velocity to the 0.15 power and is
essentially independent of gas velocity. The fractional effective area decreases as packing
surface area increases because of the inefficient wetting in the higher specific surface area
packings. Rivulets, ripples, and droplets also provide additional mass transfer area in lower
specific surface area packings. The effective mass transfer area is not a function of packing
corrugation angle.

The liquid film mass transfer coefficient (k) is a function of liquid velocity and independent of
gas velocity. Oppositely, the gas film mass transfer coefficient (k) is a function of gas velocity
and independent of liquid velocity. The k. increases with liquid velocity (u.) to the power of
0.5-0.77 for all packings in this work. The kg increases with liquid velocity (ug) to the power of
0.43-0.76 for all packings in this work. Summaries of k. and kg are given in Figures 4.27 and
4.28.

Packing geometries have similar effects on k. and ks. Both k_ and kg increase as packing
surface area increases and decrease as corrugation angle increases. In the next chapter, studies
on packing geometries are conducted to understand this phenomenon.
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Abstract

In this quarter, a model of surface tension (o) for NaOH/H,O/glycerol was built based on
literature data. A modified correlation for liquid flow rate (L) of the rotameter in the wetted wall
column (WWC) was built, introducing corrected terms for liquid viscosity (u.). Based on the
updated data for L, surface depletion of each WWC case was calculated, and surface-depletion
correction was made to part of the ky' data. Models of the overall reaction rate constant (Kai)
were built based on empirical data for ky'. A paper for GHGT-12 was completed summarizing
the previous work.

Introduction

Packed columns are important for separation processes including post-combustion CO, capture.
Since the amine solvent used for CO, scrubbing may have a viscosity significantly greater than
water, it is important to know how g affects k. in the column. Few of the existing k. (k.a)
correlations provide satisfactory predictions for the influence of 4 (Rochelle et al., 2013). This
project aims to build a reliable k_ correlation to predict the effect of . on k.. The overall plan
for the project is summarized in previous reports (Rochelle et al., 2014a).

Results

For future measurement of a,, a model of & for H,O/glycerol (Equations 1 & 2) was built based
on literature data (Takamura et al., 2012). lons up to 0.7 N have minimal effect on o, according
to the authors. Literature and calculated values are shown in Figure 1.

Om = oy, + (0.058T — 8.6)w, 1)
0, = 71.7 — 0.0145(T — 30) 2)

where:
om = surface tension of H,O/glycerol (10 N/m);
ow = surface tension of H,0 (10 N/m);
wy = weight fraction of glycerol,
T = temperature (°C).
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Figure 1: Literature and calculated values of & for H,O/glycerol

The correlation developed by Cullinane (2005) has been used by previous researchers (Chen,
2011; Tsai, 2010) to calculate L for the WWC (Equation 3). However, since the ball float in the
rotameter is not immune to g, the correlation is no longer accurate for highly viscous liquid (e.g.,
the correlation overpredicts L by 10 times for 80 wt % glycerol solution at 24 °C). A modified
correlation has been built with z_ correction terms (Equation 4).

7.83— _2
L = (0.45x — 0.29) \/ PLTres \/ 7.83—p? )

2
(7.83-099pLr,, . |783=pir,,.

7.83— _ 52
L= (10.9x — 14.9) - j Dlrer j POPL . (—0.02u% + 1.8u + 63)714  (4)

(783-099pLr,,.  |783=pfr,,

where:
L = liquid flow rate (cm®/s);
X = rotameter reading;
p = liquid density (g/cm?®);
Trer = standard temperature of 25 °C;
w« = liquid viscosity (cP).

With the corrected data for L, surface depletion of alkalinity can be calculated with greater
accuracy. For liquid with high glycerol concentration (> 80 wt %), it was found that the
depletion ratio can be as high as 40% in the worst-case scenario. Within one set of kg’
measurements, the higher the partial pressure of CO,, the more severe the depletion, which
explains the non-zero-intercept problem reported previously (Rochelle et al., 2014b). Correction

2
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of alkalinity surface depletion (Equation 5) was made to kg' for solutions with high glycerol
concentration (> 80 wt %). After the correction, data for k;' no longer have the non-zero
where:

intercept problem (see Figure 2).
’ _ 1
NCOZ - NCOZ\’ 1-depletion% (5)
Ncoz = CO, flux (mol-s/cm?);

N'co2 = CO, flux after correction of alkalinity surface depletion (mol-s/cm?).

2.0E-08
0.1N NaOH, 84 wt % glycerol, 30°C
1.5E-08 |
After correction

& y = 1.520E-11x
Q
£
é 1.0E-08 |
2
T Before correction
o) y = 1E-11x + 1E-09
OS.OE-O9 -

0.0E+00

0 400 800 1200
Log mean driving force (Pa)

Figure 2: Example of alkalinity surface depletion correction for kg'

The following equilibrium/reactions are believed to take place in CO,/NaOH/H,O/glycerol:

K
Glycerol + OH‘HTGlycerol‘ + H,0 (R1)
KoH-
CO, + 20H"—5 C0%™ + H,0 (R2)
k —_
CO, + 2Glycerol™ + HZOG—ly> CO5™ + 2Glycerol (R3)

Kaik can be determined from empirical ky' by Equation 6, based on which models have been built
(Equations 7-10) to calculate kax. Concentrations of hydroxide and glycerol anion can be
calculated by Equations 11 & 12, which are derived from material balance of R1-R3.

3
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Parameters of the model are summarized in Table 1. Calculated kax and kax determined from

empirical ky' are shown in Figure 3.

2
Kt = (kgHco,)
Alk [Alk]Dco,

Kr = exp (A — 2+ Cy[Alk] + Dy [Gly]7 )
koy- = exp (AZ - % + C,[Alk] + Dz[Gly]T)
kg~ = exp (A3 — % + C5[Alk] + D3[Gly]T)
ka = kaH_ + [ATk]]kgly—
[Gly ™12 = {[6Wy]r + = + [AIK]} [Gly™] + [ALK[GLy]y = 0
[OH™] = [Alk] — [Gly~]

Table 1: Parameters in Equations 7-9

Subscript A B C D
1 -9.26 -2400 19.0 -0.43
2 22.7 6037 1.16 0.10
3 20.2 4575 -12.5 0.15
i 40°C S
128 @ = g 9 O B
O o
2 n |
G} o
o
2 O
3 °C
>
N
= O 1stexp.
< A 2nd exp.
o 3dexp.
8 1 1 1 1 1 1
0.0 0.1 0.2 0.3 0.4 05 0.6

Glycerol (mole fraction)

Figure 3: Calculated kak and kai determined from empirical k'
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Discussion

The kax model needs modification when kg' data with elevated hydroxide concentration are
obtained.

Safety Issues
1. Hard hats are required for experiments outside the control room.

2. Alkaline solvents (NaOH) should be neutralized to pH 6-10 before disposal.

3. A gas mask with respirator is required when handling volatile and toxic chemicals.
4. Steel reinforced gloves are required when handling sheet metal structured packing.
5

During WWC experiments, special caution should be taken to keep the reaction chamber
pressure constant by adjusting the gas flow rate and needle valve. A too high pressure may
cause leakage or failure of glass tubes.

Conclusions

A model of ¢ for NaOH/H,O/glycerol was built based on literature data. A modified correlation
for liquid flow rate (L) of the rotameter in the wetted wall column (WWC) was built introducing
corrected terms for liquid viscosity («.). Based on the updated data for L, surface depletion of
each WWC case was calculated, and surface-depletion correction was made to part of the kg’
data. Models of overall reaction rate constant (kai) were built based on empirical data for kg'".

Future Work
1. Conduct WWC experiments with higher NaOH concentration (0.4 M).

2. Start the a, measurement in the pilot packed column.
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Abstract

The kinetics of two different piperazine (PZ) blends were regressed: 4 m 2-methylpiperazine
(2MP2)/4 m PZ and 4 m 2-amino-1-propanol (AMP)/2 m PZ. For each, wetted wall column
(WWOC) flux data covering a wide loading and temperature range were regressed using activity-
based kinetics. The pseudo-first-order rate constants show that the fastest reaction for 2MPZ/PZ
is the formation of PZ(COQ"), catalyzed by free 2MPZ, and for AMP/PZ it is the formation of
AMPCOO catalyzed by free AMP. While this is reasonable for the AMP/PZ system, it is
suspicious for the 2MPZ/PZ system as the formation of PZCOO™ catalyzed by free PZ should be
the fastest. Further, the rate-based absorber model with kinetics could not be converged for
2MPZ/PZ due to an unreasonable 2MPZ zwitterion activity coefficient. While a working
process model was achieved by removing zwitterion reactions, this model underpredicts the mass
transfer of CO..

Introduction

This work has four goals: rigorous thermodynamic and kinetic models; a generic amine
modeling method; viscosity process effects; and economic evaluation. Developing more
rigorous models enables the creation of a generic amine modeling method. The aim of the
method is to streamline model development, shortening the time to a process model. Process
performance can be evaluated from an economic standpoint with special interest paid to viscosity
effects.

1
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A process model requires both a thermodynamic and a kinetic model. This past quarter the
kinetics of two systems were modeled: 4 m 2MPZ/4 m PZ and 4 m AMP/2 m PZ. The
thermodynamic model for each is complete (Sherman et al., 2014; Li et al., 2014). Process
modeling using the 2MPZ/PZ model revealed underlying flaws in the 2MPZ thermodynamic
model that necessitate repeating the regression of the 2MPZ subsystem. Using these Kinetic
models, the dominant reactions of the systems can be established. Determining the dominant
reactions elucidates the most important parameters.

CCSI Activities

There are two parallel uncertainty quantification (UQ) efforts in CCSI. One is focused on
upgrading the MEA model Phoenix. The other is focused on the 2MPZ system. Over the
summer, the parameters governing the amine volatility of 2MPZ in unloaded solution were
varied systematically using Latin hypercube sampling. These samples were run using Aspen
V7.3 with Turbine, a CCSI product for running thousands of Aspen Plus® cases. Preliminary
results are shown in the Appendix.

Modeling Methods

4 m 2MPZ/4 m PZ
Table 1: Reaction set for 4 m 2MPZ/4 m PZ. Kinetic reactions are numbered.

Stoichiometry Reaction

PZCOO + H,0 + CO, <« HPZCOO + HCO3z 1
2MPZCOO + H,0 + CO, <> H2MPZCOO + HCOs3 2
2PZCOO + CO; <« PZ(COO), + HPZCOO 3
PZCOO + 2MPZ + CO; <« PZ(COO), + 2MPZH" 4
PZCOO + 2MPZCOO + CO, « PZ(COO), + H2MPZCOO 5
PZ + 2MPZ + CO, « PZCOO + 2MPZH' 6
2PZ + CO; < PZCOO +PzH* 7
22MPZ + CO; <« 2MPZCOO +2MPZH" 8
2MPZ + PZ + CO; « 2MPZCOO + PZH* 9

2 2MPZCOO™ + CO, «> 2MPZ(COO), + H2MPZCOO 10

2MPZCOO + 2MPZH® « H2MPZCOO + 2MPZ eq.

2MPZ + HCO; <« 2MPZH' + CO3° eq.

2MPZ + PZH' < 2MPZH" + PZ eq.

PZCOO + PZH® <« HPZCOO + PZ eq.

Table 1 shows the reaction set used, where kinetic reactions are numbered and equilibrium
reactions are denoted as “eq.” The equilibrium reactions are calculated from Equation 1,
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X AGY .
eq,j — ﬁ ( )
where R is the universal gas constant, T is temperature, and G]-O is the Gibbs free energy. Each
Kinetic reaction is represented as a forward-reverse pair of reactions. The forward reaction rate is
calculated using Equation 2,

T = Kaamaco, ag )

where K is the reaction rate constant, a; is the activity of the ith component. k is calculated using
Equation 3,

_ —Es(1 1
ko= koexp |7 T ©)

where k, is the reaction pre-exponent, Ea is the activation energy, and T is the reference
temperature taken as 40 °C. The corresponding reverse rate k, and E are backcalculated from
the reaction equilibrium of Equation 1. This method of matching power-law equations has been
called into question as it does not approach the correct equilibrium (Mathias et al., 2014). This is
not anticipated to be a problem as the kinetics are exclusively used with 20 °C. The user
subroutine method used by Mathias will still be explored as it obviates the need for a separate
calculation.

As with any reacting system, diffusion can play a role. Here, the diffusion of amine-products is
accounted for using Equation 4,

T \“ u B
Dam—-proa = Do <T f> <H f> (4)
re re

where Dy is a pre-factor in m%sec, a is the temperature dependence, and B is the viscosity
dependence. The experimental loading is adjusted up to 10% of the loading range corresponding
to P'cop = 0.5-5 kPa. For further details on the kinetic modeling method used, see Frailie
(2014).

The data fit are the thirty-two extreme absorption and desorption CO, fluxes Nco, from the

WWC (Chen, 2011). The temperatures range from 40 to 100 °C with four loadings ranging from
lean to rich.

Ideally, a model should reduce down to its submodels, meaning that the 2MPZ/PZ model reduces
to a PZ or a 2MPZ model. However, owing to the previously documented discrepancy in CO,
parameter values, this model does not (Rochelle et al., 2014). In an ideal case, the only available
kinetic parameters would be cross terms. Those are reactions 4, 5, 6, and 9 of Table 1.
However, as the ability to reduce the 2MPZ submodel is precluded, those parameters are also
available. One parameter of the pure 2MPZ model was changed, that of reaction 10. The cross
term kinetic parameters were initially equated to those of PZ.
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4 m 2MPZ/4 m PZ Modification

When using the 4 m 2MPZ/4 m PZ model for process modeling, the absorber did not converge.
This is another case where the wetted wall column (WWC) model converges, but an actual
absorber does not work properly. In the previous case of 8 m 2MPZ, the absorber converged but
was desorbing CO, (Rochelle et al., 2012). To troubleshoot that system, the kinetics were redone
from scratch. The root cause was never fully determined.

Here, the root cause was determined by examining the process parameters and the underlying
thermodynamic and kinetic parameters. As the WWC model had converged and the absorber
process model used the same thermodynamic and kinetic parameters, process parameters were
suspected.

The typical convergence procedure for an absorber is to give Aspen Plus® a good initial guess.
This is done by setting the absorber to rate-based with a reaction set consisting of the same
reactions as the 2MPZ/PZ system but with zeros for k, and Ea. This is converged, then the
proper reaction set is used in the top few stages. Once this converges, the rest of the absorber
stages are set to the same non-zero reaction set, making the absorber a true process model.

This procedure did not work. In an effort to converge the model, many things were tried, such as
varying the number of stages, decreasing the height of packing, changing the mass transfer or
interfacial area or holdup correlations, increasing the granularity of initializing the reaction set,
increasing the L/G ratio, and changing the homotopy values. These all proved unsuccessful,
ruling out process parameters as the source of the problem and leaving the thermodynamic and
kinetic parameters.

As the kinetic model depends on the thermodynamic model, it is not possible to isolate the
kinetic parameters from the thermodynamic parameters. To troubleshoot the kinetics, reactions
were selectively deleted. After deleting reactions 5 and 10, the absorber converged, and the
departure of the forward-reverse power-law reaction equilibria from the true thermodynamic
reaction equilibria were examined. Ideally, the following relationship holds true:

AG) ks
Keas =21 =%, (5)

In practice, the second equality of Equation 5 only holds from 40 to 60 °C, because % does not

account for the temperature dependence of the activity coefficients. All of the reactions
involving the zwitterion showed they diverged furthest from the equality of Equation 5.

Figure 1 shows the three reactions involving the zwitterion (2, 5, and 10) along with one other
reaction. As the kinetic equilibrium is calculated from the thermodynamic equilibrium at 40 and
60 °C, the equilibria match (i.e., the second equality of Equation 5 holds). Moving outside the
40-60 °C range, the two equilibria diverge (i.e., the second equality becomes less true). The
divergence is typically less than that of reaction 1 shown in Figure 1. The extreme divergence of
the zwitterion reactions shows that the activity coefficient temperature behavior is too complex
to be captured by the power-law equilibrium (Mathias et al., 2014).
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Figure 1: The top four equilibrium discrepancies for 2MPZ/PZ reactions of Table 1

This divergence led to an examination of the temperature dependence of the 2MPZ zwitterion
activity coefficient (yuampzcoo).  Figure 2 shows that the temperature dependence for
H2MPZCOO is twice that of HPZCOO. This indicates that the problem lies with the activity
coefficients calculated by the thermodynamic model. In the operational loading range of 0.3 to
0.4 mol CO,/mol alk, the temperature dependence of ynampzcoo is four times that of yupzcoo.
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Figure 2: Activity coefficient temperature behavior of H2MPZCOO (dashed) and
HPZCOO (solid)

Since the absorber is operating between 40 and 60 °C, where the equilibria agree, the problem
must lie in that temperature range. Figure 3 shows the activity coefficients of the species
involved in the 2MPZ zwitterion reactions at 40 °C. yuampzcoo IS two orders of magnitude below
the analogous PZ species, and exhibits a minima and stronger loading dependence than yppzcoo.
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Figure 3: Activity coefficients at 40 °C for species of reactions 2, 5, and 10

The cause of the absorber process model failing to converge is the poor yuampzcoo behavior
propagating through the kinetic model. To remedy this, ynyampzcoo needs to be redone. A
temporary fix was made by removing reactions 5 and 10. All kinetic and diffusivity parameters
were left as is.

4 m AMP/2 m PZ

Figure 4 compares two sets of AMP NMR data from one author that are contradictory (Ciftja et
al., 2014; Ciftja et al., 2011). As the new data are more comprehensive than the older data, the
Gibbs free energy of aqueous formation and the enthalpy of aqueous formation were regressed
again.
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Figure 4: New and old Ciftja NMR data for 4.8 m AMP. Data are from Ciftja (Ciftja et al.,
2014, 2011).

The viscosity and density are regressed before kinetics. These hydraulic properties were fit
using Equations 6 and 7, which are similar to previous work (Frailie, 2014).

[(axamp + bxpz + )T + dxayp + expz + f]

XamMp+pPZ (6)
TZ

a—j are parameters, a is loading (mol CO,/mol alk), and x; is the mass fraction.

Hamp+prz — exp
HH20 * [(gXamp + hxpz +iT + jla + 1] =

Pamp+pz = Xm,0Pm,0 t Xamp(aT + b) + xpz(cT + d) .
+ xco,(eT + f) (")

a—f are parameters, and x; is the mole fraction.

Viscosity is regressed using least-squares minimization in Excel to match available data
(Rochelle et al., 2012b).

No loaded density data are available for this system. Using the same parameters from loaded
MDEA/PZ produced unsatisfactory results, so unloaded AMP data were used to fit parameters a
and b (Xu et al., 1991; Chan et al., 2002). The other parameters were set to give the expected
trend with loading.

With viscosity and density correlated, the kinetics were modeled using the approach outlined for
2MPZ/PZ. Table 2 shows the reaction set used.
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Table 2: 4 m AMP/2 m PZ reaction set
Stoichiometry Reaction

PZCOO + H,0 + CO, +« HPZCOO + HCO; 1
AMP+ H,0O + CO, < AMPH" + HCO3; 2
2PZCOO + CO, — PZ(COO), + HPZCOO 3
PZCOO + AMP+ CO, « PZ(COO), + AMPH" 4
PZ + AMP + CO; — PZCOO + AMPH"* 5
2PZ + CO;, — PZCOO +PzZH* 6
2 AMP + CO, — AMPCOO +AMPH* 7
AMP + HCO5 — AMPH® + CO;~ eq.
AMP + PZH* < AMPH" + PZ eq.
PZCOO + PZH" < HPZCOO + PZ eq.

Results and Discussion
4 m 2MPZ/4 m PZ

Fitting the CO; flux (Nco,) resulted in the kinetic parameters shown in Table 3 and the diffusion
parameters shown in Table 4. In Table 3, all reactions involving only PZ have the same value as
Independence (Frailie, 2014). In Table 4, the Dam-proq IS adapted to each system by changing the
reference viscosity to the mid-range loading viscosity at 40 °C. While the raw temperature
dependence a is the same across systems, the B is different. For 2MPZ/PZ, the exponential on p
is set to —1. This helped remove bias with loading, as viscosity changes with loading.

Table 3: Regressed reaction parameters for 4 m 2MPZ/4 m PZ

Stoichiometry ko (kmol/s-m®) Ea (10* 3/mol)

forward  reverse fwd  rev
PzCOO + H,O + CO» < HPZCOO + HCOj3" 2.20E+04 9.74E+01 490 7.37
2MPZCOO + H,O + CO, < H2MPZCOO + HCO3" 2.62E+06 4.28E+05 9.80 175
2PZCOO + CO, « PZ(CO0O), + HPZCOO 2.76E+10 2.63E+05 1.42 8.93
PzCOO + 2MPZ + CO, — PZ(CO0O), + 2MPZH" 1.00E+10 9.51E+04 6.98 16.6
PZCOO + 2MPZCOO + CO, <« PZ(COO), + H2MPZCOO 2.76E+12 2.49E+09 142 14.1
PZ + 2MPZ + CO, — PZCOO + 2MPZH" 2.04E+10 6.44E+04 1.42 8.77
2PZ + CO, «— PZCOO + PzZH" 2.04E+10 6.44E+04 1.42 851
22MPZ + CO, «— 2MPZCOO + 2MPZH" 1.45E+10 4.50E+04 1.42 8.93
2MPZ + PZ + CO, — 2MPZCOO + PZH" 9.00E+10 1.68E+05 0.457 7.95
22MPZCOO™ + CO, « 2MPZ(COO), + H2MPZCOO 2.76E+10 6.67E+08 142 12.1

9



128

Table 4: Regressed Dam-prod Parameters of Equation 4
Parameter 2MPZ/PZ PZ/MDEA AMP/PZ  Units

Do 4.00E-10 2.26E-10 4.00E-10 m“/sec
a -2.58 -2.58 -2.58 —

B -1 -1.45 -2 —
Tref 313.15  313.15 313.15 K

Href 13.7 15.5 5.73 cP

Figure 5 shows the kinetic fit versus temperature. The scatter decreases with increasing
temperature. There is a tendency to overpredict desorption and to underpredict absorption.
When the filled and open points overlap, the equilibrium at that point is accurately represented.
When the two points do not overlap, absorption or desorption is predicted despite zero driving
force. Adjusting the loading brings the absorption-desorption points into agreement. When
these points do not agree, the loading has been adjusted to the £10% of operational loading limit.
Fitting the data between 40 and 60 °C is most important, as the absorber operates in this range.
Fitting the higher temperature data is done using the diffusion parameters of Table 4.

1.80 -
1.40 [1]
Ncoz
Neo, 1.00 %
0.60 l
0.20 -
40 60 80 100

T(°C)
Figure 5: Kinetic fit for 4 m 2MPZ/4 m PZ. Data are from Chen (2011). Filled points are
absorption; open desorption.

The data from Figure 5 are replotted against loading in Figure 6. There is a slight bias towards
overprediction as loading increases. The two pairs of points at the rich end show a large
equilibrium discrepancy.

10
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Figure 6: Kinetic fit for 4 m 2MPZ/4 m PZ. Data are from Chen (2011).

Figure 7 shows the pseudo-first-order reaction rate constant of each kinetic reaction as calculated
by Equation 8,

ki =kasmap (8)

where k is the reaction rate constant, and a; is the activity of the ith component. The fastest
reaction is the formation of PZ dicarbamate, which is counter-intuitive. The formation of PZ
carbamate ought to be the fastest, but it is the third fastest at the lean loading end. The formation
of bicarbonate catalyzed by PZ carbamate is the slowest, while the comparable reaction
catalyzed by 2MPZ carbamate has similar rates to the carbamate reactions. These should have
similar rates due to their similar pK, values.

11
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Figure 7: ky 4 m 2MPZ/4 m PZ kinetic reactions. The number corresponds to Table 1.
Dashed lines are catalyzed by PZ species; solid by 2MPZ.

4 m 2MPZ/4 m PZ Modification
After removing the two H2MPZCOO reactions the kinetic fit is shown in Figures 8 and 9.

12
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Figure 8: 4 m 2MPZ/4 m PZ kinetic fit without reactions 5 and 10. Data are from Chen
(2011).

13
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Figure 9: 4 m 2MPZ/4 m PZ kinetic fit without reactions 5 and 10. Data are from Chen
(2011).

As expected, the model now tends to underpredict. There is a pronounced trend towards
underprediction with increasing loading, and at 40 °C the model always underpredicts compared
to the prior results of Figures 5 and 6. This short term solution is insufficiently accurate for
process modeling. In order to fix this problem, the 2MPZ thermodynamic model needs to be
redone.

4 m AMP/2 m PZ

Updating the AMP carbamate parameters to match current data (Ciftja et al., 2014) resulted in
the values of Table 5 and the fit of Figure 10. These compare favorably to the values used by the
built in Aspen Plus® AMP model.

Table 5: AMP carbamate parameters.

Source AGY AHjQ
(10® J/kmol)  (10% J/kmol)

Aspen Plus®  -4.56 -2.86

this work -4.58 -7.50

14
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Figure 10: Fit of 4.8 m AMP data at 25 °C. Points are data, lines prediction (Ciftja et al.,
2014).

The parameters used to fit the viscosity in Equation 6 are shown in Table 6. In the resulting fit
shown in Figure 11, the data is best fit at 40 °C, with underpredictions at 20 °C and
overpredictions at 60 and 80 °C.

Table 6: 4 m AMP/ 2m PZ viscosity parameters for Equation 6

Parameter  Value Parameter  Value

a 912 f 5.40

b 1890 g 0.001472
c 968 h 1.74

d 1.39E-05 |i -0.00781
e 1.20 j 3.71

15
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Figure 11: 4 m AMP/2 m PZ viscosity fit. Points are data from Li (Rochelle et al., 2012b);
lines are model predictions at 20 °C intervals.

Table 7 shows the resulting parameters for Equation 7. The predictions in Figure 12 show the
expected behavior. The impact of density on the model is minimal, so this level of uncertainty is
acceptable.

Table 7: AMP/PZ density parameters for Equation 7

Parameter  Value
a -2.00

b 1240

c -0.00256
d 1300
e

f

2.00
1000

16
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Figure 12: 4 m AMP/2 m PZ density predictions at 20 °C intervals

Table 8 shows the kinetic parameters, while Table 4 shows the diffusivity parameters.

The

reactions involving AMP in Table 8 shows that the kg is greater than the analogous PZ equation.
While the pKa of AMP may explain the higher rates for the reactions where AMP serves as a
base, the steric hindrance should make the formation of AMP carbamate slower than that of PZ
carbamate. These parameters may be biased due to the greater concentration of AMP than PZ.

Table 8: 4 m AMP/ 2m PZ kinetic parameters

Reaction ko (kmol/s-m°) E. (J/mol)
forward reverse fwd (10°)  rev (10%)
pPzCOO—- + H,O + CO; «— .
B 2.20x10 97.4 490 7.37
HPZCOO + HCO;
AMP + H,0 + CO; « . ,
N B 2.20x10 3.37x10 41.3 6.98
AMP* + HCO;
2PZCOO™ + CO; « o -
B 2.76x10 2.63x10 142 8.93
PZ(COO), + HPZCOO
PZCOO™ + AMP + CO, « " .
B N 2.14x10 1.81x10 9.77 11.7
PZ(COO), + AMP
PZ + AMP + CO; « B .
B R 2.39x10 6.74x10 9.76 9.44
PZCOO + AMP
2PZ + CO, « PZCOO +PZH' 2.04x10° 4.27x10* 142 8.51

17
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The resulting fit is shown in Figures 13 and 14. The 100 °C absorption point does not have the
same order of magnitude driving force as the 100 °C desorption point, which partially explains

the large discrepancy. In general, the model tends to underpredict.
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Figure 13: 4 m AMP/2 m PZ kinetic fit with filled points being absorption and open points
desorption. Data are from Rochelle et al. (2013).
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Figure 14: 4 m AMP/2 m PZ kinetic fit. Data are from Rochelle et al. (2013).

Figure 15 shows the forward rate k; as calculated by Equation 8. The pure PZ reactions are
dashed. Comparing the AMP carbamate reaction (7) to the PZ carbamate reaction (6) shows that
the PZ reaction decreases twice as fast as the AMP reaction. This could be due to the
concentration of PZ being half that of AMP. As with 2MPZ/PZ, the formation of PZ
dicarbamate is very fast (5). This seems to be more of an artifact than a physically significant
result.
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Figure 15: k; for AMP/PZ reactions of Table 2. Pure PZ reactions are dashed.

Conclusions

1.

2.

3.

4.

The lower pKa of AMP leads to faster reaction rates for reactions catalyzed by AMP
rather than PZ.

The thermodynamic 2MPZ model does not accurately represent the activity coefficient of
the 2MPZ zwitterion. This inaccuracy precludes process modeling.

Using updated 4.8 m AMP NMR data gives the same aqueous Gibbs free energy of
formation as the Aspen Plus® model.

Counterintuitively, the formation of PZ dicarbamate catalyzed by either 2MPZ or AMP is
one of the fastest reactions.

Future Work
Immediate objectives are:

incorporating new AMP/PZ viscosity data (Fu et al., 2014);

changing to MATLAB for viscosity and density regression to give confidence intervals
on parameters;

regressing 5 m PZ/2.3 m AMP Kkinetic data;

converting an Excel heat exchanger model to a USER2 Aspen Plus® model;

using a user subroutine to force the agreement of the thermodynamic and Kinetic
equilibrium.

Long term objectives are:

redoing the regression of 2MPZ parameters to improve activity coefficient behavior and
to use a common databank as Independence;
studying steric hindrance in the AMP and 2-PE systems.
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Time Scale Analysis of Amine Scrubbing

Quarterly Report for July 1 — September 30, 2014
by Matthew S. Walters
Supported by the Texas Carbon Management Program
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October 31, 2014

Abstract

The process dynamics of amine scrubbing exhibit time scale multiplicity as a result of significant
material and energy recycle. A low-fidelity model of the process has been developed using
lumped parameters, approximate thermodynamics, and adjustable heat and mass transfer
coefficients. The material states of the low-fidelity model were demonstrated to be in non-
standard singularly perturbed form. In this model form, only the stripper vapor mole fractions
evolve exclusively on the slow time scale; all other variables have both fast and slow
components. A coordinate transform using the total liquid material hold-ups can be used to
explicitly separate the slow and fast dynamics. This work has been presented at the GHGT-12
conference. The system model was demonstrated to be ill-conditioned based on the eigenvalues
of the linear system.

Introduction

A linearized model can help give insight into the properties of a full nonlinear system. The
nonlinear model of the system is given in Equation 1:

x=f(xud) (1)

where:

x € X c R™ is the state vector,

u e U c R™ is the input vector,

and d e D c RP is the disturbance vector.
The nonlinear model can be linearized about a nominal operating point, giving the linear model
shown in Equation 2:

x=A(x—x9) + Blu—uy) + w(d —dy) )
where:
a=%
0xlx=x,u=uq,d=dg
_9f
B T Au

x=x9,u=ugp,d=dg
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=

w =
od x=xg,u=ug,d=d

and (x, ug, dp) is the nominal point.

The matrix A is known as the system matrix and provides information about the stability and
conditioning of the process. The conditioning of a system is a measure of how much the outputs
change when a small perturbation is introduced. Systems that experience large changes in
process outputs from small perturbations are said to be ill-conditioned (Baldea & Daoutidis,

2012).

Results

The low-fidelity nonlinear model was linearized, and the response of the absorber liquid mole
fractions from the linear model is compared to the nonlinear model in Figure 1. It is clear that
the linear model closely tracks the nonlinear model in the region close to the nominal operating
point.

0.095 L : I
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0.08
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0.07

CO2 Mole Fraction

T
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0.06 ! ! !
0 0.005 0.01 0.015
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Figure 1: Response of absorber liquid mole fractions at select stages to perturbation in

initial conditions for the linear (solid) and nonlinear (dashed) models.

The eigenvalues of the linear model are plotted in Figure 2. The real parts of the eigenvalues
span several orders of magnitude, as seen in the plot.
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Figure 2: Eigenvalues of the linearized system.

Discussion

The eigenvalues of the system matrix represent the reciprocal of time constants that occur in the
process. The condition number, defined in Equation 3 in terms of the maximum and minimum
eigenvalues (Amax and Amin), IS @ measure of the conditioning of a system.

|Amax|

N = i ®)
A well-conditioned system has a condition number close to unity, implying that all the time
constants are of the same order of magnitude. Conversely, an ill-conditioned system has a large
condition number. The amine scrubbing system is ill-conditioned with a condition number of
~10™. 1ll-conditioned systems present control challenges and can exhibit oscillatory behavior in
the process variables (Baldea & Daoutidis, 2012). This is unacceptable from an equipment
protection and process safety viewpoint. For example, oscillations in pressure can wear out
pump and heat exchanger seals and lead to leaking hazardous amine solvent. An effective
control strategy to address the time scale multiplicity present in amine scrubbing will be
considered in future work.

Conclusions

e The amine scrubbing process has a fast time scale associated with large recycle flowrates
and a slow time scale associated with small feed and product flowrates.

e The linear system model is ill-conditioned because it has a large condition number.

e An effective control strategy should take into consideration the different time scales that
occur in the process.
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Future Work
e Compare a reduced order model of the slow dynamics to the full order model of the

system.
e Test a model-based controller using the reduced model on the low-fidelity model in
MATLAB®.
e Test a model-based controller using the reduced model on the medium-fidelity model in
gPROMS®.
References
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Topics on Amine Degradation

Quarterly Report for July 1 — September 30, 2014
by Omkar Namjoshi, Daniel Hatchell, and Hanbi Liu
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October 31, 2014

Overview

Three papers were prepared and presented at the GHGT-12 conference. These are included as
attachments to the quarterly report.

The first paper, “Thermal Degradation of PZ-Activated Tertiary Amines and Hindered Amines,”
presented thermal degradation rate measurements for a range of PZ-activated tertiary amines at
an initial loading of 0.23 mol CO,/mol alkalinity and an initial concentration of 5 m PZ/5 m
tertiary amine, as well as PZ-activated hindered amines at an initial loading of 0.23 mol CO,/mol
alkalinity and an initial concentration of 1.33 m PZ/2.67 m hindered amine. These rate
measurements were interpreted in the context of maximum stripping temperatures (Twax). PZ-
activated tertiary morpholines were found to be the most stable solvent class, with Tyax values
greater than 150 °C. PZ-activated acyclic tertiary amines without methyl groups were of an
intermediate stability, with Tyax values between 130 and 140 °C. PZ-activated acyclic tertiary
amines with at least one methyl group were stable below 130 °C. Acyclic PZ-activated hindered
amines had stability temperatures ranging from 128 °C to 147 °C, with the least stable acyclic
hindered amines having the greatest number of hydroxyl groups. Cyclic PZ-activated hindered
amines had stability temperatures below 130 °C.

The second paper, “Thermal Degradation of Linear Amines,” presented thermal degradation rate
measurements for a range of linear diamines and alkanolamines with an initial concentration of
10 m alkalinity (5 m alkalinity for hexamethylenediamine) and an initial loading of 0.4 mol
COy/mol alkalinity. Increasing amine chain length between the amino function and the end
amino or hydroxyl function decreased the initial rate of thermal degradation and increased the
activation energy of thermal degradation. Ethylenediamine was found to be the most corrosive
amine tested, whereas propylenediamine was the least corrosive.

The third paper, “Oxidative Degradation of Diamines and Structural Derivatives,” presented
oxidative degradation rate measurements for a range of linear diamines and alkanolamines with
an initial concentration of 10 m alkalinity (5 m alkalinity for hexyamethylenediamine) and an
initial loading of 0.4 mol CO,/mol alkalinity and in the presence of 0.4 mM Fe, 0.2 mM Mn, 0.1
mM Ni, and 0.05 mM Cr. Propylenediamine and monopropanolamine were found to be
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oxidatively stable and did not show any appreciable oxidative degradation, whereas all amines
tested lost about 80% of their mass after 2 weeks.

Conclusions

1. PZ-activated tertiary morpholines were found to be the most stable solvent class, with
Tmax Values greater than 150 °C.

2. PZ-activated acyclic tertiary amines without methyl groups were of an intermediate
stability, with Tyax values between 130 and 140 °C.

3. PZ-activated acyclic tertiary amines with at least one methyl group were stable below
130 °C.

4. Acyclic PZ-activated hindered amines had Ty from 128 °C to 147 °C, with the least
stable acyclic hindered amines having the greatest number of hydroxyl groups.

5. Cyclic PZ-activated hindered amines had Tax below 130 °C.

6. Increasing amine chain length between the amino function and the end amino or hydroxyl
function of linear amines decreased the initial rate of thermal degradation and increased
the activation energy of thermal degradation.

7. Ethylenediamine was found to be the most corrosive amine tested, whereas
propylenediamine was the least corrosive.

8. Propylenediamine and monopropanolamine were found to be oxidatively stable and did
not show any appreciable oxidative degradation, whereas all amines tested lost about
80% of their mass after 2 weeks.

Future Work

Future work will focus on finalizing a rigorous kinetic model for the degradation of MDEA and
PZ in the presence of H”.



148

Aerosol Mitigation in CO, Capture

Quarterly Report for July 1 — September 30, 2014
by Steven Fulk
Supported by the Texas Carbon Management Program
and DOE/URS contract DE-FE0005654
McKetta Department of Chemical Engineering
The University of Texas at Austin

October 31, 2014

Acknowledgement

This material is based on work supported in part by the Department of Energy under Award
Number DE-FE0005654.

Disclaimer

This report was prepared as an account of work sponsored by an agency of the United States
Government. Neither the United States Government nor any agency thereof, nor any of their
employees, makes any warranty, express or implied, or assumes any legal liability or
responsibility for the accuracy, completeness, or usefulness of any information, apparatus,
product, or process disclosed, or represents that its use would not infringe privately owned rights.
Reference herein to any specific commercial product, process, or service by trade name,
trademark, manufacturer, or otherwise does not necessarily constitute or imply its endorsement,
recommendation, or favoring by the United States Government or any agency thereof. The views
and opinions of authors expressed herein do not necessarily state or reflect those of the United
States Government or any agency thereof.

Abstract

Work completed this quarter is divided between this report and a manuscript prepared for the
GHGT-12 conference (appended to this report).

In the GHGT-12 work, inlet aerosols of variable (0.5 m PZ and 0.05 vol % H,SO,) composition
were generated by vaporizing a metered liquid stream kept at 1 mL/min sucked through an
eductor by a preheated (310 °C) motive N, stream at 1.035 SCFM. The solvent flowrate (6—-36
GPH), inlet CO, concentration (0-8 vol %), and the inlet solvent temperature (40 and 50 °C)
were changed independently and the outlet PZ concentration was measured using FTIR.

The baseline outlet gas CO, and PZ concentrations relative to the solvent (0.9 m PZ) flowing at
12 GPH were 110.4 and 2.8 ppmv, respectively. Injection of PZ and H,SO, aerosols increased
the outlet PZ value to 65 and 6.5 ppmv, respectively.
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Increasing the inlet concentration of CO, to 4 vol % doubled the measured PZ in the exhaust gas
under PZ aerosol load; however, further increase of CO, produced very minor relative changes.
PZ seems to be inversely related to inlet CO, concentration in the case of H,SO, aerosols.

Changes to the solvent flowrate had far greater impact on the exhaust rate of amine. PZ
decreased from 75 to 20 ppmv when the solvent rate was reduced from 36 to 6 gpm for the PZ
aerosol case in the presence of no inlet CO,. Solvent rate was found to have the opposite
behavior for the H,SO, aerosol case; PZ emissions increased from 6 to 20 ppmv as the solvent
rate was increased from 6-36 GPH. Similar behavior was found during multivariable (CO, and
flowrate) studies, though the absolute changes in measured PZ were much smaller.

Finally, PZ emissions were found to have a reciprocal relationship to inlet solvent temperature
for the PZ aerosol case. No clear trend was observed during H,SO4 aerosol testing.

In this document, LVI flow measurements and a new multi-point FTIR sampling system were
tested. The LVI flow rate and vacuum level were verified against vendor data and matched
closely to the Air-Vac HAVR093SS eductor. The multi-point FTIR sampling system flow rate
was measured for variable inlet throttling. The flow rate for both sample lines (10’ and 30’) was
8.9 and 6.3 SLPM at 70% throttle between 25-60 Hz. The flow rate for both sample lines (10’
and 30”) was 6.6 and 5.3 SLPM at 90% throttle between 25-60 Hz.

Introduction

Volatile emissions are a primary concern for CO, capture plants using amine scrubbers.
Emissions constitute increased economic expense through solvent loss as well as being a source
of potentially hazardous environmental pollutants. Compounds found in treated flue gas include
contaminants from thermal degradation and oxidation as well as combustion byproducts.
Degradation and reaction products have a wide range of toxicity and biodegradation
characteristics, which potentially represent unacceptable emissions; as a result, recent work has
focused on estimating volatile losses and assessing their toxicological impact.

Volatile emissions can be reduced through the use of a water wash — an absorber column using
recycled water as a solvent. Design considerations for water wash systems include liquid
distribution methods to adequately wet packing with low liquid rates, and balancing water in the
absorber/stripper system by adjusting the total volatile concentration in the wash water. Water
wash columns have relatively flat efficiency profiles, meaning the removal efficiency is not a
strong function of either the gas or liquid flowrates or the operating temperature.

Emissions with Aerosols

Recent pilot plant measurements have shown that normal water wash columns are ineffective at
controlling volatile loss of amine and other pollutants due to the presence of aerosols. In 2011,
MHI presented pilot test results for both KS-1™ and MEA which showed that emissions were
proportional to inlet SOz concentration (MHI, 2012). Amine levels exiting the wash section
were 0.4-23.2 ppmv and 0.8-67.5 ppmv for KS-1™ and MEA, respectively, for 0-3 ppmv inlet
SOs3. Aerosols were visibly present at the direct-contact cooler (DCC) and wash outlets. At the
Maasvlakte pilot plant, TNO and SINTEF jointly tested a 30 wt % MEA CO, capture unit with a
downstream water wash complete with online gas and aerosol phase sampling (TNO, 2012;
SINTEF, 2012). Excessive emissions were observed; aerosols, not physical entrainment, were
responsible for the increase. Lithium and rubidium carbonate (Li,COs3, Rb,CO3) tracers in the
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solvent and wash loops verified negligible entrainment. A Brownian demister unit (BDU) was
installed downstream from the wash section, which reduced emissions to previously simulated
levels, indicating the bulk of emissions were contained in the droplet phase. Mean droplet
diameters (dprop) Were measured using light extinction coefficients and ranged from 0.76-7.88
um at the BDU inlet and 0.2—1.74 um at the outlet. The quality of the inlet flue gas and the
absolute temperature of the absorber influenced the emission rate. More recently, a baseline
study using MEA at NCCC in Wilsonville, Alabama saw higher amine emissions than expected
(NCCC, 2012). The number of absorber beds (2-3), intercoolers (0-2), and inlet SO;
concentration (1.8 and 3.2 ppmv) were varied as part of a parametric test on the emission rate. It
was concluded that carryover was proportional to inlet SO3 and also to the concentration of MEA
in the wash water. Emissions were inversely related to absorber temperature. In all studies,
aerosols increased emissions roughly 1-2 orders of magnitude.

It is clear from pilot plant observations and emission studies that removing aerosols is a key part
of reducing possible solvent release from amine-based CO, capture plants. The failure of
conventional wash columns and the potential financial impact of particle collectors necessitate
fundamental research to identify more practical means of controlling emissions for large-scale
processes.  Understanding interconnectivities of the bulk CO, removal process operating
conditions and aerosol dynamics can provide the insight required to either design or operate a
system with the intention of suppressing droplet growth; or conversely, to condition aerosols for
easier removal.

Safety

The FTIR and peripheral equipment are maintained at 180 °C to prevent condensation inside the
analyzer. The surface temperature of fittings and any metal tubing used for connections present
potential burn hazards when in operation. Any heated transition or connection should be
insulated to prevent contact burns. Insulation also prevents cold spots, which can lead to
condensation. Leather work gloves should always be worn when working with FTIR lines and
fittings to prevent burns.

All lines that directly connect to heated fittings must be Teflon® to prevent melting and gas loss
from the process. Melted tubing can lead to hazardous gas release. Tubing should be confirmed
to be of Teflon® grade or higher prior to use with the FTIR.

Aerosol Growth Column (AGC)

An updated P&ID of the AGC is shown in Figure 1-Figure 3 below. Changes and calibration
data performed during this quarter are detailed below.

LVI

The carrier gas (N2) flow rate into the LVI system was measured by a direct-read Key
Instruments MR3A06SVVT rotameter with Viton® o-ring seals and a glass float (psiost = 2.53
g/mL). The rated accuracy is + 5% of full-scale (60 SCFM). The rotameter was installed
upstream of the pressure regulator in the LVI enclosure and just downstream of an isolation
valve on the N, supply line. The flow rate reading was compensated for density using the
pressure and temperature at the outlet of the rotameter body by using Equation (1). Equation (1)
assumes that the gas density follows ideal gas law and that the density of both the reference gas
and the process gas are negligible compared to the rotameter float. Conversion from standard
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conditions to actual conditions was done by dividing Equation (1) by the ratio of the process-to-
standard gas density, yielding Equation (2). The supply pressure was measured at 100 psig and
the temperature assumed to be ambient at 21 °C. Standard conditions were specified as 14.696
psia and 20 °C by Key Instruments.

PSTD TG MWsrp 1
Qc(ACFM) = Qsrp(SCFM) pG  TSTD MW, @

pG TSTD MWG (2)
Q¢ (SCFM) = Qsrp(SCFM) pSTD TG .MWSTD

The flow rate into the LVI system is choked because of the eductor nozzle diameter. Therefore,
the flow rate through the eductor body should follow a linear relationship to the inlet set pressure
controlled by the inlet pressure regulator. Equation (3) shows the calculation for the mass flow
rate of an ideal compressible gas. The flow rate at different operating temperature can be
calculated as shown in Equation (4).

1 /2
. V-
= CoAPy [y (—) 3)

m(Tz) = m(ﬂ)\/;:: (4)

where:
vy = GCCy
Cp, = Constant pressure heat capacity
Cy = Constant volume heat capacity

Cp = Discharge coefficient
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Figure 4: Measured LVI carrier gas flow rate compared to manufacturer data. The
measured flow rate was compensated for density using P = 100 psig and T = 21 °C.

Figure 4 shows the compensated flow rate through the LVI and the digitized curves for two
eductor bodies; Air-Vac HAVR062SS is the flow body specified in the LVI manual and Air-Vac
HAVRO093SS is the next larger eductor design. The measured flow rate through the LVI matches
the slope of the HAVR093SS curve to within 5%. It was discovered after disassembling the LV
that the actual eductor was indeed the HAVR093SS, not the HAVRO062SS as specified. The
decrease in flow rate can be attributed to several sources: (1) the eductor body and nozzle were
coated with Dursan® coating to prevent corrosion, and (2) compounding error from the
rotameter, pressure, and temperature measurements.

The eductor vacuum was measured using the vacuum gauge mounted in the LVI enclosure.
Figure 5 shows the comparison between the measured vacuum plotted against manufacturer data.
The HAVRO093SS and the HAVRO062SS eductor models share the same vacuum curve.
Deviations at low inlet pressure are due to: (1) lower volumetric flow rates at a given inlet
pressure, and (2) the increase in absolute measurement error of the vacuum gauge. The
deviations at higher inlet pressure are likely due to leakage in the vacuum line; the vacuum line
was connected to the LVI pump, though leakage around the pump shaft seal at high vacuum
levels has been observed.




156

30
25 /
HAVR093SS &

S HAVR062SS
T o

20 °
=
~ o
& °
=) L
§ 15 °
g [
- [ ]
S
S 10
© o
L

o
5 °
/.
o
: °
O 3 3 3 3 1 3 3 3 3 1 3 3 3 3 1 3 3 3 3 1 3 3 3 3 1 3 3 3 3 1 3 3 3 3 1 3 3 3 3
0 10 20 30 40 50 60 70 80
LVI Inlet Pressure (psig)

Figure 5: Measured LVI eductor vacuum compared to manufacturer data

FTIR

The FTIR and peripherals were relocated outside the AGC walk-in hood. The heated FTIR lines
were re-routed to pass overhead across a strut channel rack, hung from the vent hood using
swivel beam clamps. Moving the FTIR out of the hood space eliminates tripping hazards due to
the heated lines.

The heated line name-plate current draw is 15.7A; therefore, a 20A rated temperature controller
and circuit were required. A NEMA 5-20p power cord and K-type thermocouple extension wire
were cup-soldered to a female 7-pin Hirschmann™ connector. The thermocouple reading should
not be affected by the soldered joint, provided the soldered joint temperature is the same as the
internal cold-reference junction in the temperature controller. An 18 adapter line was made to
minimize the distance between the temperature controller and the soldered joint.

The two FTIR sampling lines (10° and 30 long) were connected to a heated stream switcher box
containing two, three-way valves to select and isolate the FTIR lines. The stream switcher is
temperature-controlled to 180 °C and is connected to a temperature controller using a 4-pin
Amphenol power line and a K-type thermocouple.

An SS-1RS4-SH needle valve was added inside the heated stream switcher box to throttle the
new rack-mount FTIR pump to establish a flow rate of less than 10 SLPM at full drive speed

9
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(60 Hz). The new FTIR pump is a 0.5 HP Baldor Super-E Model M35J302P862 motor with an
Air Dimensions, Inc. Dia-Vac-R181 heated diaphragm vacuum pump head controlled by a
Baldor Drives VS1ST 0.5 HP AC variable speed drive (VSD). Figure 6 shows the flow rate
measured by two 5 SLPM rotameters connected in parallel as a function of the needle valve
stroke position and the VSD frequency at room temperature. The flow path upstream of the
pump included the FTIR lines, the heated stream switcher box, a 3’ jumper line, and the FTIR
pump heated filter. Downstream of the FTIR pump, the flow path included another 3’ jumper
line, the FTIR cell, and a 1/4” tube line to the rotameters (approximately 3”).
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Figure 6: Flow curve for the new FTIR sampling system with varying throttle valve stroke
position. The solid and dashed lines are for the 10’ and 30’ FTIR lines, respectively.

The pressure drop across the FTIR lines is nearly identical. The IDs of the lines are 0.153” and
0.123” for the 30’ and 10’ lines, respectively. Pressure drop calculations using the correct IDs at
the measured flow rates confirm equivalent pressure drop even though the line lengths are
different by a factor of three.

The FTIR sampling system will be operated at 180 °C, which will increase the pressure drop of
the system; therefore, a valve position of 4 turns open will be used to maintain a flow rate under
10 SLPM at full drive speed.

10



158

Conclusions
Experimental achievements are summarized below:

e A multi-point, heated sampling system for FTIR analysis was built and tested for a new
rack-mounted CX-4000 FTIR system.

e LVIcarrier gas flow rate measurement was added and validated against vendor data.

Future Work

The AGC solvent PZ concentration will be increased incrementally from 0.3 m to 8 m and
further CO, capture/LVI tests will be performed. Liquid samples will be analyzed to track
loading and H,O balance.
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Abstract

Amine emissions in aerosol form have been observed as a significant problem for amine-based
CO; capture plants. Unarrested soot and hydrolyzed SO3; condense in the absorber while
collecting amine. Conventional water wash columns are ineffective at removing the amine once
it is captured in the aerosols. While Brownian diffusion units have proven to be fairly effective
at reducing amine emissions, cyclonic separators offer the potential for improved capture
performance with a simpler system at a lower cost. A swirl tube cyclonic separator has been
designed and will be implemented in both the Aerosol Growth Column and the PRC Pilot Plant.
The flexibility of the design will allow for capture of aerosols at controllable sizes. Another
aerosol sampling system has been designed to utilize centrifugal forces to control the size of
particles sampled by FTIR analysis. It is hoped that this will provide similar data to the PDI with
more robust and less expensive equipment.

Introduction

Aerosols and Emissions

The emission of volatile compounds is a major concern at CO; capture facilities utilizing amine
scrubbing. Amine solvent lost through the overhead of absorber columns not only represents an
environmental and safety hazard, but also has undesirable economic implications. Amine losses
can occur via three different processes: through the gas phase as a function of vapor pressure in
the absorber column, liquid entrainment as the gas velocity increases, and as a mist composed of
aerosols. Losses through the gas phase can be mitigated with the use of a water wash. Liquid
entrainment can be reduced by designing the column to use a gas velocity that prevents the
entrainment of liquid droplets.

Aerosol formation in absorber columns occurs when SO; is present in the incoming flue gas.
The SO3; hydrolyzes to H,SOy in the humid atmosphere of the absorber. From there, aerosols in
absorber columns can grow via two different mechanisms: heterogeneous or homogeneous
nucleation. Heterogeneous nucleation occurs in the presence of soot or fly ash particulate.
Growth occurs as the aerosol collects sulfuric acid, water, and amine. This is the dominant
aerosol growth mechanism in most industrial processes (Mertens, 2013), especially for strong
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acids besides H,SO,4 (Schaber, 1995). Khakharia et al. reported that amine emissions were more
heavily influenced by soot concentrations at lower soot and SO3 concentrations, but increasing
the SO3 concentration relative to the soot content significantly increased the amine emissions.

Homogeneous nucleation of aerosols occurs exclusively between molecules of the condensable
components (Mertens, 2013). This is a very rapid process, occurring within a second of the
sulfuric acid hydrolyzation (Wix, 2010). As the SOs; content in the flue gas increases, this
becomes the more dominant mechanism for aerosol growth. Homogeneous nucleation is heavily
influenced by the saturation degree, given by Equation 1 (Schaber, 1995).

Si=Pi/ P¥(T, i) (1)

Where S; is the degree of saturation, P; is the partial pressure of the condensable component, and
P#(T, i) is the equilibrium partial pressure as a function of temperature and gas phase
concentration. Heterogeneous nucleation requires a low degree of saturation at an S; value of
approximately 1.0, while homogeneous nucleation needs a S; value closer to 4.0 (Sinanis, 2008).
The saturation degree is a local phenomenon in homogeneous nucleation. Saturation levels are
at a maximum close to the surface of an aerosol and reduce to equilibrium levels as the distance
from the droplet surface increases (Wix, 2010).

Aerosol Collection

Research conducted by MHI utilized demister units that operate under Brownian diffusion
principles (MHI, 2011). Brownian diffusion is the seemingly random motion of particles in a
fluid field that is a result of their impact with the high velocity atoms that the field is composed
of. Demister units in amine-based CO, capture plants pass the gas discharge from the water
wash through a system of mesh screens. These screens collect aerosol particles along their
random Brownian diffusion pathways, thus preventing their emission to the atmosphere. MHI
found that a demister unit significantly reduced amine emissions without reducing gaseous
ammonia emissions, indicating that the majority of amine losses were due to retention in
aerosols.

Demister units provide one possible means for aerosol removal. Another option is the use of
cyclonic separators, which operate by using centrifugal forces to separate particles from a fluid
stream. This technology was outlined in the report from last quarter (Rochelle, 2014). These
devices are frequently used in agricultural and coal processing industries, and are relatively easy
to implement, thanks to their simple design and absence of moving parts.

Two important parameters in designing cyclonic separators are the cut size and the steepness of
the cut curve. These parameters are most heavily influenced by the velocity of the gas inside the
separator, and the diameter of the gas outlet. The cut size refers to the cutoff collection size for
the separator. If a cyclonic separator has a cutoff size of 1 um, this means that particles 1 pum
and larger will be collected, while smaller particles will pass through the system. The steepness
of the cut curve determines the effectiveness of the separator. A sharp cut curve indicates that
the separator collects almost all particles above the designed cut size, while a soft cut curve is
more lenient on the collection of larger particles. For the purposes of these experiments, a
sharper cut curve is preferred.
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Safety

The sulfuric acid aerosols generated in the LVI are very hazardous. These aerosols can cause
chemical burns on contact with the skin as well as posing an inhalation hazard. Contact with
these aerosols must be mitigated. The piping and unit operations downstream of the LVI are
constructed of corrosion resistant materials and should be checked for leaks prior to operation.
The AGC is operated indoors inside of a walk-in fume hood to minimize the risk of sulfuric acid
exposure for those operating the apparatus. Proper personal protection equipment, and the
training on how to use it, is essential for everyone while operating the equipment.

Experimental Methods

Aerosol Collection

An aerosol collection system is designed for use with both the Aerosol Growth Column (AGC)
and the PRC Pilot Plant. Flexibility of the design is of utmost importance. As outlined in last
quarter’s report, a swirl tube type cyclonic separator will be utilized. This is shown in Figure 1.

Gas Outlet
r=n

|
T

L -Z 2

Liquid/Aerosol Outlet

Figure 1: Side view of swirl tube apparatus
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The swirl tube itself has an outer diameter of approximately 5.72 cm and a total length of 130
cm. The long length is to allow for flow stabilization before entering the vaned section of the
swirl tube, and for the variation of cyclone length. The length of the cyclone affects the
efficiency of the separator, as it controls the location of the vortex point. The vortex point is the
point at which the gas flow changes rotational direction (Gao, 2010). Much of the entrained
aerosol is released at this location, which should be at the bottom of the cyclone. If the cyclone
is too long, the vortex point will form on the cyclone wall and can re-entrain separated aerosols;
if it is too short it inhibits the formation of the vortex point and results in minimal particle
separation. The ideal cyclone length is based on the gas velocity and the aerosol loading. The
outer shell of the swirl tube will be constructed from transparent acrylic glass, to allow visual
confirmation of the cyclonic separator performance.

The vanes will have an entry angle in line with the flow and the tube body, and an exit angle of
30°. A removable cone insert, indicated by the red dashes in Figure 1, will be fabricated to test
the effect this has on separator performance. Hsu et al. (2014) reported an improvement in
efficiency in cyclonic separators with a cone, though this has yet to be observed for swirl tubes.

The system will be capable of collecting aerosols of varying sizes. One of the key parameters for
determining cut size in this design is the diameter of the vortex finder, or the gas outlet. This
system is designed to use Y47, %", and 3" steel Swagelok piping. Combined with varying the
total gas flow rate, this will allow for the collection of particles at any cut size between 1 and 5

pm.

Finally, a length of tubing at the bottom of the separator will serve as a collection point for the
captured aerosols. This will be equipped with a float valve that will control the amount of fluid
in the tubing. The length of tubing between the bottom of the separator and the float valve can
be varied to determine an optimal length. A longer length can reduce re-entrainment of collected
aerosols, but at the expense of a reduced velocity and slight increase in pressure drop (Qian,
2006).

It will be beneficial to test the effectiveness of other aerosol removal devices with the Aerosol
Growth Column apparatus. Comparing the performance of swirl tubes to that of other aerosol
capture devices, such as demisters and Brownian Diffusion candles, will provide valuable
information on the capabilities of each technology. Figure 2 presents the process flow diagram,
provided by Steven Fulk, for the AGC system with a replaceable spool piece for different aerosol
capture devices.
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Figure 2: PFD of AGC apparatus with capability to configure to different aerosol capture
devices

Aerosol Observation

The effectiveness of the swirl tubes will be evaluated with a Fourier Transform Infrared
Spectrometer (FTIR) and a Phase Doppler Interferometer (PDI). The PDI operates by
intersecting two lasers at an angle through a small, well-defined volume. A particle that passes
through this volume scatters light that is collected by an optical receiver, which uses a phase-
Doppler type analysis to determine particle sizes and concentration. The FTIR will be used to
guantify the amount of amine that is captured in the aerosols at varying points in the system.
Obtaining FTIR samples before and after the swirl tube will determine how successful the swirl
tube is at capturing the amine-laden aerosols. An FTIR probe will be placed at the same location
as the PDI window downstream of the absorber column, as seen in Figure 2. By utilizing the
bypass around the replaceable spool piece for the aerosol removal device, the concentrations of
the components both entering and leaving the aerosol removal devices can be determined. If
precise enough data from the FTIR and PDI are captured, a mass balance can be calculated
across the aerosol removal device to potentially determine an exact composition of the aerosols.
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Phase Doppler Interferometers are very expensive and fragile pieces of equipment, an
unfortunate combination. A device is required that can perform a similar analysis without the
unnecessary risks of an expensive breakdown. The goal is to develop a piece of equipment that
utilizes varying centrifugal force to remove aerosols of different sizes. This can be coupled with
FTIR analysis, along with precise knowledge of the aerosol composition, to determine the size
range of aerosols produced in a given process. An outline of the design is presented in Figure 3.
This is based on a device described by Prado, who used similar equipment to study the effect of
liquid entrainment through sieve trays in distillation columns (Prado, 1986)

(@
Inlet Outlet
(b)
FTIR Sample
Probe
Inlet il Outlet

Variable Speed
Electronic
Drive

Figure 3: Schematic of (a) side view and (b) top view of centrifugal sampling device

The device will be placed downstream of the absorber column, where the replaceable spool piece
is located in Figure 2. A piping cross will form the shell of the device, with the aerosol-laden
vapor entering and leaving through the inlet and outlet, as labeled in Figure 3. An FTIR sample
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probe will enter the cross perpendicular to the fluid flow, directly across from a variable speed
electronic drive coupled to a paddle wheel-type fan. Fluid will enter the sample probe tip at a
location inside the paddle wheel. By varying the speed of rotation of the paddle wheel, the size
of aerosols sampled can be varied. At slower speeds, small and large aerosols are both allowed
to enter the FTIR probe tip. As the speed increases, the larger aerosols are contacted by the
paddle wheel and blocked from entering the probe tip due to their greater momentum compared
to the smaller aerosols. It is hoped to link a rotational speed to the cutoff size of aerosols
blocked from entering the probe. These data will be coupled with FTIR analysis to reduce the
necessity of the PDI system and its associated expenses.

Discussion

Effective aerosol collection from absorber outlet streams should be possible with the use of swirl
tubes. Minimal pressure drop is expected across these cyclonic separators. The magnitude of
the pressure drop is dependent on the aerosol concentration, and varying the amount of aerosol
produced in the Aerosol Growth Column or the pilot plant may result in an increased pressure
drop across the swirl tube. Current calculations indicate that pressure drop should not be severe
enough to negatively affect performance of the Aerosol Growth Column or the PRC Pilot Plant.
It is believed that combining this technique with FTIR analysis will be a cost effective method
for capturing and characterizing aerosols.

A simpler and more robust aerosol size sampling system is preferable, due to the high costs and
low durability of the PDI. A centrifugal sampling system has been designed, and will be
constructed and tested next quarter. If a strong correlation can be made between the PDI results
and the results from this device, the PDI may no longer be necessary.

Future Work

The goal of this project is to determine the effectiveness of cyclonic separators, or more
specifically swirl tubes, and other capture devices for removing aerosols from the outlet stream
of an amine-based CO, capture plant. Next quarter, construction of the swirl tube itself will be
completed. The PDI is scheduled to be received from Artium Technologies this quarter, and
testing will begin on determining the effectiveness of the swirl tubes and other capture devices at
removing aerosol particles from the Aerosol Growth Column. The centrifugal sampling device
will also be implemented and tested in comparison to the PDI.

An eventual goal for the AGC is the addition of a water wash column downstream of the
absorber column. This will more accurately simulate the operation of an amine-based CO,
capture facility. A PFD of the proposed system is presented in Figure 4.
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Figure 4: PFD of AGC apparatus with the proposed water wash system

PDI and FTIR sample points will be placed upstream of the absorber column and downstream of
both the absorber column and water wash, which will allow for observation of aerosol formation
and growth at all stages of the system. The water wash will be constructed in approximately the
same fashion as the absorber column, and will include a wash water tank, heat exchanger, and
pump. A bypass will allow for operation of the absorber column without the water wash. An
additional replaceable spool piece will be located downstream of the water wash to test aerosol
removal devices at this point.

Research will also be conducted on the viability of using a Condensation Particle Counter,
(CPC), to aid in aerosol observation. The CPC will take a slipstream of aerosol laden vapor,
expose it to saturation levels that cause the particles to grow exponentially, and then use optical
light scattering methods to determine the aerosol density in the vapor. The CPC is a form of ex
situ observation, which may result in changes to aerosol size and count density. If these changes
can be minimized, a CPC may be a viable backup to the PDI measurements, at a lower cost.
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Abstract

In a oxidation experiment using 4 m PZ in the HTOR degradation rig cycled from 40 °C to
150 °C, the rate of ammonia production, a major oxidation product, was approximately half that
previously observed with 8 m PZ at similar conditions. The ammonia rate increased over the
course of the experiment, and appeared to be tracking along with the accumulation of dissolved
metal ions in solution. The metal ions may be participating in a free radical shuttling mechanism
to oxidize the amine. A nitrogen bubble column designed to remove dissolved oxygen was
partially effective, reducing ammonia generation by 20%. 0.24 moles of total formate were
produced per mole of ammonia generated.

Degraded MEA solvent samples were analyzed from a 2-week campaign conducted at the NCCC
pilot plant in June 2014. 55 mmol/kg of N-(hydroxyethyl)-glycine and 19 mmol/kg of formate
accumulated during the campaign. No significant accumulation of nitrosamine was observed.

Samples were analyzed from a new vacuum reclaimer being tested at the Searles Valley Minerals
Facility pilot plant operated by HTC in Trona, California, using 20 wt % MEA. The reclaimer
waste typically contained 2 to 3 moles of MEA per mole of heat stable salt. The purified MEA
product stream had no significant contamination.

Introduction

Amine solvents used in post-combustion CO, capture degrade via a combination of thermal
degradation in the stripper and oxidation by the flue gas in the absorber, which typically contains
between 5 and 12 vol % O,. Dissolved oxygen can react to form peroxides and free radical
carriers, which can be carried over to the heated stripper to further oxidize the amine. The most
representative method of determining the rate of amine loss and types of products formed is a
cyclic system combining the effects of both oxidation and high-temperature thermal degradation.
This can only be accomplished in a bench-scale cyclic degradation apparatus or in a pilot plant.

In this quarter, a cyclic oxidation experiment was run on the HTOR apparatus to measure the
oxidation rate of 4 m PZ and test an N, bubble column to remove dissolved oxygen from the
solvent. In addition, samples were collected and analyzed from a pilot plant campaign conducted
by Southern Company at the NCCC facility in Wilsonville, AL, and from a test of a new
reclaimer design by HTC at the Searles Valley Minerals Facility in Trona, CA, both using MEA.

1
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A poster was presented at the GHGT-12 conference in October, 2014, on the oxidation of PZ in
the HTOR apparatus and pilot plants (included as an attachment to this report).

Experimental Methods

HTOR Apparatus

In this quarter, the bubble removal vessel used to prevent entrained gas from entering the high
temperature section was modified into an N, bubble column to strip dissolved oxygen. A full
description of the HTOR apparatus can be found in the attached paper and in the Ph.D.
dissertation by Voice (2014).

Analytical Methods

A complete description of analytical methods used can be found in previous quarterly reports
(Rochelle et al., 2014) and the dissertation by Freeman (2011); the TONO method can be found
in Fine (2014).

Results and Discussion

HTOR10: 4 m PZ 40-150 °C

4 m PZ was oxidized in the HTOR apparatus for 220 hours. After an initial 24-hour
baseline/leak test with the trim heater set to 40 °C, the trim heater oil bath temperature was raised
to 150 °C. After allowing another day for the system to reach steady state, an initial liquid
sample was taken and iron and manganese sulfate were added to the solvent. No chromium or
nickel was added in this experiment. At 100 hours, a silicon-based antifoaming agent was added
to reduce foaming in the oxidation reactor and bubble removal vessel. At 170 hours, N sparging
in the bubble removal vessel was started at a flow rate of 0.5-1 L/min. This was discontinued at
the 200-hr due to buildup of solid PZ in the bubble removal vessel gas vent line, which increased
pressure in the vessel and choked off the N, flow. At 220 hours, the apparatus was shut down
for repairs.

Figure 1 shows the ammonia emitted during the entire experiment as measured by FTIR as well
as the total accumulation of stainless steel metal (SSM) ions in solution. The solvent did not
degrade sufficiently to accurately quantify PZ loss rate via cation IC or alkalinity titration.
Previous experiments have shown 1 mole of ammonia is typically produced per mole of PZ
oxidized, allowing the ammonia rate to be used as a proxy for the oxidation rate (Nielsen, 2014).

The ammonia rate did not settle to a steady state during the experiment, instead rising steadily.
The total accumulation of stainless steel metal ions trended along with the increase in ammonia
rate. The metal ions may be participating in a shuttling mechanism to oxidize the amine, thus
increasing oxidation as the ions accumulate. This is contrary to previous theories in which metal
ions serve as a catalyst of oxidation and therefore oxidation should not be a function of metal ion
concentration (Voice, 2014). The similarity of the ammonia rate to the accumulation of
dissolved metalshown in Figure 1 is most likely a coincidence. The HTOR has a total residence
time of 9 minutes for the solvent to cycle through it. Therefore, only 0.15 moles of ammonia are
produced per mole of dissolved metal ions per cycle.

N, sparging reduced the ammonia rate by approximately 20%. The bubble removal vessel
contains metal packing in the bottom to break up entrained air bubbles, which limited the
2
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operating depth of the sparger to approximately 5 cm. This most likely limited the amount of
dissolved oxygen which could be stripped. After 30 hours of operation, both solvent and gas
flow into the column had become erratic, and sparging was stopped. It was determined that the
vapor line leaving the column had become clogged with solid PZ, leading to an increase in
pressure in the vessel. In future operation, this line will be periodically washed with water or
solvent to prevent buildup of precipitate.

0.6
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Figure 1: Ammonia emissions as measured by FTIR and total stainless steel metal ion
accumulation as measured by ICP-OES during HTOR10 (7.5 L/min air + 0.5% CO,, 0.2
L/min 4 m PZ cycled 40-150 °C, 1.9 L total solvent inventory)

Figure 2 shows the major oxidation products observed in the liquid phase, as well as the
cumulative ammonia emitted as quantified by integrating the data from the FTIR.
Ethylenediamine (EDA) was observed at the highest concentration. It appeared to be
approaching a steady state by the end of the run. EDA is more volatile and more susceptible to
oxidative and thermal degradation than PZ and should not be expected to exceed 100 mmol/kg.
Total formate accumulated linearly at a rate of 0.23 moles per mole of ammonia produced.
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Figure 2: Cumulative ammonia and accumulation of oxidation products in HTOR10

Figure 3 shows the individual dissolved SSM ions in the solvent as quantified by ICP-OES. 0.3
mmol/kg of FeSO, and 0.08 mmol/kg of MnSO, was added early in the run. While the
manganese appeared in full in the later samples, very little iron was observed throughout the run.
Iron has been previously shown to be only slightly soluble in PZ solvent, and the solubility may
be dependent on the presence of degradation products (Nielsen, 2014). No chromium or nickel
was added artificially, thus the buildup of these metals was the direct result of corrosion of the
apparatus, most likely the stainless steel cross exchanger and trim heater. The accumulation rate
of nickel and chromium was about half that previously observed with 8 m PZ in the HTOR at
150 °C (Nielsen, 2014). The corrosion rate is most likely a function of amine concentration.
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Figure 3: Accumulation of individual stainless steel metal ions in HTOR10

NCCC June 2014 MEA Campaign

Samples of 7 m MEA were collected and analyzed from a 2-week pilot plant campaign
conducted by Southern Company at the NCCC facility in Wilsonville, AL. NCCC treats a 0.5
MW, slipstream of coal flue gas from the neighboring coal-fired power plant. This campaign
used a simple stripper at 120 °C to regenerate the solvent. The solvent inventory had been used
in previous pilot plant campaigns and already contained some degradation products and
contaminants. Samples of lean and rich solvent were collected in a 2-week time series. Figure 4
shows all quantified contaminants in the samples. N-Hydroxyethyl-glycine (HEGIy) increased
from 60 to 115 mmol/kg, and total formate increased from 18 to 37 mmol/kg. Most other
contaminants follow a similar trend, with the exception of N-hydroxyethyl-ethylenediamine
(HEEDA), the most significant thermal degradation product quantified, which stayed constant at
less than 12 mmol/kg, indicating no significant thermal degradation occurred during the run.
Sulfate and nitrate were also observed to accumulate from the absorption of SO, and NOy from
the flue gas. Iron was observed to increase linearly from 0.46 to 0.73 mmol/kg during the run.
Nitrite and total nitrosamines as measured by the TONO titration method (Fine, 2014) were
observed at less than 0.3 mmol/kg.
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Figure 4: Accumulation of contaminants in MEA solvent during NCCC June 2014
campaign

HTC Solvent Reclaimer System Results
M

Samples were collected and analyzed from 3 runs of the HTC AReclaimer™, a vacuum
reclaimer, conducted at the Searles Valley Minerals Facility in Trona, CA, which captures 800
ton/day CO, from a coal-fired power plant using 20 wt % MEA. Samples of degraded feed
solvent, recovered product solvent, waste process fluid collected during the run, and the final
waste sludge were analyzed. NaCl was added to the feed in varying amounts to simulate more
heavily degraded solvent. The feed was also pretreated with either NaOH or Na,CO3 to reverse
amides. Table 1 shows the average for each type of sample for each run. Detailed results from
each sample are shown in Appendix A. A more detailed analysis of the experiment and
reclaimer design can be found in the paper presented by ElI Moudir et al. at GHGT-12 (2014).

Table 1: Results of Reclaiming 20 Wt % MEA in the HTC AReclaimer '™ System

Run 1 Run 2 Run 3
T (°F) 185 °F 185 °F 200 °F
Recovery (%) 98% 95% 91%
mol MEA/mol
HSS in waste 29 1.7
Feed Product Waste | Feed Product Waste | Feed Product
(wt %) (wt %) (wt %)
Total Impurities 1.5 5.8 8.5
Organic HSSs 0.23 0.02 1.3 0.26 0.02 1.4 0.21 0.02
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Inorganic HSSs | 1.5  0.004 4 2.1 0.01 169 | 2.8  0.004
HEGly 0.39 24 | 048  0.002 3.5 | 043
Fe?' (ppm) 5 0.3 13.6 7 0.1 66.4 | 4.8 0.1

Conclusions

e Ammonia production, and by proxy amine oxidation, increased along with the
accumulation of stainless steel metals in solution with 4 m PZ in the HTOR.

e Ethylenediamine was the most significant oxidation product observed to accumulate in
the PZ solvent during the HTOR experiment. It appeared to be reaching a steady state of
35 mmol/kg by the end of the run. 0.24 moles of total formate were produced per mole
of ammonia emitted during the HTOR experiment. N-methyl-piperazine was also
observed at a similar concentration to total formate.

e Removal of dissolved oxygen with N, sparging in a bubble column before the high
temperature section of the HTOR reduced the ammonia rate by 20%. Improvements need
to be made to the column design and operation before further testing can be done.

e In samples received from a pilot plant campaign conducted at NCCC in June using 7 m
MEA, HEGIy was the most significant degradation product quantified, at a concentration
in excess of 1 wt % by the end of the campaign. Organic heat stable salts, chiefly
formate, acetate, and oxalate, were observed in similarly high concentrations. No
significant accumulation of thermal degradation or nitrosamines was observed.

e Reclaimer waste from a pilot-scale vacuum reclaimer contained 2 to 3 moles of MEA per
mole of heat stable salt. MEA recovery decreased as the concentration of contaminants
in the solvent feed was increased. No significant contaminants were observed in the
reclaimed MEA product stream.

Future Work

In the next quarter, the HTOR apparatus will be upgraded with an improved N, bubbler column
to increase liquid depth and improve the removal of dissolved oxygen. An electrical resistance
corrosion probe will be added to the high temperature section and an oxidation/reduction
potential probe will be added downstream of the high pressure/temperature section. All this will
be tested with 5 m PZ solvent with and without the addition of Inhibitor 8, a nonvolatile
thermally-stable free radical scavenger designed to be recoverable from reclaimer waste.

The effect of heat stable salts at concentrations up to 10 wt % on the viscosity of MEA and PZ
solvents will be determined experimentally. This data will be used to model the decrease in heat
and mass transfer coefficients and the expected consequences of such changes. Formate, acetate,
propanoate, glycolate, oxalate, and nitrate will be studied in detail. In addition, the effect of up
to 20% thermal degradation on viscosity will be determined.

A new thermal reclaimer, designed to treat up to 1 drum (42 gallons) of solvent per day, will be
used to reclaim degraded pilot plant PZ solvent from the SRP (mildly degraded) and Tarong
facilities (moderately degraded). Inhibitor 8 will be added to the SRP solvent before reclaiming,
and then a method to recover the inhibitor from the reclaimer waste will be tested.
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Appendix A: HTC AReclaimer™ Raw Data
Table Al: Results of alkalinity titration, cation IC, ICP-OES, and T. NNO analysis
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Titration Cation IC ICP-OES T.NNO
T. Alkalinity | MEA MEA MEA trimer Fe Cr Ni Mn T. NOx
Batch Code Type mol/kg mol/kg wt % mmol/kg mmol/kg mmol/kg mmol/kg mmol/kg | mmol/kg
201405-1 18-1 treated feed lean 2.95 18.0 0.086 0.003 0.004 0.002 0.95
18-2 feed lean 2.81 17.2 0.092 0.002 0.005 0.002
18-3 recovered 1 2.46 15.0 0.002 0.001 0.001 0.000
18-4 recovered 1 no CO2 2.38 14.5 0.003 0.002 0.001 0.000
18-5 process fluid 7.80 47.6 0.3 0.335 0.012 0.021 0.003 0.36
18-6M recovered 2 2.61 15.9 0.003 0.001 0.001 0.000
201406-1 15-1 feed lean 2.90 17.7 0.1 0.125 0.003 0.004 0.002 1.17
15-2 treated feed lean 2.72 16.6 0.1 0.110 0.002 0.003 0.002
15-3 recovered 1 0.002 0.001 0.001 0.000
15-4 process fluid 8.03 49.1 0.6 0.507 0.011 0.022 0.003
15-5 recovered 1 no CO2 0.004 0.002 0.001 0.000
16-1 recovered 2 0.003 0.001 0.002 0.000
16-2 waste 5.01 30.6 0.7 1.189 0.050 0.054 0.036
201406-2 6-1 feed lean 2.70 16.5 0.1 0.089 0.003 0.004 0.002 1.12
6-2 treated feed lean 2.54 15.5 0.0 0.079 0.004 0.004 0.002
6-3 recovered 1 2.42 14.8 0.005 0.003 0.002 0.001
6-4 feed without CO2 2.95 18.0 0.1 0.093 0.003 0.003 0.002
6-5 recovered 1 no CO2 244 14.9 0.006 0.003 0.001 0.001
4-1 recovered 2 1.73 10.6 0.006 0.003 0.001 0.001
W-2 waste 7.29 5.38 32.9 0.6 0.243 0.012 0.015 0.003 0.38
W-1 process fluid 7.07 43.2 0.3 0.761 0.016 0.012 0.025




Table A2: Results of Anion IC and HPLC-AA analysis
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Anion IC HPLC (AA method)
T. T. T. T. T.
Formate Formate  Acetate Glycolate Oxalate  Oxalate  Sulfate  Chloride  Nitrite HEGIy HEGly
Batch Code Type mmol/kg mmol/kg mmol/kg mmol/kg  mmol/kg mmol/kg  mmol/kg  mmol/kg mmol/kg | mmol/kg mmol/kg
201405-1  18-1 treated feed lean 13.0 14.3 11.4 6.3 2.9 3.2 116.5 485.0 1.2 28.7 36.0
18-2 feed lean 12.8 15.4 12.0 5.8 31 3.3 122.9 511.0 14 27.6 354
18-3 recovered 1 0.4 11 0.2 1.7 0.8 1.9 0.4 1.2
18-4 recovered 1 no CO2 0.2 0.3 0.1 1.0 0.9 1.0 0.2 0.6
18-5 process fluid 56.8 56.4 22.6 17.2 142.1 1179.8 182.8
18-6M recovered 2 0.6 0.7 0.2 1.9 0.9 1.1 0.2 0.6
201406-1  15-1 feed lean 15.9 20.3 15,5 5.6 3.5 4.0 110.2 289.5 1.3 44.4 40.1
15-2 treated feed lean 15.3 17.2 14.3 5.2 3.2 3.6 94.7 249.5 11 36.9 34.9
15-3 recovered 1 0.3 0.7 0.2 2.3 0.9 0.8 0.3 0.4 0.1
15-4 process fluid 84.4 79.5 23.9 17.8 234 959.0 275.9
15-5 recovered 1 no CO2 0.2 0.2 0.1 0.8 0.9 0.9 0.2 0.5
16-1 recovered 2 0.3 0.8 0.2 2.4 0.9 0.9 0.2 0.5 0.2
16-2 waste 75.6 104.3 101.9 29.4 7.6 1178.2 1583.8 2.9 90.9 290.6
201406-2 6-1 feed lean 17.2 18.8 13.4 3.8 3.6 4.2 90.2 182.0 15 40.3 325
6-2 treated feed lean 13.7 15.7 12.2 4.6 29 34 71.0 143.6 1.3 31.8 30.4
6-3 recovered 1 0.1 0.3 0.1 1.0 0.9 0.9 0.3 0.5
6-4 feed without CO2 13.1 13.7 14,5 4.0 0.8 3.0 66.4 133.2 0.6 329 34.2
6-5 recovered 1 no CO2 0.2 0.4 0.1 0.5 0.9 0.8 0.3 0.4
4-1 recovered 2 0.4 0.6 0.5 0.6 0.9 15 0.3 35 11 14
W-2 waste 80.7 91.2 87.2 16.5 23.1 29.9 171 1080.6 0.3 136.7 202.3
W-1 process fluid 43.0 38.9 15.2 12.7 935.5 403.4 92.4

10
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Abstract

Absorption of nitrogen oxides in agueous amines

Nitric oxide (NO) and nitrogen dioxide (NO;) were absorbed into aqueous amine to determine
the absorbing species, the absorption Kinetics, and the aqueous products at the ppm-level NOy
concentrations typical of flue gas from fossil fuel power plants. At flue gas conditions of 0.5-5
ppm of NO,, absorption is dominated by free radical absorption of NO; as nitrite. NO;
absorption kinetics are first order in NO; partial pressure, half order in free amine concentration,
and fastest in methyldiethanolamine (MDEA). The reaction-enhanced liquid mass transfer
coefficient for NO, absorption in 8 m piperazine (PZ) at absorber conditions is
9.7*107 mol/s-m?-Pa, yielding 92% NO, absorption at a typical A/G of 3.3*10° s-Pa-m?mol.
Similarly, 9 m monoethanolamine (MEA) will absorb roughly 70% of the inlet NO, while 7 m
MDEA/2 m PZ will absorb over 99% of the NO,. Nitrite and nitrate are the main NOy
absorption products in MDEA with nitrite dominating at low NO; partial pressures. In PZ, the
amine free radical formed during NO, absorption will react directly with NO to form n-
nitrosopiperazine (MNPZ), or react with itself to form 2-piperazinol (2-PZOH). Typical
nitrosamine yields in 5 m PZ are around 15% of total absorbed NOy and can be halved with the
addition of 200 mM Inhibitor A (Inh A), a free radical scavenger. Nitrate and nitramine are
minor products of NOy absorption, accounting for less than 5% of total absorbed NOy.

NO, catalyzed sulfite oxidation

This quarter, rates of sulfite (SO5>) oxidation during nitrogen dioxide (NO,) absorption into
sulfite solutions were measured using the high gas flow apparatus. The SOs* absorbs NO, via a
free radical mechanism that produces sulfite radical (SO;~ -) and nitrite. The radical then
catalyzes SOs* oxidation to form sulfate. Free radical scavengers such as thiosulfate can be
added to suppress radical concentrations and inhibit sulfite oxidation. The effects of thiosulfate,
sulfite, NO, absorption, temperature, and O, partial pressure were investigated. Under normal
industrial conditions, oxidation is inverse half-order in thiosulfate, first order in sulfite, and half
order in NO; absorbed. Sulfite oxidation shows little dependence on O, partial pressures above 5
kPa but has a strong dependence on O, at lower partial pressures. Oxidation from 20 °C to 65 °C
was fit using the Arrhenius equation with an activation energy of 24.1 kJ/mol. The addition of
0.01 mM Fe increased oxidation rates by a factor of 3 compared to solutions with 0.01 mM
EDTA added to chelate metals.
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Nitrosamine Accumulation in Amine Scrubbing

Amine scrubbing is a mature and industrially proven method for carbon capture, but the amine
solvents used can nitrosate in the desorber, forming hazardous, carcinogenic nitrosamines. In
amine scrubbers, nitrosamine accumulation behaves as shown in Figure 1.

BNO; + Am = NO; + Am -

YNO+Am-=NNO  §NO; + Am?" — NNO

4 N

Yno,FL PG]ISthg Absorber Stripper
Scrubber

. /

|

ANO, + Am* /S0;~ — NO,~

NNO — Product

kgrr

Figure 1: Nitrosamine Cycle

Flue gas containing NOy, SOy, and CO, gases enters a polishing scrubber where a fraction (A) of
the NO, can be removed by reaction with sulfite or tertiary amine. The remaining NOy then
enters the absorber where a portion of the NO, () can be absorbed into the amine solution as
nitrite.  The NO can also be absorbed into solution (y) by reacting with amine free radicals
formed during NO, absorption. The rest of the NOx will vent from the absorber along with the
remaining scrubbed flue gas. Nitrite can also be formed from amine oxidation in solvents that
are not oxidatively stable, such as MEA. The nitrite formed, from either NOy absorption or
amine oxidation, travels to the stripper where it can nitrosate a secondary amine with a yield of &.
This yield is determined by the concentration of secondary amines in the solution and their
relative nitrosation rates compared to the principal amine. After nitrosating, the nitrosamines
thermally decompose in the stripper sump, following pseudo-first-order nitrosation
decomposition behavior with a pseudo-first-order rate constant, kg, Nitrosamine sources from
NO, absorption and amine oxidation balance out with nitrosamine thermal decomposition,
yielding a steady state nitrosamine concentration:

G
(1= Ayno, f5(,3 + 2y) + 8koxTrot
kStrTStr (1)

This report focuses on inhibiting sulfite oxidation in a NaOH polishing scrubber in order to
enhance NO; absorption in the prescrubber (A) and thus decrease the steady state nitrosamine
concentration.

NNOStT ==
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Sulfite Oxidation in Limestone and Sodium Hydroxide Scrubbing

Limestone slurry scrubbing is a common method for flue gas desulfurization. The process also
removes NOg, although it does not remove NO because of its limited solubility and reactivity. In
the presence of gas phase O, the absorption of NO; is accepted as follows:

NO, 4+ S05%~ = NO,” + 505~ - (2)
S0;™ - 4+0, > S05™ - 3)

SOs™ - +505%" - S0, - +50,%~ 4)
S0,” - +503%" > S0;™ - +50,% (5)
2505 - S,04%~ (6)

Equation 2 was first outlined by Nash (1979) and Equations 3-5 were proposed by Huie and
Neta (1984). These occur in the mass transfer boundary layer. The important implication is that
for every mole of NO; absorbed, several moles of SOs* can be consumed due to free-radical
propagation. Because NO, absorption is first order in SOs* (Shen, 1997), NO, absorption is
strongly affected by sulfite oxidation. In a limestone slurry scrubber, SO, gas is absorbed into
solution as SOs>, which balances the SOs* loss from oxidation until a steady state SOs*
concentration is reached.

Several factors affect the oxidation rate. Free radical scavengers, such as thiosulfate, can provide
an alternative termination step to the free radical process, drastically reducing the amount of
sulfite oxidized:

NO, + 505%” - NO,” + S0~ - (2)
S0;™ - 4+0, > SO5™ - 3)

S05™ - 45,0327 = S05*™ + 5,05 - (7)
S05*” + 503%™ — 250, (8)
25,057 *> S,0%~ 9)

Takeuchi studied the effects of other antioxidants, such as hydroquinone, phenol, ethanolamines,
ethylene glycol monoethyl ether, glycine, EDTA, and acetic acid; all of these antioxidants
slowed sulfite oxidation (Takeuchi et al., 1977). Changes in other process variables such as NO,
flow, O, flow, initial sulfite concentration, metals, and temperature could affect the sulfite
oxidation rate, to a lesser extent. Shen (1998) studied the absorption of NO; into sulfite and
thiosulfate inhibited solutions and also investigated the effects of adding Fe®*, chloride, and
Ethylenediaminetetraacetic acid (EDTA) and quantified the effects of sulfite and oxygen
concentrations and the presence of gas-phase SO, and O,. However, all previous experimental
work has focused on limestone slurry scrubbing conditions with relatively high inlet partial
pressures of SO,, slightly acidic solutions, and a high feed of metals from both the fly ash and
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limestone. This experimental set expands the body of knowledge to include NaOH scrubbing
conditions with lower SO, feed, basic solutions, and lower metals.

Methods

All of the experiments were run in the high gas flow apparatus (HGF) previously described
(Sexton, 2008). The mixture of the sparging gas was controlled by a series of mass flow
controllers. Dry air exited the mass flow controller and was passed through a temperature
controlled hydrator to maintain water balance. NO;, and NO gases were directly mixed with the
hydrated air stream. The resulting gas stream was either sparged directly into the bottom of the
HGF or put through a bypass.

Before solutions were loaded into the HGF, it was triply rinsed with deionized distilled water to
remove any contaminants. The temperatures of the hydrator and HGF water baths were adjusted
and allowed to reach a steady temperature. To evaluate the amount of absorbed NO,, the exit
gas streams were diluted by a dry air stream and fed into a chemiluminescent trace level NOy
analyzer (Fine et al., 2014).

The absorbing solution consisted of approximately 360 g of aqueous sulfite and thiosulfate in a
0.5 M NaHCOj3; buffer with EDTA added to chelate any trace metals. The initial solution was
pH controlled to 9.2 by adding NaOH. During startup, the gas stream was set to HGF bypass
mode while pouring the solution into the HGF. The gas stream was then sparged into the HGF
for a short period in order to coat the walls of the HGF and ensure the solution was well mixed.
The gas was set back to bypass mode and 1 ml of initial sample was taken from a sample port at
the bottom of the HGF. The sample was immediately injected into 0.1g of 35 wt %
formaldehyde to react any free sulfite remaining to methylsulfonic acid (MSA). MSA is stable at
room temperature, allowing indirect sulfite analysis using anion chromatography.

Once the sample was taken, NO, concentration values from the trace level NOy analyzer were
recorded while in bypass mode. Then, the gas was set back to sparge into the HGF, and NO,
values were recorded as soon as they stabilized at a new value. At predetermined time intervals,
the sampling procedure was repeated to get a sulfite oxidation kinetics in the semi-batch process.
A 50x dilution was performed on each sample generated, and the diluted samples were analyzed
on the anion chromatographer.

Safety

Though this experiment has important implications for nitrosamine management, nitrosamines
were not directly handled in this experiment. Most of the chemicals used in this experiment
were safe to handle with standard laboratory practices with the notable exception of
formaldehyde. Work with an open formaldehyde container was always done under a fume hood
with the exit gas vented to the atmosphere. The sample vials were closed with slitted caps such
that the formaldehyde could not escape, yet sample could be injected into the formaldehyde
solution. When the formaldehyde container was not in use, it was always kept in the flammables
cabinet.

Nitrogen oxides were the main hazardous gases. Stainless steel tubing was used with gases
containing nitrogen oxides. All joints were checked for leaks before usage. Lines containing
pressurized nitrogen oxides were depressurized nightly. The tanks containing nitrogen oxides
are stored in a vented cabinet next to low-level NOy sensors.
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Results and Discussion

Table 1 gives overall results for the entire experimental set. A mixture of hydrated N,, air, NO,
and NO; gases was sparged through aqueous solutions containing compositions of sodium sulfite
(NaS0s3), sodium thiosulfate (NaS,03), sodium bicarbonate (NaHCO3), and EDTA in the High
Gas Flow apparatus (HGF). The sulfite and sulfate concentrations were measured at various
times in the semi-batch process using anion chromatography. The decrease in the sulfite
concentration over time was attributed to sulfite oxidation, and the time series was used to
regress sulfite oxidation rate constants ki ops and Ko ops.

NO;, flux was initially determined by using a chemiluminescent trace level NOy analyzer to
measure the difference between the concentration of NO, when the gas passed through the HGF
and when it bypassed the HGF. Assuming no leaks, this difference in NO, concentration was the
amount of NO, absorbed into solution. However, this method was not reliable at higher
temperatures, when the sparging gas was over-saturated at room temperature. Having significant
amounts of water vapor present in the streams presented a risk to the analyzer used in the
experiment, which typically operates under ambient, unsaturated conditions. Instead, an
empirical model regressed from NO, flux measurements at 20 °C was used to estimate NO,
absorbed:

NO, absorbed|=]

mol (1—e™Mog)yyo,V 1 mol]
= *
kgsor - min Mgop 224 L

. L ’ 2—
V=75— mg =036kg, Nog =ks'A=737 /[503 |

This model assumes that NO, flux is controlled by mass transfer with fast reaction in the liquid
boundary layer and minimal impact from the diffusion of reactants and products. The model fit
all the NO, flux data measured at 20 °C for inhibited solutions. However, NO, flux into
uninhibited solutions was noticeably slower due to high sulfite depletion at the gas-liquid
interface, so NO, flux measured by the NOy analyzer was used in place of the model. Similar
slow rates of aerobic NO, absorption into uninhibited sulfite solutions have been reported in the
literature (Shen, 1997; Takeuchi et al., 1977). The amount of SOs> oxidized per mole of NO,
absorbed (R) was calculated at a normalized SOs*" concentration of 0.040 mol/kg. High values
imply that a single NO, molecule catalyzes large amounts of sulfite oxidation. In Experiments
6-8 when the effect of SO;* was examined, the R value is shown for the initial concentration of
8032' instead of the normalized 0.040 mol SOgZ'Ikg. The calculated R value was determined
using Equation 11 and a simple least-squares regression with the prefactor and activation energy
as free parameters; the effect of iron and O, partial pressure were not regressed.

(10)

R _p 5ppm___ [SOs*] e exp [—Ea ( 1 1)]
Calc — Mo — _—N, _ 11
(1—e M)y, 5,00« [0.064 ngz R \293Kk T (11)
150,%~
e 22 w590 B, = 241 k] /mol
molNO,,,

Many of the various species were changed independently during separate experiments, but in all
of the following: the total gas flow rate was kept at 7.5 SLPM, the volume of solution introduced
to the HGF was constant, 0.5 M NaHCO3; was added to maintain a buffered solution, NaOH was

5
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added to buffer to pH = 9.2, and 0.02 mM EDTA was added to chelate any metal impurities.
Additionally, a base case was picked to compare all of the variations in the different independent
conditions. The base case solution has initial concentrations of 0.040 mol/kg Na,SO3 and 0.025
mol/kg Na,S,03. The temperature of the HGF was held at 20 °C, and the gas contained 5 ppm
NO; in hydrated air diluent.




Table 1: NO, Catalyzed Sulfite Oxidation Results
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Sulfite Thiosulfate Temperature Oxygen NO,  kjon*10° Ko ons ¥10° NO, Flux*10° R <SO32_ox>

Exp. # | (mM) (mM) (°C) (%) (ppm)  (1/min) (mol/kg/min)  (mol/kg/min) % \NO2 Fiux Raalc
1 40.2 25 20 21% 5 6.5 - 3.6 73.4 67.2

2% 44.3 0 20 21% 2 70.1 97.5 1.2 1751.7 -

3* 39.2 0 20 21% 5 110.8 154.1 3.0 1107.9 -

4* 33.8 0 20 21% 10 156.7 218.0 6.0 783.4 -
5 40.0 100 20 21% 5 3.4 - 3.6 37.9 33.6
6 7.2 25 20 21% 5 4.0 - 2.1 131 15.6
7 67.0 25 20 21% 5 7.0 - 3.9 1194 107.0
8 135.6 25 20 21% 5 6.4 - 4.3 201.7 210.9
9 45.0 25 20 21% 2 3.7 - 1.4 102.9 106.2
10 53.9 25 20 21% 10 9.4 - 7.1 52.9 47.5
ik 37.2 25 20 21% 5 18.4 - 3.6 207.0 67.2
12 45.2 25 35 21% 5 10.3 - 3.6 115.9 108.9
13 7.4 25 53 21% 5 15.0 - 2.2 175.5 183.3
14 33.9 25 64 21% 5 22.1 - 3.6 248.6 245.3
15* 41.6 25 20 10.2% 5 5.9 - 3.6 66.8 67.2
16* 48.2 25 20 5.1% 5 5.6 - 3.6 63.0 67.2
17* 49.1 25 20 2.0% 5 3.9 - 3.6 443 67.2

Highlighted cells represent the changes compared to the base case (Experiment 1).

*Experiments 2—4, 11, and 15-17 were not used to regress Rcac -
*In Experiment 11, 0.1 mM Fe was added instead of 0.02 mM EDTA.

2_
For Experiments 1 and 5-16, the rate law was assumed % = K1 obs [5032‘].

d[S032~

For Experiments 24, the rate law was assumed —

L=k e [SO3%7] + kg obs ; measured NO, flux was used instead of Equation 10.
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Uninhibited Aerobic NO, Absorption with Varying NO, Flow

The rates for uninhibited sulfite oxidation were quantified in solutions with no added thiosulfate
The NO; flow rate was varied, but sulfite, temperature, and pH were kept constant at base case
conditions. Three concentrations of NO, were tested: 2 ppm NO2, 5 ppm NO,, and 10 ppm NO3,
and each was given approximately 30 minutes to react (Figure 2).

Sulfite (mmol/kg)

0 10 20 30 40
Time (min)

Figure 2: Uninhibited sulfite oxidation with varying NO, concentrations (Experiments 2—4)

The sulfite concentrations were fitted with the following rate law equation, graphed with solid
lines above:
d[S05*7] i} 12
T =k, obs[S032 ] + Ko obs ( )
The zeroth order term dominates at low concentrations of sulfite. The dashed line models
pseudo-first-order oxidation:
d[S05%7] _
L= wlso)
The observed oxidation only deviates significantly from the pseudo-first-order rate when the
concentration of sulfite is below 5 mmol/kg. Thus, Ko obs 1S Only significant below 5 mmol/kg,
and otherwise, oxidation behaves pseudo-first order in sulfite.

This also verifies the half-order relationship of NO; on sulfite oxidation. In all runs, proportional
increases in NO; concentration result in half that proportional increase in the Kj ops and Ko obs.

(13)

8
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Additionally, increases in the concentration of NO, have a half-order effect on reducing the
S05> oxidized/NO, absorbed ratio. From the 2 to the 5 ppm cases, the ratio dropped by a factor
of 1.56, and from the 2 to 10 ppm cases, the ratio dropped by a factor of 2.22. However, the
large ratios of sulfite oxidized/NO, absorbed would make an uninhibited system a poor absorber
of NO; unless the inlet SO, concentration was very high.

Inhibited Aerobic NO, Absorption with Varying Thiosulfate Concentrations

The rates for inhibited sulfite oxidation were quantified in solutions with thiosulfate added at
0 mM, 25 mM, and 100 mM. Sulfite, temperature, pH, and gas composition and flow were kept
constant at base case conditions. Data for the 0 mM run came from the 5 ppm uninhibited
experiment and data for the 25 mM run were treated as the base case for all experiments (Figure
3).
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Figure 3: Sulfite oxidation with varying S,0s* concentration (Experiments 1, 3, 5)

SOs? for the 25 mM S,03% and 100 mM S,0s* runs were fitted with Equation 12, because the
sulfite remains much higher than 5 mmol/kg. The 0 mM S,05> results were modeled with
Equation 13. Thiosulfate inhibited sulfate oxidation by an order of magnitude; this system is a
much better absorber of NO; than an uninhibited system. Increasing thiosulfate from 25 mM to
100 mM decreased both the sulfite oxidation rate and SOs> oxidized/NO, absorbed ratio by
approximately a factor of 2. This half-order correlation in oxidation rates is corroborated in
previous work (Shen, 1997).
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Inhibited Aerobic NO, Absorption with Varying Sulfite Concentrations

Sulfite oxidation rates were quantified with sulfite of 7 mM, 40 mM, 65 mM, and 135 mM.
Thiosulfate, temperature, pH, and gas composition and flow were kept constant at base case

conditions. Data for 40 mM sulfite came from the base case.
The results for this group are summarized in Figures 4 & 5.

¢ ® ° PN
100 ¢ @ ° °
65 MM SO,?2
o S o

40 mM SO,

10 7 mM SO,

Sulfite (mM)

0 10 20 30 40
Time (min)

Figure 4: Sulfite oxidation with varying SOs> (Experiments 1, 6, 7, 8)
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Figure 5: Sulfite oxidation with varying SOs* (Experiments 1, 6, 7, 8)
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SO,% oxidized/NO, absorbed

The sulfite concentrations were fitted with Equation 13. Because Equation 12 assumes sulfite
oxidation is pseudo-first order in sulfite, k; o»s Should be the same for all runs. However, the
Ky ops TOr the 7 mM SOz% case is significantly lower than the rest. This is due to low NO;
absorption in the low initial SOs*" concentration. Once normalized for NO, absorption, the ratio

of the amount of SO5% oxidized/NO, absorbed is first order in sulfite.

Inhibited Aerobic NO, Absorption with Varying NO, Flow

Sulfite oxidation rates were quantified with NO, concentrations of 2 ppm, 5 ppm (base case), and
10 ppm NO,. Thiosulfate, sulfite, temperature, pH, and total gas flow were kept constant at base

case conditions.

11
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Figure 6: Inhibited sulfite oxidation with varying NO, concentration (Experiments 1, 9, 10)

The sulfite concentrations were fitted to Equation 13. Between the 2 ppm and 5 ppm cases, the
K1 obs increased by a factor of 1.78 while the concentration of NO; increased by a factor of 2.5,
indicating half-order behavior. This half-order correlation is corroborated in previous work
(Shen, 1997). However, the SOs* oxidized/NO, absorbed ratio decreased by a factor of 1.63
while the NO; increased by a factor of 2.5, suggesting an inverse half-order relationship between
NO; absorbed and the ratio. Shen showed that NO, absorption is first order in NO,, but that
SO5* oxidation is half-order in NO,. Increases in NO, partial pressures increase NO, absorption
faster than they increase SOs> oxidation. This has important implications for NO, absorbing
applications; higher partial pressures of NO, are more efficiently removed with less sulfite loss
per unit NO, absorbed, although the rate of sulfite oxidation does increase in the process.

Inhibited Aerobic NO, Absorption with Added Metals

Work done by Ulrich et al. (1986) indicates that Fe?* is a powerful catalyst effective at 3 * 1076
M. Sulfite oxidation rates were quantified with 0.01 mM Fe®" and compared to the base case,
which had 0.02 mM EDTA to chelate any background Fe®. Thiosulfate, sulfite, temperature, pH,
and gas flow and composition were kept constant at base case conditions. The addition of 0.01
mM Fe?" increased the k; obs DY a factor of 2.83, which contradicts earlier conclusions that metals
did not have a significant effect on sulfite oxidation rates (Shen et al., 1998). Shen reported that
metals such as Fe®* are insignificant catalysts of sulfite oxidation in the presence of NO,,
however, his experiments were conducted with 200-1000 ppm NO,, which catalyzes far more

12
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sulfite oxidation than added metals do. The addition of iron, therefore, did not cause a
significant increase in the oxidation rate in his experiments.

In contrast, work done by Ulrich indicates that Fe*" is a powerful catalyst effective at
background concentrations. However, those experiments were run without NO, absorption. The
current results show the importance of adding chelating agents to the NaOH scrubber to limit
oxidation. This is economically viable in NaOH scrubbing since most of the fly ash, a large
source of metal ions, will effectively be captured upstream of the scrubber. Furthermore, the
NaOH feed will have much lower levels of metals compared to the limestone feed for traditional
flue gas desulfurization.

Inhibited Aerobic NO, Absorption with Varying Temperature

Sulfite oxidation rates were quantified with varied temperature between 20 °C and 65°C (Figure
7). Thiosulfate, sulfite, pH, and gas flow and composition were kept constant at base case
conditions.

0.024

0.012

K; ops (Mint)

0.006
Inverse Temperature (K1)

Figure 7: Sulfite oxidation with varying temperature (Experiments 12, 13, 14)

The linear relationship which appears in the graph of inverse temperature vs k, ,,s 0n a semilog
scale follows the Arrhenius equation. The kg’ for NO, absorption has almost no temperature
dependence in this temperature range (Shen, 1997), so NO, flux was assumed to be constant.
Since all other dependent variables for R were held constant, an apparent activation energy of
24.1 kJ/mol was regressed using Equation 14.

—F 1 1
R=dxexp| =2 (552 -7 a4

13
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Inhibited Aerobic NO, Absorption with Varying Oxygen Flow

Sulfite oxidation rates were quantified with oxygen concentrations of 21%, 10.2%, 5.1%, and
2%. Thiosulfate, sulfite, temperature, pH, and total gas flow were kept constant at base case
conditions. Total gas flow was kept constant by blending air and N, to the desired O;
concentration.

o
0.006 °
[ )
= 0.004 °
£
£
2
~F 0.002
Minimum
stoichiometr
0.000 o icloss
0 0.05 0.1 0.15 0.2 0.25

Oxygen (bar)

Figure 8: Sulfite oxidation with varying oxygen (Experiments 15, 16, 17)

Until O, partial pressure decreases below 5 kPa, O, does not have a very significant effect on
K1 obs- This is due to the free radical species in the rate limiting step of the propagation. At high
partial pressures of O,, SO;™ - oxidizes instantaneously in the boundary layer to form the SO~ -
(Equation 3). The SOs~ - then catalyzes oxidation until thiosulfate terminates the mechanism. At
low O, partial pressures, the rate-limiting step occurs when SO;~ - reacts with dissolved oxygen.
Since SO;™ - is present in solutions, thiosulfate can directly react with SO;™ -. Thus the relative
concentrations of thiosulfate and dissolved oxygen become determining factors in the overall
oxidation rate. The O, partial pressure in power generation applications will not affect sulfite
oxidation since coal flue gas contains 5% O, and NGCC flue gas contains over 10% O.

Conclusions

NO, catalyzed sulfite oxidation

e An uninhibited sulfite system is not effective for NO, absorption. The ratio of SOz
oxidized/NO; absorbed, is on the order of 1000.

e Thiosulfate drastically reduces sulfite oxidation; addition of 0.1M S,05% reduced ki oss by a
factor of 33.

14
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Increasing sulfite does not affect ky obs, but produces a first-order correlation between SO5*
oxidized/NO; absorbed and sulfite.

Sulfite oxidation is half order in NO, and is removed more efficiently at higher partial
pressures (SOs* oxidized/NO, absorbed is inverse half order with NO»).

Iron and other metals can catalyze oxidation, but NO; catalysis is dominant.

EDTA or a similar chelating agent should be added to chelate the metal ions; 0.01 mM Fe?*
has ki obs and SO5> oxidized/NO, absorbed 2.8 times greater than 0.02 mM EDTA.

Sulfite oxidation rates follow the Arrhenius law with an apparent activation energy of 24.1
kJ/mol.

Oxygen concentrations do not have an effect on the oxidation rate until below roughly 5 kPa
0.

For common industrial applications, oxygen concentrations will not affect sulfite oxidation.

Absorption of nitrogen oxides in agueous amines

A complete discussion on NO absorption into amine solutions can be found in the GHGT-12
paper, “Absorption of nitrogen oxides in aqueous amines.” The main conclusions are
summarized below for convenience.

NOy Absorption Kinetics

NOy absorption at ppm levels of NOy is dominated by the free radical absorption of NO,.
Free radical absorption of NO; is first order in NO, partial pressure and half order in free
amine concentration.

Absorption can be modeled as mass transfer with fast reaction in the pseudo-first-order
regime.

NO, absorption kinetics are fastest with tertiary amines and slowest with primary amines
similar to CIO, free radical absorption into amines.

70-99% of NO, will absorb in amine scrubbers designed to capture 90% of CO;; only 4% of
NO; absorption can be attributed to hydrolysis.

A prescrubber with an A/G of 1*10° s-Pa-m?/mol can scrub 90% of flue gas NO, with 0.17 m
free MDEA.

MDEA oxidation is not catalyzed by NO, absorption in the presence of air and stainless steel
metals.

NOy Absorption Products

10 ppm of NO; absorbs into 0.1 m MDEA with a 95% nitrite yield and a 5% nitrate yield.
Nitrite yield is independent of NO and oxygen, proving that the absorption species is NO,
directly instead of N,Os.

NO, hydrolysis through N,O, becomes the dominating absorption mechanism when NO,
partial pressure is above 10 Pa (100 ppm at atmospheric pressure).

Nitrosamine is less than 3% of total absorption product in 0.1 m MDEA.

NO can be directly absorbed into amine solution by reacting with the free radical formed by
NO, absorption.

In PZ solution, NO absorption forms MNPZ with yields of 20-35% of total absorbed NOy at
20 °C.

PZ free radicals can also react with themselves or free radical scavengers to lower the yield
to MNPZ,

MNPZ yield is independent of amine concentration and loading, but yield increases as the
ratio of NO2:NOy decreases.

15
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e PZ free radicals can also react with themselves or with free radical scavengers to lower the
MNPZ yield.

e Increasing absorption temperature from 20 °C to 60 °C decreases MNPZ yield by 60% due to
the decreased solubility of NO.

e MNPZ yield at 40 °C in 5 m PZ with an NO2:NOy ratio of 1:10 is 17% with nitrite closing
the mole balance.

e High temperature nitrosation from nitrite is the dominating mechanism for nitrosamine
formation in amine scrubbing.

Future Work

Complete a techno-economic evaluation of NO, scrubbing with a thiosulfate-inhibited sodium
sulfite.
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Abstract

Several experiments were conducted to test metals removal from amine solutions using an ion
exchange resin. Amines tested include MEA, PZ, and a degraded PZ solution from a pilot plant.
The resin tested was Amberlite IRC748i, a resin which shows promising selectivity for cations
from high pH solutions. High metal selectivity is due to the very favorable complex formed
between the resin functional group and strongly cationic metals. This report documents removal
over time and selectivity of metals.

Introduction

lon exchange chromatography

The ion exchange reaction is given below in Equation 1, where M is a metal and R represents an
ion exchange resin. The resin used in these experiments is Amberlite IRC 748i, a resin
manufactured by Rohm and Haas (subsidiary of Dow Chemical) and used for extraction of
cations from chloralkali brines. This resin was selected for testing because its application
suggests that the resin will perform well at high pH values such as those present in amine
solutions.

M+ 4+ 2R:™ = [M - 2R,]*~ overall (1)
This ion exchange resin consists of a divinylbenzene/styrene copolymer backbone with
aminodiacetic chelating functionality. As the resin is exposed to a PZ solution, all functional
sites are flooded with the diprotonated PZ molecule, forming a coordination complex as shown
in Equation 2. Protonated PZ is a large molecule, which prevents a strong complex from
forming due to steric interactions between PZ and the resin functional group. This complex is
expected to be weak and transient. Metals are present in low concentrations in the solution, but
they bind much more strongly to the functional site on the resin. Thus, as the amine solution
flows past the resin, the metals are removed from solution. The small, very cationic metals
interact easily with the resin, allowing a complex to form between two functional groups and a
cation. This likely forms an octahedral complex with coordination number 6, illustrated below in
Equation 3.  Confirmation of these three-dimensional structures would require X-ray
crystallographic measurements, which are beyond the scope of this work. The structures below
are provided only to suggest a possible explanation for the high selectivity of these resins for
metals.
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step | (2)

2R* + H,PZ* [RyPZ])*

N [ H,
+ Fe2t _— Fe 0 * [ j

— N : N

< H,

A 0
\\< step Il (3)

[R,PZ]* +  Fe* [RyFe]* + H,PZ*

Experimental Methods

Several amine solutions were contacted with the ion exchange resin in a long glass column. Neat
MEA and PZ were loaded with CO, and then had metals added as sulfate salts. In addition, an
experiment was conducted using 8 m PZ from Pilot Plant 2, which is a heavily degraded pilot
plant solution with a high metal content. The column is shown in Figure 1. Solution was put
into the top of the glass column, then slowly pumped past the resin using a peristaltic pump. The
solution was collected in 10 mL glass vials after passing through the column. After collection,
the solution was analyzed for metals using ICP-OES.

The Amberlite resin was obtained from Dow Chemical Company and used in the Na* form. The
properties of this resin are given below in Table 1. Amine was run through the column at 4-5
bed vol/hr. with a residence time of 700-800 seconds. These run characteristics are given below
in Table 2.



Table 1: Properties of lon Exchange Resins

Max Op. Temp.
Total Exchange Capacity,
min.

Water Retention Capacity
Uniformity Coefficient

Harmonic mean size
Fines content

Coarse beads

Physical forms

12
mmim
lon Exchange D
Column
_ fj-'"'__"\-\.\\
25.5
cm
5—-8
cm

Amberlite
IRC748i

90 °C

1.35eq/L
60-65 %

1.7 eq/G
0.5-0.65 mm
<0.300 mm
1.0% max
>1.100 mm
5.0% max

beige beads

Amine Solution

Glass Wool

lon Exchange Resin

Glass Wool

Peristaltic Pump

Figure 1: Metals removal column

Table 2: Operating Conditions for lon Exchange Experiments

Solvent Residence Time (s) Flow Speed (BV/Hr)
Neat PZ 696
Neat MEA 861
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Pilot Plant Amine used in column experiments

Pilot Plant 2 used flue gas from a coal-fired boiler with SCR and FGD. Pilot Plant 2 PZ was
fully characterized by Nielsen, and his results are given below in Table 3 as the “PP2 Lit” value
for reference. There is some deviation between these results and Nielsen’s for PZ and metals,
especially Fe.

Table 3: Preparation of “Low-Metals” Piperazine (mmol/kg solution)

Ca Co Cr Fe Mg Mn Mo Ni Se Piperazine
PP2 PZ 0.21 0.08 1.98 0.45 0.50 0.15 0.21 1.70 0.15 4134
PP2 Lit* - - 2.21 1.13 - - - 1.86 - 3546

*(Nielsen, 2012)

Safety

Regeneration of ion exchange resins is accomplished by running a dilute solution of acid through
the columns. This is usually accomplished with dilute H,SO,4. Care must be taken to avoid the
use of concentrated acids as they can react with the ion exchange resin, causing decomposition of
the matrix immobilizing the ion exchange agent. This can cause damage to the column and
release of vapor, which could cause an acid spill. Nitric acid in particular is a powerful oxidizer,
and it should not be used for resin regeneration due to the higher risk of resin damage. Personal
protective equipment including safety glasses, a lab coat, and gloves must be worn while
handling concentrated acids.

Results

The results for neat PZ are given below in Figures 2 and 3. Figure 2 shows removal of each
metal over time, compared to the initial value. All values shown are from ICP-OES. Figure 3
shows metals removal at the end of the run, which extended to 16 bed volumes. From neat PZ,
this resin showed high removal of Ni and Mn at 81% and 71%, respectively. The resin showed
moderate removal of Fe and Cr, at 47% and 36%.

The results for neat MEA are given in Figures 4 and 5. Figure 4 shows removal of each metal
over time, compared to the initial value. All values shown are from ICP-OES. Figure 5 shows
metals removal at the end of the run, which extended to 14 bed volumes. From neat MEA, this
resin showed high removals of Ni and Mn at 88% and 94%, respectively. The resin showed
moderate removal of Fe, at 40%. The resin showed low Cr removal, at only 10%.

The results for Pilot Plant 2 PZ are given in Figures 6, 7, and 8. Figure 6 shows removal of
major metals over time, and Figure 7 shows removal of minor metals over time during the same
run. Figure 8 shows removal of metals at the end of the run, which extended to 15 bed volumes.
This resin showed complete Ca, Mg, and Mn removal (100%). The resin showed moderate
removal of Ni and Fe, at 52% and 43%. The resin showed low removal of Cr, Mo, Ni and Se.
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Figure 3: Amberlite IRC7481, 4 m neat PZ, a = 0.31
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Analytical Methods

ICP OES

All metals analysis was done by inductively coupled plasma optical emission spectroscopy using
a Varian 710-ES instrument run in axial configuration. Wavelengths analyzed are given in Table
4. Results for each wavelength were averaged with other wavelengths for the same ion.

Table 4: Wavelengths Analyzed in ICP OES analysis (nm)

Ca Ca Ca Co Co Co Cr Cr Cr
393.366 396.847 422.673 228.615 230.786 238.892 205.560 206.158 267.716
Fe Fe Fe Mg Mg Mg Mn Mn Mn
234.350 238.204 259.940 279.553 280.270 285.213 257.610 259.372  260.568
Mo Mo Mo Ni Ni Ni Se Se Se

202.032 203.846 204.598 216.555 221.648 231.604 185.457 196.026 203.985

Cation Chromatography

The concentrations of PZ in Table 3 were determined using cation chromatography on a Dionex
ICS2100 instrument. The solution was diluted to 10,000X and then eluted with methanesulfonic
acid mixed with water. The eluent followed a gradient starting at 5.5 mM and ending at 38.5
mM methanesulfonic acid. The samples were eluted over an lonPac GC 17 guard column
followed by an lonPac CS 17 analytical column. These columns contain ethylvinylbenzene
cross-linked with 55% divinylbenzene resin.

Conclusions

From neat 4 m PZ, Amberlite 748i showed high removal of Ni and Mn at 81% and 71%
respectively. The resin showed moderate removal of Fe and Cr, at 47% and 36%. Breakthrough
of metals was not reached by about 16 bed volumes of amine. The initial concentrations of
metals were Cr: 0.10 mM, Fe: 0.09 mM, Mn: 0.12 mM, and Ni: 0.14 mM.

From neat 4 m MEA, Amberlite 748i showed high removal of Ni and Mn at 88% and 94%
respectively. In addition, the resin showed moderate removal of Fe, at 40%. Breakthrough of
metals was not reached by about 14 bed volumes of amine. The initial concentrations of metals
were Cr: 0.20 mM, Fe: 0.22 mM, Mn: 0.21 mM, and Ni: 0.21 mM.

From PP2 PZ, Amberlite 748i showed complete Ca, Mg, and Mn removal (100%). In addition,
the resin showed moderate removal of Ni and Fe, at 52% and 43%. The resin showed low
removal of Cr, Mo, Ni and Se. Breakthrough of Fe, Ni, and Mn was not reached by 15 bed
volumes. The initial metal concentrations for stainless steel metals were Cr: 2.0 mM, Fe: 0.45
mM, Mn: 0.14 mM, and Ni: 1.6 mM.
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Abstract

Amine aerosol testing was conducted at the University of Texas at Austin CO2 capture pilot plant using concentrated piperazine
(3.7 molal) and high temperature flash with cold rich bypass (140 °C). Two methods of piperazine aerosols generation were tested:
H2S04 injection with a liquid vaporizer injector, and direct injection 20 ppm of SO: into the synthetic flue gas. A Phase Doppler
Interferometer (PDI) analyzer from Artium Technologies was used to measure piperazine aerosol droplet sizes and distributions at
the absorber gas outlet. A FTIR system with new upgraded heated probes was used to make measurements of total PZ
concentrations at the absorber gas inlet and outlet. A manual sampling train method was used to provide secondary validation of
FTIR and PDI measurements.
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1. Introduction
1.1. Concentrated Piperazine

Concentrated (30-40 wt %) piperazine (PZ) with advanced flash stripper regeneration is a second generation amine-
based process for CO, capture [1]. 8 molal (m) PZ has double the CO; absorption rate and capacity of 7 m MEA. PZ
also has a moderately high heat of absorption (70 kJ/mole) and is oxidatively and thermally stable, which should
provide 10 to 20% better energy performance than 7 m MEA with thermal swing regeneration at 150 °C [2]. However,
8 m PZ has a limited operating range due to solid solubility issues encountered at both the lean and rich CO; loadings.
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An alternative solvent that can circumvent some of the limitations of 8 m PZ and still retain its benefits is 5 m PZ.
The use of 5 m PZ eliminates the solubility limitation on the rich CO- loading end and expands the lean solubility
window relative to 8 m PZ (Fig. 1). 5 m PZ can be operated at a lower lean loading, which has been shown to provide
better performance in the absorber. The absorption rate (ky’) of 5 m PZ is approximately 30 % higher than 8 m PZ
which results in a significant reduction in the packing area requirement. It also has about the same equivalent work
requirement as 8 m PZ (Table 1). The viscosity of 5 m PZ is 50 % less than 8 m PZ. However, in order to obtain the
same CO; capacity as 8 m PZ, the L/G for 5 m PZ must be operated approximately 17 % higher. 5 m PZ can be
operated at 150 °C, which permits regeneration of CO; at high pressures (6-8 bar).

An analysis for the annualized cost of regeneration has found that the optimum lean loading for 5 m PZ is 0.22 mol
COa/mol alkalinity with a 7.5 °C LMTD for the cross-exchanger. For 8 m PZ, the optimum lean loading is 0.26 mol
CO./mol alkalinity and 10 °C LMTD. Fig. 2 shows that the equivalent work at the optimum conditions of 5 m PZ and
8 m PZ is approximately the same. Therefore, there are inherent benefits with using 5 m PZ over 8 m PZ and other
amine solvents.

50

Operating Range |
Ove rstnp Saturation
8 m PZ
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o

Transition T (°C)
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Fig. 1. Solubility window for 5 m and 8 m PZ.

Table 1. Performance data for 5m PZ, 8 m PZ, 7 m MEA, 4 m AMP/2 m PZ, and 5 m MDEA/5 m PZ.

Parameter 5mPZ 8mPZ 7mMEA 4mAMP/2mPZ 5mMDEA/5mPZ
Kg"ave X 107 (Mol/s-Pa-m?) 11.3 8.5 43 8.6 8.5

Viscosity (cP) 4 11 3 5 13

Capacity (mol CO,/kg) 0.81 0.84 0.67 0.90 0.91

Tmax (°C) 163 163 121 128 117

Lean Loading (mol CO,/mol total alkalinity)  0.22 0.26 - -
Rich Loading (mol CO2/mol total alkalinity)  0.40 0.40 - -
L/G (mol/mol) 3.03 2.55 - -
Equivalent Work (kJ/mol CO,) 36.0 36.3 - -
Packing Required (m?/mol CO5) 126 298 - -
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Fig. 2. Equivalent work comparison for 5 m PZ and 8 m PZ with the simple stripper and advanced flash stripper (AFS) configurations and cross
exchanger LMTD approach temperatures.

1.2. SRP CO; Pilot Plant

The advanced flash stripper with cold and warm rich bypass builds on the technology developed from the two-stage
flash and warm rich bypass configuration tested during a pilot plant campaign at the University of Texas of Austin
Separation Research Program (SRP) in October 2011 (Fig. 3). The SRP pilot plant has a removal capacity of 3-6 tons
of CO/day and uses synthetic flue gas consisting of CO; and air. The high temperature advanced flash stripping
process at 150 °C exploits the high thermal stability of PZ and results in a much higher regeneration pressure (5-10
bar). A new configuration will integrate a gas-liquid heat exchanger to recover the heat from the overhead vapor by
cross-exchanging it with the cold rich bypass stream. The advanced flash stripping process offers a smaller footprint,
a more simple design, and lower capital costs than a conventional packed stripper column.

Fig. 4 shows the advanced intercooling configuration, which splits the liquid flow at the heat exchanger and returns
a portion of the flow to the bottom packed bed and the remaining flow is recycled as spray to the top packed bed. The
intercooling recycle flow rate can potentially be five times the solvent feed flow to the absorber column. This
configuration maximizes the amount of intercooling and increases the amount of mass transfer area available for CO;
absorption.
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Fig. 3. SRP pilot absorber/stripper system with high temperature flash skid (bottom left).
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Fig. 4. Advanced flash stripper configuration.
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1.3. Amine Aerosol Emissions

Elevated emissions of amines have been observed at several CO; capture pilot plants and attributed to amine aerosol
formation. Absorber water wash systems traditionally used to address amine volatility are not effective for the removal
of amine aerosols. Pilot and bench-scale studies have shown that SOz can become the nucleation site for the formation
of amine aerosols. However, accurate measurements of amine aerosol droplet size and distributions is a challenge.

1.4. Past SRP Pilot Plant Testing

Testing at the pilot scale with concentrated PZ has been completed in five separate campaigns since 2008 at the
SRP pilot plant, which has a CO, removal capacity of 3-6 tons/day (~0.1 MW) and consists of an intercooled absorber
and simple stripper column. Both columns have an inner diameter of 0.43 m and each column is typically filled with
6.1 m of packing. The facility uses synthetic flue gas consisting of air and CO,, which provides the flexibility to test
at CO; concentrations for both coal (12 mol %) and gas (3 mol %). A new high temperature and pressure two-stage
flash regeneration skid was designed, fabricated, and operated in 2010 and 2011 and successfully regenerated 8 m PZ
at 150 °C and 14 bar.

1.5. Pilot Plant Objectives

The SRP pilot plant campaign conducted in November 2013 focused on the development of methods for generating,
measuring, and capturing PZ aerosols. To facilitate this effort, a liquid vaporizer injector (LVI) was procured and
used to generate H2SO4 aerosols for injection into the pilot absorber gas inlet duct. An SO gas injection system was
also tested as an alternative aerosol generation method. A Phase Doppler Interferometer (PDI) analyzer from Artium
Technologies was used to measure PZ aerosol droplet sizes and distributions at the absorber gas outlet. A FTIR system
with newly upgraded heated probes was used to make measurements of total PZ concentrations. Pilot plant testing
was completed with 4 m PZ instead of 8 m PZ to evaluate performance differences with a lower viscosity and capacity
solvent. The SRP absorber column was packed with 6.1 m of RSP 250 structured packing and operated with two
intercooling configurations. The existing two-stage flash process was modified into a single-stage flash with cold rich
bypass process and operated at 140 °C.

2. Pilot Plant Configuration
2.1. Pilot Plant Configuration and Modifications

The November 2013 pilot plant campaign was conducted with absorber intercooling and one-stage flash with cold
rich bypass (Fig. 5). The absorber column was packed with 6.1 m of RSP 250 structured packing, divided into two
3.05 m sections by a chimney tray and redistributor (Table 1). Liquid from the top packed bed is collected by a
chimney tray, cooled to 40 °C, and circulated to the intercooling loop.

The absorber column can be operated in two intercooling configurations: in-and-out intercooling and pump-around
spray recycle intercooling. The pump-around configuration uses a spray nozzle to return the liquid solvent to the
absorber column in between the chimney tray and bottom of the top packed bed. Liquid from the spray is eventually
returned to the collector plate inventory. The liquid on the collector plate overflows through a weir in the middle of
the chimney to the redistributor below. A liquid inventory of approximately 38 L is maintained. This configuration
circulates liquid solvent up to two times the solvent feed flow rate and increases mass transfer area for CO; absorption.
The absorber was operated with both modes of intercooling to determine its effect on aerosol emissions.
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Fig. 5. Process flow diagram for SRP pilot plant integrated with the high temperature one-stage flash skid.

Table 2. Absorber column packing and liquid distributor specifications.

Packing

Absorber Top Distributor

Absorber Middle Distributor

RSP 250 Structured Packing
Two 3.05 m beds
250 m2/m3

HC Perforated Pipe (SRP3C)
Range: 1.8 -5.5 m%hr
3.7 pts/m?

HC Trough Drip Tube
Range: 0.7 — 7 mhr
1.3 pts/m?

2.2. Amine Aerosol Generation

The Liquid Vaporizer and Injector (LVI) by Air Quality Analytical, Inc. was used to generate H,SO4 aerosol at 1—
5 ppmv in a 9.9 m¥min stream using a solution of 10 vol % H,SO4[3]. The vaporized acid was injected into the
absorber inlet duct where it re-condensed as submicron H,SO4 mist on contact with the cold absorber feed gas. The
acid was injected approximately 3 m upstream of the absorber gas inlet nozzle. The campaign also tested an alternative
aerosol generation method where 2 mol % SO, gas mixture was injected into the flue gas to produce 10-25 ppmv of
S0, in a 9.9 m¥min gas stream. SO, was injected at the discharge of the gas blower, which is approximately 15 m
away from the absorber column gas inlet.

2.3. Aerosol Measurements

Amine aerosol measurements were quantified using the following methods: FTIR, Phase Doppler interferometry
(PDI), manual impinger-based measurements for amine concentrations, and manual impinger-based measurements
for sulfuric acid concentrations using EPA Method 8. The samples were collected at three locations: absorber gas
inlet, absorber gas outlet, and gas knockout tank outlet. FTIR and manual H>SO4 measurements were made at the
absorber gas inlet (Fig. 6). FTIR, PDI, and manual amine measurements were made at the absorber gas outlet. A
third FTIR measurement was made at the absorber gas knockout outlet, but a leak was detected and the sample point
was removed from service.
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Fig. 6. Locations of FTIR, PDI, and manual sampling ports.

2.3.1. Absorber FTIR Gas Analysis

A Gasmet™ DX4000 portable FTIR spectrometer was used to analyze for H,O, CO;, PZ, NH; and SO;
concentrations in the gas at the absorber inlet and outlet. The FTIR has a path length of 5 m and a wavenumber
resolution of 8 cm™. The FTIR extractive system included heated probes with heated probe tubes and heated sample
lines at each of the three sampling locations. A heated hot box with manual valves was used to switch between the
three sample locations. All of the components of the sampling systems were maintained at 180 °C to prevent
condensation and vaporize any aerosolized material. Heat tracing and insulation was installed on exposed transition
tubing. The FTIR sample pump was installed downstream of the FTIR analyzer. For the pilot plant testing, all run
data were signal averaged for 1 minute.

2.3.2. Phase Doppler Interferometry (PDI)

A demonstration Phase Doppler Interferometer (PDI) analyzer from Artium Technologies, Inc. was tested to
determine droplet sizes and distributions. The PDI consisted of a transmitter, receiver, and data acquisition/processing
box and was designed to make optical measurements through a windowed spool section. The Artium PDI was capable
of measuring droplet diameters from 0.5-10 um (Fig. 7). The sample gas from the absorber outlet duct was pulled
through a pipe nozzle by a regenerative blower at a rate of 0.6 m3/min, which approximated an isokinetic sample. The
PDI optical window spool section was located less than one meter from the sample nozzle and upstream of the blower.
The sample stream was pumped out of the regenerative blower back into the absorber outlet gas downstream of the
sample point. Fig. 8 shows a simplified process flow diagram of the bypass sampling system.
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2.3.3. Manual Measurement for Amine Concentration

Gas-phase amine concentrations at the absorber outlet were measured with a manual sampling method in which
flue gas was pulled iso-kinetically through a glass probe maintained at 127 °C and then through a series of devices
designed to collect both the aerosol and vapor-phase fractions of the amine emissions. The gas passed from the probe
into a condenser coil that was maintained as cold as possible with ice water (8 °C on 11/21/13 and 2 °C on 11/22/13).
The purpose of the condenser coil was to knock out aerosol particles by both condensation and impingement via the
gas’ tortuous path through the coil.

The coil was oriented vertically such that gas passed from top to bottom; an empty modified impinger (i.e., no
impingement plate) was mounted at the coil exit to collect condensate; this was followed by an empty Greenburg
Smith impinger (i.e., fitted with an impingement plate). The gas then passed through two Greenburg Smith impingers
containing 0.1 N H,SO.; the purpose of these impingers was to collect any remaining gas-phase amine that penetrated
the coil. The gas was then conditioned (dried with silica gel) so that sample volume could be measured.

Sample runs lasted thirty minutes. On completion of a sample run, the sampling train parts (probe, condenser,
impingers, and connection pieces) were recovered with a 0.1 N H2SO4 rinse. The recovery of the sample train resulted
in two fractions to be analyzed: (1) the probe, condenser, and empty impinger were recovered and analyzed together,
and (2) the acid impinger was recovered and analyzed separately. The recovered fractions were analyzed for PZ
concentration via cation chromatography. These concentrations were multiplied by the mass of liquid recovered to
determine the mass of PZ in the recovered fraction. The total amine concentration in the flue gas was calculated by
summing the amine mass recovered in the two fractions and then dividing by the volume of flue gas sampled.

The sampling train was designed to measure total gas-phase and aerosol amine emissions; it was not designed to
distinguish between and quantify aerosol and gas-phase emissions. The contact of flue gas with condensed liquid in
the condenser and empty impinger results in gas-phase amine being captured in the front end of the train.

2.3.4. EPA Method 8 for SO and Sulfuric Acid Species

A modified version of EPA Method 8 was used to quantify sulfur dioxide and sulfuric acid emissions in the flue
gas at the absorber inlet. In this method, gas is extracted from a sampling point in the inlet duct. The SOz and SOs,
including those fractions in any sulfuric acid mist, are captured in the sampling train, which consists of a Greenburg
Smith impinger containing 80% isopropyl alcohol, a non-heated filter, a modified impinger containing 6% hydrogen
peroxide, and a Greenburg Smith impinger containing 6% hydrogen peroxide. The sulfate content of the recovered
train was measured by anion chromatography. Since there was no particulate matter in the flue gas, a heated filter
was not used upstream of the sampling train.

2.4. Aerosol Capture

The aerosol mitigation effort has focused on strategies to grow the aerosol particles inside the absorber column and
water wash in order to capture them with conventional droplet removal technologies such as impingement trays and
sieve plates. An impingement tray was engineered in-house with some input from Dr. Frank Seibert and fabricated
by a local machine shop. The impingement tray was designed to have 1.6 cm-of-H,O of dry pressure drop and 1.9
cm-of-H,0 liquid pressure drop. The impingement tray consisted of three parts: demister, support ring, and sieve
plate. The demister removes any entrained liquid as gas passes through the tray, and the demister is located
approximately 1 m above the impingement tray to provide enough disengagement residence time for droplets to
agglomerate on the demister.

The absorber feed pipe passes through a hole in the middle of the demister and is sprayed by a 180° spray nozzle
outward to the absorber column walls. The liquid flows down the walls and then radially from the outside edge to the
center of the impingement tray. An overflow weir on the tray proves a liquid level through which the absorber gas
must pass. The liquid then overflows the weir and into the downcomer connected to the liquid distributor below. The
impingement tray was fabricated but was not tested during the 2013 campaign.
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3. Pilot Plant Results
3.1. Pilot Plant Performance

The November 2013 SRP pilot plant campaign evaluated 3.7 m PZ (24 wt %), one-stage flash with cold rich bypass,
and absorber spray recycle intercooling. The campaign only lasted for two days because of ongoing issues with the
LVI. Table 3 shows that operating conditions and performance of the pilot plant. The gas and liquid rates were
constant for the duration of the campaign. However, although the absorber inlet gas rate was maintained at 9.9 m*/min,
the dramatic difference in ambient temperature resulted in different gas mass flow rates. This is reflected in the L/G
(mass/mass) of 3.7-4.0. When the intercooling spray was turned off, the CO, removal decreased from 92% to 75%.
The flash stripper was maintained at 140 °C and 4.5 bar, which was slightly lower than the typical 150 °C at which
the PZ campaigns have operated in the past.

Table 3. November 2013 one-stage flash operating conditions (1 mol PZ = 2 mol total alkalinity).

Parameter Value

PZ (wt %) 23.8-245
Lean loading (mol CO,/mol total alkalinity) 0.22

Gas Rate (m%/min) 10

L/G (mass/mass) 3.7-40
Intercooling (40 °C, column middle) On/Off
CO, Removal (%) 75-92
Flash Stripper Pressure (bar) 45

Flash Tank Temperature (°C) 139
Absorber Packing RSP 250

3.2. LVI H2SO4 Aerosol Generation

A liquid vaporizing injector used H,SO4 to generate PZ aerosols at the SRP pilot plant. Prior to installation at the
plant, it was tested at the bench scale to verify performance. However, when the LVI was operated during the pilot
plant campaign, it experienced intermittent operation as a result of corrosion. This resulted in the eductor plugging
and subsequent shutdown of the LVI. The LVI was operable for a limited amount of time when the eductor was
cleaned after each shutdown. The LVI was eventually abandoned and direct injection of SO, was tested as an
alternative method for PZ aerosol generation. Table 4 shows the aerosols generation methods and sampling methods
used in the November 2013 operations. The absorber was operated with the intercooling spray recycle and also
without intercooling.

Even with intermittent operation, the LVI was operated long enough to demonstrate that PZ aerosols could be
generated by the injection of sulfuric acid mist at the absorber inlet. Fig. 9 shows FTIR measurements that were made
at the absorber gas outlet for PZ, H,O, CO2, and NHs. The figure shows a net increase in PZ concentration during the
two periods where the LVI was operated. The baseline concentration of 15 ppm increased up to 50-70 ppm during
the two injections. The manual sampling method (URS-2) also confirmed the elevated PZ concentrations measured
by the FTIR. Manual measurements via EPA Method 8 confirmed that no SOx species were detected in the flue gas
during LVI operation.

FTIR measurements were attempted at the knock-out tank outlet, but there appeared to be a leak in the line that
could not be fixed during the test campaign. No data were reported from this sampling location.
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Table 4. Aerosol generation and sampling matrix for November 2013 campaign.

Date Start End Intercooling Intercooling H,SO, Injection SO, FTIR Manual PDI
Time Time Mode Injection Methods
11/21/13 9:30 11:15 ON Spray OFF OFF X
11/21/13 11:15 11:40 ON Spray ON OFF X X
(Intermittent)
11/21/13 11:40 14:23 ON Spray OFF OFF X
11/21/13 14:23 16:52 ON Spray ON OFF X URS-1 X
(Intermittent) URS-2
11/22/13 9:40 13:40 OFF - OFF OFF X URS-4
URS-5
11/22/13 13:40 14:52 OFF - OFF 25 ppm X URS-7
11/22/13 14:52 15:30 ON Spray OFF 25 ppm X URS-8
11/22/13 15:30 16:45 ON Spray OFF OFF X
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Fig. 9. FTIR (UT/SRP) and manual sampling (URS) data taken 11/21/13. Dashed lines with circle points are manual sampling PZ
concentrations averaged over a 30-minute interval adjusted for moisture content. The LVI was in operation between the dotted gray lines.

3.3. SO, Aerosol Generation

Direct injection SO, gas was tested after it became apparent that the LVI would not be a reliable method for
generating PZ aerosols. A rotameter was used to meter in 2 mol % SO, gas and obtain an approximate target
concentration of 25 ppm in the flue gas. This was verified by absorber inlet FTIR measurements, which measured
SO, concentrations of approximately 22.5 ppm on a wet basis (Fig. 10).
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FTIR and manual measurements for PZ were made at the absorber gas outlet. Fig. 11 shows that with the injection
of SO,, the concentration of PZ increased, which indicated that PZ aerosols were generated. This increase in
concentration at the absorber gas outlet was detected by both the FTIR and manual sampling methods (URS-7).
During the second half of the SO injection interval, the spray recycle intercooling was turned off and the PZ
concentration decreased. Both FTIR and the manual sampling method (URS-8) confirmed the decrease. The figure
also shows that the manual measurements (URS-4 and URS-5) were consistently higher than the FTIR measurements
for PZ. The PZ analysis region overlapped the H,O analysis region, and this may have contributed to some error in
the PZ measurement.
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Fig. 10. FTIR analysis of SO, at the absorber inlet heated probe (11/22/13). SO, was injected at a target concentration of 25 ppmv.
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Fig. 11. FTIR (UT/SRP) and manual sampling (URS) data taken 11/22/2013. Dashed lines with circle points are manual sampling PZ
concentrations averaged over a 30-minute interval adjusted for moisture content. SO, was injected during the period containing URS-7 and URS-
8. The FTIR was switched to measuring the absorber inlet during the time period 14:24 through 14:45.

3.4. PDI Measurements

Prior to installation at the SRP absorber column gas outlet, the operation of the PDI was verified in the laboratory
by spraying an atomized H,O stream using an airbrush. After the PDI was installed at the absorber outlet gas duct,
the airbrush test was repeated. The airbrush was used to verify that the optical configuration was measuring droplet
sizes under 5 um at high total concentrations. The total sample taken in a single measurement was fixed at 10,000
counts by the PDI software. The reported particle densities provide translation from probability distributions to
absolute number distributions which can be used for mass balance calculations.

Even with the intermittent operation of the LVI aerosol generator, the PDI demonstrated that measurements of size
distributions in highly dense (10° particles/cm?®) streams between 0.5 and 10 pm could be made. However, a drop-off
at 0.5 pum is observed due to the sensitivity envelope of the PDI. Example histograms of the PDI from the SRP test
campaign are shown in Fig. 12 and Fig. 13. The PDI data show that particle size distribution shifts to the right as the
absorber temperature increases. The size distribution shifts to the right (indicating larger particles) when moving from
Fig. 12 (15.5 °C) to Fig. 13 (38.5 °C). The steepness of the drop-off at 0.5 um decreases as the absorber temperature
increases due to the growth of the sub-0.5 um particles into larger particles that were detected by the PDI.
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Fig. 12. Consecutive PDI analyses taken on 11/19/2013 starting at 08:27 at an H,SO, injection rate of 1.5 mL/min. Absorber outlet temperature
was 15.5 °C (10-min. average).
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Fig. 13. PDI analyses taken on 11/21/2013 starting at 11:16 at an H,SO, injection rate of 1.5 mL/min. Samples were not consecutive. Absorber
outlet temperature was 38.5 °C (10-min. average).
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3.5. Pilot Plant Data Reconciliation

Data from the pilot plant campaign at the J.J. Pickle Research Campus (PRC) were used to validate absorber models
developed in Aspen Plus® within the Independence thermodynamic and kinetic framework. The model validation
process included quantification of error in the pilot plant data and reconciliation of pilot results with model prediction
by variation of global model correction factors. The error quantification and pilot plant data verification found that
CO; and PZ component material balances closed within 95% confidence intervals, confirming internal consistency in
the pilot data.

The two model parameters used to reconcile the November 2013 campaign were CO- lean loading and effective
interfacial mass transfer area of the packing. The results indicated that a 7.3% correction in lean CO; loading or a
39% decrease in the packing mass transfer area enabled the model to match pilot plant mass and energy balance results
(Table 5). Surprisingly, these results were consistent with the data reconciliation completed for the October 2011
campaign even though the pilot plant operating conditions were different (Table 6). The November 2013 campaign
was conducted with 3.7 m PZ instead of 8 m PZ and used RSP 250 instead of GTC 350Z. RSP 250 has a dry mass
transfer area of 250 m?m® and a corrugation angle of 45 degrees, whereas GTC 350Z has an area of 350 m*m?® and a
corrugation angle of 70 degrees.

One potential sources of bias may be the manual titrations for loading measurements completed for the pilot plant
campaign or the bench-scale data used to develop the Aspen Plus® solvent model.

Table 5. Model Corrections Required for November 2013 and October 2011 PZ Pilot Plant Campaigns.

Correction Factor:  Correction Factor:

Parameter

November 2013 October 2011
CO, Correction 1.073 + 0.013 1.075 + 0.011
Interfacial Area 0.61 +0.01 0.74 +0.03
Interfacial Area (Corrected for different packing used) 0.74 +0.01 0.74 +0.03

Table 6. Operating Conditions for the November 2013 and October 2011 Pilot Campaigns.

Campaign November 2013 October 2011
Solvent Concentration (m) 3.6-3.75 7.2-79
Gas Rate (actual m%min) 9.9 9.9-19
Liquid Rate (m%/hr) 2.7 2.7-3.9

Absorber Packing
[Type/Sp. Area (m?m?®)/Angle]

Intercooling Yes/No Yes
Number of Runs 4 11

Hybrid/250/Y Structured/350/Z

4, Conclusions

The 2013 SRP pilot plant campaign demonstrated 75 and 90% CO, removal with 3.7 m PZ and reliable operation
with the modified single-stage flash with cold rich bypass. The gas rate was 9.9 m*/min and the liquid to gas (L/G)
ratio was 3.7—4.0 (mass/mass). Some issues with the reliable operation the LV1 aerosol generator were identified. A
Phase Doppler Interferometer (PDI) analyzer from Artium Technologies, Inc. was used to measure PZ aerosol droplet
sizes and distributions at the absorber gas outlet. An FTIR system with new upgraded heated probes was used to make
measurements of total PZ concentrations. Measurements by the PDI, FTIR, and manual stack sampling LVI all
showed that PZ aerosols were formed when the LVI was operating properly. The results showed that PDI was able
to measure aerosol droplets down to 0.5 microns, which was the limit of the demonstration unit that was used. A third
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generation PDI instrument with a 0.1 micron resolution limit will be developed and tested in a future pilot plant
campaign.
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Abstract

Membrane Technology and Research, Inc. has proposed a hybrid system combining amine scrubbing with membrane
technology to reduce energy cost. Previous studies of CO, absorption mainly focused on coal-fired flue gas with 12%
CO,. However, in the hybrid process, the CO; in the flue gas can be enriched to 20%. Natural gas turbines will have
flue gas with as little as 3% CO,. Based on the arrangement, the hybrid amine/membrane system provides a gas to
the system that has double the CO- concentration of normal flue gas, reduces the volume of gas sent to the capture
unit, or reduces the removal requirements for the capture unit.

The objective of this work is to minimize the total energy use of stripping concentrated piperazine (PZ) at rich loading
when treating flue gas from 3 to 20% inlet CO,. The base-case stripping configuration is the advanced flash stripper
with warm rich bypass and cold rich exchanger bypass. . This configuration includes two split cross-exchangers in
series, a convective steam heater, a smaller stripper column, a low residence time flash tank, and stripping at high
temperature to produce CO; at 5to 17 bar. Rich loading in 5 and 8 m PZ was varied from 0.37 to 0.43 mol COz/mol
N. For each rich loading, lean loading was optimized to minimize the total equivalent work. The “Independence”
model for PZ in Aspen Plus® was used to simulate the stripping performance.

Because 5 m PZ has a lower viscosity than 8 m PZ, it can achieve a reduced approach temperature in the cross
exchanger. The total energy performance for 5 m PZ is practically the same as 8 m PZ, even though the capacity of
5 m PZ is lower. Significantly more energy is required to regenerate solvents with lower rich loading. As CO; rich
loading increases, the equivalent work requirement decreases for the same loading difference between rich and lean.

Stripping data for 24 cases, including heat duty, equivalent work, CO- output pressure, and optimal cold and warm
rich bypass were used to build a correlation with CO, rich and lean loading. The Second Law efficiency based on the
ratio of stripping minimum work and total ideal work was introduced to make the most of stripping work. The Second
Law efficiency has a maximum value at a specific CO; loading.

© 2013 The Authors. Published by Elsevier Ltd.
Selection and peer-review under responsibility of GHGT.
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1. Introduction

A hybrid amine/membrane CO; capture model is being developed by combining a CO, membrane separator with the
absorber/stripper [1]. The membrane separator has been developed by Membrane Technology and Research, Inc.
(MTR). The absorbing and stripping performance is simulated using the Independence model for PZ in Aspen Plus
[2,3]°.

Due to the outstanding energy properties of aqueous PZ, including high CO, capacity, high thermal stability,
moderately high viscosity, oxidative degradation resistance, and low volatility in CO»-loaded solutions, it is a superior
solvent for CO; capture by amine scrubbing. 5 m PZ solves the precipitation problem that the more viscous 8 m PZ
causes in the solvent loop.

This work focuses on simulating the energy performance of CO; rich loading of 0.37, 0.40, and 0.43 mol/equiv PZ
with 5 m PZ. Output CO; pressure, heat duty, compression work, pump work, and cold/warm rich bypass are recorded
and calculated. For each CO; rich loading, there is an optimal lean loading which requires the minimum equivalent
work for CO2 scrubbing.

If most of the gas were sent to the membrane unit, a large area of membrane would be needed to achieve efficient
removal of the CO; into the air stream. This would be expensive, but would have the benefit that the concentration
of CO; in the flue gas would increase to around 25%.

a) A series arrangement of separation steps . b) A parallel arrangement of separation steps
) 9 P P Nitrogen ?? Nitrogen _
purge purge >>
99.5% CO. 44
1% CO 2 9 -
99.5% CO, M ' 1% CO,
T 1% CO.
10% CO, Absorber/ it
aitria.rr:; 25% CO, | Absorber/ e 1% CO, |
stripper Steam
turbine 25% CO, T
Air
é 12% CO, Selective Selective
18% O, membrane 12% CO, membrane
/ recycle 18% O, recycle
)
Coal > MTR Coal [ MTR

Fig. 1. Two configurations of hybrid amine/membrane CO, capture model: (a) a series arrangement of separation steps; (b) a parallel arrangement
of separation steps [4].

There are two possible combination configurations of an absorption/stripper and a selective membrane recycle unit.
Figure 1 (a) shows the series design. The stripper column does not have to regenerate very lean absorbent, and so
needs less reboiler energy and the pressure of the column increases, which reduces the compression work. Figure 1
(b) shows the parallel arrangement, in which the CO; separation step treats about half of the total gas stream. The gas
treated by the absorber is less in volume and has a higher loading difference, so the absorber and direct contact cooler
can be much smaller. Reboiler duty will also decrease.

The advanced flash stripper with cold rich bypass and warm rich bypass offers better energy performance than the
simple stripper [5]. A part of the CO; rich solvent goes through the upper cross exchanger to recover the stripping
steam heat loss, as shown in Figure 2. The warm rich bypass split from the rich solvent between two cross exchangers
mixes with the cold rich bypass, and then feeds into the flash stripper. The regenerated solvent coming down from
the two strippers flows back across the two exchangers and serves as CO; lean solvent [6].

Aqueous PZ is a superior solvent for CO, capture by amine scrubbing. 8 m PZ was widely used in previous work,
but with high CO, concentration flue gas protonated piperazine carbamate may precipitate in the rich end of the
absorber column. 5 m PZ avoids this problem by dilution below the solid solubility. In addition, 5 m PZ has
significantly lower viscosity than 8 m PZ, resulting ina greater heat transfer coefficient, reducing the capital cost of
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the cross exchanger [7,8].
Compressor Condenser Ttll:/lg‘)l‘)c:;(l)]"gcer

C} & =)

Water

150 bar

Reflux

v =
>
Cold Rich Bypass Warm Rich Bypass
Rich SolvenT Hot CrossX Steam Heater
46°C Warm CrossX (flashing)

49——

7 3

150 °C
Main Exchanger

Lean Solvent LMTD=5°C

10°c
Fig. 2. Stripping configuration using 5 m PZ

2. Methods
2.1 Hybrid amine/membrane

The amine regeneration system for the hybrid amine/membrane process was simulated by the Independence model in
Aspen Plus®. Figure 2 shows the advanced flash stripper configuration used. All of these cases are simulated using
5 m PZ stripping at 150 °C, main exchanger LMTD =5 °C, top exchanger LMTD = 20 °C, lean solvent output at 40
°C, and 150 bar CO; product.

When CO- rich loading and lean loading of the advanced flash stripper are given, the overall equivalent work will
vary with the cold rich bypass and warm rich bypass. There is an optimal point where the equivalent work is
minimized. The corresponding cold rich bypass and warm rich bypass is the optimal bypass for this specific CO; rich
and lean loading. In order to distinguish this from the bypass at the optimal lean loading for each CO; rich loading,
the former is described as “bypass” and the latter “optimal bypass”.

Regression analysis in Excel is used to build the correlations of heat duty, equivalent work, CO; output pressure,
optimal cold and warm rich bypass, and CO; rich and lean loading.

2.2 Equivalent work calculation

Equivalent work replaces heat duty as a more general metric of energy use than heat duty alone. It is defined as the
sum of pump work, compression work, and heat work, as Equation 1 shows.

W,q (kI/mol €O, )= Wiy + Wy + W, @)

pump comp

Heating work can be generated from the heat duty of the reboiler using Equation 2. A typical value of 90% is used
for the turbine efficiency (1) and Tsink is taken as 313K.

+AT -T,

T
Wheat (kJ/m0| CcoO, ) — 77( source —

TSOU rce

sk )Q reb (2)
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Compression work can be approximated by Equation 3, which is typically assumed to be at a discharge pressure of
150 bar [9].

4.572 In(@) —4.096--- P,, <4.56bar

Weonp (KI/MOICO, ) = in 3)

4.023In(1:>—0) —2.181---P,, > 4.56bar

in

2.3 Minimum work

Minimum work is the total reversible work required considering the stripping process as a Carnot cycle. Minimum
work can also can be estimated as W,;,, (kJ/mol CO,) = AG =AH —TAS.

In a real process, part of the work produced is consumed by irreversible operations, such as the cross exchanger,
condenser, reboiler, and pump. The Second Law efficiency, which is the ratio of minimum work to total ideal work,
is chosen to reflect the utilization of energy. To estimate total ideal work the heat work, Whea, is replaced by ideal
heat work, Wheat,ideal, Setting the turbine efficiency in Equation 2 to 1.0.

3. Results and Discussion

3.1 Energy performance of the stripper

Table 1 shows the energy performance of the stripper using 5 m PZ at different CO- loadings. The energy consumption
with high COz rich loading is lower than that with low CO rich loading.

For each rich loading, total energy performance changes with lean loading. At rich loading of 0.37 mol COz/mol PZ
and lean loading of 0.23 mol CO2/mol PZ, rich loading of 0.40 mol CO2/mol PZ and lean loading of 0.26 mol CO2/mol
PZ, and rich loading of 0.43 mol CO2/mol PZ and lean loading of 0.29 mol CO,/mol PZ, the total equivalent work is
the minimum for each rich loading. At these three minimum points, the loading difference between rich solvent and
lean solvent are all 0.14 (Figure 3).

Table 1. Energy performance of stripper using 5 m PZ with stripping at 150 °C, main exchanger LMTD =5 °C, top exchanger LMTD = 20 °C.

Rich loading Lean loading Total Heat duty Stripping  Coldrich  Warmrich Second law
(mol CO2/mole  (mol CO2/mole  equivalentwork  (kJ/mole pressure bypass bypass efficiency
PZ) PZz) (kd/mole CO,) COy) (kPa) (%) (%) (%)

0.37 0.15 383 109.1 494 16 58 67.6

0.37 0.17 37.3 105.6 514 14 51 67.8

0.37 0.19 36.8 103.8 540 11 46 67.2

0.37 0.21 36.4 102.9 571 10 40 66.4

0.37 0.23 36.2 102.7 613 8 34 65.1

0.37 0.25 36.4 103.9 667 6 24 63.3

0.37 0.27 36.9 106.2 738 5 18 60.8

0.37 0.31 41.2 121.7 960 3 10 51.4

04 0.18 34.9 96.1 527 12 46 69.2

04 0.2 34.4 94.4 556 10 41 68.7

04 0.22 34.0 93.4 593 8 34 67.7

04 0.24 337 93.2 639 7 28 66.4

0.4 0.26 335 93.2 701 6 21 65.1

04 0.28 337 94.7 784 5 15 62.9

04 0.3 34.3 97.4 894 4 10 60.0
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0.34 39.0 112.9 1243 2 3 49.6
0.21 321 85.7 573 8 34 69.7
0.23 317 84.6 613 7 29 68.9
0.25 31.2 83.7 668 6 22 68.0
0.27 30.9 83.5 739 5 18 66.6
0.29 30.7 83.7 834 4 14 65.0
0.31 30.9 85.0 959 3 12 62.7
0.33 315 87.8 1133 2 59.4
0.37 374 105.1 1683 1 4 46.7

As lean loading increases, CO; output pressure increases significantly and pump work increases with it (Figure 4). At
the same time, the compression work required to compress CO; to 150 bar decreases. As the loading difference
between rich and lean solvent decreases, the CO, capacity decreases and heat requirement increases. Also, as CO;
partial pressure increases, the selectivity of CO, over water increases, which reduces the work requirement from steam

stripping.

Due to these overall effects, an optimal point exists where the required work is minimized as a function of lean loading.
This point is defined as the optimal CO; lean loading. The equivalent work of rich loading of 0.37 mol CO/mol PZ
has a minimum value at CO> lean loading 0.23 mol/equivalent PZ. The equivalent work of rich loading of 0.40 mol
COz/mol PZ has a minimum value at CO; lean loading 0.26 mol/equivalent PZ. The equivalent work of rich loading
of 0.43 mol COz/mol PZ has a minimum value at CO; lean loading 0.29 mol/equivalent PZ.

equivalent work (kJ/mole CO,)

43
41

39

35 RLDG 0.40 S —

33

RLDG 0.43
31

29
0.06 0.1 0.14 0.18 0.22

CO, loading difference (mol CO,/mol equivalent PZ)

Fig. 3. Total equivalent work of the advanced flash stripper with 5 m PZ at different rich loadings. At a loading difference of 0.14 mol CO,/mol

PZ, the three different rich loadings have the minimum values of equivalent work.
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50

45

work (kJ/mole CO,)

0.18 0.2 0.22 0.24 0.26 0.28 0.3 0.34
CO, lean loading (mol CO,/mol equivalent PZ)

Fig. 4. Total equivalent work and its elements for CO; rich loading 0.4 mole/equivalent PZ (Optimal lean loading: 0.26 CO, mole/equivalent PZ).
3.2 Regression analysis over a wider range of rich loading
Total equivalent work, heat duty, stripping pressure, warm rich bypass and cold rich bypass for each case in Table 1

were regressed in Excel as a function of CO; rich loading and lean loading. Comparisons between simulation results
and predicted values by regression are shown in Figures 5-9.

124
o

114
o RLDG 0.37
(@]
@ 104 ¥
g RLDG 0.40 <
=
2 g4 A
> RLDG 0.43
>
o
s 84
=

74

0.15 0.2 0.25 0.3 0.35

CO, lean loading (mol CO,/mol equivalent PZ)

Fig. 5. Heat duty and its predicted value at different rich and lean loadings. Lines predicted by Eq 4.
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Heat duty of the reboiler is composed of sensible heat requirement, latent heat requirement, and stripping steam heat
requirement [2]. Heat work accounts for about 70% of the total equivalent work. Figure 5 shows the comparison of
heat duty for variable CO; rich loading. Heat duty also has its minimum value at a CO; loading difference of 0.14

mol COz/mol PZ. The sensible heat requirement dominates at high lean loading (low capacity). The stripping steam
requirement dominates at low lean loading.

The expression of heat duty (Figure 5) by regression is:
Q =119.1+342.2L.LDG+1891.5LLDG? + 497.7RLDG? — 3098.8RLDG * LLDG 4)

RLDG represents rich loading and LLDG represents lean loading.

Figure 3 and Figure 6 compare the total equivalent work for variable CO; rich loading. As CO; rich loading increases,
the equivalent work requirement decreases for the same loading difference between rich and lean. Since CO; capacity
becomes dominant at high lean loading, total equivalent work for all these rich loadings changes rapidly at high lean
loading values and becomes flat at the low lean loading end.

The expression of total equivalent work (Figure 6) by regression is:

W,q =39.4+101.0LLDG+583.2LLDG’ +177.8RLDG’ —961.9RLDG*LLDG (5)
42
Q
O
< 38 RLDG 0.37
E
2 A RLDG 0.40
X 34 A
o
= RLDG 0.43
k5
2 0
>
5
26
0.15 0.2 0.25 0.3 0.35

CO, lean loading (mol CO,/mol equivalent PZ)

Fig. 6. Equivalent work and its predicted value at different rich and lean loadings. Lines predicted by Eq 5.
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Fig. 7. Stripping pressure and its predicted value at 0.37 to 0.40 rich loading. Bottom T = 150 °C. Lines predicted by Eq 6.

Thermodynamically, the stripping pressure at 150 °C (Figure 7) depends only on the lean loading and is given
empirically by:

INP =6.6-5.9LLDG+ 21.7LLDG? (6)
16
O RLDG 0.37
€ 1
§ % RLDG 0.40
o] N
é 8 AN A
- DA RLDG 0.43
o =
o 4 {\Q%\
A
0
0.15 0.2 0.25 0.3 0.35

CO, lean loading (mol CO,/mol equivalent PZ)

Fig. 8. Cold rich bypass. Lines predicted by Eq 7.

The optimal cold rich bypass (Figure 8) is not a function of rich loading and is given by:

CRBP =0.38-1.91LLDG + 2.44LLDG? (7)
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As CO; lean loading increases, cold rich bypass plays a less important role in the advanced flash stripper, because for
high CO; lean loading, less water is heated to the vapor phase, and so less steam stripping heat needs to be recovered

by cold rich bypass. The cold rich bypass can be removed from the advanced flash stripper design when stripping
very high CO; lean loading.

60<>

48 RLDG 0.37
S
2 36
3]
2 <O RLDG 0.40
o
S
= 24
E RLDG 0.43
S S '
12 N\
0
0.15 0.2 0.25 0.3 0.35

CO, lean loading (mol CO,/mol equivalent PZ)

Fig. 9. Optimum warm rich bypass in the advanced flash stripper with 5 m PZ. Lines predicted by Eq 8.
As Figure 9 shows, the expression of the optimal cold rich bypass is:

WRBP =2.43-9.56LLDG +4.98LLDG? — 3.00RLDG? +1.09RLDG * LLDG 8)

Warm rich bypass depends in large part on CO; lean loading, and changes in the same way that cold rich bypass does.
It also depends on CO; rich loading. Warm rich bypass at low CO- rich loading decreases more rapidly with CO- lean
loading than that at high CO- rich loading. At low CO; lean loading, low CO; rich loading has a greater warm rich
bypass. All the lines decrease and cross at the same point, CO; lean loading 0.27 mol/equivalent PZ. At the high CO-
lean loading side, warm rich bypass of high CO- rich loading becomes higher than that of low CO; rich loading, but
they all tend to zero. Combined with the profile of cold rich bypass, both warm rich bypass and cold rich bypass play
less important roles in recovering energy at high CO- lean loading. In other words, at high CO; lean loading, the
simple stripper is more economical than the advanced stripper because of the cross exchanger capital cost.

Similarly, optimal lean loading at each CO; rich loading and its corresponding stripping pressure, heat duty, total
equivalent work, optimal cold rich bypass, and warm rich bypass are regressed as functions of rich loading:

OPTLLDG=RLDG-0.14 9)
OPTQ = 223.95—337.07RLDG + 25.30RLDG? (10)
OPTW,, =62.88—-54.93RLDG —46.13RLDG? (12)
OPT InP =8.03—12.51RLDG +22.04LLDG? (12)
OPTCRBP =0.33-0.67RLDG (13)

OPTWRBP = 6.88 —30.00RLDG + 33.33RLDG? (14)
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3.3 The Second Law efficiency
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CO, loading difference (mol CO,/mol equivalent PZ)

Fig. 10. Second law efficiency of the advanced flash stripper with 5 m PZ. Marks calculated by Wiin /Wigtaijigear. Lines predicte by Eq 15.
Figure 10 shows the effective utilization of stripping energy represented by the Second Law efficiency. CO; loading
difference is calculated by CO; rich loading minus CO; lean loading. The values of the Second Law efficiency are
shown in Table 1. The regressed expression for the Second Law efficiency is:

EFF =0.76—1.27LLDG—9.58LLDG? — 2.84RLDG? +12.74RLDG * LLDG (15)

RLDG 0.43

pump work (kJ/mole CO,)

RLDG 0.37

0.06 0.1 0.14 0.18 0.22
CO, loading difference (mol CO,/mol equivalent PZ)

Fig. 11. Pump work at variable CO; rich loading changing

The curves on figure 10 at different rich loading cross at a CO- loading difference, 0.14 mole CO2/mol equivalent PZ,
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which is the same as that giving the optimum equivalent work. The variation of efficiency with lean loading may

result in part from the contribution of rich pump work as shown in Figure 11. The role of the bypass flows may also
change with rich loading and delta loading as shown in Figure 12.

60 60
RLDG 0.37 WRBP.
50 50
@ 40 40 @
o
> s
= o]
<
2 30 3 S
2 =
o ©
20 RLDG 0.37CRBP | 20 =
70 CRBP
0= 0
0.06 0.1 0.14 0.18 0.22

CO, loading difference (mol CO,/mol equivalent PZ)

Fig. 12. Cold and warm rich bypass for different CO, rich loading changing with CO; loading difference. The upper three lines are warm rich
bypass presented on the right Y axis in %. The lower three lines are cold rich bypass presented on the left Y axis in %.

Due to the combined effect of pump irreversibility and cross exchanger irreversibility, there is a maximum efficiency
with 0.37 mol/equivalent PZ CO; rich loading at 0.2 mol/equivalent PZ CO; loading difference, as Figure 10 shows.
Since bypass has less impact at high CO; rich loading, the efficiencies of the other two CO; rich loadings are still
increasing at 0.22 mol/equivalent PZ CO; loading difference, but tend to flatten out. They may have maximum
efficiency at higher CO; loading difference, where more energy recovery is required. If 5 m packing of the stripper
is used instead of the current 2 m, the Second Law efficiency will be higher at the high loading difference area.

4. Conclusions

e As the COxz rich loading varies from 0.37 to 0.43, the optimum lean loading occurs at a loading difference of 0.14
mol/equivalent PZ CO; loading.

e The minimum total equivalent work decreases from 36.2 kJ/mol CO; to 30.7 kJ/mol CO; as the rich loading
increases from 0.37 to 0.43.

e Heat duty, total equivalent work, stripping pressure, and bypasses are correlated as function of CO; rich loading
and lean loading.

Q =119.1+342.2LLDG +1891.5LLDG? + 497.7RLDG? — 3098.8RLDG * LLDG
Weq =39.4+101.0LLDG +583.2LLDG* +177.8RLDG* - 961.9RLDG * LLDG
INP =6.6—5.9LLDG +21.7LLDG?
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CRBP =0.38—1.91LLDG + 2.44L LDG?
WRBP = 2.43—9.56LL DG+ 4.98LLDG? —3.00RLDG? +1.09RLDG* LLDG

e The Second Law efficiency of the advanced flash stripper varies from 45 to 70% as the delta loading varies from
0.06 to 0.22. At the optimum delta loading of 0.14 the efficiency is 65%.
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Abstract

Aqueous piperazine (PZ) blended with N-(2-aminoethyl) piperazine (AEP) is an attractive solvent for CO2 capture from coal-fired
power plants. A rigorous thermodynamic model was developed in Aspen Plus® to predict properties of PZ/AEP/H20/CO>, using
the electrolyte-Nonrandom Two-Liquid (eNRTL) activity coefficient model. A sequential regression was performed to represent
CO: solubility, speciation, and amine volatility data over operationally significant loading and temperature ranges. The model
predicts a CO: cyclic capacity of 0.86 mol/kg (PZ + AEP + water) for 5 m PZ/2 m AEP, compared to 0.50 mol/kg for 7 m MEA
and 0.86 mol/kg for 8 m PZ. The predicted heat of absorption is 75 to 85 kJ/mol CO:z in the operating loading range (0.288-0.380
mol CO2/mol alkalinity). Speciation for PZ/AEP/H20 at various CO2 loading and temperature was also predicted, from which
behavior of CO: in the amine system was proposed.

© 2013 The Authors. Published by Elsevier Ltd.
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1. Introduction

Amine scrubbing has shown the most promise for effective capture of CO, from coal-fired flue gas [1]. However,
with traditional amine solvents such as monoethanolamine (MEA), the energy penalty for solvent regeneration and
CO, compression is prohibitive. Concentrated piperazine (PZ) has been proposed as a better solvent for CO, capture
from coal-fired flue gas, with a 10% energy benefit compared to MEA [2,3]. The application of concentrated PZ is
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limited by its low solubility in water at low temperature and lean CO- loading [3]. Blending less concentrated PZ with
its structural analog N-(2-aminoethyl) piperazine (AEP) remediates the precipitation issue while conserving the most
desirable characteristics of concentrated PZ [4].

To predict the overall performance of this amine blend, it is necessary to develop a rigorous thermodynamic model
which can accurately predict the thermodynamic properties, specifically vapor-liquid equilibrium (VLE), calorimetric
properties, and chemical reaction equilibrium.

The thermodynamic properties of a variety of aqueous amine solutions for CO; absorption have been successfully
modeled with the electrolyte-Nonrandom Two-Liquid (eNRTL) model as a thermodynamic framework. Austgen [5]
used the eNRTL model developed by Chen and coworkers [6] to model the VLE of carbon dioxide over aqueous N-
methyl-diethanolamine (MDEA), monoethanolamine (MEA), diethanolamine (DEA), and Diglycolamine® (DGA®).
Posey [7] improved the Austgen models by studying the activity coefficient of the amines at infinite dilution. An
activity-based PZ-H,0-CO, model was developed by Hilliard [8] in Aspen Plus®. Frailie [9] extended Hilliard’s
model to represent various thermodynamic properties of more concentrated PZ solutions and identified this model as
the Independence model.

In this work, a thermodynamic model for PZ-AEP-H,0-CO, system was developed in Aspen Plus® based on the
Independence model [9]. Unavailable model parameters were obtained by regressing experimental data, or by
reference to the Independence model results for PZ. Amine volatility and CO; solubility data were used in regression.
NMR measurements were used to validate the model prediction of aqueous speciation distribution. Heat of absorption
for this solvent was predicted at operating conditions.

2. Thermodynamic framework

The thermodynamic model built for PZ-AEP-H,O-CO; in this work is based on the model for PZ-H,O-CO;
(“Independence” model) developed by Frailie [9] in Aspen Plus®. Therefore, the basic thermodynamic framework is
identical to the Independence model: using the eNRTL model for liquid phase behavior and the Soave-Redlich-Kwong
(SRK) equation for gas phase behavior.

2.1. Aqueous-Phase Chemical Equilibrium

AEP is a tri-amine with primary, secondary, and tertiary amine groups in its structure, leading to various protonated
and carbamate species. The third pKa of AEP was reported to be below 4 at 25-50 <C [10], while the normal pH
value in COz-loaded amine solution at the rich loading is typically well above 8. Therefore, the amount of tri-
protonated AEP is extremely small in loaded solutions and it is excluded from consideration in this work. Both the
primary and secondary amino groups of AEP can connect with a carboxyl group, leading to two isomers of AEP
carbamate. Table 1 lists potential species in PZ-AEP-H,O-CO,. For simplicity, protonated species are not listed. To
differentiate the carbon nuclei with different electronic environments, they are numbered for different species present.

Table 1. Molecular structure of the compounds in CO,-loaded PZ-AEP aqueous solutions

Name Molecular Structure
1 2 4
— INHZ
AEP HN N
__/ 3
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Besides the aqueous-phase chemical equilibrium reactions set up in the Independence model for PZ-H,0-CO,, the
following reactions involving AEP species were used in this study.
AEP +H"* <> AEPH"*




234

4 Author name / Energy Procedia 00 (2013) 000-000

AEPH" +H" <> AEP(H"),

AEPCOO™ +H* «> H*AEPCOO"

‘OOCAEP +H" <> OOCAEPH*

H*AEPCOO™ +H* > (H"), AEPCOO"
‘OOCAEPH " +H* > (H"), AEPCOO"
AEP(COO"), +H" <> H*AEP(COO"),

AEP + HCO,” > AEPCOO" + H,0

AEP + HCO,” <> OOCAEP + H,0

AEPH" +HCO,” «> H*AEPCOO™ +H,0
AEPCOO™ +HCO; «> AEP(CO0"), + H,0
"OOCAEP +HCO,” > AEP(CO0"), +H,0
H*AEPCOO™ +HCO, «> H"AEP(COO"), + H,0
"OOCAEPH* + HCO, > H*AEP(CO0"), + H,0

AEP is an existing component in the Aspen Plus® databank. Other AEP-related species were added as new
components.  Following the treatment in the Independence model, AEP and zwitterions (H*AEPCOO™ and -
OOCAEPH™") were modeled as Henry’s components. Zwitterions were assigned an extremely low Henry’s constant
as they are expected to be non-volatile.

2.1.1. Reference state and unitS

In the Independence model, two different reference states are used depending on whether the species in
consideration is a solvent or solute and the same treatment is followed in this work. The symmetric convention is
applied for water as a solvent with the reference state as pure solvent at the system temperature and pressure:

v, >lasx, —1 (1)

The asymmetric convention was used for solutes (AEP, zwitterion, and ions) with the reference state as infinite
dilution in water at the temperature and pressure of the system:

y, —>lasx —0 2)
where vs is the symmetric activity coefficient of solvent and yi* the asymmetric activity coefficient of solutes.

2.1.2. Reaction equilibrium

The reaction equilibrium constant is expressed as follows:
Vi Vi
Kj=1:[a'i1 :H(Xﬂ/i)J (3)
where Kj is the equilibrium constant of reaction J on a mole fraction scale; &, is the activity of component i ; Vi
is the stoichiometric coefficient of component i in reaction j ; X; and y; are the mole fraction and the activity
coefficient of component I, respectively. The chemical equilibrium constant was determined from the Gibbs free
energy change of the reaction.

AG,(T)

—InKj:
RT

(4)
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where AG;(T) is the Gibbs free energy change for reaction ] at system temperature; AG;(T) is defined as the

difference between the Gibbs free energy of formation of the products and reactants at their reference state, G, (T),
weighted by their stoichiometric coefficients.

AGj(T):ZVijGi (T) ®)

For solvents (water in this work), the Gibbs free energy of formation in their reference state (pure solvent) was
calculated from that of ideal gas and the departure function:

G,(T)=G¥(T)+AG2™'(T) (6)

The ideal gas Gibbs free energy of formation of the solvent was calculated from the following equation:

(Astigzgals_Astigzgsls_i_ b Cég,s de

.
Gsi,g (T)=4A; H;?29815 + J.CLQ’SdT -Tx

29815

298.15 T

29815

()
where A H;?29815and A Gsif’zgam are ideal gas enthalpy of formation and ideal gas Gibbs free energy of formation
of solvent s at 298.15 K, respectively, and CES the ideal gas heat capacity of solvent s. The standard state

thermodynamic properties of water (A H %gq15, Ci,, and A Gl%gq,5) exist in the Aspen Plus® databank. The
Gibbs free energy departure function for water was obtained from the ASME steam table. For molecular solutes (COg,
AEP, and H*AEPCOO), the Gibbs free energy in their reference state (infinite dilution in aqueous phase), G.”*(T),

was calculated from Henry’s law:

G*(T)=G"(T)+RT In M) ([; P)

P r
(8)
where H is (T, P) is the Henry’s constant of molecular solute i in solvent s at system temperature T and pressure P;

P the reference pressure of 1 bar, and Giig (T) the ideal gas Gibbs free energy of formation of molecular solute i,
which is calculated in the same way as for the solvent:

(Aini,ngalS_AfGii,gzgsls+ T Co )

:
G*(T)=AH%ais + ICEidT —Tx

29815

PlaT
298.15 T

29815

©)
where A Hii’gzgalsand AfGiif’zgalSare ideal gas enthalpy of formation and ideal gas Gibbs free energy of formation
of molecular solute i at 298.15 K, respectively, and CLQJ is the ideal gas heat capacity of molecular solute i.

AH %15, A1Gg15, and C, of CO; and AEP exist in the Aspen Plus® databank. The difference of

A Hii’g29815 and AfGii?29815 between H*AEPCOO/"OOCAEPH" and the parent amine, AEP, were assumed to be

the same as the difference between H*PZCOO- and PZ in the Independence model. These estimated values were used
as initial guess in the regression of the data of CO- solubility in aqueous AEP solution, from which the final values of

these parameters of H*AEPCOO- and "OOCAEPH" were obtained. CLQJ of HYAEPCOO" and "OOCAEPH" were

estimated based on the ratio of their molecular weight to AEP. C;,gj of AEP, H'AEPCOO", and "OOCAEPH* were
fixed in future regressions.
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The Henry’s constant, H; ( (T, P) , was calculated from

1 P
| 0
His(T,P) = Hi (T P ep| [vizdp
P*,I
: (10)
where H is (T, P:" ) is the Henry’s constant of molecular solute i in solvent s at system temperature T and the solvent

vapor pressure; Ps™' (obtained from the Antoine model), andVifz the partial molar volume of molecular solute i at

infinite dilution in solvent s at T and P (calculated from the Brelvi-O'Connell model [11] by using their critical
properties). The Poynting pressure correction factor (the exponent term) accounts for the effect of pressure on Henry's

constant, and is almost unity and can be ignored at low pressures. Hi'S (T, P:') was calculated using the following
correlation in Aspen Plus®:
b.
InH,, =a,, + = +¢; xIn(T)+d,  xT
T (1)
The Henry's coefficients, ajs, bis, Cis, dis of CO2 in water are available in the Aspen Plus® databank, while the Henry's
coefficients of AEP in water were obtained from regression of aqueous AEP volatility data.
For ionic solutes, the Gibbs free energy of formation in their reference state (infinite dilution in aqueous phase) at

system temperature, G{”‘aq(T ), were calculated from the enthalpy of formation and Gibbs free energy of formation
in aqueous-phase infinite dilution at 298.15 K, and the heat capacity in agueous-phase infinite dilution.

T H o0,aq Gf)o'aq T Coo ,aq
Gioo,aq (T) _ Af Hio,oégg.ls n J’ C:’iada T x i,298.15 f i,298.15 n J‘ P, dT
298.15 298.15 298.15 T

1000

w

The term RT In(lOOO/MW) is added because A ; G{"q4,5 . as reported in the literature, is based on molality scale,
while G*(T) is based on mole fraction scale. The standard state thermodynamic properties, A HI 29815 1
A¢G 3515, and CZ*%, for AEP-related ionic species are not available in the Aspen Plus® databank. The

A H{5ea15and A G558, 0f AEPH* and AEP(H*), were calculated from the protonation reactions of AEPH* and
AEP(H*), measured by Pagano [10].
AGH = A G +AG=AGLH  -RTINK

AEPH™ 298.15 AEP,298.15 AEP,298.15 m,i (13)

AHZS = AHZM A H,

+
AEPH™,298.15 AEP,298.15 r 1 (14)

AGH8 =AG™M  +AG=A,GY, . RTIK,,

AEP(H™), 29815 AEPH™ 198.15 AEP,298.15

(15)
A HZS, =AHZM  +AH,

r 1
AEP(H* )2.298.15 AEPH*,298.15 (16)


mk:@MSITStore:C:/Program%20Files/AspenTech/AprSystem%20V7.3/GUI/XEQ/ref2.chm::/html/extendedantoine_wagner_ik_cape.htm
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where A, G- A, H. , and K . are Gibbs free energy change, enthalpy change, and molality scale protonation

constants of a certain reaction; A GfEingg sand A H AEP 208,15 are Gibbs free energy of formation and enthalpy of
formation of AEP in aqueous-phase infinite dilution at 298.15 K, which can be obtained from Henry’s law as follows:

H
A(Gpoais =A(G® +Rx298.15xIn % —RT In (1&()0) €p
0lInH
A H:Eiq29815_ AfHAEPZgSlS +R i
o@IT) 18)

The term RT In(1000/M , ) is subtracted because A G33a15in Aspen Plus® is based on molality scale, while

AfG_ig (as provided in the databank) is based on mole fraction scale. The conversion of equilibrium constants

from molality scale to mole fraction scale can be found in Hilliard [8]. A Gf;g% and A HI s0g15 Of other AEP-

related ions were initially estimated based on the assumption that the difference between AEP-related species is the
same as the difference between corresponding PZ-related species. For example, we assume:

o0,aq _ ,aq - ,aq _ o0,aq
A H AEPCOO™,298.15 A H AEP,298.15 A H PZCOO™,298.15 A H PZ,298.15
and
A ,aq _ 0,aq —_ A o0,aq _ oo,aq
f' AEP(C007),,298.15 — f " " AEPcoo™ 20815 f7 Tpz(cooy, 20815 T f " Tpzcoo~ 298.15

These values were used as an initial guess in the regression of the CO> solubility in aqueous AEP solution, from which

the final value of these parameters was obtained. C°° @90f AEP was assumed to be the same as C of AEP, and

ooaq

then Cf,aq of other AEP species was estimated based on the ratio of their molecular weight to AEP. C_™ of all

AEP species was fixed in future regressions.
2.2. Vapor-liquid phase equilibrium

Phase equilibrium governs the distribution of molecular species between the vapor and liquid phase. In the activity
coefficient approach, the basic vapor-liquid equilibrium relationship for solvent is represented by:

P
w;/ ySP = 7/SXS PS*]I e)<p i J.VS*‘IdP
RT .. (19)

where (o;/ is the vapor phase fugacity coefficient of solvent s, ¥, the symmetric activity coefficient of solvent s, Ps™!

the solvent vapor pressure at system temperature, and VS*’I the liquid pure component molar volume of solvent s

calculated from the Rackett model. For molecular solutes, Henry’s Law was used to determine vapor-liquid
equilibrium:

€0iVYiP=7/:<XiHi,s(T1Ps*'I)eXp jV“’dP
(20)

where 7/? is the symmetric activity coefficient of component i.
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2.3. Vapor phase behavior

Vapor phase behavior was modeled using the Redlich-Kwong-Soave (RKS) equation of state:
p= RT a
V-b V(V-b)
T and P represent the temperature and pressure of the vapor phase and R represents the gas constant. The attraction

between molecules and their size are represented in the equation by parameters a and b respectively, which are
calculated from critical properties.

(21)

2.4. System non-idealities

Vapor phase non-idealities (fugacity) are calculated using the SRK equation of state. Liquid phase non-idealities
(activity) are calculated using the eNRTL model [6]. The use of the eNRTL model in amine/acid gas systems has
been described previously by Posey [7] and Frailie [9]. The basic postulate of this model is that the excess Gibbs
energy of an aqueous electrolyte system can be written as the sum of three contributions: the NRTL term (related to
the local ion-molecule, ion-ion, and molecule-molecule interactions that exist in the immediate neighborhood of any
species), the PDH term (related to the long-range ion-ion interactions that exist beyond the immediate neighborhood
of a central ionic species) and the Born term (accounts for the excess Gibbs energy of transfer from infinite dilution
in the mixed solvent to infinite dilution in the aqueous phase).

97" = 9on it ggc()rn,i + gEXRTL,i (22)
Accordingly,
In 7i — In yiPDH + In j/iBorn + In]/iNRTL (23)

The adjustable parameters for the eNRTL model include the pure component dielectric constant coefficient, Born
radius of ionic species, and NRTL parameters for molecule-molecule, molecule-electrolyte, and electrolyte-electrolyte
pairs. The NRTL parameters are the nonrandomness factors and binary interaction parameters. Following the
treatment for PZ in the Independence model, dielectric constants of AEP are assumed to be the same as MEA, ionic
radii were assigned default values of 3 A; the nonrandomness factor was fixed at 0.3 for molecule-molecule pairs and
0.2 for molecule-electrolyte and electrolyte-electrolyte pairs, and binary interaction parameters for electrolyte-
electrolyte pairs were set to zero. Therefore, the only adjustable parameters of the eNRTL model in this work were
binary interaction parameters for molecule-molecule pairs and for electrolyte-molecule pairs, as expressed in the
following relationships as a function of temperature. Molecule-molecule binary interaction parameters:

B .
Tom = A +%+Cmm. In(T)+D,,, T (24)
Electrolyte-molecule (or molecule-electrolyte) binary interaction parameters:
FX
— Wy
Ty = Ex,y +T (25)
Tx,y = Tca,m Or Tm,ca (26)

Subscripts and indices of m, ¢, and a refer to molecules, cations, and anions, respectively. um, tcam, and zmca Can be
obtained from the regression of amine volatility data and CO; solubility data.

The parameters used in this model are summarized in Table 2. All model parameters not mentioned in Table 1 were
either from the Independence model or set to Aspen Plus® default values.

Table 2. Summary of model parameters
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Parameters Component Source Data for regression
AEP Aspen Plus® Databank —
A G a5 H*AEPCOO"/ _ VLE and NMR for AEP-H,0-
' Regression
‘OOCAEPH* CO;
AEP Aspen Plus® Databank —
AHS 015 H*AEPCOO _ VLE and NMR for AEP-H,0-
' Regression
OOCAEPH* CO;
AEP Aspen Plus® Databank —
Cy H*AEPCOO/ i
P.s Ratio to C:Dgs of AEP —
OOCAEPH* '
AEPH*/AEP(H"), Pagano [10] —_—
o0,aq
AGSea1s VLE and NMR for AEP-H,0-

Other AEP ions

Regression

CO,

0,aq
Af Hi,29815

AEPHAEP(H"),

Other AEP ions

Pagano [10]

Regression

VLE and NMR for AEP-H,0O-
CO;

C;}aq All AEP species Ratio to CES of AEP S
AEP/H,0 Regression Volatility of AEP
Henry’s constant H*AEPCOO/ H,0 Assumed same as H'PZCOO/
“O0CAEPH* / H,0 H,0 o
Dielectric constant AEP Assumed same as PZ —
AEP/H,0 Regression Volatility of AEP
AEP cation, PZ anion/ H,O
NRTL binary interaction PZ cation, AEP anion/ H,0
parameters AEP cation, AEP anion/ H'PZCOO™  Regression VLE for PZ-AEP- H,0-CO;

PZ cation, PZ anion/ H*'AEPCOO"
PZ cation, PZ anion/ "OOCAEPH*

3. Results and Discussion

3.1. Identification of *3C NMR spectra

Quantitative *3C NMR was used in this work to investigate the species distribution in AEP-H,0-CO, and PZ-AEP-
H,O-CO,, and validate the model prediction of speciation. Due to the rapid exchange rate of protons, a protonated/di-
protonated species and the unprotonated counterparts cannot be differentiated by the NMR spectroscopy used in this
study. Therefore the sum of these was quantified from the NMR spectra. Potential species in the PZ-AEP-H,0-CO;
system are listed in Table 1. The identification of NMR peaks in loaded 6 m AEP and 5 m PZ/2 m AEP is shown in
Figure 1. Due to the long distance between the primary and secondary amino groups in AEP, the addition of a carboxyl
group to a -NH> does not affect the chemical shift of the C on the other side. This led to the overlap of peaks from
different species as shown in Figure 1.
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Fig. 1. **C NMR spectra for 6 m AEP (a) and 5 m PZ/2 m AEP (b) at 25 < and CO; loading of 0.3
3.2. AEP-H;0

The amine vapor pressure of 0.7 m and 5 m AEP from 40-70 <C has been measured in a stirred reactor coupled
with a hot gas FTIR analyzer (Fourier Transform Infrared Spectroscopy, Temet Gasmet Dx-4000). The details of the
experimental apparatus, procedure, and analytical methods were described by Nguyen [12]. The volatility data were
regressed to determine Henry’s constant coefficients of AEP in water (Equation 11) and molecule-molecule binary
interaction parameters .., for the AEP/H,0 pair (Equation 24). The regression results are given in Table 3. All
parameters concerning AEP/H,O were held constant during subsequent regressions. After the regression, the model
predicts the volatility of AEP well (Figure 2). The volatility of AEP was found to be just 1% of the volatility of
aqueous PZ with similar alkalinity and no CO- loading, indicating a negligible amine loss owing to volatilization, but
a potential difficulty with thermal reclaiming.

Table 3. Regressed parameters and standard error for AEP/H,0 regression

Parameter Species Value (Sl units) Standard deviation
Tyum 11 H,O/AEP 3.3 0.19

Henry/1 AEP/H,0 36 15

Henry/2 AEP/H,0 -10780 507
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Fig. 2. AEP vapor pressure predicted by the model compared with experimental data, as well as data for 8 m PZ with no CO; loading [12]. Filled
points: Experimental data; Solid lines: Model prediction from this work.

3.3. AEP-H;0-CO>

The vapor-liquid equilibrium (VLE) of CO, for 6 m AEP has been measured with a wetted wall column at
temperatures up to 100 T [12]. These CO- solubility data were used for data regression. After the initial regression
of the VLE data the model did not predict the speciation. As Aspen Plus® is not configured to regress speciation data,
the free energy of formation of AEP carbamate species was manually adjusted to fit the NMR speciation data at 25 <C,
and then standard enthalpies of formation were regressed again to get a better prediction of CO solubility. This
process was repeated to get a reasonable prediction for both CO; solubility and speciation (Figures 3 and 4). From
the VLE prediction, the CO, cyclic capacity of this solvent is calculated as 0.71 mol/kg (AEP + water), using the
following equation.

(Qyigh — Aiean) *mol alkalinity  mol CO,

kg(amine+H,0) kg

rich

Capacity=

(@7)

where &, and «,;.;, are defined as the CO, loading with Pcoz+ 0f 0.5 and 5 kPa at 40 <C. The determined parameters
are given in Table 4.

As noted previously, the original species and their protonated/di-protonated species cannot be differentiated in the
NMR spectra, so they were quantified as a group in Figure 4. At CO; loading below 0.2 mol CO»/mol alkalinity,
AEPCOO/H*AEPCOOQO" is the dominant CO; sink, followed by "OOCAEP/-OOCAEPH®*. At CO; loading above 0.25
mol CO2/mol alkalinity, the fraction of CO; in the form of monocarbamate decreases with CO; loading, due to its
conversion to AEP dicarbamate and HCO3/CO3%. The fraction of AEP dicarbamate as a CO; sink increases with CO;



242

12 Author name / Energy Procedia 00 (2013) 000-000

loading and becomes dominant at CO; loading above 0.37 mol COx/mol alkalinity. Although the fraction of HCO3z
/CO3% as a CO; sink keeps increasing with loading, it is not a dominant one at loading below 0.4 mol COz/mol
alkalinity.

Figure 5 shows the detailed predicted speciation for 6 m AEP at 40 <C. Free AEP decreases rapidly with CO;
loading and is almost completely depleted at a = 0.3 mol/mol alkalinity. AEPH*, AEPCOQ", and "'OOCAEP are the
three major products in the lean loading range. As CO: loading increases to o = 0.35, the amount of AEP(H*),,
H*AEPCOO", "'OOCAEPH?*, and AEP(COQ), is more and more significant. At o above 0.35, AEP(H*); and
H*AEP(COO"); are the two dominant species, followed by HCOz. (H*).AEPCOO-, COs%, and free CO; are not
significant species in the solution across the entire CO; loading range.
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et e
W o
¥ F
S |9,
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5.E+2

5.E+1

Partial Pressure CO, (Pa)

0.05 0.1 0.15 0.2 0.25 0.3 0.35 04
Loading (mol CO,/mol Alkalinity)

Fi

g. 3. Experimental measurement (points) [13] and Aspen Plus® predictions (lines) for VLE of loaded 6 m AEP solution between 20 <C and
160 €
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Fig. 4. ¥C speciation for 6 m AEP-CO,-H,0 at 25 T
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Fig. 5. Predicted speciation distribution for 6 m AEP-CO,-H,0 at 40 T

Table 4. The adjusted parameters for 6 m AEP-CO,-H,0

Parameter Species Value (kJ/mol)
AEPCOOr -99.9
A¢G50a1s “OOCAEP 198.0
H*AEP(COO); -501.5
ig H*AEPCOO" -935
A1Gszsus “00CAEPH? 91.2
AEPCOO -523.9
A¢H 50815 “OOCAEP 515.8
H*AEP(COO), -963.4
ig H*AEPCOO- -550.5
Af Hs,29815 -OOCAEPH" 5401

3.4. PZIAEP/H,0/CO;
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The VLE of CO; for 5 m PZ/2 m AEP from 20-160 <C was regressed to determine NRTL binary interaction
parameters for molecule-electrolyte pairs, zcam, including AEP cation, PZ anion/H,0 pairs; PZ cation, AEP anion/H,0
pairs; AEP cation, AEP anion/H*PZCQO" pairs; PZ cation, PZ anion/H*AEPCOO" (Equation 25).

After regression, the VLE of CO2 in 5 m PZ/2 m AEP is predicted well by the model (Figure 6), especially at the
normal operating conditions of the absorber (40-60 <C and loading from 0.288-0.380). From the VLE prediction, the
CO;, cyclic capacity of this solvent is calculated as 0.86 mol/kg (PZ + AEP + water), compared to 0.50 mol/kg for 7
m MEA and 0.86 mol/kg for 8 m PZ. The higher CO, capacity leads to lower solvent flow rate for a specific CO,
removal requirement, and thus less sensible heat demand for stripping. The regressed parameters are summarized in
Table 5. The non-regressed or non-adjusted parameters used in this model are summarized in Table 6 (for non-
temperature-dependence parameters) and Table 7 (for temperature-dependence parameters).

NMR measurement for 5 m PZ/2 m AEP at 25 <C was used to validate the prediction of speciation by this model.
The prediction of the model is in good agreement with the experimental NMR measurements, except that the amount
of AEP dicarbamate is underpredicted (Figure 7). PZCOO/H*PZCOO" is the dominant CO; sink in the solution across
the entire CO2 loading range, followed by AEPCOO/H*AEPCOQO". The share of PZ dicarbamate as a CO; sink
increases with CO; loading and becomes significant at rich CO; loading. The share of OOCAEP/ OOCAEPH* and
AEP dicarbamate as a CO; sink is not significant across the loading range, and the share of HCO3/CO3% is negligible.

Figure 8 shows the detailed predicted speciation for 5 m PZ/2 m AEP at 40 <C. For simplicity, species with
concentration below 0.1 mol/L across the entire loading range are not shown (including AEPH*, AEPCOO-, OOCAEP,
AEP(COQ)2, H*AEP(COO),, and (H*);AEPCOQ"). Free PZ and AEP decreases drastically with CO; loading and
are almost completely depleted at o = 0.35 mol/mol alkalinity. PZH* and PZCOO" are the two major products in the
lean loading range and reach their maximum at o = 0.3 and o = 0.2 mol/mol alkalinity, respectively. As CO; loading
increases, the amount of H'PZCOO", H*AEPCOO", PZ(COOQ"), and AEP(H"), is more and more significant. HCO3
is not a significant species in the solution across the entire CO loading range.
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Fig. 6. Comparison of Aspen Plus® predictions (lines) and experimental data (points) for loaded 5 m PZ/2 m AEP between 20 <C and 160 €

Table 5: Regressed parameters and standard error

Parameter Species Value Standard error Default
(PZH*, AEPCOO) H,O -6.08 25 -4
(PZH*,;OOCAEP) H.0 -6.04 32 -4

Feam (PZH*,AEP(CO0OY);) H,0 -5.20 39 -4
(AEP(H"),,PZ(COO0O"),) H'PZCOO -7.01 9 -2

Table 6: Summary of non-adjusted and non-temperature-dependence parameters used in this model

Parameter Species Value (kJ/mol)
AEPH* 210.4
o,aq .
Ay Gi,29815 AEP(H"), 162.2
(H*),AEPCOO" -30.4
AEPH* -117.0
Oovaq +
Ay Hi,298.15 AEP(H"), -160.0
(H"AEPCOO -601.1

Table 7: Summary of non-adjusted and temperature-dependence parameters used in this model

Parameters
Comp.
a b c d
bi,s
Henry’s constants (bar): InH is =t ? +C s X |n(T) + di,s xT
-20 0 0 0
H*AEPCOO/H,0
-20 0 0 0
"OOCAEPH* /H,0
Ideal gas heat capacity(J/kmol-K): C,':,gi =a + bl xT + C XT2 + di s XT3
-54909 1289 -0.96 0.00029
H*AEPCOO
-54909 1289 -0.96 0.00029
"OOCAEPH"*
Aqueous Infinite Dilution Heat Capacity(J/kmol-K): C;O’iaq =a + bi xT + C ><T2 + di s /T
-40709 956 -0.71 0.00021
AEPH*
-40709 956 -0.71 0.00021
AEP(H"),
-54909 1289 -0.96 0.00029
AEPCOO
-54909 1289 -0.96 0.00029
‘OOCAEP
-68794 1615 -1.20 0.00036

AEP(CO0),
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Fig. 7. Speciation validation for 5 m PZ/2 m AEP
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Fig. 8. Predicted speciation distribution for 6 m AEP-CO,-H,0 at 40 T

3.5. Heat of absorption prediction

The predicted heat of absorption for 6 m AEP and 5 m PZ/2 m AEP is shown in Figures 9 and 10. At 40 <C the
heat of absorption of 6 m AEP is about 50-70 kJ/mol CO; in the operating loading range (0.255-0.325) and the heat
of absorption of 5 m PZ/2 m AEP is around 75-85 kJ/mol CO; in the operating loading range (0.288-0.380). The
decrease of heat of absorption with loading is due to the production of HCO3 at rich loading, which gives a low
enthalpy reaction between CO, and H,O. Heat of absorption predictions in Aspen Plus® can be calculated using the
calorimetric method and the Gibbs-Helmholtz equation. The use of these two methods to calculate heat of absorption
has been described previously by Frailie [9]. In this model, these two methods give slightly inconsistent results of
Hans-co2 at rich loading. The slight discrepancy of prediction is thought to be due to the inaccuracy of the calorimetric
method.
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calculations

Conclusions

A thermodynamic model was developed for PZ-AEP-H,O-CO. in the framework of the eNRTL model by
sequential data regression. The prediction for CO; solubility and speciation is in good agreement with the
experimental data. From the VLE prediction, the CO; cyclic capacity of 6 m AEP is 0.71 mol/kg (AEP + water) and
the CO; cyclic capacity of 5 m PZ/2 m AEP is 0.86 mol/kg (PZ + AEP + water).

Speciation prediction from the model shows that in AEP-H20-CO2, at lean loading, AEPCOO-/H+AEPCOO- is
the dominant CO sink, followed by “OOCAEP/OOCAEPH*. The share of AEP dicarbamate as a CO, sink increases
with CO; loading and becomes dominant at rich CO, loading. The share of HCO3/CO3%* as a CO; sink is not
significant at loading below 0.4 mol CO./mol alkalinity. For 6 m AEP, free AEP is depleted at o = 0.3 mol/mol
alkalinity. AEPH*, AEPCOO-, and "OOCAEP are the three major products in the lean loading range. As CO- loading
increases to o = 0.35, the amount of AEP(H*),, H'AEPCOO", ‘'OOCAEPH?, and AEP(COOQ"), is more and more
significant. At a above 0.35, AEP(H"), and H*AEP(COO"), are the two dominant species, followed by HCOs".
(H"2AEPCOO", COs?%, and free CO; are not significant species in the solution across the entire CO, loading range.

Heat of absorption for 6 m AEP and 5 m PZ/2 m AEP decreases with CO; loading, due to the production of HCO3
at rich loading. At 40 <C the heat of absorption of 6 m AEP is about 50-70 kJ/mol CO- at operation loading range
(0.255-0.325) and the heat of absorption of 5 m PZ/2 m AEP is around 75-85 kJ/mol CO; at operation loading range
(0.288-0.380).
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Abstract

Nitric oxide (NO) and nitrogen dioxide (NO2) were absorbed into aqueous amine to determine the
absorbing species, the absorption Kinetics, and the aqueous products at the ppm-level NOy concentrations
typical of flue gas from fossil fuel power plants. At flue gas conditions of 0.5-5 ppm of NO, absorption is
dominated by free radical absorption of NO- as nitrite. NO, absorption kinetics are first order in NO; partial
pressure, half order in free amine concentration, and fastest in methyldiethanolamine (MDEA). The
reaction-enhanced liquid mass transfer coefficient for NO, absorption in 8 m piperazine (PZ) at absorber
conditions is 9.7*107 mol/s-m?-Pa, yielding 92% NO, absorption at a typical A/G of 3.3*10° s-Pa-m?mol.
Similarly, a 9 m monoethanolamine (MEA) solvent will absorb roughly 70% of the inlet NO, whilea 7 m
MDEA/2 m PZ solvent will absorb over 99% of the NO». Nitrite and nitrate are the main NOx absorption
products in MDEA with nitrite dominating at low NO: partial pressures. In PZ, the amine free radical
formed during NO- absorption will react with NO to directly form n-nitrosopiperazine (MNPZ) or react
with itself to form 2-piperazinol (2-PZOH). Typical nitrosamine yields in 5 m PZ are around 15% of total
absorbed NOy and can be halved with the addition of 200 mM Inhibitor A, a free radical scavenger. Nitrate
and nitramine are minor products of NOy absorption, accounting for less than 5% of total absorbed NOy.
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1. Introduction
1.1 Nitrosamine accumulation in amine scrubbing

Amine scrubbing is an efficient and proven method for carbon capture, but as a chemical process, it
has the potential to form toxic byproducts such as nitrosamines [1,2]. Figure 1 gives a proposed sequence
of processes that determine nitrosamine accumulation in amine scrubbing. Flue gas containing nitrogen
oxides (NOx) enters a polishing scrubber where a fraction (A) of the NOy can be removed via reaction with
sulfite or tertiary amine [3-5]. The remaining NOx then enters the absorber where a portion of the nitrogen
dioxide (NO2) can absorb into the amine solution as nitrite (). The NO can also absorb into solution via
reaction with the amine radical to directly form the nitrosamine (y) [6,7]. The rest of the NOy will vent from
the absorber along with the scrubbed flue gas. Amine oxidation is another source of nitrite in amine solvents
that are not oxidatively stable such as monoethanolamine (MEA) [8,9]. Nitrite from NOy absorption and
amine oxidation will then travel to the stripper where it can nitrosate a secondary amine with a yield of .
The yield is determined by the concentration of secondary amines in the solvent and their relative
nitrosation rates compared to the principal amine [10,11]. After nitrosation, the nitrosamine will thermally
decompose in the stripper sump according to a pseudo-first-order nitrosamine decomposition rate constant
(ksr) [12,13]. Nitrosamine sources from NOy absorption and amine oxidation will balance out with
nitrosamine thermal decomposition to yield a steady-state nitrosamine concentration (Equation 1). This
work focuses on NOy absorption into aqueous amines, which is important for NOx removal in the polishing
scrubber (A) and NOy absorption in the absorber (B and ).

BNO, + Am - NO; + Am -
yNO + Am-— NNO

Am + 0, k—>N02_ 6NO; + Am —» NNO
et | Polishing | (1 - @)yvo.r Absorber Stripper
—>| Scrubber f—m——>
—
. J . J § J
v A 4 A 4
A-pg-yv)A- a)yNoxFL NNO — Product
AYNOLFL kstr

Figure 1: Nitrosamine Accumulation in Amine Scrubbing

G
(1= Ayno, 7 (6B +v) + 8koxTror 1)
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1.2 NOy absorption into aqueous solutions

NOy absorption at high concentrations has been heavily studied for the manufacturing of nitric acid [14].
With NOy concentrations at approximately 10% by volume, NOy absorption is dominated by the molecular
absorption of dinitrogen trioxide (N20Os), and dinitrogen tetraoxide (N20.). Absorption of N2O4 is pH
independent above a pH of 5 since the pK, of HNOs is low enough that it is completely dissociated in
solution. However, the absorption of N>O3 depends on basicity due to the speciation of HNO; in the
boundary layer. The fastest absorption rates are above a pH of 7 where HNO is also completely dissociated
in the boundary layer [15]. The equilibria for N2O3 and N2O, are both second order in NOx. Thus as NOy
concentration decreases, N2O3; and N>O4 comprise a decreasing proportion of the total NOy. Even after
accounting for the greater solubility of N,O3z and N2O4, only 0.2% of total absorbed NOy at the gas-liquid
interface exists as N2O3 or N2O4 at flue gas conditions compared to 66% during nitric acid manufacturing
(Table 1).

Table 1: NOy speciation under nitric acid manufacturing and flue gas conditions T =25 °C, P = 1 Bar
Equilibria and Henry’s coefficients from Patwardhan et al. [15]

Species Henry’s Concentration in equilibrium with Concentration in equilibrium with
constant (M/Pa) 10% NOy, 0.5% NO; (M) 100 ppm NOy, 5 ppm NO; (M)
NO 1.84E-08 1.7E-04 3.6E-08
NO: 1.18E-07 2.9E-05 1.7E-07
N203 5.92E-06 1.5E-04 1.5E-10
N204 1.38E-05 2.3E-04 2.3E-10

Due to the low concentration of N,O3z and N.Oa, research for NOy absorption at flue gas conditions has
focused on the free radical absorption of NO,. Sulfite, bisulfite, and sulfide all absorb NO- directly, greatly
enhancing absorption at low NOy levels [3,5]. Amines also enhance NOy absorption with tertiary amines
offering the highest absorption rates [4]. Nitrosamines have been shown to form during NOx absorption
into amine solutions at alkaline conditions [7,16-18]. At high NOx concentrations, this can be attributed to
the absorption of N2O3; and N2QO, two strong nitrosating agents [19]. However, Challis et al. theorize that
at low NOx concentrations and low amine concentrations, nitrosation is more likely to occur through free
radical absorption of NO; followed by amine radical reaction of NO (Figure 2).

RoNNO
RNH + NO, —>HNO, + RN* o
R,NNO,

Figure 2: Series reaction to form nitrosamine [7]

2. Experimental Methods
2.1 Wetted Wall Column Apparatus

The mass transfer of NO; into amine solutions was measured using the wetted wall column (WWC)
previously described by Dugas [20]. Briefly, a hydrated gas containing NO, contacts an amine solution
over a known surface area. NO; concentration at the inlet and outlet of the wetted wall column are measured
using a hot-gas FTIR [9]. The reaction enhanced liquid mass transfer coefficient (Kg”) can then be
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determined using the rate-based equation for NO, flux with a log mean partial pressure driving force
(Equations 2-4).

_ Gwwe * (}’No2 in — YNo, out)

Nyo, = Ky * Pyo, tm = A 2
_ PN02 in PN02 out
Fvow i = = ®3)
In (P 2 )
NO, out

1 1 N 1
— =+ 4
Ky kg kg “)

Conditions for the inlet gas stream are shown below (Table 2). The total solvent inventory for the WWC is
approximately 2 L, which allows for lengthy experiment times without appreciable accumulation of
absorption products that might interfere with rate measurements.

Table 2: WWC Gas Stream Conditions

Condition Range
Temperature (°C) 20-40
Pressure (psig) 20-40
Flow Rate  (SLPM) 2-7
NO. (ppm) 50-300
H.0 (%) 2.3-7.4
CO2 (%) 0-4

N2 (%) 76-98

2.2 High Gas Flow Apparatus

The WWOC is ill-suited to measure aqueous products from NOy absorption because of its large
inventory, so the high gas flow contactor (HGF) previously described by Sexton [8] was repurposed to
measure the reaction products of NOy absorption. Briefly, a hydrated gas containing NOy is sparged through
0.35 L of amine solvent (Table 3). NOx concentration at the inlet and outlet of the HGF are measured using
a hot-gas FTIR. The liquid is sampled by first setting the gas to bypass and then withdrawing 1 mL of
sample through a septum. Absorption yields are determined by comparing reaction products to the overall
mass balance of absorbed NO, (Equation 5).

Table 3: HGF Gas Stream Conditions

Condition Range

Temperature (°C) 20-60

Pressure Atmospheric

Flow Rate  (SLPM) 7.5

NO; (ppm) 10-150

NO (ppm) 0-100

H.0 (%) 2-20

CO; (%) 0.5-6

N, or Air (%) 74-98
PGHGF

[NOZAbs] =gy FMsa* ()’Noz in— }’Noz)t (5)
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2.3 Aqueous Sample Analysis

Amines are analyzed using cation chromatography as described by Namjoshi et al. [21]. Nitrite and
nitrate are analyzed using anion chromatography as described by Nielsen et al. [22]. N-nitrosopiperazine
(MNPZ) is analyzed using high pressure liquid chromatography [12] and 2-piperazinol (2-PZOH) is
analyzed using a dinitrophenylhydrazine (DNPH) derivitization method [13].

3. Results

Table 4 gives all the results for wetted wall column experiments. NO; absorption is modeled as a fast
reaction in the liquid boundary layer with the pseudo-first-order assumption. NO2 hydrolysis is assumed to
be second order in NO; partial pressure while NO; absorption in amine is assumed to be first order.

Table 4: NO, absorption kinetics in the WWC
Solution COz Loading T (°C) kg'*107 (mol m2s? Pal)

0.001 M NaOH 0 20 0-13\/T02
0.001 M NaOH 0 40 0.11,/Pyo,
5m MEA 0.48 20 1.6
5m MEA 0.48 40 1.9
9m MEA 0.38 40 3.0
9 m MEA 0.48 20 1.9
9 m MEA 0.48 40 2.0
8mPZ 0.26 40 13.7
8mPZ 0.32 20 7.2
8 mPZ 0.32 40 9.7
8mPZ 0.39 40 8.0
0.40 m MDEA 0 20 36.9
0.40 m MDEA 0 40 41.3
0.056 m MDEA 0 20 11.8
0.056 m MDEA 0 40 22.7
0.023 m MDEA 0 20 75
0.023 m MDEA 0 40 9.7

3.1 NO; Hydrolysis

Under basic conditions NO; absorbs into water as (N20.), which then forms nitrite and nitrate (Equations 6a
& 6b). Using film theory, the solution for NO- flux is given by Equation 7. Gas side mass transfer resistance
can be ignored due to the relatively slow reaction kinetics.

2N0, © N,0, (6a)
N,0, + 20H™ - NO5 + NO5 + H,0 (6b)

2ky,0Dn,0,Prno 3 ,
Nyo, = Pno, 231.1N2042 == Cy * Pyo, /2=kg*PN02 )
2Y4
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The flux of NO2 into 0.001 M NaOH was measured from 2-30 Pa NO; at 20 °C and 40 °C. Flux as a function
of NO; partial pressure was regressed using Equation 7 with C; as a free parameter. The data agrees well
with the literature even though the experiments were run at different partial pressures and on different
apparatuses (Figure 3). The experiment was attempted at 60 °C, but the results drastically over-predicted
ky’. This is most likely due to water condensation in the lines directly after the WWC, which provides extra
surface area for NO; absorption.
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Figure 3: NO, Hydrolysis on the WWC at 20 °C (blue diamonds) and 40 °C (purple triangles) compared to NO; hydrolysis using the
stirred cell at 25 °C [3] (red squares)

3.2 NO; Absorption into Amines during CO, Capture

NO; flux was measured in the wetted wall column at partial pressures ranging from 1-15 Pa. The gas
side mass transfer coefficient (kg) was measured with NO, absorption into 5.8 m methyldiethanolamine
(MDEA), which has negligible liquid mass transfer resistance. The value for kg is 25.2*107 m;":;a,
approximately 40% higher than the kg predicted for the wetted wall column under these conditions [23,24].
NO; flux into amine solutions is linear with respect to NO, partial pressure and passes through zero,
suggesting that NO, absorption is dominated by first-order free radical absorption under experimental
conditions (Figure 4).

The free radical absorption of NO; as nitrite is hypothesized to be first order in free amine, leading to
a half-order amine dependence for the liquid mass transfer coefficient (Equation 8).

ké — kAm [Am]FrzeeDNoz (8)
HNOZ

The kg’ for NO; absorption into dilute MDEA is approximately half-order in total MDEA as hypothesized,

and kg’ also increases with increasing free amine in piperazine (PZ) and MEA (Figure 5). However, kg’

flattens out at higher PZ loadings, suggesting that other PZ species such as PZH* and PZCOO- could also

absorb NO». Finally, kq* increases with increasing order of amines similar to the free radical absorption of

ClO; in amines [2].
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The fraction of NO, absorbed during CO; scrubbing can be estimated from the mass transfer
coefficients and total wetted area of a typical amine scrubber (Equations 9 & 10). A typical MEA absorber
designed for 90% CO, capture will absorb roughly 70% of inlet NO2, PZ will absorb roughly 90% and
MDEA/PZ will absorb over 99%. NO, hydrolysis can only account for 4% of total NOy absorption
(Table 5).

N02 absorbed

=(1—eNoc 9)
NOZ Flue ( )
KG * A

Noe = 10

06 =—¢ (10)
Table 5: NO, absorbed in typical amine scrubbers

Solvent A/G (m? s Pa/mol) Kg (mol/m? s Pa) NO2 Absorbed (%)
9 m MEA 4.3*10° 3.0*107 73
8 mPZ 2.6*10° 9.7*107 92
7 m MDEA/2 m PZ 2.6*10° kg limited >99
Water at 2 ppm NO; 2.6*10° 0.16*107 4

3.3 NOy Absorption into MDEA

Tertiary amines are promising candidates for scrubbing NO; in a polishing scrubber before it reaches
the absorber. Since NO does not absorb into solution by itself, one needs only to scrub the NO, to reduce
the available nitrite, and ultimately reduce nitrosamine accumulation. Given a polishing scrubber with an
A/G of 1.0%10° s-Pa-m#mol, 90% NO; absorption could be achieved with kg = 23.0*10° mol/s-Pa-m?.
Figure 5 shows that this could be achieved with 0.17 m free MDEA in the polishing scrubber. Previously,
sodium sulfite was studied for scrubbing NO; from flue gas. However, in aerobic environments sulfite
catalytically oxidizes, drastically decreasing free sulfite in the boundary layer. The oxidation can decrease
the rate of NO, absorption by 40% compared to an oxygen-free environment, necessitating the use of
oxidation inhibitors [3]. In comparison, tertiary amines are oxidatively stable at low temperatures, so there
is no expected penalty for NOy absorption in a relatively high oxygen environment.

Hydrated N2 gas with 60 ppm NO; was absorbed into a solution of 0.1 m MDEA at 20 °C for 2 hours
using the HGF. The samples were extracted periodically and analyzed for nitrite and nitrate using anion
chromatography. Nitrite and nitrate increased linearly with absorbed NO, (Figure 6) and together accounted
for all of the absorbed NO.. The same samples were analyzed for MDEA and methylaminoethanol (MAE)
using cation chromatography. MDEA decomposition was not catalyzed by NO; absorption in the anaerobic
environment with only 1.1 moles of MDEA decomposing for every mole of NO, absorbed. MAE is the
only quantified amine product from NO- absorption, accounting for 67% of the decomposed MDEA (Figure
7). The experiment was repeated with air as the diluent and metal catalysts added to the amine solution, but
there was no change in NOy absorption products or MDEA decomposition rate.
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For a set of experiments NO. partial pressure was allowed to vary from 4 ppm to 144 ppm. Absorption
products increased linearly with absorbed NOj, and the data was linearly regressed with the slope
representing the yield. The mole balance closed with an average of 97% of the total absorbed NOy
accounted for in the aqueous phase. Thus nitrosamine formed in MDEA could account for at most 3% of
total absorbed product. Under similar conditions, Dai et al. reported that less than 1% of NOx absorbed in
MDEA formed nitrosamine [16]. At very low concentrations of NO; almost all of the NO; absorbed as
nitrite, which is consistent with free radical absorption of NO2. As the concentration of NO; increased, the
yield to nitrate increased, which shows the growing importance of NO; hydrolysis at high NO;
concentrations (Figure 8). Both NO and oxygen had very little effect on the overall absorption products,
proving that N2Oj3 is not an important absorption species under experimental conditions. A similar result
with nitrite yield unaffected by NO concentration was obtained by Dai et al. in morpholine solution [25].
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Figure 8: Nitrate and nitrite in 0.1 m MDEA, T = 20 °C (Closed points: NO, in N2; Open Points: NO, with 200 ppm NO in air).
3.4 NOyabsorption into unloaded 1 m PZ

Unlike the radicals formed during NO; absorption in MDEA, the PZ radical can directly react with NO
to form a stable nitrosamine. Previous research has shown that secondary amines will yield the highest
nitrosamine concentrations during NOy absorption [16] with nitrosamine yields of 6+2% of total absorbed
NOy in PZ at absorber conditions. The HGF was again used to study NOy absorption products in 1 m PZ at
20 °C. All experiments were performed with 100 ppm NO and NO; varying from 10 to 100 ppm. MNPZ,
nitrite, and nitrate were all proportional to total absorbed NOx and together closed the mole balance within
4% (Figure 9). Nitrosamine yield varied from 20% to 35% of the total absorbed NOy with no dependence
on oxygen in the gas (Figure 10). Nitrosamine yield decreases with increasing NO; partial pressure, most
likely due to the free radical termination step. At high concentrations of NO, there are more free radicals
formed in the boundary layer. These can react with each other to form 2-PZOH with a second-order
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dependence on free radical concentration (Equation 11). As the NO; partial pressure decreases, the free
radical concentration decreases, and the radical is more likely to terminate by reacting with NO to yield
MNPZ (Equation 12). The free radicals may also react with NO; to form the nitramine (Equation 13).
However, nitramine concentration has been shown to be much lower than nitrosamine concentration [26]
because NO; reacts quickly with the amine and is thus at a much lower concentration throughout the

reaction boundary layer.

2PZ - +H,0 - PZ + 2PZOH (11)
NO + PZ -— MNPZ (12)
NO, + PZ -— PZNO, (minor) (13)
5
E;
S 4
o Nitrite= 0.74*NO,
g Total= 1.04*NO, /.
73
(8]
S
-]
o
a
c 2
2
| *
o MNPZ= 0.26*NO,
[e] /
a1l
o
<
0 T T T T 1
0 1 3 4 5

2
NO, Absorbed (mmol/kg)

Figure 9: NO absorption products in 1 m PZ with 40 ppm NO,, 100 ppm NO in hydrated N; T = 20 °C.
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Figure 10: MNPZ yield in 1 m PZ with 100 ppm NO and varied NO; in hydrated N, (solid points) or air (open point); T =20 °C.
3.5 NOy Absorption into loaded 5 m PZ

A standard gas composition of 10 ppm NO2 and 100 ppm NO in hydrated N, was sparged through
loaded 5 m PZ to more closely simulate absorber conditions. MNPZ yield is independent of CO; loading
and amine concentration as expected from the hypothesized termination mechanisms (Equations 14-16).
Nitrosamine yield decreases drastically from 27% to 7% as temperature increases from 20 °C to 60 °C,
possibly due to the decreased solubility of NO at higher temperatures (Figure 11). At 40 °C, nitrosamine
yield is 17% which is roughly triple the nitrosamine yield found by Dai et al. at the same temperature.
However, Dai et al. sparged with an NO2:NOy ratio of 1:2 [16], which favors termination as 2-PZOH instead
of MNPZ.

One experiment was analyzed for 2-PZOH using the DNPH derivitization method. Although 2-PZOH
concentrations were close to the quantification limit, it is clear that 2-PZOH increases with increasing
absorbed NOy (Figure 12). Since the stoichiometry of Equation 14 predicts 1 mol of 2-PZOH for every two
moles of self-terminating amine radicals, the obtained yield of 65% is higher than expected. The high yield
could possibly be explained by poor quantification of 2-PZOH at such low concentrations.
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Two experiments were also performed with Inhibitor A (Inh A), a proprietary oxidative inhibitor that
works as a free radical scavenger. As the concentration of Inh A increases, more of the PZ radical terminates
by reacting with the scavenger instead of the NO. This decreases the MNPZ yield from 17% to 8% as Inh
A increases from 0 to 200 mmol/kg (Figure 13). However, even though the MNPZ yield in the absorber
decreases by 50%, this only has a minimum effect on the steady-state nitrosamine concentration since the
absorbed nitrite will go on to nitrosate PZ under stripper conditions.

20% -

16% -

12% - 2

8% - 2

4% -

MNPZ Yield (mol/mol No, .,..)

O% T T T 1
0 50 100 150 200
Inh A (mmol/kg)

Figure 13: MNPZ yield with addition of Inh A; 10 ppm NO, and 100 ppm NO in hydrated N; 5 m PZ with o = 0.3; T =40 °C,

4. Conclusions
4.1 NOy Absorption Kinetics

o NOy absorption at ppm levels of NOy is dominated by the free radical absorption of NO,.

o  Free radical absorption of NO; is first order in NO; partial pressure and half order in free amine
concentration.

e Absorption can be modeled as mass transfer with fast reaction in the pseudo-first-order regime.

e NO; absorption kinetics are fastest with tertiary amines and slowest with primary amines
similar to CIO; free radical absorption into amines.

e 70-99% of NO, will absorb in amine scrubbers designed to capture 90% of CO,; only 4% of
NO; absorption can be attributed to hydrolysis.

e A prescrubber with an A/G of 1*10° s-Pa-m?/mol can scrub 90% of flue gas NO2 with 0.17 m
free MDEA.

o MDEA oxidation is not catalyzed by NO; absorption in the presence of air and stainless steel
metals.
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4.2 NOx Absorption Products

e 10 ppm of NO; absorbs into 0.1 m MDEA with a 95% nitrite yield and a 5% nitrate yield.

e Nitrite yield is independent of NO and oxygen, proving that the absorption species is NO- directly
instead of N2Os.

e NO; hydrolysis through N2O4 becomes the dominating absorption mechanism when NO; partial
pressure is above 10 Pa (100 ppm at atmospheric pressure).
Nitrosamine is less than 3% of total absorption product in 0.1 m MDEA.
NO can directly absorb into amine solution by reacting with the free radical formed by NO;
absorption.

e InPZsolution, NO absorption forms MNPZ with yields of 20-35% of total absorbed NOx at 20 °C.

e PZ free radicals can also react with themselves or free radical scavengers to lower the yield to
MNPZ.

e MNPZ yield is independent of amine concentration and loading, but yield increases as the ratio of
NO2:NOy decreases.

e PZ free radicals can also react with themselves or with free radical scavengers to lower the MNPZ
yield.

e Increasing absorption temperature from 20 °C to 60 °C decreases MNPZ yield by 60% due to the
decreased solubility of NO.

e MNPZ yield at 40 °C in 5 m PZ with an NO2:NOx ratio of 1:10 is 17% with nitrite closing the
mole balance.

e High temperature nitrosation from nitrite is the dominating mechanism for nitrosamine formation
in amine scrubbing.
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Appendix A. Table of uncommon abbreviations and symbols

Abbreviation Description Unit
NOx Nitrogen oxides -
NO Nitrogen monoxide -
NO; Nitrogen dioxide -
A Fraction of NOy absorbed in prescrubber mol NOx ans/mol NOx fie
B Fraction of NO- absorbed as nitrite mol NO2 as/mol NO; fiye

Y Fraction of NO absorbed as nitrosamine mol NO aps/mol NO e
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Diffusivity of NO; in amine solution
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which are very difficult to characterize and control using traditional aerosol removal techniques. Modeling and experiments have
shown significant potential to efficiently capture high density, submicron particles in packed columns by adjusting contactor
operating conditions. This study presents the influence of operating conditions on total (gas and aerosol) emissions of piperazine
(PZ) measured by hot-gas Fourier Transform Infrared Spectroscopy (FTIR) from a bench-scale CO, absorber with RSR-0.3
random packing using 0.9 m PZ. Aerosols were created by vaporizing and quickly condensing 0.5 m PZ and 0.05 vol % sulfuric
acid (H,SO,4). PZ was inversely proportional to solvent temperature and flowrate, but increased independent of the inlet CO,
with PZ/H,0 seed nuclei. PZ emissions were proportional to flowrate and inversely related to inlet CO, concentration for
H,S0,/H,0 condensation nuclei.

© 2013 The Authors. Published by Elsevier Ltd.
Selection and peer-review under responsibility of GHGT.

Keywords: Emission measurement; aerosols; operating conditions; FTIR; piperazine

* Corresponding author. Tel.: +1-512-471-7230; fax: +1-512-471-7060.
E-mail address: gtr@che.utexas.edu

1876-6102 © 2013 The Authors. Published by Elsevier Ltd.
Selection and peer-review under responsibility of GHGT.



271

2 Author name / Energy Procedia 00 (2013) 000-000
1. Introduction
1.1. Emissions from CO, Capture Plants

Acid gas removal by absorption/stripping using aqueous amine solvents has been successfully used on an array of
industrially relevant applications for many decades. Recently, amine scrubbing has been identified as a crucial piece
of technology in the portfolio of CO, abatement strategies designed to address climate change. The simplicity of
chemically reversible separation of CO, has led to significant and fruitful studies involving process optimization by
selecting amine solvents which change the thermodynamic and hydraulic performance of the absorber and stripper
unit operations in an effort mitigate the drawbacks of a direct-contact, thermal-swing system: energy performance,
capital cost, and environmental impact. Proper characterization of solvent performance at the bench-scale has
facilitated the construction of numerous thermodynamic and kinetic process models which provide the tools to
accurately predict process performance and capital cost of many combinations of solvents and process
configurations. However, the omission of pollutants from modeling activities and other complexities of real-life
application of these systems can lead to severe degradation of performance, as well as unacceptable emissions by a
variety of mechanisms.

Traditional agueous solvents used to capture CO, are continuously exposed to contaminants in the incoming flue
gas. In the case of post-combustion carbon capture (PCCC), those pollutants include gaseous combustion
byproducts such as O, (3-5 vol %), SO,, NO,, and HCI, post-treatment slippage from selective catalytic reduction
(NHa), flue gas desulfurization (CaCO3; and CaS0O,), and mercury removal (activated carbon), as well as particulate
matter (PM) produced from sublimation of vaporous heavy metals, ash shedding, heterogeneous and homogeneous
nucleation, and cenosphere/bursting mechanisms [1]. In addition to inlet impurities, continuous thermal cycling of
solvent (40-150 °C) during the capture/release steps serves to diminish performance through thermal degradation.
Out of all the possible pathways for emissions to occur, recent works have identified amine aerosol as not only the
dominant emission pathway, but one of the most difficult to measure and to control with wash columns or other
conventional countermeasures.

1.2. Previous Aerosol Measurements

Amine-containing aerosols can originate from a variety of sources: physical entrainment of solvent,
homogeneous nucleation of amine with other gaseous species, and heterogeneous nucleation/condensation on
preformed nuclei such as hygroscopic PM, and most importantly, H,SO, mist formed by reaction and subsequent
condensation of SOz and H,O. Several studies have quantified the impact of H,SO, mist and PM on the loss rate of
amine in addition to characterizing the particle size distributions and concentrations using a variety of measurement
techniques.

A review of aerosol literature in PCCC pilot plants and at the bench-scale shows that very low levels of inlet SO
and soot/PM can create seed nuclei on the order of a few nanometers in size at very high densities (10°-10°
particles/cm®) which lead to excessive amine carryover in absorber exhaust [2, 3, 4]. Kamijo et al. show that 0-3
ppmv of SO; can produce 0.4-23.2 ppmv and 0.8-67.5 ppmv for KS-1™ and MEA solvents, respectively [5]. High
amine emissions due to aerosol carryover was also confirmed during CO, capture tests at Maasvlakte where detailed
characterization of the particle phase was attempted using a combination of light extinction measurements, an
Aerodynamic Particle Sizer (APS), an Electrical Low Pressure Impactor (ELPI), and the installation of a high
efficiency droplet capture device called the Brownian Demister Unit (BDU) [6, 7]. The Sauter mean droplet
diameter (Ds,) at top of the absorption tower before to the BDU was reported to be 0.76-7.88 um and decreased to
0.2-1.74 pm at the BDU outlet.

A more recent set of papers from Brachert, Mertens, and Khakharia detailing collaborative aerosol studies at the
Karlsruhe Institute of Technology (KIT) clearly verified the direct influence of H,SO, mist as well as soot/PM on
the amine slippage rate while providing both inlet and outlet droplet size distribution measurements using the
extractive ELP1 sampling technique and a condensation particle counter (CPC) in combination with FTIR. Most
importantly, it was found that soot concentrations of 10° particles/cm® and H,SO, mist at a density of 10°
particles/cm® resulted in 200 (74) and 600-1100 (223-409) mg/Nm? (ppmv) of MEA emissions, respectively [3],
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and that the average seed nuclei grew from a few nanometers entering the absorber to nearly 1 pm at the outlet [2,
4]. Droplet growth was further verified by changing the dilution rate to the ELPI sampling train and observing the
shifting size distribution.

Aerosol measurements from pilot plants and smaller-scale tests thus far have demonstrated the clear need to
reduce PCCC emissions resulting from inlet condensation nuclei. Though many solutions currently exist, including
high density fiber filters and inertial separation methods, the associated pressure drop likely precludes their use in
full-scale CO, capture facilities. Research in this area must find more cost-effective strategies of capturing aerosols
in CO, capture units.

1.3. Aerosol Abatement by Growth and Capture

Several aerosol researchers have pointed to efficient aerosol removal in packed columns by heterogeneous
nucleation (condensation) [8, 9, 10]. By effectively selecting operating conditions, they argue, and experimentally
confirm, that high degrees of supersaturation can be achieved which can “activate” aerosol growth and subsequent
capture in randomly packed columns. The degree of supersaturation, and the influence of operating conditions, is
characterized by the ratio of heat and mass transfer rates, given by the Lewis number. Heidenreich and co-authors
demonstrated that high concentrations (10° particles/cm®) of submicron particles of variable starting composition can
be efficiently collected using a two-stage cascade counter-current contactor by increasing the temperature difference
between the inlet fluids. In PCCC research, previous modeling of heat and mass transfer of aerosols in CO, capture
systems have arrived at similar conclusions [11]. It was theorized that by altering the operating conditions or design
of the CO, capture plant, aerosol capture may be facilitated by condensational growth or evaporative shrinking.
Cascaded column designs to remove aerosols through growth conditioning could be readily incorporated into
existing water wash towers.

Pilot plant measurements done by Mertens et al. have found similarly conclusive, quantitative linkages between
operation of CO, capture plants and amine emissions [12]. In the study by Mertens and colleagues, MEA, PZ, and
2-amino-2-methyl-1-propanol (AMP), were measured using FTIR, flame ionization detection (FID), and a manual
sampling technique employing a combination of impingers and adsorbents under different steady-state operating
conditions. The study showed that amine emissions were positively correlated to the temperature difference across
the water wash and negatively correlated to the inlet CO, concentration. Their conclusions indicate a strong
influence of enthalpy on emissions; however, complex interactions of reaction enthalpy and solvent vapor pressure
depression due to CO, loading.

The imbalance in rates of heat and mass transfer leads to greater supersaturation in gas-liquid contactors. The
creation of supersaturation through influential operation handles can lead to emissions reductions strategies without
resorting to costly countermeasures.

1.4. Work Objectives

This work seeks to reduce gaseous and amine aerosol emissions from CO, capture plants using aqueous amine
solvents by investigating the influential process factors including: (1) inlet CO, content, (2) solvent flowrate, and (3)
inlet solvent temperature. A newly constructed apparatus capable of simulating CO, capture using a dilute PZ
solvent in the presence of aerosols will be presented. Gas-phase FTIR measurements will clearly demonstrate the
effect of operating conditions, most notably the solvent rate, on PZ emissions. The findings of this work can further
facilitate better emission reduction strategies from PCCC systems.

2. Experimental Methods

An experimental apparatus, analogous to a randomly packed amine-based CO, absorber, was constructed with
the capability of generating and measuring aerosols as well as performing simultaneous gas-phase composition
measurements at multiple sampling points under variable process conditions relevant to CO, capture absorbers and
water wash columns. Figure 1 shows a simplified process flow diagram of the experimental apparatus.
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Figure 1: Process flow diagram of the Aerosol Growth Column (AGC), the Liquid Vaporizer and Injector (LV1) aerosol generator, and FTIR
sampling system.

2.1. Aerosol Growth Column (AGC)

The absorber column built for this study, referred to as the AGC, is a randomly packed CO, absorber with a
temperature controlled, recirculated solvent.

The inlet gas is made up of a mixture of N, taken from a large dewar, and Bone dry, Gr. 3.0 CO, (Airgas®
CDBD200) regulated using a Y11-N245D320, CGA320 regulator. The N, supply is split following an isolation
valve into three streams used for the absorber gas supply, the LVI gas supply, and FTIR maintenance, background,
and calibration. The N, flowrate to the absorber is controlled by an analog 100 SLPM Brooks 5851 I-Series mass-
flow controller connected to an NI 9265 4-ch, 20 mA current output module and an NI 9203 8-ch, 20 mA current
input module. Connection is made with a 15 pin D-Sub cable at the controller side and crimp pin connections at the
NI module side. The NI modules are connected to a cDAQ-9174 USB chassis which is controlled by a user-built
LabVIEW™ application with interactive GUI via a laptop and USB 2.0 connection. The flowrate of CO, is
controlled by a 15 SLPM Brooks 5850 I-Series mass-flow controller using the same NI modules and chassis.

The N,/CO, gas stream is bubbled though a presaturator to approximately maintain H,O balance within the
absorber column. The presaturator for the AGC is constructed of 6” 304SS Sch. 10 pipe with #150 flanges.
Temperature is controlled with a screw-plug immersion heater with a relayed temperature controller. The head-
space temperature is logged with a separate K-type thermocouple connected to a 4-ch £ 80 mV NI-9211 module.
The inlet gas is sparged into the presaturator by a 3/8” straight tube with small drilled holes. The total liquid height
in the saturator is maintained at over 20”.
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A hot gas mixture delivered by the LVI is mixed with the saturated process gas at the outlet of the presaturator in
a 3/4” stainless steel tee fitting. Rapid cooling downstream of the LVI/process gas mixing point produces
homogenous nuclei prior to entering the absorber column. The aerosol carrying gas is introduced into a flanged tee
at the bottom of the column below the packing supports.

The absorption section of the AGC is constructed out of a 15”7 304SS Sch. 10 pipe with flanged ends.
Removable lugs and a mesh screen support up to 6’ of packing. The packing used in this study was RSR-0.3
random packing.

Solvent is drawn from a 16 gal SS tight-head drum (The Cary Company 26B6SS) by a Micropump® A-mount
suction shoe pump head controlled by a Cole Parmer Console Drive. The flowrate is measured by a rotameter
(Omega FL46302). The inlet solvent temperature is controlled by cross exchange with recirculated H,O provided
by a Lauda ECO E4G temperature bath. The cross exchanger is a Thermal Transfer Systems AN14-20H plate-and-
frame heat exchanger. Solvent is delivered above the packing using hollow-cone spray nozzles (Kyser and
Associates 1/4A-316SS2 & 1/4A-316SS-5) connected to a tapped blind flange. The solvent temperature is
measured at the flange using a K-type thermocouple. COy-rich liquid drains through a 17 inner diameter (ID)
gravity drain line back into the solvent tank.

The inlet and outlet gas composition can be sampled and analyzed by FTIR using the Process Sampling Unit
(PSU) and heated stream switcher. The PSU consists of a heated filter and a heated Teflon® diaphragm pump. The
heated stream switcher is a heated enclosure with 3-way valves which can alternately sample up to three FTIR
locations. FTIR sample points are constructed from 3/4” threaded pipe tees reduced to 1/4” tubing connection using
reducer bushings and Swagelok® adapters. FTIR connections are always insulated using glass wool and connections
made to the process are heat-traced with heat tape controlled by AC Variable Autotransformers (variac). Variacs are
typically set to 35% of full voltage (120V).

Outlet gas from the absorber runs through a counter-current, pipe-and-tube condenser fed with cooling water to
knock out H,O and amine. The cooled gas leaving the exchanger is sent to a 2” pipe tee to reduce the velocity such
that condensate and large entrained droplets will be collected and drain to the condensate collection point located at
the bottom of the column.

A liquid sampling port consisting of a 3/8 Swagelok® tee with a 12.7 mm OD RESTEK® BTO Septa is located
at the inlet of the solvent pump. Liquid samples are drawn using a 2 mL syringe and are transferred to 4 mL (1 dr.)
amber vials for subsequent analysis.

2.2. Liquid Vaporizer and Injector (LVI)

The LVI was designed by Air Quality Analytical, Inc. to produce H,SO, aerosol up to 5 ppmv in a 350 ACFM
(pilot-scale) gas stream. The LVI blends hot gas (310 °C) with a metered stream (FMI RHOO0 pump and FMI VS200
controller) of liquid in an eductor (Air-VAC HAVR062HSS) body. The flowrate of the eductor motive fluid (N,) is
controlled by a pressure regulator and is measured using a rotameter adjusted for the supply pressure of 100 psig.

The vaporized material is introduced into the cold, main process gas stream where condensation occurs. Given a
high enough supersaturation level, the vaporized liquid should form small, homogeneous aerosol nuclei.

The LVI controls and liquid reservoir (500 mL G45 amber bottle) are contained in a Hoffman 19” x 16” x 14”
enclosure. The eductor, air preheater, and tubing are housed in a Wigman 10” x 8” x 4” steel enclosure with a 3/8”
316SS bulkhead outlet fitting. The Wigman enclosure is stuffed with several layers of internal closed-cell silicone
foam insulation. The power, control, pressure, and liquid lines between the two enclosures are wrapped in a 15’
woven umbilical line.

2.3. Analytical methods
2.3.1. FTIR
Low resolution FTIR is a powerful quantification tool used to measure species concentrations in the gas or vapor

phase. Individual components are distinguished by their absorption of light over a range of particular wavenumbers
in the mid-infrared (IR) region (500-4000 cm™). IR absorption causes molecular vibrations and rotations which are
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unique to the structure and bond strength of a particular molecule. IR absorption bands can be used in combination
with the Beer-Lambert law to quantify individual species present in complex, multicomponent sample matrices.
Absorption is assumed to be proportional to concentration; reference (calibration) spectra for each individual
component are multiplied by a scalar and summed across the measured IR range to reproduce the gross spectra
measured by the FTIR.

The specific hardware used in this work is the Gasmet™ DX4000 portable FTIR spectrometer. The path length
is 5 m and the wavenumber resolution is 8 cm™. Peripheral equipment including heated sample lines, the heated
stream switcher, and the PSU is maintained at 180 °C to prevent condensation during transport and analysis.
Calcmet™ software is used for chemometric analysis. Compensations for pressure and temperature on the total gas
concentration are made using the onboard cell sensors.

Sample flow is kept at 2-12 SLPM by the PSU connected to the inlet of the FTIR cell. The flowrate to the FTIR
optical purge line is kept at 0.1 SLPM by a pressure regulator and a Bird Precision critical orifice (0.004” ID).

Table 1 displays the analysis regions used in this work.

Table 1: IR absorption ranges for compositional analysis using Calcmet™ chemometric software.

Component Range 1 (cm™) Range 2 (cm™) Range 3 (cm™) # of Ref. Spectra
H,O 2475 - 2600 3050 - 3375 -- 7

CO, 910 - 1015 2165 - 2240 2550 - 2750 6

Pz 2475 - 2540 2680 - 2900 -- 11

3. Results and Discussion

The solvent used in this study was gravimetrically prepared by mixing 3 kg of PZ with 10 gallons of tap H,O to
produce a roughly 0.9-1.0 molal (m, moles/kg H,O) solution. The initial solvent PZ concentration and CO, loading
produced an initial P"co, of 110.4 ppmv and P’p; of 2.8 ppmv at 40 °C as measured by FTIR.

The following section details total PZ emissions measurements at the AGC outlet under variable conditions using
the solvent described above in the presence of injected aerosol.

3.1. Aerosol Injection and Emissions

The LVI affords a unique opportunity to study aerosols of various starting composition. Liquid solutions
containing semi-volatile, and low-volatility species can be vaporized and recondensed as homogeneous aerosols
provided a large enough supersaturation during cooling and mixing with the process gas. The LVI also allows for
tracers to be added to the aerosol phase such that the partitioning between the gas, droplet, and solvent can be
measured.

In this work, two different LVI solutions were used to create inlet aerosol: (1) 0.5 m PZ and (2) 0.05 vol %
H,SO,. The LVI N, flowrate for all experiments was 1.035 SCFM produced by an eductor inlet pressure of 60 psig
which created a vacuum level of 20 in Hg at the eductor suction. The LVI liquid flowrate was set to 1.0 mL/min for
all cases. Table 2 shows the composition produced for both the PZ and H,SO, aerosol cases. These streams were
mixed with a constant process gas flowrate of 20 SLPM that was saturated to H,O at 40 + 1 °C.

The presaturator and inlet solvent temperature was set to 40 °C throughout all experiments, even when the solvent
temperature was increased.

Reported inlet CO, concentrations are calculated by summing the output of the N, and CO, mass-flow controller
outputs, adjusting for H,O assuming saturation at the measured presaturator head-space temperature using DIPPR
correlations [13], and renormalized to the total flowrate produced by mixing the LVI and saturated process gas. No
condensation between the LVI/process gas mixing point and the inlet of the absorber was assumed because no
appreciable liquid was ever observed in that line experimentally.
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Table 2: LVI composition produced using 0.5 m PZ and 0.05 vol % H,SO,, respectively. The LVI product gas is mixed with the process gas (20
SLPM) which is saturated to H,O at 40 °C.

Component Unit PZ Aerosol H,SO4 Aerosol
N> vol % 95.7 95.6

H.0 vol % 4.3 4.4

Pz ppmv 383

H,SO4 ppmv -- 75

3.1.1. Effect of inlet CO,

The inlet CO, concentration was varied between 0-8 vol % during both the PZ and H,SO, aerosol experiments.
Figure 2 and Figure 3 show inlet CO,, outlet CO,, H,0, and PZ, and the solvent flowrate. The steady state PZ
concentration for the PZ and H,SO, aerosol case was 50-75 and 5-7 ppmv, respectively. The dashed gray lines
indicate when the LVI pump was either connected (LVI On) or disconnected (LVI Off). The dead volume in the
LVI liquid line causes a response lag of about 3 minutes.

At a solvent rate of 12 GPH and 4 vol % inlet CO,, PZ jumped from 50 to 100 ppmv for the PZ aerosol case.
Further increases in CO, concentration appear to cause very small relative differences in outlet PZ measured during
PZ aerosol injection. The large, CO, concentration independent change in PZ may be attributable to changes in the
nucleation environment where an acid (CO,) and a base (PZ) can fully react and condense in a humid environment.
Alternatively, the low concentration of PZ in the solvent may not be supplying sufficient vapor pressure to create
large enough saturation changes to cause observable aerosol growth even with the exothermic absorption of CO,
increasing the solvent temperature. High solvent rates of 6-18 GPH, corresponding to a liquid-to-gas ratio (L/G) of
9.5-28.4 mol/mol, would also dampen any temperature bulging, and consequently saturation changes in the column.

Under identical conditions, but with H,SO, injection, PZ shows less clear behavior. Though PZ initially
increases by about 17% as CO, is increased from 0 to 4 vol %, an additional doubling of CO, to 8 vol % causes a
17% decrease in PZ. Once the solvent flowrate and CO, concentrations are lowered from 12 to 6 GPH and 8 to 4
vol %, respectively, outlet PZ increased from 3.5 to 5.5 ppmv. When the inlet CO, is turned off, PZ returns to the
baseline of 6 ppmv.

Amine emissions respond to the inlet CO, concentration depending on the nuclei composition. FTIR
measurements showed a near doubling of the outlet PZ when CO, was introduced into the AGC for PZ seed nuclei;
aerosols produced from H,SO, did not exhibit this behavior. However, emissions do appear to be inversely
proportional to CO,, though the absolute change was quite small in these tests. The predicted effect of CO, on
aerosol growth is likely dampened under these conditions, i.e., high solvent rates and low solvent concentrations.
Further exploration using a more concentrated solvent and lower L/G is required.

3.1.2. Effect of L/G

L/G was varied in this study between 9.5-57.0 mol/mol. Figure 4 and Figure 5 show the effect of L/G changes
independent of inlet CO, concentrations for the PZ and H,SO, aerosol cases, respectively.



277

8 Author name / Energy Procedia 00 (2013) 000-000
20 ] ] ] ] ] 200
! LVI On LVI Off o LVI On LVI Off o LVI On ]
—~ | 1 | | ] 175
s 1l L
<}
22 15 i — 1 150
=5 L1 ] | |
=) | [ 0 0 ]
o= L1 Solvent Flowrate [ 1 1 ] ~
o 9 | [ | | 4 125 g
~ © M T T | | r_ £
TS 1 | ] 8
=35 10 : ! ! 100 =
e) '—é : 1 | X : 8
> [ 1 175 N
8% | .0 Out 1§ | o
c [ il ] ]
- 5 T T T T 50
N ] ] ] ] ]
o] K 'N N N
CO, IN
o i 1k ? 1 i 25
1l ] ] ] ]
H CO, Out W "L
0 0
14:06 14:34 15:03 15:32 16:01 16:30
Time (hh:mm)

Figure 2: Absorber outlet emissions under PZ aerosol load in response to changing solvent flowrate and inlet CO, concentration.
Outlet PZ increases sharply with CO,, but is not correlated to the concentration. PZ is inversely related to solvent rate. Inlet solvent T

is40°C

| ]
14 :LVI On 1 14
~ ! -
X H Solvent Flowrate ]
= 12 . 12
S~ | ‘ ]
R : { 10
©3 : ] E
Q, § : H,0 Out 1 S
*I-" S ’ : ] 8 =
ST : 3
~ O 6 : i 6 N
S 2 . Pzout| &
= (% 4 : 2 N ] 4
= | M M E
o . co, | ]
0 , 21N ]
o 2 i 12
| €O, Out ]
] ]
O L L L L L L L L L L L L L L L 0
15:36 15:43 15:50 15:57 16:04 16:12 16:19
Time (hh:mm)

Figure 3: Absorber outlet emissions under H,SO, aerosol load in response to changing solvent flowrate and inlet CO, concentration.
Outlet PZ shows a weak, inverse correlation to CO, concentration and is positively correlated to solvent flowrate. Inlet solvent T is

40°C.



278

Author name / Energy Procedia 00 (2013) 000-000

9.0

co
3

H,O Out (vol %)
oo
o

PZ Out (ppmv) and Solvent Flowrate (GPH)

7.5
Solvent Flowrate _ 10
70 TR S S S S T T T S S T S S S S S S S S S S S S S S SR T A O
15:27 15:34 15:41 15:48 15:56 16:03 16:10
Time (hh:mm)
Figure 4: Absorber outlet emissions under PZ aerosol load in response to changing solvent flowrate. Outlet PZ is inversely
proportional to the solvent rate. L/G varies from 9.5-57.0 mol/mol. Inlet solvent T is 40 °C.
9.0 . , 7 40
I ' LVI ON Y Off ] E
' H 1 35 T}
| i s
8.5 H ' 30 &
— ] ] %
= ! : 25
Is) ' | =
= : . g
5 8.0 T 20 ©
S
¢ i 5
ON | 1 15 g
T Solvent Flowrate ! =
S
7.5 i 10 £
] ~
| 5
' 5 O
i\ PZOut N
1 o
70 P PRI T TN TR T T TN T T S T NN T SR S S T SR SN SR T T ST SN SO SR SN T S N S | P R T TR 0
14:31 14:38 14:45 14:52 15:.00 15:07 15:14 15:21 15:28 15:36

Time (hh:mm)

Figure 5: Absorber outlet emissions under H,SO, aerosol load in response to changing solvent flowrate. Outlet PZ is proportional to
the solvent rate. L/G varies from 9.5-57.0 mol/mol. Inlet solvent T is 40 °C.



279

10 Author name / Energy Procedia 00 (2013) 000-000

Stepwise decrease in solvent rate significantly reduces the outlet PZ measured during PZ aerosol injection
experiments. Figure 4 shows that PZ decreases in a proportional fashion. Though this behavior was seen during the
variable CO, experiments, the degree of reduction in PZ is not nearly as high. A mass balance using the LVI and
process gas compositions leads to a total (gas and aerosol) PZ concentration of 231 ppmv. Since the baseline PZ
measured at the AGC outlet is 50-75 ppmv, the AGC column is absorbing PZ, as well as possibly capturing PZ-
containing aerosol with an efficiency of 67.5-78.4 %. It is therefore possible that increasing the solvent rate
provides more absorption capacity and greater collection of PZ. In the case of the CO, experiment (Figure 2), PZ is
not scrubbed with such high efficiency when the solvent rate is increased. CO, may be serving to sequester PZ
inside the aerosols through reaction. Modeling work has shown that for even conservative CO, absorption rates, the
absorption rate of CO, into amine-containing aerosols is very fast and that the aerosol phase is at a much higher CO,
loading than the solvent, and therefore has a much lower P’p; than the solvent. Fast reaction of CO,, be it during
nucleation or upon entering into the absorber, would prevent favorable partitioning of PZ towards the solvent. The
CO, rich aerosol would then only respond to very large changes in driving forces created by CO, absorption at very
low liquid rates, or large temperature differences between the inlet gas and liquid.

Figure 5 shows that H,SO, aerosol has opposite behavior compared to PZ aerosols on varying the inlet solvent
rate, though the measurement is less clean. Creation of supersaturation might explain the inverse relationship
between solvent rate and PZ emissions. The inlet gas is about a 1.5:1 mixture of gases at 310 and 40 °C that cools
due to heat loss in the system prior to entering the absorber; therefore, it is expected that the inlet gas temperature is
higher than the inlet solvent at 40 °C. If the solvent temperature is raised, then the temperature difference across the
column is minimized. Conversely, if the flowrate of the colder solvent is increased, the temperature gradient would
be steeper, and cause higher degrees of supersaturation, and consequently more aerosol growth.

L/G affects outlet PZ emissions to a much higher degree than CO, for both aerosol cases investigated. Without
size distribution measurements of the aerosols, differentiation of absorption and aerosol behavior is nearly
impossible, though comparing the H,O curves to that of PZ does provide some perspective. The outlet FTIR
measurement, in the absence of aerosol generation, closely approximates saturated solvent conditions. The
variability in these measurements is atypical of system control and heater oscillations. Further, the near parallel
behavior of H,O and PZ indicates that the majority of the measured PZ is in the aerosol phase.

3.1.3. Effect of temperature

The final operation variable explored in this study was the inlet solvent temperature. The temperature was
increased from 40 to 50 °C without changing the solvent flowrate and in the absence of CO,.

Figure 6 and Figure 7 show the change in outlet PZ for the PZ and H,SO, aerosol cases, respectively. PZ
emissions dropped by 20% for the PZ aerosol case; distinct trends for the H,SO, aerosols are indistinguishable.
Increasing the solvent temperature decreases PZ absorption in the solvent as well as reducing the temperature
gradient across the AGC. The PZ absorption or solvent washing and the supersaturation or aerosol growth
mechanisms should influence the outlet PZ in opposing directions. Looking back at Figure 4, the H,O curve
increases with solvent flowrate, which would be consistent with the aerosol growth mechanism, but then decreases
at higher flowrates, which is consistent with the absorption mechanism. It is possible that both mechanisms are
occurring simultaneously, or in the best case, are starting to be captured in the packing.

Results at the time of this study are inconclusive on the effect of solvent temperature on outlet emissions.
Particle size distribution measurements are needed to make valid conclusions.
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4. Conclusions

A new experimental apparatus was constructed to measure the effects of operating conditions of CO, absorbers
using aqueous amine solvents on total (aerosol and gas-phase) emissions. Inlet aerosols of variable (0.5 m PZ and
0.05 vol % H,SO,) composition were generated by vaporizing a metered liquid stream kept at 1 mL/min sucked
through an eductor by a preheated (310 °C) motive N, stream at 1.035 SCFM. The solvent flowrate (6-36 GPH),
inlet CO, concentration (0-8 vol %), and the inlet solvent temperature (40 and 50 °C) were changed independently
and the outlet PZ concentration was measured using FTIR.

The baseline outlet gas CO, and PZ concentrations relative to the solvent (0.9 m PZ) flowing at 12 GPH was
110.4 and 2.8 ppmv, respectively. Injection of PZ and H,SO, aerosols increased the outlet PZ value to 65 and 6.5
ppmv, respectively.

Increasing the inlet concentration of CO, to 4 vol % doubled the measured PZ in the exhaust gas under PZ
aerosol load; however, further increase of CO, produced very minor relative changes. PZ seems to be inversely
related to inlet CO, concentration in the case of H,SO, aerosols.

Changes to the solvent flowrate had far greater impact on the exhaust rate of amine. PZ decreased from 75 to 20
ppmv when the solvent rate was reduced from 36 to 6 gpm for the PZ aerosol case in the presence of no inlet CO,.
Solvent rate was found to have the opposite behavior for the H,SO, aerosol case; PZ emissions increased from 6 to
20 ppmv as the solvent rate was increased from 6-36 GPH. Similar behavior was found during multivariable (CO,
and flowrate) studies, though the absolute changes in measured PZ were much smaller.

Finally, PZ emissions were found to have a reciprocal relationship to inlet solvent temperature for the PZ aerosol
case. No clear trend was observed during H,SO, aerosol testing.

Future experiments with higher solvent concentrations should increase the effect of CO, interaction with the
droplet phase, leading to cleaner distinction of the effects of solvent rate and inlet gas composition. The addition of
droplet size analysis and particle counting will allow separation of total emissions into their respective phase
contributions.
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Abstract

This paper investigates the thermal degradation of eight linear amines loaded with CO, and H*. The degradation rate
of these amines tends to decrease with chain length. Hexamethylenediamine, the diamine with the longest chain,
was found to be the most thermally resistant of the eight amines under CO, loading. Putrescine was the only amine
under acid loading that was not thermally stable, suggesting that the reaction mechanism is initiated by H.
Ethylenediamine, ~ 2-(2-aminoethoxy)ethanamine, hexamethylenediamine, and Diglycolamine® reach a
thermodynamic equilibrium with their degradation products. Ethylenediamine was also found to be the most
corrosive amine tested.
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1. Introduction

Thermal solvent degradation is important when selecting an appropriate amine for a carbon capture system.
Solvents resistant to thermal degradation can be used at higher temperatures and consequently higher energy
efficiency. It is necessary to understand the rate Kinetics and associated mechanisms involved with thermal
degradation to determine how an amine solvent will behave over time when subjected to high temperatures in the
stripper. The purpose of this study is to present and analyze rate data of the thermal degradation of selected amines.
This paper also investigates thermally induced corrosion and its connection to formate generation.
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The amines in this study belong to two functional groups: linear diamines, which contain two amino groups, and
linear alkanolamines, which contain an amino group and a hydroxyl group. Amines with variable carbon chain
lengths were selected to establish the effect of chain length on degradation rate. This paper examines the following
linear amines: 1,2-diaminoethane (EDA), propane-1,3-diamine (PDA), and butane-1,4-diamine (DAB), 2-(2-
aminoethoxy)ethanamine (BAE), hexane-1,6-diamine (HMDA\), 2-aminoethanol (MEA), 2-aminopropanol (MPA),
and 2-(2-aminoethoxy)ethanol (DGA®). These compounds and their structures are listed in Table 1.

Table 1. List of amines examined

Amine Name Abbreviation | Amine Structure

1,2-diaminoethane EDA HEN%NHE
propane-1,3-diamine PDA Hy NWN H;
butane-1,4-diamine / putrescine DAB H;N WN H,
2-(2-aminoethoxy)ethanamine BAE HQ N\vx’\., (}”h‘\/’N HQ
hexane-1,6-diamine HMDA Hy NWNHQ
2-aminoethanol MEA H; N\‘V’/\\‘OH
3-aminopropanol MPA H;N WOH
2-(2-aminoethoxy)ethanol DGA® H 2 N-\v/‘\ 0 /’\VOH

Some studies in the literature discuss the mechanisms of diamine and alkanolamine degradation. Work by Davis
suggests that MEA degrades by a rate-limiting ring-closing reaction of the carbamate to form 2-oxazolidone[1]:
o]
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Fig. 1. MEA carbamate ring-closes to form 2-Oxazolidone

Work by Zhao predicts analogous rate-limiting steps for the degradation of EDA and PDA to form cyclic ureas

[2]:
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Fig. 2. EDA and PDA ring-close to form cyclic ureas.
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MPA and PDA are expected to form similar cyclic products with stable six-membered rings. Larger molecules
such as DAB are thought to eliminate the amino group and form a six-membered ring [3]:

NH NH
HZN/\/\/ 2 + NH3

Fig. 3. Proposed degradation pathway of acidified putrescine to form pyrrolidine. CO, serves as an acidifying catalyst and not a reactant.

Thermal degradation rate data exist for EDA, DAB and MEA,; these literature data are compared with the data
gathered for this paper in the results section.

2. Experimental Methods

The CO,-loaded amine solutions were prepared with an initial amine concentration of 10 m alkalinity and loaded
with 0.4 mol CO,/mol alkalinity. CO,-loaded HMDA, and all acid-loaded experiments, were prepared with an initial
amine concentration of 5 m alkalinity. The acid-loaded experiments had an initial loading of 0.2 mol H*/mol
alkalinity. 4 ml of each CO,-loaded solution and 4.5 ml of each acid-loaded solution was placed inside 3/8”
Swagelok® stainless steel cylinders with volumes of 4.5 ml. These cylinders were sealed and heated to the given
temperature (135 °C, 150 °C, or 165 °C) in a convection oven. Cylinders were removed at predetermined intervals
and promptly cooled in a refrigerator to halt any further thermal degradation.

After all cylinders had been removed from the oven and refrigerated, they were opened and the contents diluted
by a factor of 10000 for analysis by cation chromatography (Dionex ICS-2100). Each series of amine was removed
after 700 to 800 hours of heating. The dissolved products in these diluted samples were separated in a Dionex CS17
column and the relative quantities of each were plotted in a chromatograph. The concentrations of dissolved
compounds in the analyzed solutions could be calculated by comparison to a known standard. The analytical and
experimental techniques are similar to Freeman [4]. Degraded samples of PDA and BAE were heated to around
60 °C before diluting to melt any remaining solids.

Formate and metals concentration data were obtained for samples of EDA, PDA, DAB, and BAE degraded in the
150 °C series. Formate was determined for the first, fourth, and twelfth (last) samples to cover the entire range of
degradation. These samples were hydrolyzed and subsequently analyzed by anion chromatography to obtain
concentration data. Metals concentrations were measured for the twelfth, most degraded sample of the series to
compare the amines in the cylinders in their most corroded state.

3. Results

All eight of the listed amines were degraded at 165 °C with a CO, loading of 0.4. Figures 4 and 5 plot the
concentrations of these amines over time.
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Fig. 4.5 mEDA, 5 m PDA, 5 m DAB, 5 m BAE, and 2.5 m HMDA degraded at 165 °C at 0.4 CO, loading. BAE appears to reach equilibrium
with the degradation products.
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Fig. 5. 10 m MEA, 10 m MPA, and 5 m DGA® degraded at 165 °C at 0.4 CO, loading. DGA® appears to reach equilibrium with the degradation
products.

DAB, MEA, and MPA follow close exponential fits, suggesting a first-order degradation mechanism. PDA and
HMDA also appear to follow first-order fits, although to less certainty. DAB, BAE, and DGA® do not show a strong
first-order reaction rate but are fitted to an exponential trend line for the purpose of comparison. BAE and DGA®
appear to be reaching equilibrium by the second data point at 24 hours, so the initial rate constants estimated for
these amines are likely inaccurate. Table 2 lists the first-order rate constants in units of hr* of each amine for this
165 °C experiment and for each successive temperature.
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Table 2. First-order rate constants (hr) for degradation reactions and associated activation energies (kJ/mol). The “eq” header
indicates that the amine reached equilibrium with its degradation products. Amines are ordered by degradation rate at 165 °C.

Activation
165 °C 165 °C 150 °C 135°C Energy
Amine (CO,=0.4) (Acid =0.2) (CO,=0.4) (CO,=04) (kJ/moal)
10 m MEA 0.00956 n/a 0.00270 0.00086 120
5m PDA 0.00639 0.00069 0.00147 0.00036 140
5 m EDA 0.00553 0.00142 0.00287% 0.00056 % 110
5m DAB 0.00529 0.00457 0.00097 0.00030 140
eq
5m BAE 0.00515% 0.00016 0.00105 0.00022 160
10 m MPA 0.00288 n/a 0.00080 0.00019 130
eq
5m DGA® 0.00262% n/a 0.00131 0.00014 150
eq
2.5 m HMDA 0.00173 n/a 0.00069 0.00007 * 160

Structurally analogous amines tend to degrade more slowly as chain length increases, based on the 165 °C data.
This is consistent across the diamines (EDA degrading the most quickly, HMDA degrading the most slowly) and the
alkanolamines (MEA degrades the fastest, followed by MPA and then DGA®).

Figure 6 shows the degradation of EDA, PDA, DAB and BAE at an initial concentration of 0.2 mol H*/mol
alkalinity.
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Fig. 6. Amines degraded at 165 °C at 0.2 H" loading. DAB maintains a similar degradation rate in acid conditions but the other three amines slow
down significantly.

EDA, PDA, and BAE all degrade much more slowly under acidified conditions. The rate constants are tabulated
in Table 2. The rate constant for EDA drops from 0.00553 hr™ to 0.00142 hr, for PDA from 0.00639 hr to
0.00069 hr*, and for BAE from 0.00515 hr™* to 0.00016 hr. The degradation rate constant of DAB drops much less,
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from 0.00529 hr to 0.00457 hr. This small change compared to the other three amines suggests that DAB
degrades by some mechanism that does not incorporate CO, into the final degradation product. This would be
consistent with the reaction proposed in Figure 3.

This mechanism involves the protonation of an amino group and subsequent attack on the alpha carbon by the
other, non-protonated amino group of the DAB molecule. The molecule ring-closes to form pyrrolidine and
eliminates an ammonia molecule. EDA and PDA do not appear to degrade as significantly under acid loading, and
more likely follow reactions that combine with CO, to form a cyclic urea, as in Figure 2.

BAE hardly degrades at all under acid loading but has too long a chain to form a cyclic urea by the above
mechanism.

Figures 7 and 8 plot the degradation of the eight amines at 150 °C at 0.4 loading of CO,.
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Fig. 7.5 m EDA, 5 m PDA, 5 m DAB, 5 m BAE, and 2.5 m HMDA degraded at 150 °C at 0.4 CO, loading. BAE and HMDA appear to reach
equilibrium with the degradation products. The rate of EDA degradation also appears to slow down significantly by 600 hours.
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Fig. 8. 10 m MEA, 10 m MPA, and 5 m DGA® degraded at 150 °C at 0.4 CO; loading. DGA® appears to reach equilibrium with the degradation
products.

BAE and HMDA reach equilibrium at around 100 hours at 150 °C, using more concentration measurements than
the study at 165 °C and consequently revealing the initial degradation rate behavior in more detail. EDA and PDA
appear to follow first-order behavior, although the degradation rate of EDA slows down around 300 hours. The rate
behavior of HMDA and BAE is not as clear, and DAB seems to react by some mechanism greater than first order.
MEA and MPA follow convincing first-order rate behavior but DGA® appears to equilibrate by 100 hours. The rate
constants or initial rate constants are listed in Table 2.

Figures 9 and 10 plot the degradation of the eight amines at 135 °C at a CO, loading of 0.4.
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Fig. 9.5 m EDA, 5 m PDA, 5 m DAB, 5 m BAE, and 2.5 m HMDA degraded at 135 °C at 0.4 CO, loading.
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Fig. 10. 10 m MEA, 10 m MPA, and 5 m DGA® degraded at 135 °C at 0.4 CO, loading.

The degradation trends for all eight amines at 135 °C are generally comparable to the trends at 150 °C. EDA,
BAE, DGA®, and HMDA all show signs of equilibrium with the degradation products by 500 hours. PDA, MEA,
and MPA follow first order behavior. DAB again appears to degrade at some rate greater than first order.

Activation energies were calculated from the degradation rate constants over all three temperatures. This analysis
gives activation energies of 110 kJ/mol for EDA, 140 kJ/mol for PDA, 140 kJ/mol for DAB, 160 kJ/mol for BAE,
160 kJ/mol for HMDA, 120 kd/mol for MEA, 130 kJ/mol for MPA, and 150 kJ/mol for DGA®. These activation
energies are also listed above in Table 2. Activation energy appears to increase with chain length for a given

functional group.
Figure 11 compares the rate constant data of MEA, EDA and DAB with existing data by Davis (MEA), Zhou

(EDA), and Namjoshi (DAB) [1,2,5].
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Fig. 11. Degradation rate constants of MEA, EDA, and DAB at 0.4 CO; loading in six temperatures across four studies. Davis uses 11 m MEA,
Zhou uses 8 m EDA; Namjoshi uses 8 m DAB; this work uses 10 m MEA, 5 m EDA, and 5 m DAB.

The two data points by Davis measure the degradation rate constants of 11 m MEA at 135 °C and 120 °C with a
CO; loading of 0.4. The work by Zhou studied the degradation of 8 m EDA at 135 °C, 120 °C, and 100 °C with a
CO, loading of 0.4. The data point from Namjoshi comes from the degradation of 8 m DAB at 175 °C with a 0.4
CO, loading. These experiments used different initial concentrations for the amines than used in this paper;
however, the calculated first-order rate constant is concentration independent so the initial concentration does not
matter. The recalculated activation energy of MEA is 120 kJ/mol, equal to the original calculation; the recalculated
EDA activation energy is 110 kJ/mol, also equal to the original calculation; the recalculated DAB activation energy
is 150 kJ/mol compared with 140 kJ/mol. Assuming that the effect on degradation by molality is minimal, this
comparison shows relatively consistent data across the three studies.

It was found that the concentration of formate and dissolved metals increased over time as some amines
degraded in the metal cylinders. Figure 12 plots the concentration of formate in the samples of EDA, PDA, DAB,
and BAE as they degrade at 150 °C at 0.4 CO, loading.
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Fig. 12. Total formate generation in degraded 5 m EDA, 5 m PDA, 5 m DAB, and 5 m BAE. Samples degraded at 150 °C with CO, loading of

0.4.

Figure 13 displays the concentrations of chromium, nickel, manganese, and iron in the last of the degraded
samples from the 150 °C series (this corresponds to 670 hours of degradation for EDA, PDA, and DAB, and 810

hours of degradation for BAE).
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Fig. 13. Concentration of metals in the twelfth (last) amine sample of 150 °C, 0.4 CO, loading degradation series. Metals and formate are most

prominent in EDA.

These two plots reveal a correlation in the concentration of heat-stable salts in solution and the concentration of
corroded metals. EDA is especially corrosive and generates a large amount of formate while degrading, while DAB
and PDA contain significantly less formate and metals in the degraded solution. These results have implications in
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oxidative degradation. Metals are known to catalyze the oxidative degradation of certain amines [6]. It is unknown
whether the generation of heat-stable salts drives corrosion or if dissolved metals catalyze heat-stable salt formation.
Describing this relationship may lead to a better understanding of how to identify compounds resistant to corrosion
and oxidation.

4, Conclusions

e Amines tend to be more thermally stable with increasing chain length. At 135 °C, diamine stability increases
directly from HMDA (most stable) to EDA (least stable). This trend is present at 150 °C and 165 °C, but is not
perfectly consistent. Alkanolamines behave similarly; MEA is less stable than MPA which is less stable than
DGA® at 135 °C and 165 °C. The trend is again present at 150 °C but is not completely consistent.

o The following degradation activation energies were calculated for 0.4 CO, loading: 10 m MEA = 120 kJ/mol, 5 m
PDA = 140 kJ/mol, EDA = 110 kJ/mol, 5 m DAB = 140 kJ/mol, 5 m BAE = 160 kJ/mol, 10 m MPA = 130
kd/mol, 5 m DGA® = 150 kJ/mol, 2.5 m HMDA = 160 kJ/mol.

o DAB degrades at roughly the same rate with 0.2 acid loading compared to 0.4 CO, loading. EDA, PDA and BAE
degrade significantly more slowly under the acidified conditions. EDA, PDA and BAE therefore require CO, to
rapidly degrade at the concerned temperatures; DAB does not.

e BAE and DGA® consistently reach equilibrium with the degradation products. EDA and HMDA reach
equilibrium at lower temperatures. At 165 °C, BAE and DGA® concentrations equilibrate after 24 hours. At
150 °C, BAE, HMDA and DGA® all equilibrate after 100 hours and EDA degradation begins to slow after 300
hours. EDA, BAE, HMDA, and DGA® degradation also appear to equilibrate after 500 hours at 135 °C.

e 5 m EDA is the most corrosive amine tested and generates the most formate at 150 °C (178.6 mmol/kg).
Corrosion and formate generation are correlated and tend to occur simultaneously in degrading amines.
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Abstract

CO, capture from coal-fired power plants using amine scrubbing typically incurs a 20-30% energy penalty. The major energy
requirements are the reboiler duty for solvent regeneration and the compression work for CO, sequestration. The advanced flash
stripper using 8 m PZ was proposed, which recovers the stripping steam heat by employing cold and warm rich bypasses. The
objective of this work is to quantify the benefits of the advanced regeneration system as energy and capital cost.

The advanced flash stripper saves 10% total equivalent work that includes heat duty work, compression work, and pumping work
compared to the simple stripper. From the economic analysis, it was found that the compressor and the cross exchangers are the
two major capital costs of the regeneration system. By considering the cost of the main heat exchangers, the temperature
approaches and pressure drops of the cross exchanger and the steam heater were optimized. The optimum LMTD of the cross
exchanger is around 10 K, which saves 8% regeneration cost compared to the base case with 5 K. The annualized regeneration
cost of the advanced flash stripper is $31/tonne CO, at the optimum lean loading 0.20, providing 15% cost savings compared to
the base case simple stripper (5 K cross exchanger LMTD).

© 2013 The Authors. Published by Elsevier Ltd.
Selection and peer-review under responsibility of GHGT.

Keywords: Process design; Aspen Plus®; amine scrubbing

1. Introduction

In post-combustion CO, capture using amine scrubbing (Figure 1), steam usage for solvent regeneration and CO,
compression work are the main contributors to the energy requirement. Implementing CO, capture incurs a 20-30%
penalty on electricity output for a typical coal-fired power plant [1].

Alternative stripper configurations could improve energy efficiency significantly compared to a simple stripper.
Van Wagener [2,3] emphasized the importance of increasing process reversibility by introducing more complex
configurations including multi-stage flash, cold rich bypass, and an interheated column. Van Wagener showed that

1876-6102 © 2013 The Authors. Published by Elsevier Ltd.
Selection and peer-review under responsibility of GHGT.
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the interheated stripper offers the best energy savings. Piperazine (PZ) is a new standard solvent [4] that provides
higher reaction rate, capacity, and thermal stability than the conventional solvent, monoethanolamine (MEA). The
energy performance compared to MEA has been demonstrated [3].

Loss of stripping steam vapor from the regenerator is one of the reasons that the simple stripper is inefficient.
When the stripper is operated at 120—150 °C, water in the rich solvent is vaporized and emitted with CO, from the
top of stripper. The proposed advanced flash stripper [5] applies cold and rich bypasses to recover the stripping
steam heat, providing better energy savings than the interheated stripper. The CO, lean loading (mol CO,/mol
alkalinity) is the most important process operating parameter that determines the vapor-liquid equilibrium and
regeneration capacity. The optimum lean loading has been investigated for MEA and PZ [5], however, only energy
performance was considered. Besides reboiler duty, compression work and pump work should be considered.
Capital cost should be included to determine optimum design conditions.

In this work, the advanced flash stripper using 8 m PZ has been modeled using Aspen Plus”. Total equivalent
work is used as an indicator of energy performance that includes reboiler duty work, pump work, and compression
work. The capital cost will be estimated for the regeneration system. The regeneration cost, including energy and
capital cost, will be used to determine the optimum lean loading.

2. Process descriptions
2.1. Simple stripper

The simple stripper shown in Figure 1 is the base case. The cold rich solvent is heated by the hot lean solvent in
the cross exchanger and then sent to the top of stripper. The reboiler provides the sensible heat, the heat of CO,
desorption, and the vaporization heat of water. The hot lean solvent from the reboiler is returned to the absorber
through the cross exchanger. The hot CO, vapor from the top of the stripper is cooled to 40 °C in the overhead
condenser with loss of the latent heat of the excess water vapor.

Compressor Condenser
40°C
Vented gas
Water 4-13 bar
Trim Cooler
400C Cross Exchanger \
.
Ladl
Absorber Stripper
Flue gas
>
\———~ Rich Solvent \—/
46°C
Ldg=0.4 (mol/mol) Lean Solvent 2 bl
eboiler

! 2— 150°C

Figure 1. Amine scrubbing with simple stripper
2.2. Advanced flash stripper

Figure 2 shows the advanced flash stripper with warm rich bypass and cold rich bypass. In this configuration, the
rich exchanger is used to preheat the cold rich solvent by hot CO, vapor coming out of the stripper. A portion of the
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cold rich solvent obtains latent heat of steam from the stripped vapor. Warm rich bypass is extracted between two
cross exchangers and fed to the top of the stripper after mixing with cold rich bypass. The temperature was selected
as the bubble point temperature at the stripper operating pressure. The rest of the rich solvent is heated by a steam
heater and fed into the bottom of the flash stripper. The reboiler in a typical stripper is replaced by a convective
steam heater and a flash vessel. Only part of the rich solvent countercurrently contacts vapor in the flash stripper.
Since the convective steam heater has less solvent hold-up and residence time, it will minimize thermal degradation.

Compressor Condenser Rich Exchanger
LMTD=20°C
co, ( ) 4-13 bar
Water Cold Rich Bypass
Warm Rich Bypass Stripper
Rich Solvent
46°C Steam Heater
Ldg=0.40 (mol/mol)
& 150 °C

) Cross exchanger
Trim Cooler &

Lean Solvent

Figure 2. Advanced flash stripper
2.3. Multi-stage compressor

The inlet pressure of the compressor train is determined by the stripper pressure, which is dependent on the
system lean loading and reboiler temperature. To sequester the CO, underground, the target pressure of the
compressor has to be at least above its supercritical pressure, 74 bar. To replace the pressure loss during
transportation, 0.4—-0.5 bar/km is required. In this work, the target pressure is 150 bar. When the CO, is in the
supercritical phase such that its density is similar to liquid, the difference between a pump and a compressor for the
compression task disappears and becomes a question of density rather than phase. The supercritical pump is
suggested for the last stage when the density is above 500 kg/m’ [6].

To decrease the pipeline diameter, aftercooling can be applied to increase CO, density and reduce volume flow
rate [7]. In this work, the aftercooler that cools CO, is employed before the supercritical pump to attain a density
suitable for pumping and to reduce the pump work from reduced volume flow rate. The density of CO, increases
dramatically with temperature around the critical region. The aftercooling temperature is specified as 30 °C to
obtain the major density increase.

For a coal-fired power plant with 593 MW gross output, the CO, volume flow rate is around 140,000 ft’/min at 1
bar [8]. A centrifugal compressor with intermediate pressure ratio and large capacity has been suggested for CO,
capture [9].

[ [ [ '
| ] ] Cooling water ]

150 bar CO2 from

stripper
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Figure 3. Multi-stage compressor with supercritical pump
3. Methods
3.1. Process specifications

The process specifications used in the simulations are shown in Table 1. Since the absorber is not included, a
split flow sheet was used, with typical rich solvent conditions such as loading and temperature fixed as inputs.

This work simulates the solvent regeneration process, with the exception of the absorber, as shown in Figures 1
and 2. Simulation results were obtained from Aspen Plus® version 7.3. The Electrolyte Non-Random Two-Liquid
(e-NRTL) property method was used. For the gas-liquid contacting separator unit, Aspen Plus” RateSep™" provides
a rigorous rate-based model for heat and mass transfer using a non-equilibrium approach, applying two-film theory.
The thermodynamic and kinetics model used for PZ in this work was “Independence” [10]. The model has been
regressed in Aspen Plus” with experimental data including amine volatility, heat capacity, CO, solubility, and amine
pKa over a range of amine concentration and CO, loading.

The multi-stage compressor was also modeled in Aspen Plus”. Since only CO, and water are presented, the
Benedict-Webb-Rubin-Starling (BWRS) thermodynamic model was used. = The multi-stage compressor will
compress the CO, from the stripper pressure to 76 bar that includes 2 bar of net positive suction head (NPSH), and
the supercritical pump will pressurize the supercritical CO, to 150 bar. The maximum pressure ratio of the
compressor at each stage is specified as 2 due to high molecular weight.

Table 1. Stripper specifications

Solvent 8 mPZ
Process modeling tool Aspen Plus® v7.3
Thermodynamic model Independence
Packing type 2 m Mellapak standard 250X

Regeneration temperature (°C) 150

Rich loading (mol CO,/mol alk) 0.4
Rich solvent temperature (°C) 46
Cross exchanger LMTD (°C) 5
Rich exchanger LMTD (°C) 20

Table 2. Multi-stage compressor specifications

Process modeling tool Aspen Plus® v7.3
Thermodynamic model BWRS

Maximum pressure ratio/stage 2
Compressor polytropic efficiency (%) 86
Intercooling temperature (°C) 40
Aftercooling temperature (°C) 30
Supercritical pump efficiency (%) 65
Multi-stage compressor outlet P (bar) 76

Final target P (bar) 150
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3.2. Energy cost

Total equivalent work is used to account for the electricity penalty due to the steam extraction from the power
plant, which is a more useful metric than reboiler duty alone. As Equation 1 shows, the equivalent work consists of
pump work, compression work, and heat duty work. The pump is required to move the solvent from the absorber to
the pressure of the stripper. The heat duty work is obtained from reboiler duty by multiplying by turbine efficiency
and Carnot cycle efficiency (Equation 2). The turbine efficiency is set to a typical value of 90%. The compression
work shown in Equation 3 is regressed using the configuration in Figure 3 from Aspen Plus” in the range of inlet
pressure from 1 to 20 bar.

kj
VVeq (WCOZ) = Whear + VVpump + VVcomp €Y)
Toroam — T
Wieae = 90% (= —4) o, )
steam
kj
Weomn (m) — —3.48In(P,) + 14.85, 1 < P, (bar) < 20 3)

3.3. Capital cost

The purchased equipment cost (PEC) of unit operations were obtained either from vendor quotes or empirical
correlations, and then scaled to 2014 cost level. Techno-economic analysis for CO, capture process have been
studied by Frailie [10], who concluded that the total annualized capital cost can be calculated from PEC by Equation
4. The scaling factor a converts PEC to total capital cost and the annualizing factor  annualizes cost. The a
includes direct cost, indirect cost, and working capital. The B takes into account return on investment (10%), taxes
(35% of return on investment), depreciation, and maintenance (2-3%). The o and B are recommended as 5 and 0.2,
respectively.

$
Total annualized capial cost (y_r> = a X B X PEC($) (4)

3.4. Optimization of main heat exchangers

In the amine scrubbing process, the capital cost of the cross exchanger is one of the cost centers since the heat
transferred from the hot lean solvent to the cold rich solvent is about 4-5 times the heat input to the reboiler/steam
heater. The temperature approach and the pressure drop are the most important design parameters for the heat
exchangers.

The pressure drop through the heat exchangers can be used to enhance the heat transfer coefficient, which
reduces heat exchanger area but increases pumping cost. A pump for the lean solvent is not necessary when the
stripper pressure is sufficient to get the solvent through the cross exchangers, the trim cooler and the absorber. The
pressure drop of the trim cooler and the absorber is assumed as 1 bar and 3 bar, respectively. With the optimization,
a lean solvent pump is possibly added when it is worth to save the capital cost of the cross exchanger by increasing
pressure drop. To determine the temperature approach of the cross exchanger, the tradeoffs involve the capital cost
and the steam cost of the reboiler/steam heater. The costs associated with the optimization of the main heat
exchangers are summarized in Table 3. The decision variables include the pressure drop and the temperature
approach of the cross exchanger and reboiler/steam heater.

Table. 3. Capital and energy cost associated with the optimization of main heat exchangers.

Main heat exchanger cost
Cross exchanger Steam heater/reboiler
Capital cost Plate and frame exchanger | Shell and tube exchanger
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Pump Pump
Pumping cost Pumping cost
Energy cost L L
- Steam cost
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4. Results and discussions
4.1. Optimization of heat exchangers

The pressure drop and the temperature approach of the cross exchangers and the steam heater/reboiler were
optimized. Figure 4 shows the main exchanger cost of the advanced flash stripper with varied log mean temperature
difference (LMTD), which is the parameter that has the greatest effect on the cost. The pressure drop and the steam
temperature for each point are optimized. Three representative lean loadings are shown. The optimum LMTD is
around 10 K in the range of optimum lean loading. From lean loading 0.32 to 0.26, the cost savings come from the
improved capacity, but diminishing returns can be seen when the lean loading decreases further. The cost is less
sensitive to LMTD at lower loading since the size of the cross exchanger is relatively small.

$31 s
%" $29 F
S “*e...  LeanLdg=0.32
5 O..................oooo
= $27 F
28
=R &)
s o $25 F
£ =
- =
e 8 \\
22 23 b So
- Sso Lean Ldg = 0.26 .
=
g Lean Ldg = 0.20

.ean Ldg = 0.

< $19 L

5 10 15
Cross exchanger ATy, (K)

Fig. 4. Annualized cost of main heat exchangers of the advanced flash stripper with varied cross exchanger LMTD; optimum pressure drops;
optimum steam temperature.

4.2. Total equivalent work and energy cost

The total equivalent work of the simple stripper and the advanced flash stripper is shown in Figure 5. Compared
to the simple stripper, the energy saving of the advanced flash stripper is 10%, which is mostly derived from the
recovery of stripping steam heat. The improvement is more significant at low loading because more stripping steam
comes out with the CO, vapor. Figure 5 also shows the total equivalent work with 5 and 10 K cross exchanger
LMTD. The energy performance is always better when a tighter temperature approach is employed. Less reboiler
duty is required to heat the solvent to 150 °C when the temperature of the rich solvent coming into the stripper is
higher by using a small LMTD, however, the capital cost of the cross exchanger is prohibitive compared to the
energy savings.
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The total equivalent work is converted to energy cost by using $100/MWh levelized cost of electricity (LCOE).
Figure 6 shows the distribution of the energy cost with varied lean loading. The steam usage accounts for about 2/3
of total energy consumption. Both pumping work and compression work are driven by the stripper pressure. The
pumping work increases faster when the lean loading is above 0.30 due to the low capacity, which offsets a part of
benefits from the compression work when the stripper is operated at high pressure.

42
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£ 34 Pa
S q
S 4
Ss /
30 b So = Advanced flash stripper )
‘~~- G KAT v ’/
S- dl o X p—— - -
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Fig. 5. Total equivalent work of simple stripper and advanced flash stripper at varied 5 and 10 K cross exchanger LMTD.
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Fig. 6. Energy cost of the advanced flash stripper; LCOE = $100/MWh
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4.3. Capital cost

The capital cost of the advanced flash stripper is presented with varied lean loading (Figure 7). The compressor
and the cross exchange are the two major costs. The compressor cost is mainly affected by the stripper pressure. A
discontinuity of increasing compressor cost is observed between lean loading 0.18 and 0.20, where the compressor
train needs an extra stage to attain the target pressure of 150 bar. The capital cost of the cross exchanger is driven
by the capacity and is most sensitive when the lean loading changes. The capital cost of the rich exchanger reflects
the amount of the stripping steam recovered. Generally, at high lean loading range, the capital cost is dominated by
the cross exchanger, but with decreasing lean loading, the compressor cost starts to take over.
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Annualized capital cost ($/tonne CO,)

$0
0.16  0.18 020 022 024 026 0.28 030  0.32 0.34

Lean loading (mol CO,/mol alkalinity)

Fig. 7. Annualized capital cost of the advanced flash stripper
4.4. Lean loading optimization

The regeneration cost includes the energy cost and the capital cost shown in Figures 6 and 7. Figure 8 compares
the simple stripper with and without the heat exchanger optimization. A typical cross exchanger LMTD, 5 K is
arbitrarily chosen as the base case without optimization. The optimum case saves $3/tonne CO, an 8%
improvement compared to the base case. The results confirm the importance of heat exchanger design in the amine
scrubbing process.

By applying the advanced flash stripper, the total regeneration cost improves 7% further, which mainly comes
from the lower energy requirement. The optimum lean loadings for both the simple stripper and the advanced flash
stripper are around 0.20, lower than the optimum that only the energy performance is considered (Figure 5), but is
close to the optimum of the capital cost (Figure 7). Even though the energy cost accounts for 2/3 of the regeneration
cost, the capital cost is more sensitive with varied lean loading. The low capacity at high lean loading reduces both
energy and capital cost, so the optimum is forced to lower lean loading until the compression cost and the heat loss
of stripping steam dominate. The results demonstrate that the advanced flash stripper provides the lowest
regeneration cost even though process complexity increases.

With 8 m PZ a lean loading of 0.20 may not be operationally attractive because of the potential precipitation of
PZ.6H,0 solid at upset conditions or during shutdown when the solvent cools below 40°C. This possibility may
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require additional capital cost to heat trace lines and provide other means to recover from an upset. Alternate

solvents may also be considered that provide the same performance as 8 m PZ without precipitation at the optimum
lean loading.

$44
$42
Base case simple stripper
$40 (5 K AT\, W/0 exchanger optimization)

$38
$36

$32

Optimized Advanced flash stripper
$30 : . : : : : . ;

0.16 0.18 020 022 024 026 028 030 032 034

Annuaized Regeneration cost ($/tonne CO2)

Lean loading (mol CO,/mol alkalinity)

Fig. 8. Comparison of regeneration cost between the simple stripper and the advanced flash stripper

5. Conclusions

The advanced flash stripper that recovers the stripping steam heat by the cold and warm bypasses was proposed,
which provides 30.4 kJ/mol CO; total equivalent work, giving 10% energy savings compared to the simple stripper.
Besides the energy performance, the capital cost of regeneration was also evaluated. From the optimization of the
main heat exchangers, the optimum LMTD of the cross exchanger is around 10 K. The compressor and the cross
exchanger account for over 50% of the capital cost of regeneration. Combining the energy cost and the capital cost,
the regeneration cost of the advanced flash stripper is $31/tonne CO, at the optimum lean loading 0.20, providing
15% and 7% cost savings over the base case simple stripper (5 K cross exchanger LMTD) and optimized simple
stripper, respectively.
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Oxidative degradation of amine solvents for CO, capture
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Abstract

The oxidative degradation of diamines was measured in a stirred reactor at 70 °C, 98kPa O,, and 2kPa CO..
Amines studied include ethylenediamine (EDA), propylenediamine (PDA), 1,4-diaminobutane (putrescine),
hexamethylenediamine (HMDA), propanolamine (MPA), Diglycolamine® (DGA®), and bisaminoethyl ether
(Jeffamine EDR-104®). Amine solutions with an initial concentration of 10 m alkalinity, an initial loading of 0.4
mol CO,/mol alkalinity, and an initial metals concentration of 0.4 mM Fe, 0.2 mM Mn, 0.1 mM Ni, and 0.05 mM Cr
were oxidatively degraded. The purpose of these experiments was to study the structural effect of diamines on their
degradation rates.

At high metals concentration of 4 mM Fe, 2 mM Mn, 1 mM Ni, and 0.5 mM Cr, PDA does not show signs of
significant degradation. This is also true for PDA at the normal metal concentration of 0.4 mM Fe, 0.2 mM Mn, 0.1
mM Ni, and 0.05 mM Cr. PDA was tested with antifoam and it did not show measurable degradation. EDA
degradation follows zeroth order Kkinetics with a rate constant of 9.79 mmol/kg-hr and is likely mass transfer
controlled. Putrescine degradation follows first order kinetics with a rate constant of 0.00104 1/hr and is likely
kinetically controlled at experimental conditions. The degradation of HMDA follows first order Kkinetics with rate
constant k = 0.01/hr. The degradation of bisaminoethyl ether follows first order kinetics with rate constant k =
0.023/hr. DGA® degradation also follows first order kinetics with rate constant k = 0.008/hr. HMDA, Jeffamine
EDR-104®, and DGA® degradation are all kinetically controlled. MPA showed negligible degradation after 260
hours of run time. There was no significant degradation observed for PDA with normal and high metals
concentration in previous experiments.
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1. Introduction

Oxidative degradation of amine solvent is a major source of solvent loss in flue gas carbon capture and mainly
occurs in the absorber. The products of oxidative degradation have yet to be completely identified, and it is
important to understand degradation mechanisms and the environmental impact of degradation products.

Previous studies on oxidative degradation by Voice, Goff, Zhou and Sexton focused on MEA degradation,
oxygen mass transfer, and catalysts [1-4]. They found that Fe (11 or I1l) and Cu (I) are potent catalysts, as are Mn
and Cr. Voice found Ni to have no effect on oxidation while Sexton classifies it as a catalyst. They also screened
amines for their degradation behaviors at absorber condition—putrescine, hexamethylenediamine (HMDA), and
monopropanolamine (MPA) are resistant to oxidation while ethylenediamine (EDA), Jeffamine EDR-104®, and
diglycolamine® (DGA®) are susceptible to oxidation. Voice concluded that tertiary amines, rings, hindered amines
and those with no alpha hydrogen are likely to resist oxidation.

Following previous work, this study focuses on screening amines based on their structure and looking for
correlation between amine structure and oxidative degradation behavior.

2. Experimental Methods

Solutions were prepared gravimetrically. The target amine concentration was 10 m alkalinity and the target CO,
loading was 0.4 mol CO,/mol alkalinity.

A schematic of the low gas flow apparatus is shown below. The apparatus is identical to the LGF reactor used by
Voice [1] and approximates conditions in the absorber. Carbon dioxide and oxygen were passed through two
calibrated mass flow controllers to maintain a reactor pressure of 98 kPa O, and 2 kPa CO,, and the jacketed glass
reactor was charged with approximately 350 ml of amine solution. The reactor head was sealed with a Teflon® cap.
The 0,/CO, mixture was saturated with water before being fed to the reactor through the Teflon® cap. The reactor
was agitated at 1400 rpm and maintained at 70 °C.

LGF Reactor
70°C

98 kPa0:

2 kPa CO;

H2O
Saturator



306

Author name / Energy Procedia 00 (2013) 000-000 3

Fig. 1. Low gas flow oxidation apparatus

The water balance was maintained by adding water each time a sample was removed to make up for water loss
through evaporation. Table 1 lists a sampling schedule that was generally followed for each experiment. The amines
tested in this study included 1,4-diaminobutane (putrescine), ethylenediamine (EDA), 1,3-diaminopropane (PDA),
hexamethylenediamine (HMDA), propanolamine (MPA), Diglycolamine® (DGA®), and bisaminoethyl ether
(Jeffamine EDR-104®). The structures of these amines are listed in Table 2.

Table 1. General sampling schedule of oxidation experiments

Sample number Time since start of experiment

At starting time
1 day
2 day
3 days
4 to 5 days
6 to 7 days
9 to 10 days
13 to 14 days

0 N oo g B~ W N P

Table 2. Diamines tested in the LGF

Amine Name Abbreviation Structure
Ethylenediamine EDA
Y HZNV\
NH,
1,3-diaminopropane PDA

1,4-diaminobutane Putrescine

Hexamethylenediamine HMDA

Propanolamine MPA

Diglycolamine® DGA®
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Bisaminoethyl ether Jeffamine EDR-104®

H,oN
2 V\o/\/NHZ

Cation chromatography was used to analyze for parent amine concentrations and degradation by-product
concentrations; samples were diluted by a factor of 10000, and the separation was carried out using a Dionex CS17
column. Anion chromatography was used to qualitatively analyze for formate salts and nitrite. Samples were first
hydrolyzed using concentrated sodium hydroxide and then diluted by a factor of 100. The separation was carried out
using a Dionex AS15 column. The analytical methods are identical to those of Voice [1].

3. Results

Figure 2 shows the degradation of PDA with high and low metals. The amine concentrations are calculated based
on cation chromatography results. PDA does not show significant degradation and the fluctuations are likely noise
caused by water balance adjustments. A considerable amount of foam formed at the gas-liquid interface in both
experiments. As a result, PDA was tested again with antifoam to study whether foaming on the solution surface is
hindering oxygen diffusion into the bulk solution and hindering oxidation. Approximately 1 ml of antifoam was
added to the PDA solution together with the metals at the start of the experiment, and as data in Figure 2 show,

antifoam did not alter the degradation behavior of PDA.
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Figure 2. Oxidation of 5 m PDA. 70 °C, 98 kPa O,, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm.

The concentration of heat stable salts for PDA with antifoam is shown in Figure 3. The concentration is almost

zero, indicating that almost no oxidative degradation took place.
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Figure 3. Total formate and total oxalate in oxidation of 5 m PDA. 70 °C, 98 kPa O,, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm.

The degradation of EDA follows zeroth order behavior with a rate constant of 9.79 mmol/kg-hr while
degradation of putrescine follows first order behavior with a rate constant of 0.0104 1/hr. These data are
summarized in Figures 4 and 5.
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Figure 4. Oxidation of 5 m EDA. Conditions: 70 °C, 98 kPa O,, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm, 0.4 mM Fe, 0.2 mM Mn, 0.1 mM Ni,
0.05mM Cr.
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Figure 5. Oxidation of 5 m putrescine. Conditions: 70 °C, 98 kPa O, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm, 0.4 mM Fe, 0.2 mM Mn, 0.1
mM Ni, 0.05 mM Cr.

Based on the degradation rates of EDA and putrescine, EDA degradation is likely mass transfer controlled or
catalytically controlled while putrescine degradation is likely kinetically controlled. Putrescine degradation seems to
approach an equilibrium once 90% of the original solvent degraded after approximately 220 hours. These results
disagree with Voice in that putrescine is resistant to oxidation, but agree with his observation that EDA is
susceptible to oxidation. Voice observed that iron suppressed EDA oxidation, which produced volatile products.

Figure 6 shows the degradation of putrescine. Putrescine seems to undergo a short induction stage where
degradation is very slow at first but then rapidly accelerates. Degradation of putrescine is kinetically controlled and
follows first order kinetics with rate constant k = 0.01/hr. About 96% of the initial amount of amine was lost to
degradation.
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Figure 6. Oxidation of 5 m putrescine. 70 °C, 98 kPa O,, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm.

Anion chromatography data of heat stable salt products formed from putrescine oxidation are shown in Figure 7.
The ratio of formate heat stable salts to oxalate heat stable salts is about 3:1.
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Figure 7. Total formate and total oxalate in oxidation of 5 m putrescine. 70 °C, 98 kPa O,, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm.

Figure 8 shows the degradation of HMDA. An induction period similar to that in putrescine is observed, so only
the last four data points were used to calculate the rate of degradation. HMDA shows degradation that is kinetically
controlled following first order reaction kinetics with rate constant k = 0.01/hr. About 80% of the initial amount of
amine was lost to degradation.
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Figure 8. Oxidation of HMDA. 70°C, 98 kPa O, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm.

Figure 9 shows the heat stable salts produced from oxidation of HMDA. Formate forms at a slightly greater rate
than oxalate, and the amount of heat stable salts formed is much less than from putrescine. The general trend for
heat stable salt formation agrees with the rate of amine loss in Figure 7.
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Figure 9. Total formate and total oxalate of HMDA. 70 °C, 98 kPa O,, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm.

Figure 10 shows the degradation of Jeffamine EDR-104®. There is no observable induction stage for this amine,
but the degradation is still kinetically controlled following first order reaction kinetics with rate constant k =
0.023/hr. The rate constant is much higher than that of the other amines tested. About 90% of the initial amount of
amine was lost to degradation.
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Figure 10. Oxidation of Jeffamine EDR-104®. 70 °C, 98 kPa O,, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm.

Figure 11 shows the formate from oxidation of Jeffamine EDR-104®. Oxalate was detected but could not be
quantified.
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Figure 11. Total formate of Jeffamine EDR-104®. Conditions: 70 °C, 98 kPa O,, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm.

Figures 12 shows the degradation of DGA®. There is no observable induction stage for this amine, but the
degradation is still kinetically controlled following first order reaction Kinetics with rate constant k = 0.008/hr.
About 80% of the initial amount of amine was lost to degradation.
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Figure 12. Oxidation of DGA®. Conditions: 70 °C, 98 kPa O,, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm.

Figure 13 shows the degradation of MPA. This amine showed negligible degradation with a 10% amine loss over
260 hours.
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Figure 13. Oxidation of MPA. Conditions: 70 °C, 98 kPa O,, 2 kPa CO,, 100 ml/min gas flow, 1400 rpm.

The amines that showed significant degradation all have even numbers of carbon atoms in their chains. MPA and
PDA both contain three carbons in their alkyl chain and both showed negligible degradation. Catalysts form a
homogenous solution with the amine samples that degraded significantly, but settled out of solution in the case of
MPA and PDA. Data from thermal degradation of PDA showed that PDA and its thermal degradation products are
not corrosive, further suggesting that metals likely did not catalyze oxidative degradation due to their insolubility in
MPA and PDA [5]. An induction stage was observed in many amines that showed significant degradation. The



Author name / Energy Procedia 00 (2013) 000-000

314

11

initial degradation products may have dissolved the added metals, which subsequently catalyzed degradation and
caused rapid amine loss.

4. Conclusions

The table below summarizes experimental observations. A detailed list summarizing degradation behavior of the
amines tested follows.

Table 3. Degradation behavior of amines at 70 °C, 98 kPa O,, 2 kPa CO,, 1400 rpm, 0.4 mM Fe, 0.2 mM Mn, 0.1 mM Ni, and 0.05 mM Cr

Amine Name Abbreviation Structure Rate Reaction Control Mechanism
order
. H zN k=9.8 Zeroth Mass Transfer Controlled
Ethylenediamine EDA \V/\N Hs mmol/kg*hr order could be strongly catalyzed
1,3-diaminopropane PDA HoN WN Hz No significant degradation, metal insolubility observed
1,4-diaminobutane Putrescine H2N ‘\/\//\ k=0.01/hr First Kinetically/Catalytically
N Hz ' order Controlled
H.N . — .
Hexamethylenediamine HMDA 2 \/\/\/\NHz k=0.01/hr First Kinetically/Catalytically
order Controlled
Propanolamine MPA HZNWOH No significant degradation, metal insolubility observed
Dialvcolamine® DGA® HoN OH - First Kinetically/Catalytically
i v\O/\/ k=0.008/hr order Controlled
- Jeffamine HoN NH First Kinetically/Catalyticall
Bisaminoethyl ether 2 = y/Catalytically
y EDR-104° TN N k=0.023hr o der Controlled

All of these conclusions were developed at at 70 °C, 98 kPa O,, 2 kPa CO, with 0.4 mM Fe, 0.2 mM Mn, 0.1
mM Ni, and 0.05 mM Cr.

1. PDA does not show appreciable oxidation with or without antifoam. This shows that foaming is not the reason
for PDA resistance to oxidative degradation and experimental observations suggest that metal insolubility may be

the cause.

2. EDA oxidizes at 9.8 mmol/kg*h. EDA degradation follows Oth order kinetics and is either mass transfer
controlled or strongly catalyzed by the presence of metals.

3. MPA does not show appreciable oxidation. Experimental observations suggest that metal insolubility may cause
MPA to be resistant to oxidative degradation.
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4. Putrescine oxidizes at 0.01/hr. Putrescine degradation follows first order kinetics and is strongly catalyzed by the
presence of metals. Degradation of putrescine produces formate and oxalate at a concentration ratio of
approximately 3:1.

5. HMDA oxidizes at 0.01/hr. HMDA degradation follows first order Kkinetics and appears to be kinetically
controlled. Degradation produces about the same amount of formate and oxalate.

6. Bisaminoethyl ether (Jeffamine EDR-104®) oxidizes at 0.023/ r. Its degradation follows first order kinetics and
appears to be kinetically controlled.

7. DGA® oxidizes at 0.008/hr. DGA® degradation follows first order kinetics and appears to be kinetically
controlled.

8. Amines with three carbons separating the two amino groups (PDA) or the amino group from the hydroxyl group
(MPA) seem to be less susceptible to oxidation compared to amines with an even number of carbons separating
the amino group from the neighboring functional group.
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Abstract

The thermal degradation of PZ-activated tertiary amine and PZ-activated hindered amine solvents is presented. Assuming a loss
of 2% amine/week, PZ-activated tertiary morpholine solvents were found to be the most stable and are capable of being
regenerated at 150 °C or greater. PZ-activated tertiary aliphatic amine solvents without methyl groups can be regenerated
between 130 and 140 °C, and PZ-activated tertiary aliphatic amine solvents with at least one methyl group can be regenerated
below 130 °C. PZ-activated 2-(tert-butylamino)ethanol and 2-amino-2-methyl-1-propanol were the most stable hindered amines
tested and can be regenerated at 140 °C.

© 2013 The Authors. Published by Elsevier Ltd.
Selection and peer-review under responsibility of GHGT.
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1. Introduction

Thermal degradation is considered to be a significant contributor to solvent loss in post-combustion capture
applications and in pre-combustion applications. In this review, recent results that focus on thermal degradation of
PZ-activated tertiary amines and PZ-activated hindered amines are presented.

Piperazine is known to be non-volatile, is oxidatively and thermally stable, and possesses good CO, cyclic
capacity and absorption rate when used as a CO, capture solvent at concentrations varying from 30 wt % PZ to 40
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wt % PZ in water. However, it has a limited solid solubility window, which limits its operational lean loading and
can cause plant downtime if the solvent precipitates.

Tertiary amine solvents promoted with PZ have CO, capacity and absorption rate that is comparable to
concentrated PZ and can avoid the solid solubility limitations of the concentrated PZ. Solvents comprising
methyldiethanolamine (MDEA), a tertiary amine, and PZ have been used successfully in high pressure gas treating
applications. In coal-derived flue-gas CO, capture applications, 7 m MDEA/2 m PZ and 5 m MDEA/5 m PZ have
lower regeneration energy requirements than 8 m PZ and comparable CO, absorption rates to 8 m PZ. The 5 m
MDEA/5 m PZ solvent also has a 10% greater CO; cyclic capacity than8 m PZ [1,2].

PZ-activated hindered amine solvents also have comparable CO, absorption rates and capacities to 8 m PZ. A
solvent comprising 4 m 2-amino-2-methyl-1-propanol (AMP)/2 m PZ has a similar CO, absorption rate and capacity
to 8 m PZ [2], and a solvent comprising 3.5 m 2-Amino-2-(hydroxymethyl)-1,3-propanediol (Tris)/3.5 m PZ has a
similar CO; absorption rate and greater CO, capacity than 8 m PZ [3].

PZ/MDEA and PZ/AMP are not as thermally stable as PZ, with maximum stripper temperatures between 120 and
130 °C for PZ/IMDEA and between 130 and 140 °C for PZ/AMP. The lower stripper temperatures prevent the
solvent from being regenerated at higher temperature and pressure, increasing the cost and energy requirement for
CO, compression. The low regeneration temperature can also potentially lead to increased nitrosamine
concentrations in the circulating solvent [4].

The tertiary amines and hindered amines tested, along with their concentration ranges, are presented in Tables 1
and 2.

Table 1: List of Tertiary Amines Tested

Tertiary Amine Name Tertiary Amine Name
Abbreviation Structure Abbreviation Structure
Methyldiethanolamine h|l Diethylaminoethanol N
MDEA HO™™>""""0H DEAE ~Mon
Dimethylaminoethanol h|l Ethyldiethanolamine (
DMAE “""oH EDEA o~
Dimethylaminoisopropanol | KL
DMAIP ko, OH
Dimethylaminopropanol | Triethanolamine HQ
DMAP A OH TEA Y
Dimethylaminobutanol ! ~ \—oH
Dimethylaminoethoxyethanol | Triisopropanolamine
Y OMAEE AN oA P TiPA HOJ\ O
N
Hydroxyethylmorpholine -
HEM Ho/\/NJ iOH
Hydroxyisopropylmorpholine J\/(\O n-Butyldiethanolamine (?H
HIPM Ho N nBuDEA f
Hydroxypropylmorpholine (o N~ \L
HPM HO\/\/N\) OH
tert-Butyldiethanolamine
tBuDEA N
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2. Experimental Methods and Modeling
2.1. Solution Preparation
Solvents were prepared gravimetrically. CO, was sparged into the solvent using a gas-washing bottle and was

measured gravimetrically.
Table 2: List of Hindered Amines Tested

Hindered Amine Name Hindered Amine Name
Abbreviation Structure Abbreviation Structure
2-Amino-2-Methyl-1-Propanol XOH 2-Piperidinemethanol C,/\OH
AMP HN PM NH
2-Amino-2-Methyl-1,3- OH 2-Piperidineethanol OH
Propanediol HoN PE C(\/
NH
AMPD HO
Tris(hydroxymethyl)aminomethane OH 2-(tert-butyl)aminoethanol
Tris TBAE
HZNS?OH HO\/\NK
HO

2.2. Thermal Degradation Apparatuses

Solvents were loaded in sealed Swagelok® cylinders with an internal diameter of 0.95 cm and a capacity of 4.5
ml. 4.0 ml of the solvent was loaded into each cylinder, and the cylinders were sealed, weighed, and placed inside
convection ovens operating at a set temperature. Cylinders were removed periodically, weighed, and placed inside a
chemical refrigerator for storage. Cylinders that lost more than 5% of their mass were discarded and their contents
were not analyzed.

2.3. Analytical Techniques — Cation Chromatography

Suppressed cation chromatography was used to determine the concentration of parent amines as well as
byproducts in degraded samples. Samples were diluted to roughly 50 ppmw total amine in 18.2 umho deionized
water. A Dionex ICS-2100 chromatograph with a Dionex AS autosampler and a CSRS-300 suppressor was used.
25 ul of the diluted sample was injected into the unit. The mobile phase consisted of a gradient of methylsulfonic
acid from 5.5 mM to 38.5 mM in 18.2 pmho deionized water. The separation was carried out using a Dionex CG17
4x50 mm guard column and a Dionex CS17 4x250 mm analytical column with an eluent flow of 0.5 ml/min and a
suppressor current of 50 mA.

2.4. Modeling Techniques

Pseudo first-order kinetic models, shown in Equation 1, with respect to parent amine concentration were used to
model amine degradation. The activation energy of thermal degradation was calculated using the Arrhenius
equation, shown in Equation 2. The pseudo first-order kinetic models predict degradation well for a variety of
PZ/tertiary amine solvents and PZ/hindered amine solvents, shown in Figures 1 and 2.

aC, _

k*C 1
at A (1)
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Figure 1: (a) Degradation of 5 m PZ/5 m tertiary amine at 150 °C initially at 0.225 mol CO,/mol alkalinity and (b)
degradation of 1.33 m PZ/2.67 m hindered amine initially at 0.22 mol CO,/mol alkalinity, showing reasonable
agreement with first-order rate models

3. Results
3.1. Degradation of PZ-Activated Tertiary Amines

The degradation of PZ-activated tertiary amines is believed to be initiated via two pathways. In one scheme,
shown in Figure 2a, PZ attacks the alpha carbon of the methyl group of protonated MDEA, forming 1-
methylpiperazine and diethanolamine. This pathway is believed to occur at moderate CO, loading and is reversible
[5]. In the other scheme, shown in Figure 2b, PZ attacks the carbon alpha to a hydroxyl group, irreversibly
condensing water and creating a polyamine. This occurs at zero loading or in conditions in which the majority of
the solvent is protonated and has been observed to occur in DEA-activated MDEA solvents [6].

The byproducts can lead to loss of the activator. The secondary amine byproduct, if capable of forming an
oxazolidinone, will react rapidly with the activator via the carbamate polymerization pathway. This can take place
between DEA and PZ if CO; is present in solution, as shown in Figure 3.
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Figure 2: (a) Attack of protonated MDEA by PZ to form diethanolamine and 1-methylpiperazine and (b) attack of

the carbon alpha to a hydroxyl group on MDEA by PZ to form a triamine and hydroxide.

0
O;FO HO L~y M
Ho ~Non T L°
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HO_~\ M + (" NH HN + co,

o HN. T LN~y OH

Figure 3: Carbamate polymerization degradation pathway between diethanolamine and PZ

PZ readily attacks methyl substituent groups on the tertiary amine; bulkier substituent groups, such as ethyl or
hydroxyethyl groups, are attacked at a lower rate and have higher activation energies of thermal degradation. PZ
will rapidly react with intermediate byproducts capable of forming oxazolidinones and thus will have a higher
degradation rate than the tertiary amine for solvents whose intermediate degradation products include
oxazolidinone-forming amines. Table 3 summarizes the degradation rates of a variety of PZ-activated tertiary amine

solvents [7].

Table 3: Degradation rates and activation energies of 5 m tertiary amine (TA)/5 m PZ solvents at an initial

loading of 0.225 mol CO,/mol alkalinity and 150 °C

Tertiary ki, TA ki, PZ Ea TAPZ Tertiary ki, TA ki, PZ Ea, TAPZ
Amine 10 sec™ 10 sec’ kJ/mol Amine 10 sec™ 10 sec™ kJ/mol
MDEA 325+35.7 766+40.9 140/139 EDEA 199+12.4 333+21.4 -
DMAE 417+24.3 617+20.4 134/126 DEAE 168+11.7 257+5.14 175/168
DMAIP 202+12.4 278+10.7 - nBuDEA 177+21.2 291+26.1 -
DMAP 240+20.0 258+23.4 126/131 tBuDEA 1220+95.1 1180+165 -
DMAB 1780+208 1150+164 - TEA 161+27.2 277+26.3 169/190
DMAEE 339+40.2 302+41.3 - TIPA 58.3+7.36 129+15.2 -
HEM 10.746.0 17.2+6.9 -
HIPM 11.0+18.2 14.4+3.8 -
HPM 5.4+6.0 10.2+4.0 -

3.2. Degradation of PZ-Activated Hindered Amines

The degradation of PZ-activated hindered amines is believed to be initiated via the carbamate polymerization
mechanism for the hindered amines that are capable of forming oxazolidinones. This is shown in Figure 4. AMP
oxazolidinone as well as the product corresponding to the reaction between PZ/AMP, were identified using direct-

injection MS as the main degradation product [8].
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All of the hindered amines in this study have structures (two to three carbons between the hydroxyl and amine
function) that would lead to oxazolidinone formation. Otherwise, degradation initiated by PZ attack on either the
carbon alpha to the hydroxyl or protonated amino functions on the hindered amine would likely dominate. Table 4
summarizes the degradation rates for a variety of PZ-activated hindered amines.

0
N 4 [CONH L HNTY NH, + CO,
ﬁ\/ HN_ LN
Figure 4: Formation of oxazolidinone from AMP carbamate and subsequent reaction between PZ and
oxazolidinone to form a triamine.

Table 4: Degradation rates and activation energies of 2.67 m hindered amine (HA)/1.33 m PZ solvents at an
initial loading of 0.223 mol CO,/mol alkalinity and 165 °C

Hindered ki, HA ki, PZ Ea, HA/PZ Tertiary ki, HA ki, PZ Ea, HA/PZ
Amine 10° sec? 10° sec? kd/mol Amine 10° sec? 10° sec? kd/mol
AMP 212+16.7 267+11.4 127/129 2-PM 6907+1228 7764+3632 107/105
AMPD 480+52.4 125+21.1 104/147 2-PE 501+50.3 554+30.5 110/112
TRIS 376+71.6 600+27.4 100/116 TBAE 76.4+7.9 140+7.6 103/125

AMP and TBAE are the most stable hindered amines tested. 2-PM is significantly less stable than 2-PE because
it forms a 5-membered oxazolidinone versus a 6-membered oxazolidinone. The rate of PZ degradation in activated
TRIS is greater than AMPD or AMP. TRIS has three hydroxyethyl groups, compared to two and one for AMPD
and AMP, respectively. The triamine product between TRIS oxazolidinone as well as AMPD oxazolidinone with
PZ can also form oxazolidinones, which can lead to additional PZ loss. The rate of hindered amine degradation is
greater in AMPD than in TRIS or AMP, but the PZ degradation is the lowest and has the highest activation energy
in AMPD/PZ. ltis possible that the AMPD oxazolidinone is stable and does not readily react with PZ.

3.3. Maximum Stripping Temperature (Tyax)

The maximum stripping temperature (Tuax) Of a solvent is defined as the stripper temperature that leads to
thermal degradation losses of about 2%/week and is a useful method to rank the relative stability of amines as
functions of their initial degradation rates [9]. For MEA, Davis determined that the maximum stripper temperature
was 122 °C [10]; gas treating plants and CO, capture pilot units using the MEA solvent typically run the stripper
between 115 and 120 °C [7,9].

To estimate the Tyax, a first-order degradation rate constant is calculated with respect to total amine
concentration at 150 °C for the PZ-activated tertiary amines and at 135 °C for the PZ-activated hindered amines and
is shown in Equation 3.

dc

—=k*C 3
m ®)

Z ParentAmines

Activation energies are calculated if rate constants calculated using Equation 3 are available at different
temperatures. Otherwise, activation energies are estimated based on data available for amines whose structures and
degradation mechanisms are similar to the amine of interest and whose activation energy is known [9]. For
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example, the activation energy of PZ/TIPA is expected to be similar to PZ/TEA, and the activation energy of the
PZ/tertiary morpholine solvents is expected to be similar to concentrated PZ. These data are summarized in Table 4
[7].

PZ-activated aliphatic tertiary amines with at least one methyl group, such as PZ/MDEA and PZ/DMAE, degrade
at the greatest rate and have Tyax values between 120 and 130 °C. PZ-activated aliphatic tertiary amines with no
ethyl groups, such as PZ/TEA and PZ/DEAE, degrade more slowly than PZ-activated tertiary amines with at least
one methyl group and have Tyax values between 130 and 140 °C. PZ-activated tertiary morpholine solvents are the
most stable promoted tertiary amine solvent tested with Tyax values above 150 °C. PZ-activated TBAE and AMP
are the most stable hindered amine solvents, with stability decreasing as hydroxyethyl substituent groups are added
to the hindered amine.

Table 4: Tyax for a variety of PZ/tertiary amine solvents and PZ/hindered amine solvents

Amine Ea MST Amine Ea MST

System kJ/mol °C System kd/mol °C
5mPZ/5mHPM 180 161 1.33mPZ/2.67 m TRIS 110 128
5mPZ/5mHIPM 180 157 1.33mPZ/2.67 m 2-PE 110 127
5mPZ/5mHEM 180 156 5m PZ/5 m DMAIP 130 127
1.33mPZ/2.67 m TBAE 110 147 5mPZ/5 m DMAP 130 127
5mPZ/5mTIPA 190 141 5mPZ/5m DMAEE 130 124
1.33 mPZ/2.67 m AMP 130 141 5mPZ/5m MDEA 140 122
5mPZ/5mTEA 190 135 5mPZ/5m DMAE 130 120
5m PZ/5 m DEAE 170 133 5mPZ/5 mtBuDEA 130 111
5m PZ/5 m nBuDEA 170 133 5mPZ/5m DMAB 130 107
5m PZ/5mEDEA 170 132 1.33mPZ/2.67 m 2-PM 110 97
1.33 mPZ/2.67 m AMPD 110 131

4. Conclusions

1. PZ-activated tertiary amines with at least one methyl group, such as PZ/MDEA and PZ/DMAE, degrade at the
greatest rate. They typically have activation energies of thermal degradation between 120 and 140 kJ/mol and
maximum stability temperatures between 120 and 130 °C.

2. PZ-activated tertiary amines with no ethyl groups, such as PZ/TEA and PZ/DEAE, degrade more slowly than
PZ-activated tertiary amines with at least one methyl group. They typically have activation energies of thermal
degradation between 160 and 190 kJ/mol and maximum stripper temperatures between 130 and 140 °C.

3. PZ-activated tertiary morpholine solvents are the most stable promoted tertiary amine solvent tested with
maximum stripper temperatures above 150 °C.

4. Intermediate degradation products formed from the initial reaction between PZ and the tertiary amine can form
oxazolidinones. These compounds can rapidly react with PZ, doubling its degradation rate relative to the tertiary
amine.

5. PZ-activated TBAE and AMP are the most stable hindered amine solvents. Stability decreases as
hydroxyethyl substituent groups are added to the hindered amine.
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Abstract

Concentrated 8 m piperazine was oxidized in the HTOR bench-scale cyclic oxidation apparatus using air and in a campaign
conducted at the Tarong pilot plant using a slipstream of post-combustion coal flue gas. The HTOR apparatus closely resembles a
real COz capture plant with solvent cycled between low and high temperatures. The profile of oxidation products produced in the
HTOR and at Tarong was similar, with formate the most significant liquid-phase product. Ammonia emissions accounted for 50%
of the alkalinity oxidized. The oxidation rate observed at Tarong increased by a factor of 3 when the stripper operating temperature
was raised 30 °C. The oxidation rate of piperazine at 150 °C was 80% less than monoethanolamine at 120 °C, and was reduced a
further 60% by the addition of Inhibitor 8. Oxidation is not limited by the reaction of dissolved oxygen and is enhanced in the
stripper and reboiler sump by cyclic oxygen and electron carriers such as organic peroxides and dissolved metal ions.

© 2013 The Authors. Published by Elsevier Ltd.
Selection and peer-review under responsibility of GHGT.

Keywords: amine oxidation; CO, capture; pilot plant; piperazine; cycling system

1. Introduction

The susceptibility of monoethanolamine (MEA), piperazine (PZ), and other amines to oxidation has been studied
in batch and semi-batch systems since the 1950s [1]. Amine oxidation rate is a function of CO, loading, amine and
0Xxygen concentration, temperature, solvent residence time in the absorber and stripper, and the presence of dissolved
metal ions from corrosion [2]. MEA has been the most widely studied baseline solvent due to its low cost and
industrial use in acid gas scrubbing. Concentrated aqueous PZ has recently been proposed as an alternative solvent
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due to its increased thermal stability and CO- capacity and absorption rate [3]. PZ has also been shown to be resistant
to oxidation at absorber conditions [2].

Amine oxidation typically produces volatile ammonia, which will then be emitted in the flue gas leaving the
absorber, and heat-stable salts including formate, acetate, and oxalate, which will accumulate in the solvent over time,
increasing viscosity and corrosivity [2]. Additional water wash or acid wash treatment and solvent reclaiming may
be required to limit the emission of degradation products.

Previous oxidation experiments have typically simulated absorber conditions, where flue gas containing excess
oxygen continuously contacts the amine at low temperatures (40 to 70 °C). However, more recent work has shown
that amine oxidation is significantly enhanced when the solvent is continuously cycled between absorber and stripper
temperatures (100 to 150 °C) [2, 4]. This is most likely caused by the reaction of oxygen carriers (dissolved oxygen,
peroxides, nitrite, and dissolved metal ions) with the amine in the cross-exchanger, stripper, and reboiler.

The most accurate picture of amine oxidation can only be made from pilot plant campaigns that mirror the
conditions expected in a full-scale capture facility. Previous pilot plant campaigns using MEA [5] and PZ [6] solvents
have shown that oxidation will be the dominant cause of amine loss and thermal degradation will be minimal.

Nomenclature

1-MPZ N-methyl-piperazine

2-PZOH 2-Piperazinol

AEP N-aminoethyl-piperazine

Cr¥*  Chromium ion

CSIRO Commonwealth Scientific and Industrial Research Organization
DNPH 2,4-Dintro-phenyl-hydrazine

EDA  Ethylenediamine

Fe?* Ferrous iron ion

FTIR  Fourier Transform Infrared Spectroscopy

HGF  High Gas Flow Oxidation Reactor

HPLC High performance liquid chromatography

HTOR High Temperature Oxidation Reactor

Inh Inhibitor

L/G ratio of liquid solvent to flue gas flow rate (kg/kg)
MEA  Monoethanolamine

M Molarity (moles of species per L solution)

m Molality (moles of species per kg solvent)

mol/kg moles of species per kg solution

MT metric ton

NOx nitrous oxides

ppm,  parts per million (molar/volumetric)

Pz Piperazine

SOy sulphur oxides

T. Total heat-stable salt (summation of free salt and amide)
TR Thermal Reactor

2. Experimental Methods

In this work, MEA and PZ were oxidized in the High Temperature Oxidative Reactor (HTOR). This apparatus
combines low temperature oxidation in the presence of excess oxygen with high temperature oxidation at stripper
temperatures. A time series of solvent samples was also collected from a recent campaign using 8 m PZ conducted at
the Tarong CO; capture pilot plant.
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2.1. High Temperature Oxidation Reactor (HTOR) cyclic oxidation apparatus

The HTOR apparatus was constructed to allow the cycling of solvent between a low-temperature atmospheric
oxidation reactor and a high-temperature high-pressure thermal reactor. Saturated air mixed with 0.5-2% CO; is
sparged at 7.5 L/min into a high gas flow (HGF) glass reactor containing 350 mL of amine. The HGF is jacketed by
an oil bath at 40 to 55 °C. The solvent is continuously drawn off from the reactor at 0.2 L/min with a peristaltic pump
to a bubble-removal vessel before being pumped to the thermal reactor (TR). The TR operates at up to 160 °C and
17.2 bar. A stainless steel plate-and-frame cross-exchanger is used to transfer heat from the solvent leaving the TR to
the solvent entering the reactor. The TR is also a stainless steel plate-and-frame exchanger submerged in an oil bath.
A trim cooler (a ¥%4” tube submerged in a temperature-controlled water bath) is used to reduce the solvent temperature
before it is returned to the HGF reactor. The total inventory of solvent in the apparatus is 1.6 L. A hot-gas Fourier
transform infrared (FTIR) continuously quantifies ammonia leaving with the gas. Liquid samples are taken
periodically for analysis of amine loss and degradation product accumulation. A PFD of the HTOR is shown in Figure
1. Additional specifications for the apparatus can be found in the Alex Voice’s Ph. D. dissertation [3].

25°C
23-27° o
— 180°C [/ FTIR Analyzer
TS, 280%C &
‘_
Bubble
/"'—\ Removal Vessel
— O;idative Peristaltic Pump gc;;gso ¢
eactor 0
Whinn =435 80-150°C
0 psig d 3 T
=68s 200 psig
(BN T i Diaph
= Liquid level 0 psig el
45-105°C Pump ;
—_—
Cross Exchanger Trim Heater
40-50°C 60-105°C 80-150°C «
R - Badiz'lizsure Trim 1=39s (cold) =395
ir Cooler t=35s (hot)
Saturator =35

30°C

Fig. 1. Process flow diagram of the HTOR apparatus [2]
2.2. Tarong CO, Capture Pilot Plant PZ Campaign

The Tarong CO- capture pilot plant was constructed and operated by the Commonwealth Scientific and Industrial
Research Organization (CSIRO) at the coal-fired Tarong Power Station in Nanango, Queensland, Australia. The pilot
plant has been described in detail previously [7]. The plant has the capacity to treat a 0.1 MW, slip stream of flue gas
with 75% to 90% removal of CO,. 600 kg/hr of flue gas entered the absorber with a typical composition of 11.7 vol
% CO; and 6.7 vol % O, and contacted with 20 L/min of solvent. A caustic wash scrubber before the absorber reduced
SO, entering with the flue gas to below 1 ppm.
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CSIRO conducted a campaign at Tarong using 8 m (40 wt %) PZ in 2012 and 2013. After approximately 900 hours
of parametric testing to evaluate the energy requirements of the solvent [8] two long-duration tests were conducted,
maintaining constant operating conditions. The stripper was operated at 125 °C for 6 weeks before being raised to
155 °C for an additional 6 weeks using the same solvent inventory. Solvent and gas flow rates, rich and lean CO;
loading, and liquid holdups were kept constant between the two tests. Liquid samples were collected periodically.

2.3. Analytical Methods

Analytical methods used to quantify amine loss and contaminant accumulation are summarized in Table 1.

Table 1. Analytical methods used to quantify amine oxidation.

Method Analytes Reference
Sulfuric acid titration Total alkalinity [11]
Cation Chromatography Amines [3]

Anion Chromatography Heat-stable salts [3]

HPLC with UV detection 2-PZOH [9]
Inductively Coupled Plasma Optical Emission Spectroscopy Dissolved metal ions [3]
Fourier-Transform Infrared Spectroscopy Ammonia [10]

“Total” heat-stable salts were quantified by treatment of the sample with an equal volume of 5 N NaOH and waiting
24 to 48 hours before analysis by anion chromatography [3].

2-piperazinol (2-PZOH) was quantified by treatment of solvent samples with 2,4-dinitrophenolhydrazine (DNPH)
to produce compounds that can be detected via UV absorption on reverse-phase HPLC [9].

3. Results
3.1. PZ Oxidation in the HTOR apparatus

8 m PZ was oxidized in the HTOR with cycling up to 150 °C (Figure 3). The solvent had been slightly degraded
in the HTOR during a previous experiment before the start of the 2-week test. Formate was the most significant
oxidation product accumulated in the liquid phase, increasing by 45 mmol/kg. 2-piperazinol (2-PZOH) and
ethylenediamine (EDA) were also observed in significant molar concentrations, but decreased in concentration over
the course of the experiment, indicating that they are unstable intermediary oxidation products. N-(methyl)-piperazine
(1-MPZ2), acetate, and oxalate were observed to accumulate in lesser molar concentrations than formate. The most
significant thermal degradation product was N-(aminoethyl)-piperazine (AEP). AEP accumulated at a much lower
rate and concentration than the oxidation products, indicating that thermal degradation was not a significant source of
amine loss during the test. Metal ions including iron and chromium accumulated in micromolar concentrations due
to corrosion of the stainless steel thermal reactor and cross-exchanger.
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Fig. 2. Accumulation of degradation products in 8 m PZ oxidized in the HTOR. Products ranked by molar concentration in final sample. 40-55 °C
350 mL HGF reactor sparged with 7.5 L/min air + 0.5-2 vol% CO, 0.2 L/min cycling to 150 °C, 1.6 L total inventory.

A similar test was done in the HTOR using a solvent of 8 m PZ with the addition of 200 mM Inhibitor 8 (Inh 8)
(Figure 4). Inh 8 is proposed to inhibit oxidation via a free-radical scavenger method similar to Inhibitor A, a
previously-tested inhibitor [10]. For both solvents, the molar rate of ammonia generation measured by FTIR was
nearly identical to the molar rate of PZ loss as measured by cation chromatography. As PZ has 2 equivalents of
nitrogen per mole, ammonia accounts for 50% of the total alkalinity oxidized. Inh 8 reduced PZ loss, ammonia
generation, and formate accumulation by 55 to 65%. Ferrous iron accumulation was also reduced 60%. However,
chromium ion accumulation remained constant. Inh 8 may be reducing the solubility of ferrous iron in solution
without affecting the overall corrosion rate.
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Fig. 3. Oxidation of 8 m PZ and 8 m PZ + 100 mM Inh 8 in HTOR. (a) PZ loss (e, solid line) and ammonia rate (dotted line); (b) formate
accumulated; (c) EDA (e, solid line) and 2-PZOH (x, dotted line) accumulation; (d) Fe?* (s, solid line) and Cr®* (X, dotted line) accumulation. Black:
8 mPZ; red: 8 m PZ + 100 mM Inh 8. 40-55 °C 350 mL HGF reactor sparged with 7.5 L/min air + 0.5-2 vol% CO,, 0.2 L/min cycling to 150 °C,
1.6 L total inventory.

Table 2 summarizes the rates of amine loss, ammonia generation, total formate accumulation, and metal ion
accumulation in the 8 m PZ HTOR tests compared to an earlier experiment in the HTOR using 7 m MEA at 120 °C
[2]. The oxidation rate of 8 m PZ at 150 °C is 80% less than 7 m MEA at 120 °C even before the addition of Inh 8.

Table 2. Comparison of amine loss, ammonia production, total formate, iron, and chromium ion accumulation rates in the HTOR
for 7 m MEA cycled to 120 °C [2], 8 m PZ cycled to 150 °C, and 8 m PZ + 100 mM Inh 8 cycled to 150 °C. 40-55 °C 350 mL
HGF reactor sparged with 7.5 L/min air + 0.5-2 vol% CO, 0.2 L/min cycling rate, 1.6 L total inventory

Solvent (max T) Amine loss Ammonia  T. Formate Ferrous ions  Chromium ions
mmol/kg/hr pmol/kg/hr
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7 m MEA (120 °C) [V] 477 3.13 0.32 2.02 0.71
8 m PZ (150 °C) 0.89 0.89 0.13 1.05 1.10
8 m PZ + Inh 8 (150 °C) 0.30 0.31 0.06 0.39 1.20

3.2. Tarong Pilot Plant Long-Duration PZ Campaign

Figure 4 shows the accumulation of contaminants in the PZ solvent during the two long-duration tests. The profile
of degradation products is very similar to that observed in the HTOR apparatus, with formate the most significant
contaminant on a molar basis. There was also significant accumulation of sulfate and nitrate caused by absorption of
SOx and NO, from the flue gas. The molar rate of formate accumulation increased by a factor of 3 when the stripper
operating temperature was raised from 125 to 155 °C.
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Fig. 4. Contaminant accumulation in Tarong pilot plant long-duration 8 m PZ tests at 125 °C and 155 °C. Contaminants ranked by molar
concentration in final sample.

Modeling of PZ Loss at Tarong

Using oxidation rate data collected from the HTOR experiments, a spreadsheet model was created to estimate the
total solvent loss rate and accumulation rate of contaminants. Oxidation was assumed to be first order in respect to
amine concentration in the solvent and oxygen concentration in the flue gas, and was assumed to be dominated by the
residence time of the solvent at the maximum operating temperature in the stripper and reboiler sumps. The activation
energy of PZ oxidation was previously quantified at 32 kJ/mol in the HTOR [2]. The spreadsheet also incorporated
previously-developed models for thermal degradation [3, 11] and nitrosation of PZ to produce nitrosamines [12]. All
SO, entering the absorber with the flue gas was assumed to be absorbed as sulfate. Volatile amine emissions in the
flue gas leaving the absorber were assumed to be controlled to 1 ppmy by a water wash scrubber. The spreadsheet
model could also be used to calculate the required feed rate and estimated solvent loss for a thermal reclaimer to
maintain heat-stable salt concentration at a user-specified value.

Using the operating parameters of the Tarong pilot plant, the loss rate of 8 m PZ at a stripper operating temperature
of 155 °C was estimated to be 0.65 kg/MT of CO; captured, 67% due to oxidation. By comparison, 7 m MEA at the
same operating conditions except a 120 °C stripper would have a loss rate of 1.54 kg/MT CO,. While PZ is typically
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more expensive per kg than MEA, previous modeling work has shown significant energy savings when operating 8

m PZ at 150 °C compared to 7 m MEA at 120 °C [13].

Table 3. Model predictions for solvent loss and ammonia generation rates for 8 m PZ at Tarong as a function of metric tons CO,
captured. Assumes 90% removal of 12 vol % CO, from coal flue gas, L/G of 2.2 kg/kg, 32 minutes total holdup with 11 minutes

holdup in stripper and reboiler

Cause of solvent loss Rate Assumptions

Thermal degradation 0.03 kg PZ/MT CO, 155 °C regeneration temperature
Oxidation 0.44 kg PZ/IMT CO, 7 vol% O, in flue gas
Nitrosation 0.04 kg PZ/IMT CO, 1 ppm, NO; in flue gas

Volatile PZ emissions

Additional loss in reclaimer

Total solvent loss

0.02 kg PZ/MT CO,
0.13 kg PZ/MT CO,

0.65 kg PZ/MT CO,

Controlled to 1 ppm, by water wash

Feed rate to thermal reclaimer set to maintain 1 wt % steady
state heat-stable salt concentration; 95% amine recovery

Previously, it has been hypothesized that amine oxidation was the result of the reaction of dissolved oxygen with
the amine in the hot end of the COz-rich side of the cross exchanger and in any piping between the cross-exchanger
and the stripper. Upon entering the stripper, it was postulated that any remaining dissolved oxygen would flash off,
ceasing oxidation [4]. However, this assumption under-predicts the observed accumulation of formate at Tarong by
60% (Figure 5). Assuming that oxidation continues into the stripper and reboiler sump due to nonvolatile oxygen
carriers (organic peroxides, dissolved metal ions, aldehydes, etc.) matches the final observed accumulation of PZ to

within 5%.

Sulfate accumulation matched the model assumption to within 5% of the final concentration, assuming 100%
absorption of 0.55 ppmy SO,. Tarong employed a caustic scrubber to limit SO; in the flue gas entering the absorber

to below 1 ppmy.
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Fig. 5. Observed total formate (black) and sulfate (red) accumulation at Tarong relative to model predictions (lines). Dashed line: predicted
formate accumulation assuming oxidation ceases after flash-off of dissolved oxygen upon entering stripper. Solid line: oxidation continues in

stripper and reboiler sump.
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4. Conclusions

The oxidation rate of 8 m PZ when cycled from 40 to 150 °C in the HTOR apparatus was 80% less than 7 m MEA
cycled up to 120 °C. The addition of 100 mM Inh 8 reduced oxidation an additional 60% and also reduced the
solubility of ferrous iron ions from stainless steel corrosion. 50% of nitrogen lost due to oxidation was emitted in the
gas phase as ammonia. Formate was the most significant stable oxidation product to accumulate in the liquid phase.
2-piperazinol and ethylenediamine were also observed in high concentrations but were not stable.

The accumulation rate of formate in 8 m PZ increased by a factor of 3 when the stripper operating temperature was
raised from 125 to 155 °C at the Tarong pilot plant. The accumulation rate could not be explained solely by the
reaction of the amine with dissolved oxygen and may be enhanced in the stripper and reboiler sump by nonvolatile
oxygen carriers such as organic peroxides and metal ions.

Using first-order approximations, a solvent loss rate of 0.65 kg PZ/MT CO; captured was estimated for a capture
plant using the same operating parameters as the Tarong campaign.
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Abstract

The equimolal CO,solvent, 4 m 2-methylpiperazine (2MPZ)/4 m piperazine (PZ), was modeled in Aspen Plus® using the eNRTL thermodynamic
framework. Data were regressed using binary interaction parameters. The sequential regression method was used starting from prior PZ and 2MPZ
models. The model correctly predicts the CO, equilibrium partial pressure from 40-160 °C. The average differential heat of absorption is close to
the expected value of —70 kJ/mol CO,. Newly reported data show that previous data overpredicted viscosity. Activity-based kinetics were used with
pairs of power-law reactions representing the forward and reverse reactions. Fluxes measured in a WWC for lean to rich loading and for 40-100 °C
were matched, yielding a SSE of 2.39. The kinetic model used ten different reactions along with the diffusivity of amine-products to capture the rate
behavior. This model can be used for techno-economic assessments, pilot plant data reconciliation, and process modeling.
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1. Introduction

Concentrated piperazine (PZ) has emerged as a solvent of interest due to its multiple advantages over monoethanolamine, such as
higher resistance to degradation, higher Kinetic rates, and higher capacity. PZ precipitation can be mitigated by blending PZ with
another amine. This paper looks at 4 m PZ blended with 4 m 2-methylpiperazine (2MPZ), a moderately hindered secondary amine.

There are no prior open-literature models of 2MPZ/PZ. There are prior models of the subsystems. For 2MPZ there is a
thermodynamic and corresponding kinetic model [1,2]. For concentrated PZ, there is an Aspen Plus® model and a proprietary model
(Independence) developed by the University of Texas [3].
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Nomenclature

abbreviations

m molality

eNRTL electrolyte non-random two-liquid
2MPZ 2-methylpiperazine

Pz piperazine

MDEA methyldiethanolamine

MEA  monoethanolamine

WWC  wetted wall column

T temperature

VLE  vapor-liquid equilibrium

symbols

Tref reference temperature
T T'Tref

T temperature

a loading, non-randomness parameter
Y activity coefficient

) viscosity

p density

o’ standard deviation

G Gibbs free energy

2. Methods

2.1. Experimental

Amine solutions were prepared gravimetrically and CO, was added by bubbling gaseous CO, through the solution. The reported
composition was measured using total alkalinity for amine concentration and total inorganic carbon for CO, concentration. Viscosity
data were collected using the same equipment, a Physica MCR 301 cone and plate rheometer. Solution preparation, total alkalinity,
TIC, and operating procedure are as described by Freeman [4]. TIC, total alkalinity, and viscosity were performed with triplicates.
The standard deviation of the TIC and total alkalinity measurements were less than 2% of the average value while for viscosity the
value was up to 14% with a mean of 4%.

2.2. Thermodynamic Modeling
The model is constructed in Aspen Plus® V7.3 using the electrolyte non-random two-liquid (eNRTL) model for the liquid phase,

which is a rigorous, activity coefficient model [5,6]. The vapor phase is modeled using Redlich-Kwong. The regressed parameters are
the local contribution terms of the excess Gibbs free energy function. This local contribution is partially calculated from Equation 1,

G = exp(—ari,j) @

a is the non-randomness parameter, and t;; is the binary interaction parameter defined in Equation 2.

l(Tref 7)., <Tref>l )

T, (1;,i) defaults to 10 (-2) for pairs without water, and 8 (-4) for pairs with water. PZ, 2MPZ, and their zwitterions are modeled as
Henry’s components. The reference state for solutes is asymmetric, infinite dilution, whereas for solvents it is pure, symmetric.

= CU+ Y4k,
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This model draws upon the prior work of Frailie for PZ parameters [3], and Chen for most of the 2MPZ parameters [1]. These
models and the 2MPZ/PZ model were developed using sequential regression. First, the pure amine properties were regressed, then
the amine and water, followed by the amine, water, and CO,. This step was done in the two prior models. The current effort started
by merging the PZ and 2MPZ submodels. Then, 2MPZ+PZ+H,0 was regressed followed by 2MPZ+PZ+H,0+CO,. At each step, the
previously regressed parameters are left unchanged.

As the PZ model and the 2MPZ model used different Aspen Plus® property database values for CO,, merging the two models
necessitated choosing which model fit to preserve. The PZ fit was preserved due to higher confidence in its values. In order to resolve
this inconsistency, the 2MPZ model would have to be reregressed with the same CO, pure component parameters as the PZ model.

Table 1 shows the data available for 2MPZ/PZ thermodynamic regression: density, viscosity[7][7], vapor-liquid equilibrium
(VLE), and loaded and unloaded amine volatility. The total number of parameters regressed is twenty-six, of which ten were used for
viscosity, eight for density, and eight for VLE. Two additional parameters were adjusted to make the activity coefficient of CO, in
loaded solution well behaved.

Table 1. Thermodynamic data for the 4 m 2MPZ/4 m PZ system.

Data Type Number of Points  Points Regressed  Source Notes

VLE 16 16 [7] WwcC

VLE 11 11 [8] total pressure
Density 42 42 [4]

Viscosity 30 o [7]

Viscosity 40 40 this work

Amine volatility 13 o [9]

Total 152 109

The heat capacity of 2MPZ was assumed to be the same as that of PZ. t;; were regressed using the maximum likelihood method as
implemented in the data regression system of Aspen Plus® V7.3.

As no activity coefficient of CO, (yco ) data were available for loaded solvent, the trends with loading and temperature were
checked for reasonable behavior. The temperature dependent D;; parameters for (2MPZH*,PZ(COQ"),), CO, and (PZH*,2MPZCOO~
), CO, of Equation 2 were adjusted to improve behavior.

The density and viscosity were correlated using least-squares minimization. Density was fit using Equation 3.

Pampz+pz = XH,0PH,0 + Xampz(aT + b) + xpz (cT + d)

. . ®3)
+Xco, (eT + f)+xc02 (xampz + xp7) (9T + h)
X; is the mole fraction, po is the density of water, T = T — 313.15 K, a-h are adjustable parameters.
The viscosity was fit using Equation 4.
lompz+pz [(axompz + bxpz + )T + dxompz + €xpz + f]
—_— = X2MPZ+PZ 4)

= exp , .
Hu20 * [(gxampz + hxpz +iT + a + 1] = T2

Here x; is mass fraction, M0 is the viscosity of water, a is loading in mol CO,/mol alk, and a-j are adjustable parameters.
Equations 3 and 4 are referenced to pure water to ensure proper behavior at low amine concentration, such as in the water wash. They
both depend on the individual amine concentrations, temperature, and loading. These equations were implemented as Fortran

subroutines.

The solvent capacity for coal conditions is calculated using Equation 5, where the rich (aic) and lean (aean) loadings are at 5 and
0.5 kPa at 40 °C.
— Qypan) (Mol alk)

(@ricn
AC = 5
kg amine + H,0 ©)
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This capacity does not account for viscosity. Considering the effect of viscosity on heat and mass transfer leads to normalizing the
capacity as in Equation 6 [10].

AC

Cu = Heatm;
("™/10 cp)

Here amig is the middle loading between the rich and lean loading at 40 °C.

0.25 (6)

2.3. Kinetic Modeling

Reaction data collected using a wetted wall column (WWC) were simulated in Aspen Plus® [7]. The WWC interfacial area and
gas-side resistance were implemented using custom Fortran subroutines [3]. At each temperature and loading, the WWC is operated
to give six fluxes of CO,: three desorption and three absorption. Only the strongest desorption and absorption fluxes were regressed
as these have the least experimental error, being furthest from equilibrium. There were thirty-two points regressed ranging from 40 to
100 °C and at one lean, two middle, and one rich loading.

To account for the highly non-ideal nature of the solvent, the kinetics are modeled with activities as shown in Equation 7.

rzknai @)

k is the reaction constant and a; is the activity of component i. k is computed using Equation 8.

k = koexp I(_TEA) <% — Tlf)l (8)

Here Kk, is the reaction pre-exponential, E, is the activation energy, R is the universal gas constant, and T is set to 40 °C.

The reaction set in Table 2 has two types of reactions: kinetic and equilibrium. Equilibrium reactions are handled by the
thermodynamic model calculating the excess Gibbs free energy. Kinetic reactions are a pair of forward and reverse reactions, where
each reaction rate is calculated by Equation 7. The reaction pre-exponential and the activation energy in Equation 8 are regressed for
the forward reactions, while the reverse rate is backcalculated from the reaction equilibrium constant from the thermodynamic model.
This ensures consistency with the thermodynamic model.

Table 2. Reaction set for 2MPZ/PZ.

Type Stoichiometry Reaction
kinetic PZCOO™ + H,O + CO, < HPZCOO + HCO; 1
Kinetic 2MPZCOO + H,O + CO, « H2MPZCOO + HCO; 2
kinetic 2PZCOO + CO, <« PZ(COO), + HPZCOO 3
Kinetic PZCOO + 2MPZ + CO, « PZ(COO), + 2MPZH" 4
kinetic PZCOO + 2MPZCOO + « PZ(COQ), + H2MPZCOO 5
CO,
Kinetic PZ + 2MPZ + CO, <« PZCOO + 2MPZH" 6
kinetic 2PZ + CO, « PZH" + PZCOO™ 7
Kinetic 22MPZ + CO, < 2MPZH" + 2MPZCOO 8
kinetic 2MPZ + PZ + CO, « 2MPZCOO + PZH* 9
22MPZCOO + CO, <« 2MPZ(COO), + H2MPZCOO 10

equilibrium 2MPZCOO + 2MPZH® « H2MPZCOO + 2MPZ

equilibrium 2MPZ + HCO; « 2MPZH" + CO;*

equilibrium 2MPZ + PZH* < 2MPZH' + PZ

equilibrium PZCOO + PZH® « HPZCOO + PZ
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The reactions that only involved PZ were taken from the prior MDEA/PZ model [3]. Any reaction involving 2MPZ was regressed.
Reaction parameters are regressed alongside the diffusion of amine-products. The prefactor and sensitivity to temperature and
viscosity are adjusted as shown in Equation 9.

T \* u g
Dpm-proa = Do( > ( ) (9)
meere Tref .uref
The diffusion of free CO, in solvent is shown in Equation 10.
_ Hwater 0.8 10
DCOZ—soln - DCOZ—water ( )
Usoin

Dcoo-water (mzls) is the diffusivity of CO, in water defined in Equation 11 [11].

—2119) (11)

Doz water = 2358 = 06+ exp

These kinetic reactions and diffusivities are calculated throughout the liquid boundary layer. The layer is discretized at thirty-two
points.

The experimental loading was adjusted to balance the relative error of the absorption and desorption points. This has the effect of
ensuring that at zero driving force, there is zero flux [3]. This adjustment corrects for experimental errors as well any errors in the
equilibrium model.

Regression proceeds by changing the reaction pre-exponential, activation energy, and diffusivity of amine-products to match the
experimental flux.

3. Results

3.1. Experimental Results

32.0 4

20°Ceo © o0 0¢o
O
O
16.0 - o o o U ] E
o |j M ]
M ° O O
(cP) ¢ [
s°c, U O ¢ O U
8.0 T I:l I:I |j
50 °C = OD'
O
ol .
60 °C
4.0 D- - - . . .
0 0.2 0.4 0.6

loading (mol CO,/mol alk)

Figure 1. 4 m 2MPZ/4 m PZ viscosity. Data sources: e this work, o [7] with loading multiplied by two.
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Prior to this work, viscosity was only available for 4 m 2MPZ/4 m PZ [7]. Without varying the ratio of 2MPZ:PZ, the viscosity
correlation of Equation 4 cannot account for individual amine effects. For this reason, new data were collected. Figure 1 shows the
discrepancy found between the newly collected data and the prior data. The full set of newly collected data is shown in Table 3. It is
unclear if the prior data characterized the solution composition using total alkalinity and TIC. Remeasuring 4 m 2MPZ/4 m PZ
uncovered a discrepancy that is corrected if the reported loading of Chen is doubled [7].

Table 3. Viscosity data for 2MPZ/PZ.

PZ 2MPZ Loading T 1] PZ 2MPZ Loading T 1]
m m (mol/mol  C cP m m (mol/molalk) C cP
alk)

4 4 0.170 20 26.99 2 1 0.000 20 3.19
4 4 0.170 40 10.88 2 1 0.000 40 1.54
4 4 0.170 60 5.30 2 1 0.000 60 1.14
4 4 0.207 20 27.74 2 1 0.062 20 3.29
4 4 0.207 40 11.81 2 1 0.062 40 1.71
4 4 0.207 60 5.76 2 1 0.062 60 1.23
4 4 0.282 20 28.80 2 1 0.123 20 341
4 4 0.282 40 12.89 2 1 0.123 40 1.49
4 4 0.282 60 6.32 2 1 0.123 60 1.31
4 4 0.311 20 29.55 2 1 0.181 20 3.54
4 4 0.311 40 14.17 2 1 0.181 40 1.70
4 4 0.311 60 6.66 2 1 0.181 60 142
4 4 0.368 20 29.83 2 1 0.223 20 3.67
4 4 0.368 40 13.70 2 1 0.223 40 1.77
4 4 0.368 60 7.47 2 1 0.274 20 3.80
4 4 0.397 20 29.75 2 1 0.274 40 2.03
4 4 0.397 40 14.56 2 1 0.325 20 3.97
4 4 0.397 60 8.89 2 1 0.325 40 2.08

2 1 0.367 20 4.06

2 1 0.367 40 245

2 1 0.442 20 4.13

2 1 0.442 40 2.56

3.2. Thermodynamic Modeling

The parameters used to fit VLE are shown in Table 4. All but one has a standard deviation lower than the parameter value. All but
the same one parameter are close to the default value of —4. To improve yco o the two parameters in Table 5 were adjusted.

The viscosity parameters are shown in Table 6. The SSE was 0.78. The density parameters are shown in Table 7. The SEE was
0.001. Using Equations 3 and 4 rather than the native correlations in Aspen Plus® gave a smoother fit with fewer parameters.

An attempt was made to fit the two sets of amine volatility data. They could not be fit along with VLE data, indicating that the
data are inconsistent. The volatility data are less reliable, and so the VLE data were trusted.

Table 4. VLE parameters of Equation 2 for 4 m 2MPZ/4 m PZ with their standard deviation.

i j Ci,j 62
(2MPZH", PZCOO") H,O -3.691 0.157
(2MPZH*, PZ(COO),) H,0 -5.356 0.523
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(PZH", 2MPZCOO0) H,0 —4.095 0.168
(2MPZH", PZCOO") H2MPZCOO -13.262 0.588
(2MPZH*, PZ(CO0),) H2MPZCOO -14.315 0.800
(2MPZH", PZCOO") HPZCOO -0.0536 0.358
(PZH", HCO3) H2MPZCOO -11.083 1.652
(2MPZH", HCOy) HPZCOO —-7.060 0.967
Table 5. CO; activity coefficient parameters of Equation 2.
i j Di; (K)
2MPZH+/PZCO02- CO, -400
PZH+/2MPZCOO- CO, 1500
Table 6. Viscosity parameters for Equation 3.
Parameter Value Parameter Value
a 6.43 f 0.08
b 5.43 g 10.01
c -46.01 h -29.87
d -10.10 i 0.01
e 340.20 j 2.72

Table 7. Density parameters for Equation 3.

Parameter Value

a -2.90

b 1.19E+03
c -2.90

d 1.19E+03
e 2.06

f 3.29E+03
g -6.47

h -7.58E+03

The VLE fit in Figure 2 shows that the two most important temperatures, 40 and 140 °C, are nicely matched. 40 °C is the operating
temperature of the absorber, and so matching VLE here ensures proper speciation. The amount of each species present links the
thermodynamic model to the kinetic model. 140 °C is important to match as it sets the stripper pressure.
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Figure 2. CO; solubility of 4 m 2MPZ/4 m PZ. Lines are the model predictions spaced 20 °C apart; filled points WWC data [7]; empty points total pressure [12].

Using the VLE fit along with Equation 5, the capacity is found to be 0.84 mol CO,/kg amine+H,0. Normalizing the capacity to
viscosity using Equation 6 lowers the value to 0.78 mol CO,/kg amine+H,0. This is the same normalized-capacity as 8 m PZ.
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Figure 3. Heat of absorption of 4 m 2MPZ/4 m PZ calculated using the shown equation. Lines are spaced 20 °C apart, except for 25 °C.
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The differential heat of absorption as predicted using the thermodynamic relationship shown in Figure 3 is essential to predicting

the temperature bulge in the absorber. A precise prediction is needed to determine the amount and location of intercooling. The
predicted heat of absorption matches expected magnitude, loading, and temperature trends.

H(2M)PZCOO

(2M)PZH*

0 0.1 0.2 0.3 0.4 0.5
loading (mol CO,/mol alk)

Figure 4. Speciation of 4 m 2MPZ/4 m PZ at 40 °C. Solid lines are 2MPZ species, dashed PZ.

HCO-

H(2M)PZCOO_

_ _ (2m)pzH*

0.05 0.15 0.25 0.35 0.45
loading (mol CO,/mol alk)

Figure 5. Stoichiometry of 4 m 2MPZ/4 m PZ at 40 °C. Solid lines are 2MPZ species; dashed PZ.
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Figure 4 shows that the amount of free PZ decreases faster than 2MPZ, which is attributable to the greater stability of its
carbamate and dicarbamate species. For this reason, 2MPZ more often serves as the base rather than forming carbamate. This is why
there is more protonated 2MPZ and 2MPZ carbamate.

Another way of interpreting the speciation data is to consider the major reactions at each loading. Figure 5 plots the change in one
species relative to the change in CO,. At a loading of 0.1 mol CO,/mol alk, the main reactions are PZ+2MPZ +CO, - 2MPZCOO™
+PZH" and PZ + 2MPZ + CO, > PZCOO™ + 2MPZH". At a loading of 0.3 mol CO,/mol alk, the main reaction is 2MPZCOO- +
PZCOO +CO, - H2MPZCOO + PZ(COO),.

3.3. Kinetic Modeling

The reaction parameters are shown in Table 8. They are grouped by the CO, product. In changing PZ reactions catalyzed by PZ to
PZ reactions catalyzed by 2MPZ, the rates are kept the same as the PZ reaction. This is seen in reactions 3, 5, and 6, 7.

The parameters to represent the diffusion of amine products are shown in Table 9. These parameters are most important at high
loading and high temperature. As 4 m 2MPZ/4 m PZ has a high viscosity, the dependence of diffusivities on viscosity is especially
important.

Table 8. Reaction parameters for 4 m 2MPZ/4 m PZ for Equation 8.

Stoichiometry ko (kmol/s-m°) Ea (10* J/mol)
fwd rev fwd rev

PZCOO + H;O + CO; « HPZCOO + HCO; 2.20E+04  9.74E+01  4.90 7.37
2MPZCOO + H,0 + CO, <« H2MPZCOO + HCOs3 2.62E+06  4.28E+05 9.80 17.5
2PZCOO" + CO; « PZ(COO), + HPZCOO 2.76E+10  2.63E+05  1.42 8.93

PZCOO + 2MPZ + CO, « PZ(COO), + 2MPZH" 1.00E+10 9.51E+04  6.98 16.6

PZCOO + 2MPZCOO + CO, <« PZ(COO), + H2MPZCOO

2.76E+12  2.49E+09  1.42 14.1

PZ + 2MPZ + CO, « PZCOO + 2MPZH" 2.04E+10 4.27E+04  1.42 8.51

2PZ + CO, « PZH" + PZCOO 2.04E+10 6.44E+04 1.42 8.77

22MPZ + CO, < 2MPZH" + 2MPZCOO" 1.45E+10 4.50E+04  1.42 8.93

2MPZ + PZ + CO; « 2MPZCOO™ + PZH' 9.00E+10 1.68E+05 0.4.57 7.95
22MPZCOO™ + CO; <« 2MPZ(COO); + H2ZMPZCOO  2.76E+10 6.67E+08  1.42 12.1

Table 9. Diffusivity parameters for Equation 9.

Parameter Value Units
D, 4.00E-10 m?/sec
a -2.5819 —
B 1 -
Tret 313.15 —
Href 0.0137 —

The kinetic fit is shown in Figure 6 and Figure 7. Figure 6 shows that there is a trend towards higher predictions at higher
temperatures. It also reveals that there is a large discrepancy between the absorption and desorption points at the temperature
extrema. Figure 7 replots the data against loading showing no bias with increasing loading. However, the fit breaks down at the rich
end. The overall sum of errors squared is 2.39.
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Figure 8. Net rate of kinetic reactions at 40 °C. Numbering corresponds to Table 2.

The individual contributions of each reaction are plotted in Figure 8. Reaction 5, the formation of PZ dicarbamate catalyzed by
2MPZ carbamate, is not plotted as its contribution was negligible. The next slowest reaction is reaction 1, which is the formation of
bicarbonate catalyzed by PZ carbamate. The dominant reaction at lean loading is the formation of 2MPZ carbamate catalyzed by PZ
(reaction 9). At rich conditions, this is slightly slower than the formation of PZ dicarbamate catalyzed by PZ carbamate (reaction 3).

4, Conclusions

The equimolar 4 m 2MPZ/4 m PZ was modeled in Aspen Plus® using the eNRTL thermodynamic framework. 109 data points for
VLE, density, and viscosity were regressed using twenty-six parameters. The resulting thermodynamic model correctly predicts the
CO, equilibrium partial pressure at absorber and stripper temperatures. The average differential heat of absorption is close to the
expected value of —70 kJ/mol CO,. The predicted speciation and stoichiometry reveal that the 2MPZ carbamate species is less
prevalent than the PZ carbamate species, though the 2MPZ zwitterion is more prevalent than its PZ counterpart. The viscosity-
normalized capacity is the same as that of 8 m PZ at 0.78 mol CO,/kg amine+H,0.

The kinetic model used ten different reactions to capture the rate behavior across the range of lean to rich loadings as well as from
40-100°C. The rate predictions are worst at the temperature extremes as well as at the rich loading. The SSE for the kinetic model
was 2.39. The formation of PZ dicarbamate catalyzed by 2MPZ carbamate is negligible. The dominant reaction at lean loading is the
formation of 2MPZ carbamate catalazyed by PZ, while at rich conditions the formation of PZ dicarbamate catalyzed by PZ
carbamate becomes dominant. Taken as a whole, this thermodynamic and kinetic model can be used for techno-economic
assessments, pilot plant data reconciliation, and process modeling.
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Abstract

There are many correlations of liquid phase mass transfer coefficient (k.) for packings in the literature; most were developed
without data that vary liquid viscosity (w) significantly (< 5 cP). In CO2 capture by amine scrubbing, s, of aqueous amine may be
significantly greater than water, which makes it important to know how mass transfer is affected by u.. A research plan is proposed
to measure the effective mass transfer area (ae) and kv in a pilot-scale packed column with s from 1 to 100 cP. Glycerol was chosen
as the viscosity enhancer for its complete solubility in water and the Newtonian behavior of its aqueous solution. Models were built
to estimate the physical properties (uL, p, Dcoz, Heoz, y) of CO2/NaOH/H20/glycerol based on literature data. Kinetic data (kq') for
the system were obtained with a wetted wall column (WWC). The kinetic data, kq', was found to initially increase with glycerol
concentration because of the catalytic effect of glycerol, then decrease rapidly because of the increase in uL. The overall reaction
rate constant (kaik) was determined from kg' data, and was found to increase with glycerol concentration until it becomes asymptotic.
This model for kg' will be used for future measurement of ae and kv in a pilot-scale column.

© 2013 The Authors. Published by Elsevier Ltd.
Selection and peer-review under responsibility of GHGT.

Keywords: post-combustion CO, capture; liquid phase mass transfer coefficient; mass transfer area; packing; liquid viscosity; glycerol

1. Introduction

CO, capture and storage (CCS) is an important technology for greenhouse gas control. Post-combustion amine
scrubbing is by far the most feasible technique for large scale point source CO; capture because of its maturity and
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tail-end characteristic. The . of concentrated and CO»-loaded amine solution can be 10-30 times more viscous than
water, which makes it important to know how mass transfer in packed columns is affected by xq . Most of the existing
k. (k.a) correlations in the literature examined only water or dilute aqueous solutions with . close to 1 cP. In these
correlations, the dependence of ki on s was indirectly obtained from the dependence on dimensionless numbers such
as Re and Sc. A more reliable prediction can only be made when  is varied directly in a. and k. measurements.

Nomenclature

ae effective mass transfer area of packing per volume of column, m?/m3
specific (dry) area of packings, m?/m?3

C constant in correlation

d characteristic length, m

D diffusion coefficient, m?/s

g gravitational acceleration, m/s?

H Henry’s constant, atm 1./mol
h
k
kALK

QD
S

WWC tube length, m
reaction rate constant
overall reaction rate constant for CO,/NaOH/H,O/glycerol, L/mol s
Kg' liquid phase mass transfer coefficient with chemical reactions expressed in gas unit, mol/m? Pa s
ke gas phase mass transfer coefficient, mol/m? Pa s
liquid phase mass transfer coefficient, m/s
physical liquid phase mass transfer coefficient, m/s
equilibrium constant
overall mass transfer coefficient expressed in gas unit, mol/m? Pa s
liquid volumetric flow rate, cm®/s
molar flux, mol/m? s
pressure, atm or Pa
wetted perimeter of WWC tube, m
pure-component Van der Waals surface area parameter
pure-component Van der Waals volume parameter
temperature, <C or K
fluid velocity, m/s
weight fraction
mole fraction
coordination number in UNIQUAC model

UZr XXz
® o

NX s c +H=- 209

Greek letters

a dependence of k. on

non-randomness parameter in NRTL model
¥’ dependence of k. on D
y activity coefficient

dependence of D on .

liquid film thickness, m

parameter in Pigford mass transfer model, defined in Eq. A1l
area fraction in UNIQUAC model

dimensionless concentration change, defined in Eq. A10
viscosity, cP

density, kg/m?3

surface tension, N/m

exposure time of liquid surface, s

segment fraction in UNIQUAC model

Qo Q™ = DT ™
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Dimensionless numbers
Ha Hatta number, (k;D)%5/k.°

Sc Schmidt number, w/pD
Sh Sherwood number, kd/D
Re Reynolds number, upd/u
Subscripts

L liquid phase

G gas phase

g glycerol

w water

Alk alkalinity

Superscripts
b bulk solution
i fluid interface

2. Literature review
2.1. Effect of s on k.

In packed columns, w affects k. in two ways: directly through affecting the turbulence in the liquid phase, and
indirectly via its influence on the diffusion coefficient, D, of mass transfer species. The total influence of xon ki is
the sum of the two effects.

To illustrate the two effects, assume a ki (k.a) correlation of the simplified form of Eq. 1, and D is a function of x
in the form of Eqg. 2. Combining the two equations gives Eq. 3, in which (a+8y) refers to the total influence of x on
k., while o and By refer to the direct and indirect effects of viscosity respectively. The value (a+8y) can be correlated
from empirical data with varying .. To obtain separate values of « and Sy, a reliable relationship between D and p.
is required.

ky(kya) = C,u*DP @
D = Cp )
ky(k,a) = C1C2By#a+ﬁy = Cau*Fr 3

A comprehensive overview of liquid phase mass transfer properties in packed columns can be found in the literature
[1,2]. Au-yeung and Ponter made a detailed review of k. (k.a) models for packed columns before the 1980s [1]. They
pointed out that the lack of data for high viscosity liquids impedes a thorough understanding of k.. Wang et al.
discussed ki, ks, and a. correlations for both random and structured packing in the literature, but they did not focus on
the effect of . [2].

2.2. ki (k.a) correlations for random packing

A number of k. (k_a) correlations have been developed to predict the mass transfer in columns with random packing.
Sherwood and Holloway were the first to systematically measure k.a of several agueous systems [3].

Van Krevelen and Hoftijzer include the effect of gas-liquid chemical reaction in their k. correlation for different
random packings [4]. Data from a technical plant together with other literature data were used for the correlation. k.
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and a were separated by simply assuming that a. is equal to a,. o was found to vary with Ha with an approximate value
of -1/3.

Shulman and co-workers, using a 0.25 m diameter (i.d.) column, measured kg by vaporization of naphthalene
packing with known surface area [5,6]. The kg correlation was used in conjunction with kca data from Fellinger [7] to
obtain ae, which was then used to separate k. from k.a data from several investigators [3,8-10]. Though « was an
unreasonable positive value (0.05) for this correlation, their attempt to separate k. and ks from a. by experimentally
measuring a. is an important contribution to the understanding of mass transfer in packed columns.

Knoedler and Bonilla measured k. a through vacuum desorption of oxygen from water with triangular packing in a
0.15 m diameter (i.d.) column [11]. The direct dependence of k.a on . was found to be 0.52. The unrealistic positive
value of « proves the unreliability of the model, which incorporates no variance in .

Davidson were the first to propose a theoretical k a model for random packing with the assumption of laminar flow
and complete liquid mixing [12]. The packing surface was assumed to consist of a number of inclined surfaces with
random angles and length. The model was later adopted and modified by several authors [13-15]. The power, o, was
determined to be -1/6.

After comparing ki a data from multiple sources [3,16-18], Norman concluded that the influence of types of random
packing on k a is remarkably small and a universal k.a correlation can be used for random packing [19].

Norman and Sammak measured k. by absorption of sulphur dioxide into water and carbon dioxide into different
aqueous and organic solutions [20,21]. They were the first to vary u. over a relatively large range (0.4-20 cP). k_and
a were separated by a preliminary experiment observing the wetted percentage of packing surface as a function of
liquid flow rate. Though the packing they examined (vertical disc packing) is not commonly used, their endeavor to
examine the specific influence of 4 on k. was a step forward.

Onda et al. developed widely-accepted models of a. and k. of random packing by correlating extensive literature
data and their own experimental data for gas absorption into water and organic solutions [22-25]. The liquid viscosity
was not significantly varied in any of the data sources.

Mohunta and Laddha measured k. with a few experimental runs performed with increased x by adding glycerol to
water [26]. Data with increased p fitted well with the bulk of the literature data. While this was the first reported
attempt to vary s using aqueous glycerol, the range of x was still small (0.73-1.48 cP).

Cornell and co-workers developed a k a correlation based on some reported data [27,28]. The databank size was
limited and an empirical packing-specific factor was introduced for data fitting. Bolles and Fair modified the model
by significantly expanding the databank with a larger range of column size, operating conditions, and packing types
[29]. However, the range of g was still limited (0.09-1.5 cP).

Mangers and Ponter were the first to systematically investigate the effect of . on k.a [30]. By the addition of
glycerol, the w range (0.9-26 cP) was significantly larger than previous investigators. They found a sharp transition
point in the relation between ki a and L/u.. The transition was believed to result from whether the packing surface was
fully wetted. k a correlations at both sides of the transition point were provided. The values of a were different before
and after the transition point, but both were close to -0.6. Ponter and Au-yeung modified the model by introducing a
mixing factor with more empirical data [14].

Linek et al. measured k.a of random packings by desorption of oxygen from water into pure nitrogen [31]. Effective
mass transfer area was determined by absorption of carbon dioxide into sodium hydroxide solutions. The overall mass
transfer coefficient for this system with fast chemical reaction was known in a theoretical form [32], and was confirmed
by experiments with the same system at packing surface with known interfacial area. This approach to measure a. with
a fast reaction system with known mass transfer rates sheds light upon future study of mass transfer in pilot-scale
experiments to separate a. from empirical data of k,a and kea. The k. data showed good agreement with the correlation
of Onda et al. [25].

Echarte et al. examined the desorption of carbon dioxide from water and aqueous glycerol solutions for k; in a 0.4-
m 1.D. column [15]. The effective mass transfer area, a., were obtained in the same column by water cooling. The use
of a. data obtained from water for k. of the much more viscous system of water/glycerol is based on the assumption
that ac is not a function of 4, which might not be correct. Compared to the experiment of Mangers and Ponter, the
range (0.9-6.1 cP) is smaller but the column size is larger. The correlation is a modification of the theoretical model of
Davidson.
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Delaloye et al. studied the effect of 4 on kia of random packings by stripping oxygen from aqueous solutions of
different viscosity enhancers including sodium alginate, glycerol, and polyethylene glycol (PEG) [33]. The w. range
of was 0.8-9.6 cP. The authors pointed out that, despite the large number of k. correlations in the literature, few of
them gave reliable prediction for «. This was illustrated by the fact that even correlations which agreed for water-like
viscosities diverged by an order of magnitude for 4 of only 10 cP. For sodium alginate and glycerol, « was found to
be -0.52, which was in good agreement with the result of Echarte et al. For PEG, « was found to be -0.26. The authors
attributed the discrepancy to the inaccuracy of diffusion coefficient, D, model for PEG and the fact actual physical
properties of PEG sample might be different from those indicated by the manufacturer.

Billet and Schultes [34,35] developed a semi-theoretical k. correlation based on penetration theory [36]. The model
was correlated by examining an extensive data set involving different packings and systems. However, the range of u
was small (0.3-1.66 cP), and the correlation requires knowledge of a packing-specific shape constant, which is not
readily available for all packings. The model was updated by further enlarging the data base [37]. The model may
provide good prediction for mass transfer properties if shape constants of packing are known and when z_is close to
water, but its reliability for viscous liquids is doubtful.

Mackowiak also developed a semi-theoretical k. model based on penetration theory [38]. Liquid was assumed to
flow down along the packing surface in the form of thin rivulets, but change to droplets between individual packing
elements. Both rivulets and droplets were believed to provide a.. Multiple reported data which covered a variety of
random packings were used for the correlation. However, the data used only include water-like liquids, and a packing-
specific parameter is needed for the correlation.

2.3. ki (k.a) correlations for structured packing

Since the 1960s structured packing has been applied in industrial distillation and absorption columns [39]. The
majority of these studies focused on distillation (e.g., [40-44]), where mass transfer resistance is often thought to be
controlled by the vapor phase which makes deducing k. unreliable.

Bravo et al. were the first investigators to systematically examine mass transfer for structured packings [45]. The
model for k. was derived theoretically based on penetration theory. No parameter for k. was correlated by empirical
data. Though the calculated HETP showed good agreement with extensive literature data from distillation, its use is
not recommended for prediction of k. or a. This model was modified [40,41,46] to include effects of characteristic
packing dimension, effective fluid velocity, and contact time. However the correlation of k. remained in the same form.

The k. correlation of Billet and Scheltes [34,35,37] for structured packing is the same as with random packing.

Weiland and co-workers measured a. and k a by absorption of carbon dioxide into solutions of sodium hydroxide
and sodium carbonate/bicarbonate [47]. Though different parameters were assigned to different packings in the
correlations, the correlations were the first to be obtained by a system controlled by liquid phase mass transfer
resistance. The power, a, was found to be a positive value around 0.5, which is likely a result from the limited range
of ML.

Hanley et al. developed a theoretical k. model from an analogy to electrical percolation on a conductor/insulator
lattice [48]. In the model, k. was independent of .

The k.a correlation of Brunazzi and Paglianti obtained from an aqueous system was verified by data obtained from
absorption of chlorinated compounds into solvent with elevated g (mixture of polyethylene glycol dimethylethers
with g of 4 cP and 7.7 cP) [49,50]. a. was measured in a previous study by absorption of 1,1,1-trichloroethane into
the same liquid in the same column [51]. Similar to Weiland et al., this correlation also contains packing-specific
parameters and gives a positive value of a (0.7) for Mellapak 250Y. This might be caused by the assumption that
packing height affects k., which is more likely to be the result of liquid maldistribution.

Mackowiak measured k. of an aqueous system [52]. The experimental data, together with literature data were used
for correlating the model. An assumption was made that a. is equal to a,. o was found to be -0.93, which is unreliable
because zq was not varied.

Murrieta et al. developed a k. model derived from penetration theory [53]. A packing-specific correction factor was
introduced to fit the empirical data. The effective mass transfer area, a., was estimated by a previous model [41]. It
should be noted that the column diameter is the similar to that to be used in the current study.
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Valenz et al. measured k_a of an aqueous system with a. obtained from absorption of carbon dioxide into sodium
hydroxide solution [54]. Strikingly large differences were found between k.a and a. measured in the work and those
predicted by three well-established correlations for structured packings [37,40,55]. No property other than superficial
liquid velocity was correlated for the model.

Hanley and Chen [56,57] developed a model for k. by correlating a large set of literature data for distillation and
absorption/desorption systems. Dependence on physical properties was regressed by dimensional analysis and by the
least square rule. Data for various packing families were individually analyzed. A universal value of « (-0.67) was
found for all packing families examined. The correlation is more of an overall mathematical summary of previously
reported data from various sources than an empirical inspection.

2.4. Limitations of existing k. (k.a) models in the prediction of «

Despite the large number of k. (k.a) models in literature, few of them provide reliable prediction on how g will
affect k. because of two major problems:

e The total effect of . (a+fy) was not correlated from actual variance of g in the experiment;
e The direct (o) and indirect (By) part of the effects of . were not correctly separated.

To illustrate the first problem, assume k. correlation takes the form of Eq. 4, which is equivalent to Eq. 5 when
dimensionless groups are expanded. In Eqg. 5, the total influence of x on ki is (b-a), which is determined by exponents
on Re (a), and Sc (b). Typically a is correlated by varying the liquid flowrate, and b is directly assigned the value of
0.5 in order to satisfy the 0.5 dependence on D, dictated by penetration theory [36]. As a result, the x term only
appears in Eqg. 4 as a part of dimensionless groups without being empirically varied. The o obtained this way is
obviously not reliable.

Sh = Shy (ﬂ)a (ﬁ)b )

Reg Sco

a\a-1 pa—b uaDl—b ub—a

=) () GGG ©

The second problem arises from the assigned 0.5 dependence on D,. 26 of the 29 authors assume that £ is equal to
0.5 (see Appendix A.1). Since inaccuracy of s will lead to inaccuracy of «, a reliable value for g is of critical importance.
Though the 0.5 dependence has been partly confirmed by Vivian and King via desorption of different gases from water
in a packed column [58], the conclusion might not necessarily hold for non-aqueous systems or a system with an even
larger change in D, due to a large change in w . Therefore, instead of direct assignment, the reliable approach to obtain
f is to determine D empirically or to resort to literature that examined D, for the specific system used in the k.
experiment.

Fig. 1 summarizes the predicted value of « in the k. (kia) correlations mentioned earlier. The drastic disagreement
on « (-1.03 to +0.7) implies the unreliability of the existing models. For the few correlations in which g was varied
over a relatively large range (solid points in Fig. 1), either the column size is too small to avoid the wall effect/entrance
effect and to be representative of an industrial scale situation, or only random packings were investigated. Therefore,
a systematic investigation of the effect of x on k. in columns with random and structured packings is necessary.
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Fig. 1. Prediction of « for k. (k_a) correlations in literature (for detailed information see Appendix A.1)
3. Experimental details & data analysis
3.1. Overall research plan

A research plan (Table 1) was proposed to systematically investigate the influence of x on k. in columns with
several random and structured packings. The proposed range of x is 1-100 cP. Glycerol was chosen as the liquid
viscosity enhancer for its ease of dissolution and complete solubility in water. Aqueous glycerol is Newtonian [59],
which guarantees that the z measured by the viscometer is identical with the actual x. of the liquid film on the packing
surface, and that the fluid exhibits the same . in the WWC and pilot column experiments regardless of the shear rate.

Table 1. Project plan

Stage 1 2 3

Target data k' e ke

System CO, + (NaOH/water/glycerol)  CO, + (NaOH/water/glycerol) Toluene + (water/glycerol)
Equipment WwC Pilot column (0.46 m I.D.) Pilot column (0.46 m 1.D.)
Packing N/A Various random and structured packings

Approx. range of 0.9-60 cP 0.9-100 cP 0.9-100 cP

wt% of glycerol 0-89 0-90 0-90

3.2. Experimental equipment, methods, and materials

The WWC was used to measure the kg of CO,/NaOH/H,O/glycerol. The bench-scale gas-liquid contactor has a
known interfacial area, based on which ky' can be obtained from flux and concentration data by countercurrent gas-
liquid contact. The details of the apparatus have been reported by Cullinane [60], Tsai [61], and Chen [62]. The packed
column to be used for future measurement of a. and k. has been described by Tsai et al. [61,63].
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The inorganic carbon (CO3™ or its equivalent) was measured by total inorganic carbon analysis (TIC) to account
for bulk depletion of alkalinity. pH and concentration of total alkalinity were measured by acid titration with a Titrando
series titrator (Metrohm, Riverview, FL, USA). A Physica MCR 300 cone and plate viscometer (Anton Paar GmbH,
Graz, Austria) was used for liquid viscosity measurement. A Mettler Toledo DE40 densitometer (Mettler-Toledo, Inc.,
Columbus, OH) was used for density measurement of liquid samples. Details about this equipment and related
experimental methods can be found in Rochelle et al. [64].

Distilled and deionized (DDI) water, 1N sodium hydroxide solution (Fisher), 1N sodium carbonate solution (Fisher),
and glycerol (Fisher, 0.995-0.998 purity) were used in solution preparation.

3.3. Data analysis

k' was obtained from the slope of the flux-driving force plot forced through zero [61]. The empirical kg', together
with other calculated/measured properties (Hcoz, Dcoz, alkalinity concentration), were used to determine the overall
reaction rate constant (kax) from Eq. 6 [61]. After the correlation of kax has been developed, Eq. 6 will be used to
calculate a. from kg'a data obtained from pilot column.

, kaik[Alk]Dco, L

kg = Hoo, (6)

Models were built to estimate the physical properties (u, p, Dcoz, Heoz, y) of CO2/NaOH/H,O/glycerol based on
literature data. The correlations used for . and p were described by Cheng for H,O/glycerol [65]. The effect of sodium
hydroxide (nominally 0.1 N) and dissolved carbon dioxide on x_and p was small, which was confirmed by comparing
measured and calculated values. Parameters of NRTL and UNIQUAC activity coefficient models (Table 2) for
H,O/glycerol were correlated based on literature data [66]. Predicted values of y are shown in Fig. 2. It was assumed
that sodium hydroxide and dissolved carbon dioxide had insignificant influence on y. Several sources [67-72] reported
that Hcoz for CO2/NaOH/H,0/glycerol was correlated by Eq. 7 & 8. Parameters in Eq. 7 are summarized in Table 3.
The effect of sodium hydroxide and dissolved carbon dioxide on Hco, was neglected because the influence of ions is
less than 5% for the worst case scenario using methods of Pohorecki and Moniuk [73]. Predicted and literature values
of Hcoz are shown in Fig. 3. Correlation of mutual diffusion coefficient of H.O/glycerol Dg.y is shown in Eq. 9.
Calculated and literature data [74-80] are shown in Fig. 4(a). Correlation of diffusion coefficient of CO; in
H>0/glycerol Dcozg-w is shown in Eg. 10. Calculated and literature data [81-87] are shown in Fig. 4(b).

10g% = (4w, + BIn(wy +1) + Cln*(wg + 1)) X (T(lzc) +E+FT(°C) +GIn T(°C)) (7)
10g Heo,w = —7.8857 x 1075T(K)? + 5.9044 x 1072T(K) — 9.1229 8)
D,_,, = 0.3403T(°C)03134,705557 .
Dco,g-w = 0.3169T (°C)05206,=07407 0

Sterilization experiments were performed to check if bacteria growth is a problem in glycerol-rich solutions [88].
It was found that the use of biocide is unnecessary. To check if the mass transfer resistance is still dominated by the
liquid phase for toluene/H,O/glycerol, yroene Was calculated by correlation of Carrillo-Nava et al. [89] and was found
to remain high enough (> 100) at the proposed range of glycerol concentration.

Table 2. NRTL and UNIQUAC parameters for water/glycerol (see Appendix A.2 for details)

Model A Ao B, B, Q12 Z o? AAD

NRTL 0.0933 -0.8763 752.1 -193.3 0.4757 - 0.00103 2.93%
UNIQUAC -0.0101 1.9212 537.9 -284.4 - 10 0.7181 1.39%




Hco, (atm L./mol)
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Table 3. Parameters in Eq. 7

Parameter A B C D E F G
Value 3.28 -3.43 -2.26 14.6 -7.09 -0.00416 1.51
1 .
0.9 Ylycerol
08
-
07
0.6 o — UNIQUAC
\
--- NRTL
05 r m @ Zaouietal.
04 1 1 1 1
0 0.2 0.4 0.6 0.8 1
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Fig. 2. Activity coefficients of H,O/glycerol at 20 <
100

80
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Fig. 3. Hcoz 0f CO,/NaOH/H,O/glycerol



355

10 Di Song et al. / Energy Procedia 00 (2013) 000-000

1
;é‘ 0.5
£
2 A Ondaetal
a 01 A Rutten .
@ Nishijima & Oster @ Calderbank
@® Riede & Schlunder ® Kreulen etal.
= D'Errico et al. == Diaz et al.
B Grossmann & Winkelmann B Thomas & Adams
(N,O analogy)
® Ternstrdm et al.
40 X Brignole & Echarte
+ Garner & Marchant 1 .
O D, in pure water
001 1 1 1 1 0.05 1 1 1 L
0 20 40 60 80 100 0 20 40 60 80 100
Glycerol (wt%) Glycerol (wWt%)

Fig. 4. (a) Mutual diffusion coefficient of H,O/glycerol; (b) Diffusion coefficient of CO, in H,O/glycerol
4. Results & Discussion
4.1. kg' & reaction kinetics

The kq' of the CO,/NaOH/H,O/glycerol system obtained from the WWC experiments is shown in Fig. 5. As
expected, the kq' increases with increasing temperature. When glycerol concentration increases, kg' initially increases
and then decreases rapidly.

Several equilibria and reactions are proposed to represent the system:

K
Glycerol + OH™ & Glycerol™ + H,0 (R1)
_ kon- _
€0, +20H — C045~ + H,0 (R2)
k cerol™
CO, + 2Glycerol™ + H,0 yeerel, CO35™ + 2Glycerol (R3)

The overall reaction rate results from the combined effects of R2 and R3, and can be expressed as Eq. 11 & 12. The
trend of kq' as a function of glycerol concentration could be explained by the assumption that Kgiycerol- iS larger than
kon-. When the glycerol concentration is low (< 10 wt %), the increase in x and Hcoz is small, so the overall effect of
glycerol leads to a higher kg' because of the catalytic effect of glycerol. When glycerol concentration is further
increased, the increase in u, subsequent decrease in Dcog, and increase in Heop Starts to impede the mass transfer and
decrease kg'.

[0H™] [GL 7]
kae = kon- (m) + Kgiycerol- (%) (11)

[Alk] = [OH™] + [Glycerol™] (12)
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Fig. 5. kg' of CO,/NaOH/H,0O/glycerol from WWC experiments, nominally 0.1 M NaOH

Three parallel WWC experiments were performed for reproducibility. Experiments with different liquid flow rates
were performed to confirm that kg' is not a function of L. Experiments with different presaturator temperature (i.e.,
different partial pressure of water of inlet gas) were performed to investigate the effect of water mass transfer on kg'.
Experiments with 0.05 N sodium carbonate were performed to check the effect of ionic strength and carbon dioxide
loading on kg'. None of these factors was found to be significant.

The ka determined from kq' is shown in Fig. 6. Despite the discrepancy between different experiments, Kai
increases with temperature and glycerol concentration, and finally becomes asymptotic. The trend in Fig. 6 proves the
previous assumption that Kgiycerol- IS larger than Kop..
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Fig. 6. Back-calculated kay based on kq' of CO,/NaOH/H,O/glycerol, nominally 0.1 M NaOH
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4.2. Change in . & alkalinity depletion
The w of the WWC samples are shown in Fig. 7. The change of w before and after the experiments is insignificant,

and both are close to calculated values. This guarantees that there is no change of w for bulk solution due to mass
transfer of water.

R 4 o
50 r Blue— 20°C i
Red — 30 °C LI
- 40°C QR 8
O _ Before experiment 2 2
—~ X — After experiment =Y
s — — Calculated value [64] Q
25| 2
& )
2
2 (%)
3 8
05 1 1 1 1
0 20 80

40
Glycerol (wWt%)
Fig. 7. Change of 1, before and after WWC experiments

Bulk depletion of alkalinity is about 10% for the worst case scenario, which is acceptable considering the square
root dependence of kg' on alkalinity concentration.

Surface depletion of alkalinity was calculated for each WWC experiment. The pseudo-first-order assumption
central to this work is only valid when there is no appreciable depletion of alkalinity at the liquid surface. Flux of
alkalinity can be calculated by Eq. 13 through reaction stoichiometry. The interface concentration of alkalinity can be
calculated by Eq. 14 with k? estimated by theory from Pigford [90,91] (see Appendix A.3). The worst case scenario
calculated at the highest partial pressure of CO, shows an average ratio of surface depletion of 7.6%.

Nikaiinity = 2Nco, (13)
Nakatiniey = k ([Alk]? — [Alk]) (14)
5. Conclusions

Prediction of « of existing k. (k.a) correlations of packing is scattered (-1.03 to +0.7) and unreliable. Models have
been built to estimate the physical properties (ui, p, Dcoz, Heoz, 7) of CO2/NaOH/H,O/glycerol based on literature
data. The k' of the system were measured by WWC experiments with g range 0.9-60 cP. The ky' was found to initially
increase about 25% when glycerol increases to 10 wt % because of the catalytic effect of glycerol, and then decreases
about 75% when glycerol increases to 89 wt % because of the impeding effect of elevated x on mass transfer. kaik was
estimatedfrom ky', and was found to increase with glycerol concentration until it becomes asymptotic to a value about
five times greater. After kay is correlated as a function of Kw, Kglycerol, Kor-, and Kgiycerol-, this model for kq' will
be used for future measurement of effective mass transfer area (ac) and liquid phase mass transfer coefficient (k) using
a 42.8 cm diameter (i.d.) packed column.
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Appendix A. Detailed information for figures, tables, and equations

A.1. Detailed information for Fig. 1
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A.2. Detailed information for Table 2

The models of NRTL and UNIQUAC for binary systems are described by Eq. A1-A4 and Eq. A5-A9, respectively.

Iny; = x? |z ( Gji )2 4 TGy "o
Yi =X (T Xi+x;Gji (Xj+xiGij)2
In Gij = _aijTij (AZ)
@ij = @i -
Bjj
B (A4)
D; z 0; i L v
Iny; =In2t+ (E) qilng + @; <li _:_,-lf) = q:In(0; + 6;7;) + 64 (9i+éjfﬁ - 91+—9]ﬂu) )
@ = -
Mty
- 4%
0: = qixi+q;X; .
Bij
N (A8)
l; = (g) (ri—q)—-(m—1 -

Van der Waals parameters were obtained from Aspen Plus®: q; = 1.4, 2= 3.06, r; = 0.92, r, = 3.385.

Subscript 1 = water; 2 = glycerol.

2
0_2 _ Z (Ycalc_Yexpt)
(no.of data points—no.of parameters)’

AAD = (100%/(no. of data points)) ¥ (|Veaic — Yexpt|/Vexpt)-

A.3. Detailed information for Eq. 13 (k? calculation)
The physical mass transfer coefficient in the liquid phase was calculated by the following equations.

( 6= 0.7857exp(—5.121n) + 0.1001exp(—39.217)

+0.036exp(—105.67) + 0.0181exp(—204.7n), forn > 0.01 (AL0)
9=1—3\/§ forn < 0.01
n = 24U (A11)
_ h
= (A12)

5="2 ’M (A13)
pLgP



362

Di Song et al. / Energy Procedia 00 (2013) 000-000 17
52
Usyrf = % (A14)
K =(%)a-e) (A15)

Since Doy~ is larger than Dy ceror=» aNd Dypyceroi— 1S approximately equal to Dyjyceror, the mutual diffusion
coefficient of H,O/glycerol (Eq. 9) was used for the k? calculation.
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Abstract

Post-combustion amine scrubbing is a highly integrated process that uses extensive material and energy recycling to reduce costs
and increase efficiency. As a result, the process variables exhibit a fast time scale at the unit level associated with the large
recycle flows and a slow time scale at the plant level associated with the small feed and product flows. A reduced order model
was developed for the system, and the material balances were demonstrated to be in nonstandard singularly perturbed form. Only
the stripper vapor mole fractions evolve exclusively on the slow time scale in this model form; all other model states have both
slow and fast components. By applying a variable transformation, the model is arranged into standard singularly perturbed form.
The slow states in this form are the overall process material hold-ups as well as the stripper vapor mole fractions. An effective
control strategy for the process should control the CO, removal rate and overall system inventory on the slow time scale using the
small stripper overhead flowrate and a cascaded level setpoint controller, respectively. We show that attempting to control CO,
removal rate with the large solvent recycle rate will likely lead to an ill-conditioned controller.
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Selection and peer-review under responsibility of GHGT.

Keywords: Singular Perturbation; Reduced Order Modeling; Time Scale Multiplicity

1. Introduction

The general trend in the chemical industry is the development of increasingly integrated process designs that use
extensive material and energy recycling as well as minimize the overall chemical inventory. With large capital and
operating costs, post-combustion amine scrubbing adheres to this trend. After the amine solvent has absorbed CO,
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from the flue gas, it is regenerated at high temperature and completely recycled back to the absorber. Most of the
sensible heat from the thermal swing process is recovered either through direct contact packing or a cross heat
exchanger. Designing an effective plantwide control strategy of processes with recycle streams is often complicated
and is much less studied than systems without recycle [1]. An early solution in the process industry to reduce
disturbance propagation in recycle systems was to install large surge tanks between interacting process units [2].
Large surge tanks are unlikely to be acceptable in amine scrubbing because of the added capital cost, along with
oxidation, solid solubility, and safety issues associated with large amine hold-ups. Therefore, any storage tank in the
plant will not be able to effectively dampen disturbances that propagate through the recycle streams.

In order to develop a plantwide control strategy for recycle systems with minimal inventory, the multiple time
scale behavior that emerges as a result of material and energy recycling must be taken into consideration. There are
two distinct time scales that exist in the amine scrubbing process dynamics: a fast time scale at the unit level
associated with the large recycle flows and a slow time scale at the process level associated with the small feed and
product flows. The time scales of the process variable will be identified using singular perturbation theory. Standard
singularly perturbed model form is shown in Equations 1-2, where £ represents the slow variables, n the fast
variables, and ¢ is some small parameter. Arranging the model of the amine scrubbing system in this form allows for
the systematic identification of slow and fast variables. In the limit where ¢ — 0, the left hand side of Equation 2
becomes zero and the fast variables are approximately at steady state [3].

¢=fE@m (1)
en=g(¢mn) )
The objective of this work is to develop a reduced order model (ROM) with adjustable parameters that
adequately represents the physical behavior of the true plant. The ROM is used for process simulation and time scale

analysis. The ultimate goal of the ROM is its implementation in a model-based controller, which will be considered
in future work.

Nomenclature

a Wetted area [m*/m?]

c Molar concentration [mol/m?]

Cp Specific heat capacity [kJ/mol-K]

D Diameter [m]

d Disturbance [-]

F Molar flowrate [mol/s]

q Specific enthalpy [kJ/mol]

h Liquid hold-up in packing [m*/m?]

K Overall mass transfer coefficient [mol/Pa-m?*s]
K? Proportional gain constant [varies]

L Length [m]

l Level [m]

M Molar amount [mol]

N Transfer rate [amount/s]

Ns Total number of column stages [-]

P Pressure [Pa]

P* Equilibrium pressure of the liquid [Pa]

Pcc Chilton-Colburn parameter [kJ/m*K]
Q, Steam heat duty [kW]

R Gas constant [m*-Pa/mol-K]

Rc Recycle number [-]

T Temperature [K]
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UA Overall heat transfer coefficient [KW/K]
u Normalized manipulated input [-]

vf Vapor fraction [mol/mol]

x State vector [varies]

x Liquid apparent mole fraction [mol/mol]
y Vapor mole fraction [mol/mol]

Greek

AH Specific heat of phase change [kJ/mol]
£ Small perturbation parameter [-]

4 Vector of slow variables [varies]

n Vector of fast variables [varies]

w 0(1) quantity [-]

Subscripts

i Component (CO,, H,0, PZ, N,, or Oy)
k Column stage number

H Enthalpy

sp Setpoint

Superscripts

L Liquid phase

s Steady state

% Vapor phase

2. Reduced Order Model Development and Validation

The model developed in this work is for the advanced amine scrubbing process using 8 molal (m) aqueous
piperazine (PZ) described in Fig. 1 [4]. The ROM is nonlinear and based on first principles. Simplifications
(discussed in the following paragraphs) have been made to the full first principles model, which results in a ROM
that is appropriate for time scale analysis and use in a model-based controller. The ROM differential equations are

given in Appendix A.

AB- Absorber

ATM- Atmosphere
C- Cooler

CX- Cross Exchanger
F- Flowrate

FT- Flash Tank

IN- Inlet flow

LS- Lean Storage Tank
OVHD- Overhead

P- Pump
ST- Stripper
SU- Sump
V- Valve

P1 X
(ﬂi"@ CX1 cx2

Fig. 1. Process flow diagram with advanced flash stripper configuration [4].
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The absorber (AB) and stripper (ST), which contain structured packing, are modeled using constant rate-based
mass and energy transfer coefficients that are multiplied by a driving force between the bulk liquid and bulk vapor
(Equations 3-4).

nD?L
4

N, = Kia( ) (P, = P}), i = COy, HyO0 (3)

2

Nit = Pec(Kizo@) (5F) (RTV)(TY = TH) (4)
In the AB, the CO, mass transfer coefficient implicitly accounts for the rate enhancement due to chemical
reaction. Equation 3 shows that bulk convection between the liquid and vapor is ignored. While ignoring bulk

convection is a good assumption in the AB since the gas is mostly inert, it may cause deviation from the true

Table 1. ROM inputs, disturbances, and parameters.

Inputs and Disturbances Thermo and Transport Parameters Physical Parameters
Fk = 139,900 mol/s Cpt =0.11kJ/mol - K c! = 35,700 mol/m3
FL, =015 FL Cp¥ = 0.03 kJ/mol - K Y, = 38 mol/m?
Fly = 0.20- Fk AHggy = 70 kJ /mol cl. = 350 mol/m3
FY = 2,920 mol/s AHyp0 = 40 kJ /mol Dup =18m
Q, = 385000 kW Kapcosa = 483X 107* mol/Pa-m? s Dsy = 18m
F;y = 18850 mol/s Kapuzoa =116 X 1072 mol/Pa-m3 s Dpr =10.6m
T =313.15K Kor,co20 = 9.66 X 107* mol/Pa-m3 - s Dsr =3m
Yeozn = 0.147 Ksrpaoa = 1.16 X 1072 mol/Pa-m? - s Dig=10m
Ynaun = 0.752 Papcc = 0.236 kj/m? - K hys = 0.05 m3/m?
Yoz = 0.027 Dsrcc = 0.236 kj/m3 - K hgr = 0.05 m®/m3
Yuz0un = 0.074 UAcx, = 600,000 kW /K Lig=472m
Ly =3m Ulgy, = 300,000 kW /K L =2m
g, =3m UAgys = 4,500 kW /K Nsup = 10
Nsgr = 4
P,s =1 bar
0.4 i 60
B Solid- Aspen Plus® Independence Solid- Aspen Plus® Independence
Dashed- Reduced Model Dashed- Reduced Model
““““ e 55 .
Liquid
c 03 CO, Loading o
°© [
= @ 50
® 5
= o2 5
< g
s £
T
0.1 =
CO, Vapor 40
el T —__Mole Fraction
@ = : (b)
0 35
0 0.2 0.4 0.6 0.8 1 0 0.2 0.4 0.6 0.8 1
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Fig. 2. Comparison of absorber (a) mole fraction and (b) temperature profiles for rigorous Aspen Plus® model [6] and ROM.
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behavior of the plant in the ST. The heat transfer coefficient in Equation 4 is proportional to the H,O mass transfer
coefficient through the Chilton-Colburn analogy. The AB and ST packing are coarsely discretized into well-mixed
segments for material and energy balances, which greatly reduces the number of model states compared to a finely
discretized plug-flow regime. Liquid and vapor molar hold-ups at each segment are assumed to be constant,
eliminating the total material balance in the columns.

Tanks, including the absorber sump (SU), flash tank (FT), and lean storage tank (LS) are treated as well-mixed
equilibrium stages within the system. They each have material and energy balances on only the liquid hold-up. The
main cross exchangers (CX1 and CX2) are assumed to exchange only sensible heat. This is likely a bad assumption
for CX2 since flashing is known to occur in the rich solvent on the cold side of the exchanger. The ST and bypass
exchanger (CX3) allow energy to be recovered from water vaporized in the FT by heating the bypass streams. It is
assumed that heat is applied directly to the FT using steam from the power plant; the steam provides some sensible
heat (AT ~ 5 °C) and most of the latent heat requirement of the process. The trim cooler (C1) and overhead
condenser (C2) are treated as perfect heat exchangers: the lean solvent fed to the absorber is always at 40 °C and all
of the water vapor is condensed out of the overhead gas.

Everywhere in the system, PZ is assumed to be nonvolatile and N, and O, are treated as insoluble components.
Thermophysical parameters such as molar density, heat capacity, and heat of absorption are assumed to be constant.
Enthalpy and vapor-liquid equilibrium are calculated using the procedure described in Walters et al. [5]. Table 1
summarizes the parameters used in the ROM. The transfer coefficients in the AB are determined by minimizing the
square error of the CO, mole fraction and temperature profiles between the ROM and a rigorous Aspen Plus® model
[6] under the same conditions using 50 stages. In a true plant, uncertain parameters such as these could be found
through a system identification. The AB column profiles of the Aspen Plus® and ROM are compared in Fig. 2. The
ROM achieves an 86% CO, removal rate, while the Aspen Plus® model is designed for 90%. The largest absolute
error in the temperature profile is 2.9 °C.

3. Time Scale Analysis
3.1. Material Recycle Number

A time scale analysis was performed on the ROM of the amine process based on the work of Baldea and
Daoutidis [7]. Only the material balances have been considered here; energy recycle will be addressed in future
work. Fig. 3 shows a rate-based AB where CO, is transferring into the solvent from the flue gas at all k segments.
The recycle flowrate, Fy1, is much greater than the amount of CO, fluxing into the system. Furthermore, the flowrate
of CO, in the lean solvent entering the AB is higher than the flowrate of CO, in the flue gas. A material recycle
number, Rc, is defined in Equation 5 as the ratio of the large recycle flowrate to the small feed flowrate.

~1% CO, Fui
~6% CO,
k=1 (|
£
]
3
<
k=Ns \_| Y
F
~ 0, P1
14% CO, ~8% CO,

Fig. 3. CO; transfers from the flue gas to the liquid at each k segment of the column, but this flow is relatively small compared to the total liquid
flow into the column.
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The CO, flux is generally expected to be greatest at the bottom of the column, so the flux at the bottom segment
is selected for the recycle number definition. An important implication of this selection is that the transfer rates at
other segments of the column are of the same order of magnitude or less. The recycle number is substituted into the
ROM described in Appendix A. For convenience, other dimensionless quantities have been defined in Table 2.

Table 2. Scaled quantities substituted into ROM.

Manipulated Inputs Other Parameters
A o, =
Fpy F
Uz = FLLZS 3= F‘%{
Ff F
Uz = F&Bs Wy = th
F Fjy
Uy = iz WyB,co2k = 7NAB'COZ'RS 5
Ff,° U Nagcozje=ns
_FY don = Nap ik
Us = FSVS AB,i,k NAB,i,kS
L
u, = 27
Fpy

3.2. Nonstandard Singularly Perturbed Model

After making the substitutions from Section 3.1, the model takes the form of Equation 6:
X = f(x) + Gsm(x)usm +§Glg(x)ulg (6)

where x € R™ is the state vector, u,,, € R™s™ are the small inlet or outlet flows, u,, € R™49 are the large internal
flows, f € R™ is a vector of small flows which are a functions of the states, and G, and G,, are matrices of
appropriate dimensions. Equation 6 is referred to as nonstandard singularly perturbed form. Unlike the standard
form given in Equations 1-2, the variables are not explicitly separated into slow and fast time scales in the
nonstandard form. Equation 7-20 show the amine scrubbing ROM from Appendix A (excluding the energy balances
and AB vapor material balances) in the form of Equation 6.

. _ 1 s k-1 k
XAB,cO2,k = _Mﬁs [NAB,COZ,kst dAB,coz,k(DAB,coz,k + XaB,coz2,k-1 Zk:l NAB,k — XAB,C02,k Zk:l NAB,k +

1
;u1NAB,coz,k=Nss(xAB,coz,k—1 - xAB,COZ,k)] (7

i _ 1 k-1 k 1 s
XAB,PZk = _MﬁB [xAB,PZ,k—l Y1 Napx — Xappzk D=1 Nypr + ;ulNAB,COZ,kst (xAB,PZ,k—l - xAB,PZ,k) (8)

. _ 1 k-1 k 1 s
Xst,c02,k = _M§T [NST,COZ,k + Xst,co2, k-1 Yk=1 Ngr ) — Xst1,c02,k Yk=1 Nz + ;NAB,coz,k=1 (xST,COZ,k—l -

xST,COZ,k)(uz Wy + Uz 0)3)] )
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1

. _ k-1 k 1 s
XsT,PZk = k, [xST,PZ,k—l k=1 Nsrx — Xstpz i Xk=1 Nt + ;NAB,coz,k=1 (xST,PZ,k—l - xST,PZ,k)(uZmZ +

u3m3)] (10)
. _ 1 7 k—1
Ystr.cozk = Wl [(yST,COZ,k+1 - YST,coz,k)(usts + X1 NST,k) + Ysr,cozk+1Nst i — NST,COZ,k] (11)
L — 4 Ny l s _
lsy = wDsg2cL [Zk=1 Npp i + . Nyp cozk=ns (u1 wpuP) (12)
SO — — Xsucos) + N uy —xseor)]  (13)
SUC02 = T2 ek [4ke=1 Y4Bk XAB,C02,k=Ns; — Xsu,c02 2 VaB,coz,k=Ns U1\XaB,cozk=Ns ~ Xsu,coz
. _ 4 N 1 s
Xsupz = wDsy?Cclik, [Zk=1 Nap k (xAB,PZ,k=NS - xSU,PZ) + ;NAB,coz,k=Ns Uy (xAB,PZ,k=N5 - xSU,PZ) (14)
: 4 s 1
1L =7[—uFV +=N (U — WU ] 15
FT = Zprr?ck 5l'ys 2 VaB,coz k=1 (wpu, 4Us) (15)
. _ 4 Ng Vs
XFr,c02 = wDpr2CLily [(xST,COZ,kst - yFT,COZ) Ysq Norie + (xFT,COZ - yFT,COZ)uSFVS +

1 s

;NAB,coz,k=1 ((xsu,coz - xFT,COZ)up(‘)p + (xST,COZ,k=Ns - xsu,coz)(uzmz + u3m3))] (16)
5 _ NS 74 S 1 s
Xprpz = ——2 - | XsT.pzk=Ns 2xe1 Nstx + Xpr pzUsFys” + = Nap coz k=1 (xSU,PZ - xFT,PZ)up‘*)p +

nDpT“CElET £

(xST,PZ,k=Ns - xsu,Pz)(uzwz + U3 003))] (7)
be=—2 _|FL,+ 3N, S(Waly — Uy) (18)
LS = ;p -2cL |FH20 AB,c02,k=1 (Wally 1

LS €

. _ 4 L 1 s
XLs,co2 = —nDLszCLlfs [_st,coz Frz0 + ;NAB,coz,k=1 Wyly (xFT,COZ - st,coz)] (19)
X =— | —x.pzFlyp + N Swaug(x — X5p7) (20)
LSPZ = 1 ZCliks Ls,pzlH20 T 7 Nap,coz k=1 WalUa\XFr P2 LS,PZ

In the context of Equation 6, ug, = us and u,; = [u1 Uy Uz Uy u,,]T. The only states that are exclusively slow
(G4 = 0) are the ST vapor mole fractions in Equation 11. All other state variables have both slow and fast
components. Fig. 3 demonstrates the pseudo-open loop response of the process to a 10% step reduction in flue gas
rate after one hour of steady state operation. The total material balances (Equations 12, 15, and 18) render the
system open loop unstable, so perfect level control is assumed in the SU, FT, and LS during the simulation. It is also
assumed that the water makeup rate is perfectly controlled so the LS concentration is always 8 m PZ. The AB liquid
mole fractions (Fig. 3a) have an initial fast response at the unit level as the amount of CO, entering the system is
decreased. The fast response is followed by a slow transient period as the system approaches a new steady state. The
ST vapor mole fractions (Fig. 3b) are only affected by the small outlet flowrate and therefore only demonstrate a
slow response to the step change.
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Fig. 3. Pseudo-open loop response to a 10% decrease in flue gas flow after one hour for (a) the AB liquid mole fractions and (b) the ST vapor
mole fractions at segment k of the column.

3.3. Standard Singularly Perturbed Model

In model-based control of a process with time scale multiplicity, the process model needs to be explicitly
separated into fast and slow variables [8]. The SU, FT, and LS unit inventories must be stabilized based on the fast
time scale, so it is assumed that there is a linear state feedback controller for the tank levels that manipulates the tank
effluent flow. Since the energy balance has not yet been taken into consideration, it is also assumed that there is a
state feedback law for the exiting cross exchange temperatures (Tcxin and Texsp) that manipulates the bypass
flowrates. The feedback control laws are given in Equations 21-25, which show that the large flowrates are now a
function of the states.

u; =1— K7 (s — lis.sp) (21)
u, =1- sz (Tr,éx3,h - Tcéxs,h,sp) (22)
u; =1- Kgp (Tr,éx3,h - Tcéxs,h,sp) (23)
uy =1 =K (ler — lersp) (24)
u, =1— K3 (Isy — lsy.sp) (25)

It is assumed that the matrix G, (x) can be decomposed according to Equations 26:
Gg(x) = B(x)G 4 (x) (26)
where B € R™*(=3-Nss1) s g full column rank matrix and G, € R®™737NSsTX™Mug js 3 matrix with linearly

independent rows [9]. The variable transformation T(x) in Equation 27 is applied to explicitly separate the ROM
into slow and fast states:
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Mtotal
Mtotal,COZ

Mtotal,PZ
Yst,co2,k=1

-0

Ysr,co2,k

yST,CO'Z,k:Ns
G (U (x)]

where ¢ € R3*NSsT gre the slow states, n € R™37VssT are the fast states, and the subscript total denotes the total
system molar hold-up. This transformation allows the ROM to be arranged in the form of Equations 1-2, and shows
that the total molar hold-ups also evolve on the slow time scale in addition to the stripper vapor mole fractions. Fig.
4 demonstrates the step response of the total system CO, hold-up has only a slow component. The steady state liquid
residence times in the AB, SU, FT, ST, and LS are 0.3, 3.2, 1.1, 0.02, and 0.9 minutes, respectively, while Fig. 4
shows that the time constant of total CO, inventory is ~32 minutes. The total plant inventory time constant is an
order of magnitude higher than the individual unit operation residence times because of the material recycle
occurring in the process.

w
©

w
iy

w
o

w
3l

Total CO,, Hold Up (mol)

o
i

r r

w

W
o
[

2 3
Time (h)
Fig. 4. Pseudo-open loop response to a 10% decrease in flue gas flow after one hour for the total CO, inventory.

4. Proposed Control Structure

The overall control objective of the amine scrubbing process is to maintain a desired CO, removal rate while
minimizing energy use. Additionally, the total material holdup must be stabilized. Based on the singularly perturbed
model form, both of these control objectives are related to the slow time scale. In the previous section, state
feedback control laws were proposed for the large internal solvent flows in order to stabilize the system on the fast
time scale. The only remaining manipulated variable for the slow time scale objectives is the stripper overhead
flowrate (Fys”). Fys' is closely tied to the flowrate of CO, out of the process, so it should be used to control the
removal rate. Since there are no more remaining manipulated variables, the total inventory setpoint can be
manipulated by changing the level setpoint on the LS. This structure cascades the fast time scale level control
objective with the slow time scale total inventory objective.

Previous work has proposed controlling the removal rate with the large internal recycle flow [10]. However, this
strategy will likely lead to an ill-conditioned controller based on the time scale analysis since the slow time scale has
not been addressed. Oscillations in stripper pressure were observed by Ziaii when the removal rate was controlled



374

10 Walters et al./ Energy Procedia 00 (2013) 000-000

using the solvent flowrate [11]. The control structure proposed in this work is summarized in Table 3. A state space
realization of the slow time scale for use in a model-based controller can be achieved by taking the limit £ — 0
(corresponding to infinite recycle) in Equations 1-2. This control structure will be evaluated in future work.

Table 2. Scaled quantities substituted into ROM

Time Scale Output Variable Input Variable Proposed Controller
Sump Level Sump Effluent Flowrate (Fp1) Proportional
Fast Flash Tank Level Recycle Flowrate (Fya) Proportional
Lean Storage Tank Level Solvent Flowrate (Fy1) Proportional
. . Cascaded,
Total Material Hold-up Lean Storage Tank Level Setpoint (I ssp)
Slow Model-Based
CO, Removal Rate Stripper Overhead Flowrate (Fys) Model-Based

5. Conclusions

Two time scales exist in the amine scrubbing process dynamics as a result of material recycling. The ROM
developed for the time scale analysis and model-based control was compared to a rigorous Aspen Plus® Rate-Sep
model. The temperature profile of the ROM is within 2.9 °C of Aspen Plus® model and CO, removal rate is within
4%. The time scale decomposition shows that the stripper vapor mole fractions and total system inventories evolve
on the slow time scale only. Therefore the CO, removal rate and total material hold-up should be controlled using
the small stripper overhead flow and fast time scale setpoints. Controlling CO, removal with the large solvent
recycle flowrate will likely lead to oscillations in process variables.
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Appendix A. Reduced Order Model Material and Energy Balances

The liquid side balances for the absorber are given in Equations 28-29, with the boundary conditions at k = 0 of
Fig =0 = F1, Xap,ij=0 = X5, and Hig .o = Hfs. The vapor side balances are shown in Equations 30-31, with
the boundary conditions at k = Ns + 1 of Fyp —nss1 = Fivs Yagik=ns+1 = Yini and Hig ponssr = Hiy.

7L _ L L LR
Mpp ik = Xap,ik-1Fap k-1 — Xag,ixFapx + Nagikx, t = COy, PZ (28)

. 1 —~ =~ 1 . .
Tf{‘B,k = k [H}l‘B,k—leB,k—l - HjB,kaB,k + NAB,H,k] + m [(AHCOZ - AHHZO)XAB,[JOZ,I( - AHHZOXAB,PZ,k]

CpLM/’;B
(29)

v _ v v . _
Mypir = Yap,ik+1Fapx+1 — YagixFapx — Napcozi ¢ = €03 Ny, 0, (30)
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Tipi = CPVT [AXe s+ 1F A o1 — HhpjcFis i = Nag i) @31

The liquid side balances for the stripper are given in Equations 32-33, with the boundary conditions at k = 0 of
Fsr k=0 = Fz + Fi3 , Xsrjik=0 = Xsyi » and Hjgyoo = (Héxs cFio + Héxa cFis)/ (i, + Fi3) . The vapor side
balances are shown in Equations 3435, with the boundary conditions at k = 0 of Fj o = Fy/s and at k = Ns + 1 of

_ 7V _ v
Yst,ik=ns+1 = Yrr,i ad Hgr ponsy1 = Hpr.

M ixe = Xsrik-1Fsr k-1 — X1,k For e + Norji» i = CO5, PZ (32)
Hér o = Her -1 Fér -1 — Hér i Fér i + Nsr i (33)
MgT,COZ,k = }’ST,coz,k+1F5YT,k+1 - }’ST,coz,szVT,k — Ngr.coz,k (34)
H.gT,k = ﬁs“/T,k+1F.SKI‘,k+1 - ﬁgr,szVT,k — N7 hke (35)

The material and energy balances for the sump, flash tank, and lean storage tank are all treated as well mixed
liquid stages in Equations 36-44.

M.éu = FALB,k=NS - Flgl (36)
MSLU,i = xAB,i,k:NSF;{“B,k:NS - xSU,iFF%p i =C0,PZ (37)
Tgy = CpLML [HABk NSFAB k=N HSUFPl] + [(AHcoz — AHpz0)%sy,co2 — AHpz0%sy PZ] (38)
MIFT=F[§1_F154_F1}/5 (39)

Mfr; = x5y, (Fby — Py — F) + XsrikensFérp=ns — Xer,iFbs — Yer,i(Fé g=ns + Nsrx=n,), i = CO5, PZ
(40)

. 1 —~ —~ —~ —~
Tir = oMk, [Héxz,c(Flﬁ — Fyy, — Fp3) + Hep joons Fstans — HirFia — HIZT(F:;/T,k:Ns + NST.k=NS) + Qs] +

c;17 [(AHCOZ — AHy20)Xpr,co2 — AHHZOJ.CFT,PZ] (41)
M£S=F1174+F§20_F1§1 (42)
Mis; = XpriFys — X1siFy, @ = C05, PZ (43)
Tf = CpL;MIL‘,S [AkrFfa + HizoFfiz0 — HisFi ] + Cr% [(AHco, — AHy0) %1502 — AHyz0%15,p7) (44)

The energy balance for the cross heat exchangers is given in Equations 45-50, where the energy flux, Ny, is
calculated by multiplying the overall heat transfer coefficient by a log mean driving force.

. 1 ) )
Téae = W [(TSU TCLX1,c)(F1151 — ) + NCXl,H] + oL [(AHcoz — AHyz0)%sy,co2 — AHHZOXSU,PZ] (45)

TCLXLh = W [(Tcxz n = Téxa h)FV4 Nexa H] + ok [(AHcoz AHy30)%Fr,co2 — AHy20Xpr PZ] (46)
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Téxae = W [(Tcx1c Tchz,c)(F1§1 — Fj, = Fj3) + Ny, H] toL [(AHcoz AHy20)%sy,co2 —
AHHZOxSU,PZ] (47)
. 1 . .
Tchz,h = CpM— [(TFT Tchz,h)F‘l/“zL - NCXZ,H] + oL [(AHcoz — AHy0)Xpr,co2 — AHHZOXFT,PZ] (48)
CX2,h P
Ty = W [(TSU Téxs c)sz + Nexs H] toI [(AHCOZ AHy20)%sy,co2 — AHHZOXSU,PZ] (49)
. 1 —~ —~ —~
Téxs,h = m [Hsl‘/T,k=1Fiys - HlEX3,h(1 - UfCOZ)FJS - ngs,h”fcongs - NCX3,H] (50)
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Abstract

Three mass transfer properties: the effective area (a,), liquid film and gas film mass transfer coefficients (k_ and kg) are measured
consistently for eleven packings with different surface area and corrugation angle. The effective area and liquid film mass
transfer coefficient increases with liquid velocity while gas film mass transfer coefficient increases with gas velocity. The
fractional effective area decreases with surface area and barely changes with corrugation angle. k; and kg increase as surface area
increases or corrugation angle decreases. A new concept-mixing point density is proposed to represent the packing geometry
influence on k. and kg. Correlations for a,, k., and kg are developed including effects of gas and liquid rates and packing
geometry.

© 2013 The Authors. Published by Elsevier Ltd.
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1. Main text

Nomenclature

A column cross section area, m?

ER effective mass transfer area, m*m?®

ap packing physical area, m*m?

C experimental constant used in effective area correlation

1876-6102 © 2013 The Authors. Published by Elsevier Ltd.
Selection and peer-review under responsibility of GHGT.
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HTU height of transfer unit, m

Kos  overall mass transfer coefficient, m/s

ke gas film mass transfer coefficient, m/s
ke liquid film mass transfer coefficient, m/s
M mixing point density, pts/m?

NTU number of transfer units

Q volumetric flow rate, m%/s

Ug gas superficial velocity, m/s
uL liquid superficial velocity, m/s
c surface tension, N/m

0 packing corrugation angle, deg

1.1. Introduction

Among the major systems for CO, capture, post-combustion capture with amines is the most mature and readily
employable technology. Packing is widely used in post-combustion CO, capture because of its low pressure drop,
good mass transfer efficiency, and ease of installation. In the CO, capture process, absorber and stripper
performance are highly dependent on the effective mass transfer area of the packing (a.). The stripper performance
depends on the liquid film mass transfer coefficient (k.), while gas cooler and water wash performance depend on
the gas film mass transfer coefficient (kg).

A number of mass transfer models for packing are described in the literature.>2® In these models, the
combination of mass transfer coefficient and area (Ka) was measured. However, a common defect in the previous
models is that either a theoretical assumption of area or proposed K models from other work were used to separate K
and a. In other words, none of the mass transfer values (kg, K., &) were independently validated. In distillation
systems, most cases only required the combination (Ka) values, where these models were acceptable, but the design
and optimization of the amine scrubbing CO, capture system requires validated separate values for kg, k., and a,.

This research is focused on the consistent measurement and mechanistic model development of a., kg, k_ for
packing. The specific objective is to explore effects of operating conditions and packing geometry on mass transfer
properties. Finally, mechanistic mass transfer models are developed.

2. Experimental
2.1. Apparatus

All experiments were conducted in a pilot-scale PVC column with an inner diameter of 0.428 m (16.8 in) and a
total height of 7.62 m (25 ft) located in the Separation Research Program in the University of Texas at Austin (UT
SRP). The same column has been used by previous researchers to measure a.*! A DeltaV® control system
provided by Emerson was utilized to operate the system and collect data. The experiment setup is shown in Figure 1.

A packed bed of 3.3 m (10 ft) was used to measure the pressure drop, liquid hold-up, and effective area. A
packed bed of 1.83 m (6 ft) was used for the k, measurement to avoid the peak tailing in GC analysis of outlet
toluene. The packed bed height was further shortened to approximately 0.51 m (20 in) for the kg measurement to
obtain a reliable outlet SO, concentration.
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Fig. 1. Flow Process Diagram for the Packed Column
2.2. Experimental methods

The effective mass transfer area (a.) was measured by the absorption of atmospheric CO, with 0.1 gmol/L NaOH
solution. This method was first proposed by Danckwerts.!®! The reaction between CO, and NaOH is a pseudo first-
order reaction, and the CO, flux is controlled by CO, diffusion and reaction in the liquid boundary layer. The liquid
film mass transfer coefficient with chemical reactions can be calculated by Equation 1The effective area and mass
transfer coefficient can be separated, and the area calculated by Equation (2).

o _ Koy [OH 1Dcos,

1
’ Heoo
g In( Ycoin ) g In( Ycoin )
a = CO,out ~ CO,0ut (2)
) ZK,RT ZK RT

Where:

Ko is the second-order reaction constant, m*/(kmol*s);

[OHT is the concentration of free hydroxyl ion in the liquid phase, gmol/L;

Dcoy, is the diffusivity of CO, in the liquid phase, m?/s;

Hcoz is the Henry’s constant of CO,, m>*bar/kmol;

Ycozin @Nd Ycozout are the concentration of CO, in the gas phase at inlet and outlet, ppmv;
Z is the packed bed height, m.
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Physical absorption or desorption of low solubility gas with water has been used by others I to measure k. In
this work, the liquid film mass transfer coefficient (k_) was measured by stripping toluene from water into air. This
is a liquid phase controlled system because of its very high Henry’s constant. The overall mass transfer can be
assumed to be equal to the liquid phase mass transfer coefficient. Once the inlet and outlet toluene concentration in
water have been measured, the following equation can be used to calculate k, a:

Ma:%?mmmﬁcwg 3)

Where:

u, is the liquid superficial velocity, m/s;

CLa1/CL a2 are the inlet and outlet toluene concentrations in water, ppm.

k. can then be determined directly from the measured k a and the measured effective area (a.) under the same
liquid and gas rates:

K =—— @

Absorption of reactive gas with aqueous sodium hydroxide has been used by previous researchersto measure kg
199 1n this study, the gas film mass transfer coefficient was measured by absorption of SO, mixed with air with 0.1
gmol/L NaOH. The reaction between SO, and NaOH is an instantaneous reaction making the liquid phase mass
transfer resistance negligible. Thus, the overall mass transfer coefficient (Kog) can be assumed to be equivalent to
the gas film mass transfer coefficient (kg). The gas film mass transfer coefficient can be calculated by:

UG In( ySOZin )
k SO2out (5)
¢ ZRTa,
Where:
Ug is the gas superficial velocity, m/s;
Yso2in/Ysozout are the inlet and outlet SO, concentrations, ppmv;
a. is the effective mass transfer area, m*m?®.

Because of the high efficiency of SO, removal with NaOH, the packed height was reduced from 10 feet to 30-40
inches to obtain a reliable and measurable outlet SO, concentration. In this case, the mass transfer from the top
section above the packing and the bottom section below the packing became comparable with the mass transfer from
the packing section. In the kg measurement, the mass transfer from these two ends (NTUg,4) was measured and
deducted from the overall mass transfer (NT Uxgar).

2.3. Packing list and operating conditions

Eleven structured packings with different surface area (ap) and corrugation angle (6) were measured to explore
how packing geometry influences the mass transfer properties. The packing information is listed in Table 1. Seven
liquid flow rates (L) and five gas velocities (ug) were measured to explore the impact of operating conditions on
mass transfer performance. The operating conditions are listed in Table 2. The gas and liquid mass transfer
coefficients (kg and k) were separated from the Ka value with the measured effective area (a,) at the same operating
condition. The physical properties are listed in Table 3.
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Table 1. Packing information
Packing 125Y 2X 200X 250Y 250Y 250X 350Y 350Z 350Y 350X 500Y
Type Mellapak Mellapak Raschig ~ Raschig, Mellapak Mellapak GT-Pak GT-Pak A B GT-Pak
Hybrid  Hybrid
Area, m?/m? 125 205 200 250 250 250 350 350 350 350 500
Corrugation angle 45 60 60 45 45 60 45 70 45 60 45
Channel base B, m 0.0635 0.0302 0.0318 0.0318 0.0302 0.0254 0.0167 0.0175 0.0254 0.0175 0.0143
Crimp height h, m 0.0254 0.0143 0.0048 0.0048 0.0111 0.0111 0.0075 0.0079 0.008 0.009 0.00635
Mixing point density 58583 266509 721574 1249766 593478 483197 2863768 902394 1171656 1256854 4628764
M, pts/m®

Table 2. Operating conditions

Liquid load (L), m¥m?*h Gas velocity (ug), m/s
6.1 12.2 24.4 36.7 48.9 61 73.3 0.6 1 15 2 2.3
2 v v v v v v v v v v v v
ke v v v v v v v v
k. v v v v v v v v v v

Table 3. Average physical properties at 298K

Liquid density, p. Gas density, pg Liquid Gas Liquid Gas Surface
diffusivity, D, diffusivity, Dg viscosity, p. viscosity, ue tension, o,
Units kg/m?® kg/m?® m?/s m?/s kg/(m*s) kg/(m*s) N/m
Values 998 1.204 8.6E-10 1.31E-5 1.002E-3 1.98E-5 0.072

3. Results and discussion
3.1. Effective area
To explore the influence of surface area, the fractional effective area of four structured packings with the same

corrugation angle (45 degrees) and surface area ranging from 125 to 500 m?m? is compared in Figure 2. The gas
velocity is 0.99 m/s (300 ACFM) for all packings. Every packing shows an increase in effective area with
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increasing liquid load. At the same liquid load, the fractional effective area decreases with surface area. Rivulets,
ripples, and droplets, those mass-transfer-enhancing film instabilities according to Henriques™*! form easily between
the sheets in coarser packing with high void fraction. End effects and wall effects could also have a greater impact
on coarser packing. Finer packing such as 350Y and 500Y could be more subject to maldistribution and insufficient
wetting, causing a lower fractional effective area.

MP125Y //://
//.//?/ MP250Y

=
o

o
[ole}
[

/ GTC500Y

Overall: 125Y> 250Y>350Y>500Y

Fractional effective area, a./ap

o
»

5 10 20 40 80
Liquid flow rate, m3/m2*h

Figure 2. Fractional effective area as a function of specific dry area.

The effective area of MP250Y and 250X is compared in Figure 3 to show the effect of corrugation angle.
MP250X has equivalent surface area and geometric structure except for a higher corrugation angle (60 degrees),
compared with MP250Y (45 degrees). The measured effective area of MP250Y is only 6% higher than MP250X
within the range of the experimental error. A comparison of GT-PAK™ 350Y and 350Z also shows that the
corrugation angle has an insignificant effect on the effective area. 350Y has a 45-degree corrugation angle while
350Z has a 70-degree angle. The difference in effective area between these two packings is 7%, which is within the
10% experimental error.

The effective area should be determined by the wettability of the packing surface, which is influenced by: (1) the
surface tension, which determines the contact angle of liquid and packing surface; and (2) the liquid phase velocity,
which determines the liquid flow pattern. Other factors such as gas velocity, liquid viscosity, and packing
corrugation angle do not have a significant impact on effective area.
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Fig. 3. Fractional effective area comparison between MP250Y and MP250X
3.2. Liquid and gas film mass transfer coefficient (k_ and kg)

Figures 4 and 5 compare liquid film and gas film mass transfer coefficients for packings with different surface
area. For all packings, ki increases with liquid velocity. At the same gas and liquid flow rate, k, increases as surface
area increases. On average, the k. of 500Y is 33% higher than 350Y, and the k, of 350Y is 21% higher than 250Y.
These differences are significantly more than the 10% experimental noise. A similar conclusion is reached when gas
film mass transfer coefficient of packings with different surface areas is compared (Figure 5). At the same gas and
liquid flow rate, the kg of 500Y is 23% higher than 350Y, and the kg of 350Y is 22% higher than 250Y. The
difference between 250Y and 125Y is negligible (only 3%) since there could be extra bubbles or ripples creating
mass transfer in coarse packing like 125Y.

The liquid film and gas film mass transfer coefficients for packings with different corrugation angles are
compared in Figure 6 and Figure 7. At the same liquid and gas flow rate, both k_ and kg increase as the corrugation
angle decreases from 70 to 45 degrees (350Z to 350Y). The mass transfer coefficient difference between these two
packings is between 25% and 35%.
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In general, both k; and kg increase with packing surface area (ap) and decrease with packing corrugation angle
(0). Structured packing geometries are studied to understand this phenomenon.
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3.3. Mixing point density

Figure 8 shows the flow mechanism in the corrugated metal sheets that compose structured packing. Liquid flow
inside the packing can be seen flowing along these corrugated sheets. At the joint points of metal sheets (marked by
circles in Figure 8), flows mix with each other, change directions, and create turbulence. Thus, these mixing points
are believed to be the key points for mass transfer in structured packing. In packing with a lower corrugation angle
or larger surface area, there will be more mixing points, which means liquid and gas flows mix with each other more
often, change direction more frequently, and create more turbulence. Both k, and kg increase as corrugation angle

decreases or surface area increases.

Low angle High angle Large area

Fig 8. Liquid flow along corrugated metal sheets

Fig 9. Lateral view of a structured packing with a corrugation angle (8)

The number of mixing points vary with the packing geometry. Figure 9 shows the lateral view of a structured
packing with a corrugation angle 6. From the lateral view, the corrugated metal sheets can be seen as a series of
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parallel lines with a tilt angle to the horizontal line. In the structured packing, each corrugated metal sheet contacts
the one next to it. In the lateral view, this is expressed by the parallel lines crossing with another set of parallel lines
in a different direction. The crossed corrugated metal sheets form hundreds of square pyramids, which are the
triangles in the lateral view. The mixing points are the vertices of the triangles, which are marked in black circles in
the lateral view.

Fig 10. Top view of a structured packing with a corrugation angle (8)

The square pyramids formed by the crossed metal sheets can be better seen from the top view of the packing
(Figure 10). The height of the square pyramid is B/2*tan®, the bottom area of the pyramid is B*h. Both B and h are
structured packing geometric characteristics. B is the channel base length (m) while h is the crimp height length (m).

The volume of the square pyramid is (BhB*tan6)/6. Thus, the number of square pyramids per m* volume is
6/(BhB*tanf). Each pyramid has five mixing points; however, each pyramid also shares mixing points with four
adjacent pyramids, making the number of mixing points per pyramid 5/5. The number of mixing point per m?
(mixing point density M) can be calculated by Equation 6.

6

= (6)
BhB tan @

Where:

B is the channel base, m;

h is the crimp height, m;

6 is the corrugation angle, deg.

4. Model development
The effective area model in this study is based on the model by Tsai*?. The updated model uses liquid superficial

velocity per total area (u./ap) as the liquid flow rate per perimeter term (Q/Lp), and changes the experimental
coefficient from 1.34 to 1.42, which provides a better fit for our larger data base. The effective area model is:

8 = 1.42[(&)91/3(:_L)4/3]0.116 ©
P

ap c
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Figure 11 shows the comparison of experimental data and the effective area model. It includes the data for all
packings measured in this work. The effective area model fits most of the experimental data well except for GT-
PAK™ 500Y. Some of the packing surface area cannot be wetted efficiently for high surface area packings, causing
the measured fractional area for GT-PAK™ 500Y to be lower than expected. The average deviation between the
model and experimental results is 10%.

®MP2X  ARSP250 o
12 © RSR#0.5 RSR#0.7 +294’ y =X
W GTC350Z B MP250Y
M MP250X = RSR#0.3
A GTC350Y = RSP200X _.f’ | B ’.
1 | | mGTCs00Y © A350Y ; O -
_ B B350X A " B
o Ay W T -20%
o
S
o 0.8
)
S~
()
©
0.6 8. _ 1.42[(p_|_)g1/3(g)4/3]0.1167
ap c L,
Average Deviation: 10%
0.4
0.4 0.6 0.8 1 1.2

ae/ap experiment

Fig 11. Comparison of experimental data a nd the effective area model

The gas and liquid film mass transfer coefficients (kg and k) are a function ofthe gas and liquid superficial
velocity (ug, uL), the packing surface area (a,), and the mixing point density (M). M is the number of mixing points
per m®, which represents the effect of the corrugation angle and packing size. M is given by by Equation 6. The
mass transfer coefficients models are given by Equation 7 and 8.

kL — 308E _ 3* uE.72M 0.42a|;l.15 (7)
kG — 108E _ Z*Ug.SSM 0.22a|;0.36 (8)

The comparison of experimental data and values predicted by the k; and kg models is shown in Figures 12 and 13.
The deviation between ki, experiment and k., model is 22% while the deviation between kg, experiment and kg,
model is 13%. The standard errors of each parameter in the k. and kg models are listed in Table 4 and Table 5. The
p-value for each term tests the null hypothesis that the coefficient is equal to zero (no effect). A predictor that has a
low p-value (<0.05) is likely to be a meaningful addition to the model because changes in the predictor's value are
related to changes in the response variable. Conversely, a larger (insignificant) p-value suggests that changes in the
predictor are not associated with changes in the response. P-values are all less than 0.05 except the p-value for a in
the kg model, indicating that more work is still needed to find out the dependence of gas film mass transfer
coefficient (kg) on packing surface area (ap).

Previous kg models (Rocha™®, Hanley and Chen*®)) are compared with data in this work (Figure 13). Both of
them are developed based on data measured in distillation systems. Rocha’s model under-predicts kg value by 32%,
and Hanley’s model under-predicts kg by 69%.
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Average Power Standard error P-Value
u 0.72 0.045 2.59E-23
M 0.42 0.086 6.93E-6
ap -1.15 0.252 2.47E-5
Table 5. kg correlation standard error
Average Power Standard error P-Value
Us 0.55 0.055 3.09E-13
M 0.22 0.056 1.05E-3
ap -0.36 0.179 0.0308
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Fig 12. Liquid film mass transfer coefficient model
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Fig 13. Gas film mass transfer coefficient model

5. Data comparison with previous work

The mass transfer data (a., ki, and kg) measured in this work is compared with previous work in this section.
Figure 14 compares the effective area measured in this work for data from Tsai? Linek™. The system used is

CO,/air-NaOH for all three researchers. The differences between data in this work and data by previous researchers
are 2-3%, showing good agreement.
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Fig 14. Effective area comparison between data in this work and data by previous researchers

Figure 15 compares the k_a predicted by the model in this work to models by previous researchers for MP250Y.
The models by Laso and Linek are semi-empirical based on measured data. The system was O, desorption from
water by air (Laso™), or by N, (Linek™). The packed height was 0.42 m (Laso) and 0.84 m (Linek) compared to
1.83 min this work. Because of the diffusivity differences between different systems, the k a measured in O,-water
system is converted to toluene-water system by Equation 9 (assume k_a changes with u,_ to the 0.5 power).

D
(k,a)y, = (—21)% =0.661 ©)
(kLa)o2 Doz,L
Where:

DL = 8.6E-10 m%s;

Doz = 1.97E-9 m%/s

ki a measured by Laso is 54% higher than k_a measured in this work, and k a measured by Linek is 31% higher
than k a measured in this work. Since the packed heights in Laso’s work and Linek’s work were shorter than the
packed height used in this work, end effect could play a more significant role in their results, making the k,a value
higher than expected. Another reason could be the dependence of k, on u,, which is still quite uncertain. According
to previous researchers, the dependence is believed to be in the range of 0.5-1.> 'l |f higher value of dependence is
used, the corrected k;a value from Laso and Linek would be lower, making it closer to k a value in this work.

Two previous mass transfer models developed from data in distillation systems (Hanley and Chen™”, Rocha!?)
were also compared with the data in this work. Because of the systematic differences, it is suggested to use k,a
value, which is the combination of k; model and area model from the same author. The k a value predicted by
Hanley and Chen is 29% lower than k, a predicted in this work, while k;a value predicted by Rocha is 38% lower.
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6. Conclusions

In this work, the effective mass transfer area (a.), liquid film mass transfer coefficient (k.), and gas film mass
transfer coefficient (kg) were measured consistently in a pilot-scale packed column. Eleven structured packings
with varying surface area (ap) and corrugation angle (8) were tested to explore the influence of packing geometry on
mass transfer performance. For each packing, seven different liquid velocities (u,) and five different gas velocities
(ug) were tested to explore the influence of operating condition on mass transfer performance. The effective area (a)
and liquid film mass transfer coefficient (k.) increases with liquid velocity (u,) and barely changes with gas velocity
(ug); gas film mass transfer coefficient (kg) increases with gas velocity and barely changes with liquid velocity (u,).

The fractional effective area (a./ap) decreases with surface area (ap) since coarse packing gets good wetting and
additional mass transfer area from mass-transfer-enhancing film instabilities at the same liquid flow rate. The
effective area barely changes when the corrugation angle increases from 45 degrees to 70 degrees. The liquid film
and gas film mass transfer coefficients increase as packing surface area (ap) increases or packing corrugation angle
(B) decreases. Packing geometry was studied and a new concept-mixing point density (M) proposed to explain this
phenomenon. Mixing point density represents the packing geometry influence and can be quantified.

Mass transfer models are developed in this work. The effective area model is based work by Tsai, slightly
changing the experimental constant and exponent. The mass transfer coefficients models are developed based on
three factors influencing mass transfer: the liquid/gas superficial velocity (uyg), the packing size (ap), and the
mixing points density (M). The mass transfer models are:

a u
Qe _ ll42[(p_|_)gll3(_|_)4/3]0.116
a c a,

P
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k_ =3.08E —3*u)"*M**%a, "
kG — 108E _ 2*u8.55M 0.22a;0.36
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Appendix A. Calculation of HTUg and HTU_ using models developed in this work

An example of calculation for the gas phase and liquid phase Individual Height of Transfer Unit (HTUg and
HTU,) is shown in this section. Mellapak 250Y is chosen in this example calculation. The base case operating
conditions are listed in Table 6. The gas flow rate (G) is 8.5 m*/min or 300 ACFM in English units, and the liquid
flow rate (L) is 36.7 m*(m**h) or 15 gpm/ft’ in English units. The superficial gas and liquid velocities can be

calculated.

3
U ="M _5o0102m/s
m* *3600s
3
Ug =M _oogm/s
0.144m” *60s

Table 6. Operating conditions in HTUG and HTUL calculation

(10)

(11)

Parameters Liquid flow rate, L Gas flow rate, G Cross-section Superficial liquid Superficial gas Packed height, Z
area, A velocity, u_ velocity, us
Units m*/(m%*h) mé/min m? m/s m/s m
Values 36.7 8.5 0.144 0.0102 0.98 3.048

The effective area (a.), liquid film mass transfer coefficient (k. ), and gas film mass transfer coefficient (kg) can be

calculated using the mass transfer models developed in this work.

a, =a, *1.42[(p_L)gl/3(u_l_)4/3]0.116

o a,
998kg/m?
0.072N /m
K, = 3.08E — 3*U’72M 42 115

=250m* /m* *1.42[( *9.8m/s® *(

0.0102m/s
250m? /m

3)4/3]0.116 — 245 m2 /m3

= 3.08E —3*(0.0102m/s)®">* (593478 pts / m?)**2 * (250m? / m*®) *** =5.27E —5m/s

ke =1.08E —2*u2**M %?%a,%%

= 1.08E — 2*(0.98m/5)°%5 * (593478 pts / m®)°?2(250m? /m?) ° = 2.73E — 2 m/s

Then the HTU, and HTUg can be calculated.



394

18 Chao Wang/ Energy Procedia 00 (2013) 000-000
HTU, = u_ 0.0102m/s _—079m
k,a, 5.27E-5m/s*245m°/m
HTU, = & 0.98m/s ~0.15m

kea, 2.73E—2m/s*245m?/m°

The measured HTU_ is 1.07 m and measured HTUg is 0.14 m for MP250Y at the corresponding operating
conditions, showing that the mass transfer models developed in this work have good prediction.
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Abstract

Previous studies of CO2 absorption mainly focused on coal-fired flue gas with 12% CO.. However, in a hybrid process combining
amine scrubbing with membrane technology, the CO2 concentration in the flue gas may be enriched to 20%. This work simulates
absorber performance at 12 to 20% CO2 with the Independence model for piperazine (PZ) in Aspen Plus®. 5 molal (m) PZ was
chosen as the solvent with a solvent rate of 1.1*Lmin. To estimate the absorber performance in this range, a factorial design has
been used to define the model inputs. Both in-and-out intercooling and pump-around intercooling have been simulated for the
absorber. The model calculates the solvent rate, packing height, rich loading, and optimized position of intercooling for each case.
Empirical correlations for rich loading and a semi-empirical correlation for normalized packing have been derived. When
estimating real absorber performance, K; equals ké measured in wetted wall column times a correction factor ¢. For 99% removal,
¢ varies from 1.6 to 2.6. For 60% removal, ¢ varies from 0.6 to 0.8.

© 2013 The Authors. Published by Elsevier Ltd.
Selection and peer-review under responsibility of GHGT.

Keywords: absorber; piperazine; factorial design; mass transfer coefficient; correction factor; normalized packing

1. Introduction

Membrane Technology and Research, Inc., has proposed a hybrid system combining amine scrubbing with
membrane technology to reduce energy cost [1]. Previous studies of CO, absorption mainly focused on coal-fired flue
gas with 12% CO,. However, in the hybrid process, the CO; concentration in the flue gas may be enriched to 20%.

1876-6102 © 2013 The Authors. Published by Elsevier Ltd.
Selection and peer-review under responsibility of GHGT.
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90% > 60%

T Rich Loading (RLDG)

Fig. 1. Hybrid-series system combining amine scrubbing with membrane technology

In the hybrid-series arrangement (Figure 1) [1] the outlet CO, can be increased to 9.1% and removal can be reduced
to 60%, which will result in smaller absorber packing height. With a larger driving force at the top and bottom of the

absorber, higher lean loading can be used to minimize energy use.
CO,-enriched air ~ Membrane  Air

Coal

CO,-enriched
flue gas
12%-2>20%CO,

400ppm-> 8%CO, 400ppm CO,
—
e t 1
CO: 3.6%C0:
Net CO2 out
1.3%20.25%C02 1.3%CO2
Lean Loading (LLDG)
Sm PZ

0.4

<>
>
4 Removal

90%-> 99%

0.6 T Rich Loading (RLDG)

Fig. 2. Hybrid-parallel system combining amine scrubbing with membrane technology

In hybrid-parallel arrangement (Figure 2), removal can be increased to 99%. Both the absorber and the membrane
will deal with less CO», which will result in smaller diameter and smaller membrane area. This work simulates absorber
performance at 12 to 20% CO- and 60 to 99% removal with the Independence model [2] for 5 m PZ in Aspen Plus®.



397

Yue Zhang et al. / Energy Procedia 00 (2013) 000-000 3
( 02 out LLDG
L, 40°C

Mellapak 250X

Q In-and-out

I Intercooling

N 40°C

Mellapak 250X =“-'

Pump-around
Intercooling

=]
=
Mellapak 2X g W Le/G=5

40°C
COzin RLDG

G, 40°C
Fig. 3. Two types of intercooling

To improve the mass transfer rate, both in-and-out intercooling and pump-around intercooling have been simulated
for the absorber [3] (Figure 3). In order to calculate the optimized position of intercooling, the absorber is considered
in parts: top, middle, and bottom. In-and-out intercooling draws and returns the solvent to the first stage of the middle
part. Pump-around intercooling draws the solvent out from the last stage of the bottom part, and sends it back to the
first stage of the bottom part after cooling. Each case has been simulated to find the best position for intercooling

2. Safety

In order to improve the mass transfer rate, both in-and-out intercooling and pump-around intercooling have been
added to the absorber. However, this can result in gasket failure of the plate intercooling heat exchanger. Gasket failure
will result in solvent splash and personnel exposure to amine. To avoid exposure, the plate heat exchanger should be
put on ground level.

If the heat exchanger is installed above ground level, solvent will splash over people when gasket fails. A splash
protector should be added around the heat exchanger, and a spill containment system should be implemented to collect
solvent.

3. Absorber Performance with In-and-out and Pump-around Intercooling

In order to predict the absorber performance using data calculated by Aspen Plus®, a factorial design was used to
define the model inputs (Table 1). There are three degrees of freedom: CO, into the absorber, absorber CO, removal
(f), and lean loading (LLDG). The factorial design includes 18 cases: three different CO, concentrations (coal-fired
flue gas with 12% CO,, and the hybrid process with 15% and 20% CO.,), three different removals (60%, 90%, and
99%), as well as two different lean loadings (over-stripping and normal lean loading was defined by the ratio of the
partial pressure of CO- in the lean solvent and the partial pressure of CO, coming out of the absorber). With the results
from the factorial design, correlations between these factors have been developed to predict the rich loading and
packing area from the CO, concentration, CO, removal, and LLDG. The top and middle sections of the absorber use
Mellapak 250X. The bottom section uses Mellapak 2X. 5 m PZ was chosen as the solvent with a solvent rate of
1.1*Lmin. Both in-and-out intercooling and pump-around intercooling have been simulated for the absorber. The
solvent rate is 1.1*Lmin. The pump-around intercooling solvent recycle rate L/G is 5 mol/mol. The model calculates
the solvent rate, packing areas, rich loading, and optimized position of intercooling for each case (Table 1).
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Table 1. Model Inputs and Calculated Absorber Packing Distribution

co, LLDG RLDG L/G Total Area  Area Fraction NP
Case Pto,IPco,out (Mol COx/mol  (mol CO/mol  (mol/mol)  (1000*m2)  Top Mid Bot (sec*m?

) (%) alk) alk) Jmol)
1 12 60 0.037 0.265 0.397 3.3 301 04 02 04 222
2 12 60 0.370 0.36 0.405 9.7 737 05 02 03 543
3 12 90 0.037 0.192 0.390 3.3 382 03 03 04 188
4 12 90 0.370 0.307 0.398 7.2 656 05 02 03 323
5 12 99 0.037 0.061 0.379 2.3 393 04 03 03 176
6 12 99 0.370 0.192 0.382 3.8 514 04 02 04 230
7 15 60 0.037 0.275 0.401 4.3 316 04 02 04 186
8 15 60 0.370 0.368 0.410 13.0 825 05 02 03 486
9 15 90 0.037 0.206 0.392 4.4 367 04 03 04 144
10 15 90 0.370 0.318 0.404 95 689 05 02 03 271
11 15 99 0.037 0.071 0.382 2.9 403 04 03 03 144
12 15 99 0.370 0.208 0.386 5.0 484 05 02 03 173
13 20 60 0.037 0.290 0.406 6.2 342 04 02 04 151
14 20 60 0.370 0.378 0.416 19.0 996 05 02 03 440
15 20 90 0.037 0.226 0.397 6.4 370 04 02 04 109
16 20 90 0.370 0.332 0.411 13.8 828 06 02 03 244
17 20 99 0.037 0.088 0.386 4.0 389 04 03 04 104
18 20 99 0.370 0.227 0.397 7.1 520 06 01 03 139

Normalized packing (NP) can reflect the absorber efficiency.
NP = Total surface area

™ Total Gas flow ratexCO, Conc*Removal

€]

In Case 1,

301%1000 m?
NP = 18.8 kmol/sec ¥0.12%0.99
A lower value for NP indicates better absorber performance, because the absorber needs less packing to capture
the same amount of CO». The NP is also the reciprocal of the average CO- flux. Cases with low lean loading and high
removal have lower normalized packing, which indicates better absorber performance. When using intercooling, the
rich loading increases as expected with the inlet CO», but it does not vary significantly, which indicates that the solvent
practically reaches equilibrium with the CO; at the bottom of the absorber.

= 222 sec * m?/mol.

4. Rich loading empirical correlation

In order to derive the RLDG empirical correlation, further experiments were performed at different lean loadings
(Table 2).

Table 2: Data for RLDG Empirical Correlation

Cases  CO; In(CO;) T In(f) I(_nI;cl)DI CéOz/mol alky N(LLDO) (Rnl;claal iozlmol alk)
1 012 212 06 -051 0265 133 0.397

2 012 212 06 -051 036 102 0.405

3 012 212 09 -011 0192 165 039

3-1 012 -212 0.9 -0.11  0.231 -1.47 0.388
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4 012 -2.12 0.9 -0.11  0.307 -1.18 0.398
4-1 012 -2.12 0.9 -0.11  0.327 -1.12 0.401
4-2 012 -2.12 0.9 -0.11 0.336 -1.09 0.402
5 012 -2.12 0.99 -0.01 0.061 -2.80 0.379
6 012 -2.12 0.99 -0.01 0.192 -1.65 0.382
7 0.15 -1.90 0.6 -0.51 0.275 -1.29 0.401
8 0.15 -1.90 0.6 -0.51 0.368 -1.00 041

9 0.15 -1.90 0.9 -0.11  0.206 -1.58 0.392
10 0.15 -1.90 0.9 -0.11 0.318 -1.15 0.404
11 0.15 -1.90 0.99 -0.01 0.071 -2.65 0.382
12 0.15 -1.90 099 -0.01 0.208 -1.57 0.386
13 0.2 -1.61 0.6 -0.51 0.29 -1.24 0.406
14 0.2 -1.61 0.6 -0.51 0.378 -0.97 0.416
15 0.2 -1.61 0.9 -0.11  0.226 -1.49 0.397
15-1 0.2 -1.61 0.9 -0.11 0.261 -1.34 0.402
16 0.2 -1.61 0.9 -0.11  0.332 -1.10 0.411
16-1 0.2 -1.61 0.9 -0.11 035 -1.05 0.413
16-2 0.2 -1.61 0.9 -0.11 0.358 -1.03 0.414
17 0.2 -1.61 099 -0.01 0.088 -2.43 0.386
18 0.2 -1.61 0.99 -0.01 0.227 -1.48 0.397
19 0.2 -1.61 095 -0.05 0.303 -1.19 0.408

There are three degrees of freedom: inlet CO, (CO), removal (f), and LLDG. The original terms (CO», 1-f, and
LLDG) and logarithm terms (In(CO2), In(1-f), and In(LLDG)) were chosen as variables for regression (Table 2). After
the statistical significance test, the empirical correlation of rich loading is:

RLDG = 0.374 + 0.001 *In(1 —f) + 0.018 *In(CO,) + 0.160 * LLDG — 0.014 * In(LLDG)

R2=0.984 (2

For all removals, the RLDG calculated by Aspen Plus® and RLDG predicted by correlation are plotted against
LLDG at 12%, 15%, and 20% inlet CO, concentration (Figure 4).



400

6 Yue Zhang et al. / Energy Procedia 00 (2013) 000-000
0.42
® 12% inlet, calculated by Aspen "
A 15% inlet, calculated by Aspen 60% removal .l
B 20% inlet, calculated by Aspen
— 12% inlet, predicted by correlation
0.41 = = 15% inlet, predicted by correlation
«eeee 2000 inlet, predicted by correlation
>
S 040
o
E
o)
O
©
E 039
Q
a)
-
x
0.38
0.37
0.05 0.10 0.15 0.20 0.25 0.30 0.35 0.40

LLDG (mol CO,/mol alk)

Figure 4: RLDG calculated by Aspen Plus®

Figure 4 shows that the RLDG predicted by the correlation is close to the RLDG calculated by Aspen Plus® from
0.05t0 0.4 LLDG. It also shows that rich loading behaves linearly in the high lean loading range and increases with
lean loading. Rich loading lies between 0.37 and 0.42, suggesting that solvent practically reaches equilibrium with
the inlet CO,.

5. Normalized packing semi-empirical correlation

In the absorber, if we assume plug flow for the gas, the average CO: flux (N¢,,) is related to the overall mass
transfer coefficient related to gas phase driving force (K;;) and the log mean CO- partial pressure driving force (AP¢,,).

G*(Yin—Yout) D
Nco, = TYin"Yout’ Ay . = Kg * APy, 3)
As discussed above, the NP is the reciprocal of N¢,,, which can be written as Equation 4.
1
Ke = NP+APco, “)

Kj; is related to the liquid-film mass transfer coefficient k; and gas phase mass transfer coefficient k, in this series
resistance relationship:
1 1 1
ke g ©
kg has been measured in a wetted wall column and K; can reflect the real absorber performance. However, when
estimating absorber performance, k, is usually substituted for K for convenience [4]. Of course this substitution is



401

Yue Zhang et al. / Energy Procedia 00 (2013) 000-000 7

not accurate. The dimensionless group k—f; can be defined as a correction factor ¢, which can show how K;; varies with
)

kg. 1f both sides of Equation 4 are divided by kg, and then the dimensionless group ¢is on the left side, as is shown
in Equation 6.
p=Ne____ 1 (6)

kg  NPxkg«BPco,

To predict NP, the dimensionless group ¢ was chosen as the term to be regressed. Comparison between ¢ predicted
by correlation and ¢ calculated by Aspen Plus® shows how well the data is correlated. Equation 6 was used to calculate
¢ for each case. Since ky * AP;,, will change along the column, k; = AP, requires a good approximation. Equation
7 provides an approximation of kg = WCOZ, using the log mean average of kg x AP¢,, at both lean and rich end to
calculate ¢.

k‘lq,‘rich*(PCOZ,in_PEOZ,rich)_k;,lean*(PCOZ.Duf—PZ‘OZ,lean) (7)

ki * APqo. = k] * AP, =
co COy..; 7 *

9 2 9 Zrich,lean kg,rich*(PCoz,in_PCOZ,rich)

! *

kg,lean*(PCOZ.Ouf_PCOZ,lean)

In Equation 7, P¢,, and kg at the both lean and rich ends are required to calculate ¢. P¢o, jeq, Was found from the
5mPZ VLE curve at 40 °C, while P¢o, ¢, Was predicted from RLDG using Equation 8, which was regressed from

the 5 m PZ VLE curve at 40 °C. RLDG was predicted from LLDG, 1-f, and CO; inlet concentration using Equation
2.

In

InPgy, = 29.29 * (CO, loading)® + 7.24 * CO, loading — 5.56  R? = 0.995 (8)
To predict kg at the lean and rich ends, CO rate data from Dugas [5] was used for the kg correlation (Table 3).

Table 3. CO, Rate Data for 5 m PZ Solution at 40 °C

CO; loading kg'

mol CO,/mol alk mol/s*Pa*m?
0.226 4.39E-06
0.299 2.57E-06
0.354 1.69E-06
0.402 7.93E-07

Equation 9 is the kg correlation during 0.226 to 0.402 CO; loading regressed from the Dugas data. kg is a linear
function of In(C0, loading). Equation 9 was also used to extrapolate k; outside this CO, loading range.
k; = —6 x 107°In(CO, loading) — 5 x 107° R? = 0.998 (9)

Table 4. Data for NP semi-empirical Correlation

Pcoz,in Pcoz,out PEOZ,Lean Pgoz,rich k;],lean é,rich m NP [

kPa kPa kPa kPa mol/s*Pa*m?  mol/s*Pa*m?* mol/s*m?  sec*m?/mol
1 12.2 5.2 0.2 6.8 3.0E-06 5.5E-07 7.4E-03 222 0.61
2 12.2 5.2 19 8.8 1.1E-06 4.2E-07 2.4E-03 543 0.76
3 12.2 14 0.0 55 4.9E-06 6.6E-07 5.3E-03 188 1.00
3-1 12.2 14 0.1 5.2 3.8E-06 6.9E-07 4.8E-03 189 1.10
4 12.2 14 0.5 7.1 2.1E-06 5.3E-07 2.2E-03 323 1.39
4-1 12.2 14 0.8 77 1.7E-06 4.9E-07 1.5E-03 425 1.58
4-2 12.2 14 1.0 8.0 1.5E-06 4.7E-07 1.1E-03 505 1.76
5 12.2 0.1 0.0 40 1.2E-05 8.3E-07 3.6E-03 176 1.60

6 12.2 0.1 0.1 4.4 4.9E-06 7.7E-07 2.1E-03 230 2.06
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7 15.2 6.7 0.2 7.7 2.7E-06 4.9E-07 8.9E-03 186 0.60
8 15.2 6.7 24 10.2 1.0E-06 3.5E-07 2.8E-03 486 0.74
9 15.2 18 0.1 59 4.5E-06 6.2E-07 6.7E-03 144 1.04
10 15.2 18 0.6 8.5 1.9E-06 4.4E-07 2.5E-03 271 1.48
11 15.2 0.2 0.0 44 1.1E-05 7.7E-07 4.3E-03 144 1.60
12 15.2 0.2 0.1 5.0 4.4E-06 7.1E-07 2.5E-03 173 2.30
13 20.3 9.2 0.3 9.0 2.4E-06 4.1E-07 1.1E-02 151 0.60
14 20.3 9.2 34 124 8.4E-07 2.6E-07 3.3E-03 440 0.69
15 20.3 25 0.1 6.9 3.9E-06 5.4E-07 8.3E-03 109 111
15-1 203 25 0.2 8.1 3.1E-06 4.6E-07 6.3E-03 133 1.19
16 20.3 25 0.9 10.6 1.6E-06 3.3E-07 2.9E-03 244 1.42
16-1 20.3 25 14 114 1.3E-06 3.0E-07 1.9E-03 322 1.61
16-2 20.3 25 1.8 11.7 1.2E-06 2.9E-07 1.5E-03 383 1.78
17 20.3 0.3 0.0 4.9 9.6E-06 7.2E-07 5.6E-03 104 1.71
18 20.3 0.3 0.1 6.9 3.9E-06 5.4E-07 2.7E-03 139 2.65
19 20.3 13 0.5 9.6 2.2E-06 3.8E-07 2.7E-03 197 1.86

Table 4 shows the data used for NP semi-empirical correlation. The regressed dimensionless group ¢ is related to
three degrees of freedom: COg, f, and LLDG. The original terms, logarithm terms, and crossing terms were chosen as
variables for ¢ correlation. With ¢ correlation, NP can be calculated using Equation 6. After the statistical
significance test, the semi-empirical correlation is shown as Equation 10.

Inp = lnI;—,G =—-121-029 *In(1 — f) + 1.3 * LLDG — 0.64 xIn(1 — f) * LLDG R? = 0.955 (10)
g

For all inlet CO; concentrations, ¢ calculated by Aspen Plus® and ¢ predicted by correlation are plotted against
LLDG at 60%, 90%, 95%, and 99% CO, removal in Figure 5.
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Figure 5: ¢ calculated by Aspen Plus®

As is shown in Figure 5, the dimensionless group ¢ varies from 0.5 to 4 and the curve shifts at different CO;
removal levels. When estimating real absorber performance, simply substituting k, measured in the wetted wall
column for K, is not accurate. K; equals kg times a correction factor ¢, and the correction factor ¢ is a function of
LLDG and f (Equation 10). For 99% removal, ¢ varies from 1.6 to 2.6. For 60% removal, ¢ varies from 0.6 to
0.8.There are two reasons for the deviation between the ¢ calculated by Aspen Plus® and ¢ predicted by correlation.
The first reason is that the log mean average of kg * AP, at both the lean and rich ends is chosen as the k * FCOZ
approximation. Since kg varies with CO; loading, kg will change along the column. At high CO, removal, the column
is closer to the lean end pinch, thus kg * AP, at the lean end should be weighted more. At high CO, removal, the
column is closer to the rich end pinch and kg = AP, at the rich end should be weighted more. The second reason is
the inaccuracy when using Equation 2 & 8 to predict P¢,, and Equation 9 to predict k.

6. Conclusion

1. The absorber performance can be represented by normalized packing (NP): the lower, the better.
Total surface area

NP = (1)

~ Total Gas flow ratexCO, Conc*Removal

2. RLDG can be predicted by Equation 2. RLDG increases with lean loading, but does not vary much with removal.
RLDG lies between 0.37 and 0.42, suggesting that the solvent practically reaches equilibrium with the inlet CO-

RLDG = 0.374 + 0.001 *In(1 —f) + 0.018 *In(C0O,) + 0.160 * LLDG — 0.014 * In(LLDG) 2
3. NP can be predicted by Equation 2, 6, 7, 8, 9, &10.
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- ©)
© = NPk, + P,
kg * APCOZ ~ k-g * APCOZ rich,lean (7)
In Py, = 29.29 * (CO, loading)® + 7.24 * CO, loading — 5.56 (8)
k, =—6x107%In(C0, loading) — 5 x 107° (9)
Inp =-1.21-0.29«In(1 — f) + 1.3 * LLDG — 0.64 *In(1 — f) * LLDG (10)

4. When estimating real absorber performance, simply substituting k, measured in the wetted wall column for K
is not accurate. K;; equals kg times a correction factor ¢, and the correction factor ¢ is a function of LLDG and f
(Equation 10). For 99% removal, ¢ varies from 1.6 to 2.6. For 60% removal, ¢ varies from 0.6 to 0.8.
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Abstract

Amine scrubbing is the most mature CO, capture technology for coal-fired power plants. However, the
energy consumption for regeneration incurs a 20-25% penalty on electricity output. The objective of this
work is to identity and minimize inefficiencies in the capture process. The regeneration process and the
compressor train were simulated in Aspen Plus®. The minimum work of the process and the lost work of
each unit operation were quantified by exergy balance. The two major sources of lost work for the simple
stripper are the lean/rich solvent cross exchanger and the stripper overhead condenser. The advanced
flash stripper was proposed to reduce the lost work of the condenser by recovering stripping steam heat
from the stripper. The advanced flash stripper reduces the heat duty and total equivalent work by 16%
and 11%, respectively, compared to the simple stripper. Lean vapor compression, another regeneration
process, reduces heat duty and total equivalent work by 8% and 3%, respectively. With these advanced
stripping processes, the major source of lost work is from the cross exchanger, which should be optimized
by including both energy and capital cost.

Keywords: amine scrubbing, post-combustion, irreversibility, Aspen Plus®

1. Introduction

The amine scrubbing process is considered the most feasible technology for CO, capture from
coal-fired flue gas with 12% CO,.»? A typical amine scrubbing process includes an absorber, a
stripper, and a cross exchanger (Figure 1). Desulfurized flue gas is contacted with the aqueous
amine in the absorber to remove 90% of the CO,. The rich solvent carrying the CO, from the
bottom of the absorber is sent to the stripper and heated for CO, regeneration. After condensing

the water, the stripped CO, is compressed to 150 bar for further storage and sequestration.

For post-combustion CO, capture, steam usage for CO, regeneration in the stripper and CO,
compression work are the main contributions to energy use. CO, capture will reduce electricity

output by 20-25% at a typical coal-fired power plant.>*

Lost work (exergy) analysis can be used to quantify thermodynamic inefficiencies in the
process.>® The actual work required can be improved by reducing the lost work. Previous
investigators have evaluated minimum work and lost work of the CO, capture process.” *° The
isothermal minimum work at 40 °C required to get from 12% CO, at 1 bar to pure CO, at 150 bar
is 18.2 kJ/mol CO,, which includes 7.3 kJ/mol CO, separation work (12% CO, to pure CO; at 1

bar) and 10.9 kJ/mol compression work (pure CO, from 1 bar to 150 bar). Geuzebroek et al.*
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evaluated exergy loss in amine scrubbing with monoethanolamine (MEA) and concluded that the
major sources of lost work are the absorber, the stripper overhead condenser, and the flue gas

blower.

Previous studies did not evaluate the interactions between solvent selection, operating
conditions, and alternative process configurations, which are the most important factors

determining the energy performance. Lean vapor compression is a promising stripper

11-13 14,15

configuration that has been applied in pilot scale CO, capture plants Lin has

demonstrated the energy improvement by recovering the stripping steam heat using rich solvent

bypasses.*®

Among the proposed configurations with this strategy, the advanced flash stripper
(flash stripper with the warm rich bypass and rich exchanger bypass) provides the best energy

performance.

The objective of this work is to quantify the minimum work and the lost work of the CO; capture
process, so the inefficient parts can be identified and improved. 8 molal piperazine (8 m PZ), a
publicly characterized, second generation solvent, will be used in this work.'” Three stripper
configurations will be simulated in Aspen Plus® and compared, including a simple stripper, lean
vapor compression, and the advanced flash stripper. The most important operating parameter,

lean loading, will be varied to show how it affects performance.
2. Simulation methods

2.1 Simulation model

Simulation results were obtained from Aspen Plus® version 7.3 with “Independence”, a
thermodynamic model created by Frailie to represent 8 m PZ.®* The Electrolyte Non-Random
Two-Liquid (e-NRTL)* property method is used to describe the CO,-amine-H,O chemistry
accounting for the non-ideality in the aqueous electrolyte system. To model the stripper, Aspen
Plus® RateSep™ provides a rigorous rate-based model for heat and mass transfer with
equilibrium reactions in the boundary layer. The application of the rate-based model to the

amine scrubbing process accurately represented pilot plant data.?

8 m PZ has been demonstrated as an advanced solvent that has a higher reaction rate and CO,
capacity,?! and is more thermally stable than the conventional solvent, MEA. It can be used up

to 150 °C without significant thermal degradation.?? The thermodynamic model used in this
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»18 \which was rigorously regressed in Aspen Plus® with experimental

work was “Independence,
data including amine volatility, heat capacity, CO, solubility, and amine pK, over a range of

amine concentration and CO,, loading.

2.2 Process specifications

Process specifications used in the simulations are shown in Table 1. This work simulates the
whole process shown in Figure 1 except the absorber. Typically, with an intercooled absorber
using 8 m PZ over a range of lean loading,?® the rich solvent is at 46 °C with 0.40 CO, mol
COy/mol alkalinity. In this work, the temperature and the CO, loading of the rich solvent were
fixed. The stripper used Mellapak 250X structured packing. The Bravo Correlation was used to

calculate the mass transfer coefficient and interfacial area.?*

Operating the stripper at higher temperature is usually more energy efficient. However, the
elevated temperature could result in significant thermal degradation of the amine in the reboiler.
A reasonable compromise of 150 °C for PZ was used.?> The log mean temperature difference
(LMTD) of the rich exchanger that transfers heat from condensing steam to cold rich solvent was
specified as 20 K. In the cross exchanger, rich solvent is vaporized after being heated above its
bubble point. The LMTD of both rich exchanger and cross exchangers was obtained by
integrating the temperature profile instead of relying solely on inlet/outlet temperatures. The

LMTD of the cross exchanger was specified as 5 K.

For the advanced flash stripper which has two cross exchangers the average LMTD, AT m.avg
was calculated using Equation 1, which weights the LMTD of each exchanger (AT m1 and

ATom2) by their exchanger duties (Q; and Q).

+
ATLM,avg = QlQl QZQZ €Y)

ATLM,l ATLM,Z

+

2.3 Multi-stage compressor

The multi-stage compressor shown in Figure 2 was simulated in Aspen Plus®. The inlet pressure
of the compressor train is determined by the stripper pressure, which is dependent on the lean
loading and reboiler temperature. To sequester the CO, underground, the final pressure is

specified as 150 bar. A supercritical pump is used for the last stage when the density is above
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500 kg/m®® To decrease the pipeline diameter, aftercooling can be applied to increase CO.
density and reduce volume flow rate.?® In this work, aftercooling to 30 °C is employed before

the supercritical pump.

The specifications of the multi-stage compressor are shown in Table 2. The Benedict-Webb-
Rubin-Starling (BWRS) equation of state was used to represent the gas density. The multi-stage
compressor compresses the CO, from the stripper pressure to 76 bar that includes 2 bar of net
positive suction head (NPSH) for the supercritical pump that pressurizes to 150 bar. The
pressure ratio of the compressor was evenly distributed into each stage but does not exceed 2 per
stage. The gas is intercooled to 40 °C between each stage. The compression work with varied
inlet pressure is shown in Figure 3, and is compared with the isothermal minimum work of
compression at 40 °C. The compression work requirement was regressed in Equation 2 as a
function of inlet pressure from 1 to 20 bar.

kj
Weomp (m) = —3.481n(P,,) + 14.85, 1 < P;,(bar) < 20 )

2.4 Minimum work and lost work

The minimum work (theoretical work, reversible work) of the whole process can be calculated

by the difference of Gibbs free energy between inlet and outlet states.

The lost work (exergy loss, irreversibility, available work) is defined as the maximum useful
work that could be obtained during the process if the system were brought into equilibrium with
the heat sink. The lost work is due to irreversible operation and the sources could be heat and
mass transfer driving forces, mixing, flashing, and mechanical inefficiency. By exergy balance
using Equation 3, the lost work of the whole process and for each unit operation can be
calculated. The sink temperature, T,, is set at 313.15 K (40 °C). Tk (K) is the temperature of the
heat source or sink. Q and W are the heat duty and work input/output. The enthalpy, H, and the
entropy, S, are obtained from Aspen Plus® simulations. The actual work of the process, Wag,
will be the minimum work plus the total lost work (Equation 4). The minimum work is the
thermodynamic limit, which is determined only by inlet and outlet conditions, but the amount of
lost work depends on how the process is operated. The lost work can be reduced by a better

process design that makes the operation more reversible, and leads to less actual work required.
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Wiose = (1=72) 0+ Y W+ Y (H=T,8) = Y (i =T,8) 3)

out

Wact = Winin + 2 Wiost (4)

2.5 Total equivalent work

The total equivalent work is similar to the actual work, W, in Equation 4, which gives the
energy requirement, but more usefully represents the electricity penalty caused by the steam
extraction from the power plant. Equation 5 shows that total equivalent work consists of pump

work, compression work, and heat work, and is normalized by the moles of CO, removed.

The equivalent work is determined for reboiler heat duty by multiplying turbine efficiency (nr)
and Carnot cycle efficiency, as shown in Equation 6. In the Carnot efficiency the temperature
approach between the reboiler/steam heater and the steam condensing temperature is taken as 5
K, and the heat sink is assumed to be 40 °C. The effective turbine efficiency, nr, is set at 90%.
The equivalent work uses the same heat-work conversion method as Equation 3, except for the

90% turbine efficiency, which converts the work to electricity.

The pump work includes the head to move the rich solvent from the absorber to the pressure of

the stripper with an efficiency of 65%. The compression work was calculated using Equation 2.

k]
Weq (W) = Whear + Woump + Weomp (5)
k] Tsteam - Tsink)
W, — | = Zsteam — 'sink ¢
Heat (mol C02> nT ( Tsteam Qreb ( )

3. Stripper configurations
3.1 Simple stripper

The simple stripper is shown in Figure 1. The cold rich solvent is heated by the hot lean solvent
in the cross exchanger and then sent to the top of the stripper. The reboiler provides the sensible
heat, the heat of CO, desorption, and the heat of water vaporization. The hot lean solvent from
the reboiler is returned to the absorber after being cooled to 40 °C by the trim cooler. The hot

CO, vapor from the top of stripper is cooled to 40 °C in the overhead condenser with loss of the
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latent heat of the excess water vapor.

3.2 Lean vapor compression

Figure 4 shows solvent regeneration including lean vapor compression. The simple stripper is
modified by adding a flash tank and a single compressor stage. The hot lean solvent coming
from the reboiler is flashed, and produces steam and CO; in the flash tank at lower pressure. The
flashed vapor is pressurized by the lean vapor compressor, and sent to the bottom of the packing
section in the stripper. The additional stripping steam provides a heat source for heating the rich
solvent in the stripper with packing. Compared to the simple stripper at the same operating lean
loading, the stripper pressure with lean vapor compression is higher, and the rich solvent coming
into the top of the stripper is colder. The lean vapor compressor is analogous to the first stage of
the multi-stage compressor. The stripper serves as a direct contact cooler that recovers the latent

heat of steam.

The temperature of the flashed vapor at the lean vapor compressor inlet is approximately 140 °C.
After compression the hot vapor is over 200 °C, which might exceed the temperature limit of
typical compressor materials. The lean vapor compression work is included in the calculation of
the total equivalent work. The pressure ratio of the lean vapor compressor for each lean loading
was optimized to minimize the total equivalent work. If a higher pressure ratio is used, less
stripping steam heat will be lost in the higher pressure stripper but the lean vapor compression

work will increase.
3.3 Advanced flash stripper

Figure 5 shows the advanced flash stripper, which is referred to as the flash stripper with warm
rich bypass and rich exchanger bypass in the previous study.'® In this configuration, warm rich
bypass and cold rich bypass are added to recover the stripping steam heat and improve energy

performance.

The rich exchanger is used to preheat the cold rich solvent by hot CO, vapor coming out of the
stripper. A portion of the cold rich solvent obtains latent heat of steam from the stripped vapor.
Warm rich bypass is extracted between two cross exchangers and fed to the top of the stripper
after mixing with cold rich bypass. The temperature was selected as the bubble point

temperature at the stripper operating pressure. In the stripper packing, the gas stream strips CO,
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from the warm rich bypass, and the solvent condenses a portion of stripping steam. The warm
rich bypass at the bubble point that avoids flashing provides the highest CO, partial pressure of
the solvent at given pressure and rich loading. The optimized warm rich bypass rate will
maximize the potential benefits of CO, mass transfer and heat transfer between solvent and
vapor in the stripper. The rest of the rich solvent is heated by a steam heater and fed into the
bottom of the stripper. The regeneration temperature of the stream coming from the flash tank

was specified as 150 °C.

The reboiler in a typical stripper is replaced by a steam heater and a flash vessel. Since the
convective steam heater has less solvent hold-up and residence time, it will minimize thermal
degradation. The cold and warm rich bypasses were optimized to obtain minimum total
equivalent work at each lean loading. Higher rich solvent bypass is required at lower lean
loading where the heat loss of stripping steam is significant.

4. Results and discussion

4.1 Minimum work and lost work

Figure 6 shows the minimum work and lost work of a simple stripper using 8 m PZ. The
boundary conditions of the minimum work are defined in Table 3. The minimum work of
separation purifies the inlet 12% CO; at 1 bar to pure CO; at stripper pressure, which depends on
the operating lean loading. The minimum work of compression brings the pure CO, from
stripper pressure to final pressure at 150 bar. Both these values vary with lean loading since the
stripper pressure is not constant. The sum of separation and compression minimum work is 18.2

kJ/mol CO,, which is independent of lean and rich loading.

The work lost during the process was analyzed. The lost work of regeneration was calculated
first and the lost work of the absorber was determined by difference. Because the CO; partial
pressure decreases with lean loading, a larger driving force of CO, partial pressure causes the
lost work of the absorber to increase at a lower lean loading. This implies that the work lost
from the absorber has to be compensated by the stripper with more work input. For the stripper,
the minimum work of regeneration is defined as the minimum work of separation plus the lost
work of the absorber (Equation 7), which corresponds to the boundary conditions with inlet rich
solvent, outlet lean solvent, and outlet pure CO, at stripper pressure. The minimum work of

regeneration more equitably represents the efficiency of the stripper configurations than the

8
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minimum work of separation, which includes the lost work of the absorber. At higher lean
loading, even though the minimum work of regeneration required is lower, the absorber may

need more packing area due to insufficient mass transfer driving force.

Wmin,rgn = min,sep + Wlost,abs (7)

Figure 6 also shows the lost work that results from regeneration, compression, and unrecovered
solvent pressure with varied lean loading. The lost work of regeneration includes the
irreversibility of the cross exchanger, the condenser, the stripper, the trim cooler, and the rich

solvent pump.

The lost work of compression is obtained from the difference between the actual work of
compression and the isothermal minimum work of compression at 40 °C shown in Figure 3. The
lost work of compression comes from the inefficiency of the compressors and non-isothermal
operation. The lost work of unrecovered solvent pressure shows the amount of work that the
lean solvent at the stripper pressure can generate if it is brought to 1 bar. Practically, the
unrecovered solvent pressure of the lean solvent will be used to overcome the pressure drop

through the cross exchangers, the trim cooler, and the static head of the absorber.

The actual work required by the process is the sum of the minimum work values and all of the
lost work. The lost work of regeneration accounts for 60-70% of total lost work. It is the major
reason that makes the simple stripper inefficient and is possibly improved by alternative stripper

configurations.

4.2 Simple stripper

The lost work of regeneration can be distributed into the unit operations. Figure 7 shows this
distribution for a simple stripper using 8 m PZ with varied lean loading. For each lean loading,

5 m packing is used in the stripper and 5 K is specified for the cross exchanger LMTD.

The lost work of the reboiler reflects the heat duty requirement and the temperature approach
between the solvent and the heating steam. The temperature of the heating steam is 155 °C, 5 K
higher than the reboiler temperature. The lost work of the trim cooler and the pump increases
when the lean loading increases due to decreasing solvent capacity (increasing solvent rate) and

increasing stripper pressure.
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The cross exchanger and the overhead condenser account for over 70% of the lost work of
regeneration. When the CO; is stripped out, a large amount of water vapor leaves the stripper
and is removed in the overhead condenser. The lost work of the condenser is mainly caused by
the loss of latent heat of the stripping steam. From the Gibbs-Helmholtz equation of CO;
desorption reaction (Equation 8), either increasing the regeneration temperature or using solvents
that have higher heat of absorption (AHges) will increase the partial pressure of CO; (Pco,),
providing better selectivity of CO, over the stripping steam. However, elevated regeneration
temperature will cause more solvent degradation and a higher pressure heating steam
requirement. Externally, the stripping steam generated can be recovered by the advanced flash

stripper.

d(lnpcoz) _ AHdes
dT  RT?

(8)

The heat transferred between the cold rich and the hot lean solvent in the cross exchanger is 2 to
5 times the reboiler duty input to the system. Therefore, even when a tight LMTD of 5 K is used,
the lost work of the cross exchanger is still significant. It is sensitive to the lean loading mainly
because of the change in solvent capacity. The circulating solvent flow rate at 0.34 lean loading
is twice that at 0.28 lean loading, which almost doubles the lost work of the cross exchanger.

4.3 Lean vapor compression

There are two reasons that lean vapor compression works better than the simple stripper. First,
additional stripping steam is produced in the flash tank by releasing the solvent pressure,
providing the opportunity for the rich solvent to obtain that extra heat in the stripper. However,
the stripping steam has to be pressurized before the heat is recovered, which requires additional

27-29 th

compression work. Second, similar to multi-pressure and double matrix configurations, e

stripper is operated at higher pressure, which inherently reduces the stripping steam.

Figure 8 shows the lost work of regeneration with lean vapor compression. Even though the
stripper is operated at higher pressure than the simple stripper at the same lean loading, the lost
work of the condenser is only reduced by 1/3. Compared to the simple stripper, a portion of the

lost work is shifted from the reboiler to the stripper since the rich solvent is also heated by the

10
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superheated stripping steam coming into the bottom of the stripper. The lean vapor compressor

and the flash tank also incur inefficiencies and lost work.
5.4 Advanced flash stripper

The advanced flash stripper reduces the stripping steam externally by using cold rich and warm
bypasses. Figure 9 shows the lost work of the advanced flash stripper using 8 m PZ. For each
lean loading, the cold and warm bypasses were optimized to minimize the total equivalent work.

The lost work of the condenser is almost eliminated. The water vapor content from the rich
exchanger is only 5 mol %. Similar to lean vapor compression, the lost work of the stripper is
more significant at lower lean loading because more warm rich solvent is bypassed and heated
by the stripping steam in the stripper. Figure 10 compares the lost work of the condenser and
stripper, which indicates how efficiently the stripping steam is recovered. The advanced flash
stripper saves 3-5 kJ/mol CO; lost work of the condenser and stripper compared to the simple

stripper.

Figure 11 compares the heat duty of the three stripper configurations with varied packing height
from 2-10 m. The advanced flash stripper is most improved by adding packing. Compared to
the simple stripper, lean vapor compression reduces the heat duty by 8.4% and the advanced
flash stripper reduces it by 16.1% at optimum lean loading. Even though an additional heat
source is provided in the lean vapor compression, the total stripping steam cannot be fully

recovered.

Figure 12 compares the total equivalent work, which includes the compression work, pump work,
heat duty work, and the lean vapor compression work. The advanced flash stripper reduces the
total equivalent work by 11.2% at optimum lean loading while the lean vapor compression
reduces it by only 3.4%. The additional compression work required to pressurize the stripping

steam makes lean vapor compression less attractive.

4.5 Second law efficiency of regeneration

The second law efficiency can be used to quantify and differentiate between alternative process
designs. The second law efficiency, nong, is defined as the ratio of minimum work to actual work

input. If the process is totally reversible, there will be no lost work, implying the second law

11
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efficiency is 100%. Higher efficiency indicates less lost work so less actual work is required.

The efficiency also quantifies the opportunity for improving the process.

As shown in Equation 9, the second law efficiency of regeneration, nzng,rgn, IS defined as the ratio
of the minimum work of regeneration to the actual work of regeneration. The efficiency of
compression can be calculated in the same approach, which is around 73% throughout the
operating range of lean loading.

Wmin,rgn

n 2nd,rgn = Wact rgn (9)

Figure 13 shows the comparison of the second law efficiency of regeneration. The efficiency of
the simple stripper is 50-60% and the advanced flash stripper is 50-75% in the range of

operating lean loading.

For the simple stripper, the low efficiency at high lean loading is mainly due to the dominating
lost work of the cross exchanger. At lower lean loading where the lost work of the condenser
dominates, the efficiency is relatively flat because the minimum work also increases. The
advanced flash stripper is nearly stripping steam free, so the efficiency is only driven by the lost
work of the cross exchanger for the entire lean loading range. The advanced flash stripper
improves the most at lower lean loading where the stripping steam is significant. The advanced
flash stripper at 0.20 lean loading provides the highest efficiency, 74% in this operating lean
loading range. The rest of the inefficiency comes from the lost work of the cross exchanger, the

steam heater, and the rich exchanger.
4.6 Lost work of the cross exchanger

The cross exchanger is the major source of lost work left in the advanced flash stripper. The lost
work of the cross exchanger decreases with increasing solvent capacity. The solvent capacity is
dependent on solvent properties and can be increased by operating at lower lean loading.
Another way to reduce the lost work of the cross exchanger is to use a small temperature
approach. Figure 14 shows the sensitivity analysis of the LMTD of the cross exchanger. The
total equivalent work increases 10-20% when the LMTD increases from 5 K to 10 K. This

implies that the LMTD of the cross exchanger has a significant impact on the energy

12
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performance. The capital cost of the cross exchanger is one of the cost centers of the process,*
and is 20-30% of the total capital cost of the CO, capture process. Reducing the lost work of the
cross exchanger by a tight temperature approach is not straightforward. The tradeoffs between
energy consumption and capital cost must be considered.

5. Conclusions

The minimum work and lost work of the CO, capture process using 8 m PZ were quantified.
The minimum work, including separation and compression from 12% CO, to pure CO; at 150
bar, is 18.2 kJ/mol. The total lost work of the simple stripper is 15-19 kJ/mol and the
regeneration accounts for 60-70% of this. The two major sources of lost work are the cross
exchanger and the stripper overhead condenser. The advanced flash stripper can effectively
eliminate the lost work of the condenser by recovering the stripping steam heat using cold and
warm rich bypasses. The advanced stripper reduces the total equivalent work by 11.2% while

the lean vapor compression reduces it by 3.4% compared to the simple stripper.

The second law efficiency of regeneration can be used to differentiate the performance of
stripper configurations and indicate how much room is left for energy reduction. At low lean
loading, the advanced flash stripper has second law efficiency of regeneration above 70%. At
higher lean loading, where the lost work of the cross exchanger is significant due to the reduced
solvent capacity, the efficiency of regeneration is only around 50%. The advanced flash stripper
provides the most improvement over the simple stripper at low lean loading where a large
amount of stripping steam is produced. Since the capital cost of the cross exchanger is one of the
cost centers, the capital-energy tradeoffs must be considered in any attempt to reduce the lost

work of the cross exchanger.
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Table 1: Process simulation specifications.

Solvent
Process modeling tool
Thermodynamic model
Packing
Reboiler T (°C)

Steam T (°C)

Rich loading
(mol COy/mol alkalinity)

Rich solvent T (°C)
Cross exchanger LMTD (K)
Rich exchanger LMTD (K)

8 mPZ
Aspen Plus® v7.3
Independence
Mellapak 250X
150
155

0.40

46
5
20

422
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Table 2. Multi-stage compressor specifications

Process modeling tool
Thermodynamic model
Maximum pressure ratio/stage
Compressor polytropic efficiency (%)
Intercooling temperature (°C)
Aftercooling temperature (°C)
Supercritical pump efficiency (%)
Multi-stage compressor outlet P (bar)
Final target P (bar)

Aspen Plus® v7.3
BWRS
2
86
40
30
65
76
150

19
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Table 3. Specifications of minimum work calculations

Minimum work Inlet Outlet

Separation 12% CO, Pure CO,
(Win,sep) (40°C, 1 bar) (40 °C, stripper P)

Compression Pure CO; Pure CO;
(Win,comp) (40 °C, stripper P) (40 °C, 150 bar)

Lean solvent

Regeneration Rich solvent (40°C, 1 bar, varied Ldg)

(Win,rgn) (46 °C, 1 bar, 0.40 Ldg) Pure CO,

(40 °C, 150 bar)

20



Multistage Overhead Condenser
Compressor 40°C
CO: @
Vented gas 150 bar
Water 8.5 bar
Trim Cooler Cross Exchanger
40°C ATim=5K
Absorber Stripper
Flue gas
12% CO2
Rich Solvent

— 46°C N—"

. Lean Solvent
Rich Ldg=0.40 (mol/mol) Lean Ldg=0.30 (mol/mol)

Reboiler
Q_ 150°C

Figure 1: Amine scrubbing process with simple stripper
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150 bar

Intercooler Compressor

< ; 76 bar

Supercritical
pump

CO: from stripper

knockout
water

Figure 2: Multi-stage compressor

4-13 bar

n stages
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Compression work (kJ/mol CO,)

16

14

12

10

I W, of compression
n
" ~~“~~
) - -
w
N - -
- Isothermal W, ;, of ~Soq_
compression (40°C)

. -

1 1 I

1.0 2.7 7.3 19.7

Inlet P (bar)

Figure 3: Actual and minimum work for pure CO, compression with varied inlet pressure: final pressure 150 bar.
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—9

<

Rich Solvent
46°C
Ldg=0.40 (mol/mol)

CO;
150 bar

T
N

Multi-stage
Compressor

Overhead condenser

40°C

A)

Water

Trim Cooler
40°C

428

11.0 bar

Cross Exchanger
ATim=5K

Lean Solvent

Ldg=0.30 (mol/mol) /\

144 °C

LV compressor
PR=1.6

Stripper

6.9 bar

™
-

Figure 4: Lean vapor compression

Reboiler
150 °C
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Multi-stage

Compressor 40°C

CO:
150 bar

Rich Solvent
46°C

Ldg=0.40 (mol/mol)

Overhead condenser

Rich Exchanger
ATim=20 K
‘ ’ 7.4 bar
Cold Rich Bypass *
6%
Warm Rich Bypass Stripper

16% Trp=118 °C

<

Trim Cooler
40°C

Cross Exchanger
Avg ATim=5K

Figure 5: Advanced flash stripper

Steam Heater

Lean Solvent
150°C
Ldg=0.28 (mol/mol)
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Work (kJ/mol CO,)
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W, of compression Unrecovered

40 solvent pressure
\ - —

30 W, of regeneration
20 W, . of absorber
W, ;, of compression
10
W, ., of separation
0

0.20 0.22 0.24 0.26 0.28 0.30 0.32 0.34
Lean loading (mol CO,/mol alkalinity)

Figure 6: Minimum work and lost work of simple stripper using 8 m PZ; 5 m stripper packing; 5 K cross exchanger AT y; 150 °C reboiler T.
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Stripper Trim cooler Pump

p—
NN

\

Reboiler

—_
o

Condenser

Lost work (k]J/mol CO,)
o0}

Cross exchanger

0.20 0.22 0.24 0.26 0.28 0.30 0.32 0.34
Lean loading (mol CO,/mol alkalinity)

Figure 7: Lost work of regeneration of simple stripper using 8 m PZ; 5 m stripper packing; 5 K cross exchanger AT y; 150 °C reboiler T.
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14 } Pump
Flash tank+LV compressor Trim cooler

Stripper

Reboiler

Condenser

Lost work (kJ/mol CO,)

Cross exchanger

0.20 0.22 0.24 0.26 0.28 0.30 0.32 0.34
Lean loading (mol CO,/mol alkalinity)

Figure 8: Lost work of regeneration of lean vapor compression using 8 m PZ; 5 m stripper packing; 5 K cross exchanger AT y; 150 °C reboiler T.
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14 F

12 F Pump
Condenser+Rich exchanger Trim cooler

10

Steam heater

Lost work (k]J/mol CO,)

2 Cross exchanger

0.20 0.22 0.24 0.26 0.28 0.30 0.32 0.34
Lean loading (mol CO,/mol alkalinity)

Figure 9: Lost work of regeneration of advanced flash stripper using 8 m PZ; 5 m stripper packing; 5 K cross exchanger AT y; 150 °C regeneration T.
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Figure 10: Comparison of lost work of condenser and stripper; 5 m stripper packing; 5 K cross exchanger AT y; 150 °C regeneration T.
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Figure 11: Comparison of heat duty of reboiler/steam heater with varied stripper packing height; 5 K cross exchanger AT_y; 150 °C regeneration T.
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— 2. m packing

= == 5 m packing
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Lean vapor compression

32

Advanced flash stripper
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Lean loading (mol CO,/mol alkalinity)

Figure 12: Comparison of total equivalent work with varied stripper packing height; 5 K cross exchanger AT y; 150 °C regeneration T.
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Figure 13: Comparison of second law efficiency of regeneration; 5 m stripper packing; 5 K cross exchanger AT_y; 150 °C regeneration T.
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Figure 14: Total equivalent work of the advanced flash stripper with varied cross exchanger AT y; 5 m stripper packing; 150 °C regeneration T.
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