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Oxidation of Piperazine in Post-Combustion Carbon Capture 

 

Paul Thomas Nielsen, III, Ph. D. 
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Supervisor:  Gary T. Rochelle 

 

Solvent oxidation in amine scrubbing systems for post-combustion CO2 capture is 

a significant issue.  Piperazine (PZ) is a promising solvent due to its relative stability and 

performance.  PZ oxidation rates and products were thoroughly characterized in the High 

Temperature Oxidation Reactor (HTOR) bench-scale cyclic degradation apparatus and 

compared to observed PZ oxidation from campaigns at the UT Austin SRP, CSIRO 

Tarong, and “Pilot Plant 2” (PP2) pilot-scale facilities.  The HTOR simulated solvent 

conditions cycling between a 40-55 °C absorber and a 120-150 °C stripper.   

In both the bench and pilot-scale the intermediary degradation products 

piperazinol, piperazinone, and ethylenediamine were initially the most significant 

degradation products before reaching steady-state concentrations, with ammonia and 

formate the most significant final products produced from the decomposition of the 

intermediates.  PZ oxidation increased as the solvent degraded due to the cycling of 

dissolved iron, aldehydes, and hydroperoxide contaminants, which could be oxidized in 

the absorber and subsequently oxidize PZ at high temperature.   

An N2 sparger was used to selectively remove dissolved oxygen (DO) in the 

HTOR before heating while still allowing for oxidation due to contaminant cycling.  

Ammonia was correlated to dissolved iron at 0.72 mmol NH3/kg PZ/hr/(mmol/kg Fe)0.5.  

An additional 0.4 mmol NH3/kg/hr was produced due to direct reaction of PZ with DO 
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regardless of the level of contamination.  Dissolved iron was solubility-limited in both the 

HTOR and pilot plants, but increased as the solvent degraded, resulting in the 

autocatalytic effect of PZ oxidation. 

HTOR data was used to model oxidation and solvent management costs for a full-

scale amine scrubber.  The model matched observed oxidation at SRP and Tarong.  

Maintaining 0.1 to 0.5 wt % contaminant accumulation optimized amine make-up, 

solvent reclaiming, and increased energy costs due to changes in solvent viscosity, at a 

minimum of $2.6/MT CO2 for PZ treating coal flue gas with a thermal reclaimer to 

remove contaminants.  Feed rate and amine recovery in the reclaimer were the most 

impactful design variables, followed by operating temperature and hold-up in the 

stripper, prescrubbing of flue gas contaminants SO2 and NO2, and least significantly N2 

sparging to remove DO.   
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Chapter 1 – Introduction 

 

 

 

 

 

 

The chapter provides an introduction to amine scrubbing for post-combustion 

carbon capture and the issues of solvent degradation especially oxidation.  The scope and 

research objectives of this dissertation are presented as well.  

1.1 AMINE SCRUBBING FOR POST-COMBUSTION CARBON CAPTURE (PCCC) 

Human-induced climate change has been a subject of study for more than a 

century (Arrhenius, 1896), and has become widely recognized as one of the greatest 

challenges facing humanity in the 21st century.  Anthropogenic CO2 emissions are the 

most significant driving force of climate change (IPCC, 2014).  The costs of mitigating 

climate change, though large, are expected to be considerably less than the estimated net 

costs of adapting to it, and can help avoid the unlikely worst case scenarios of societal 

upheaval and ecosystem collapses (Stern, 2007).  The most significant point sources of 

CO2 are coal and natural gas electricity generation, representing more than 35% of the 

total GHG emissions in the US in 2017 (EIA, 2018).  While phasing out fossil fuels 

entirely for renewable or other clean energy is an ideal long-term goal, these technologies 

face many technological challenges and may take decades to be brought to maturity.  In 
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the interim, carbon capture and sequestration (CCS) can be used to allow for continued 

use of coal and natural gas to provide baseload electricity demands with minimized CO2 

emissions.  Not implementing CCS and relying solely on solar, wind, and nuclear to meet 

a 450 ppm CO2-eq target in 2100 has been estimated to increase mitigation costs 138% 

(range of 29 to 297%) relative to the cost of implementing all available technologies as 

rapidly as possible (IPCC, 2014).  By comparison, phasing out nuclear energy will 

increase costs 7% (4 to 18% range), and only managing to generate 20% of total global 

electricity demand with wind and solar power will increase costs 6% (2 to 29%).  Post-

combustion carbon capture (PCCC) is attractive for CCS because it can be retrofitted 

onto existing power plants to treat flue gas without drastically changing the overall plant 

configuration and operations, similar to existing technologies like selective catalytic 

reduction (SCR) and flue gas desulfurization (FGD) for NOx and SOx control. 

Amine scrubbing was first patented in 1930 for the removal of acid gases (H2S 

and CO2) from natural gas streams before storage and transport via pipeline (Bottoms, 

1930).  It is the most mature technology for PCCC that can be deployed industrially in a 

relatively rapid time scale (Rochelle, 2012).  The flue gas is contacted counter-currently 

with aqueous amine in an absorber column at 40 to 70 °C and near atmospheric pressure, 

with mass transfer usually enhanced by structured or random packing.  CO2 from the flue 

gas is absorbed into the solvent and reacts with the amine to form an amine-carbamate.  

Additional physical absorption can also occur.  The column should be able to remove at 

least 90% of the CO2 from the flue gas. The gas leaving the column should be safe to be 

sent out the power plant stack after passing through a water wash to minimize amine 

emissions.  The CO2-rich solution from the bottom of the absorber is sent through a 

cross-exchanger to a stripper system, where it is heated to 100 to 150 °C to reverse the 
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carbamate reaction and release CO2.  After condensing water vapor and compression, the 

pure CO2 stream can be sequestered or utilized for enhanced oil recovery (EOR).  CO2-

lean amine leaving the bottom of the stripper is sent back through the cross-exchanger to 

recover heat followed by a trim cooler before returning to the top of the absorber to begin 

the cycle again.  The process is expected to have energy requirements on the order of 0.2 

to 0.3 MWh/ton CO2 captured, or 20-30% of the total power plant energy output, and cost 

on the order of $40 to $80/MT CO2 captured to build and operate (Rochelle, 2009). 

 
Figure 1-1: Simplified amine scrubbing process (Bottoms 1930) modified for clarity 

and to include post-combustion flue gas conditions 

1.1.1 Causes of Amine Loss 

The main causes of amine loss in a PCCC plant are thermal and oxidative 

degradation, reaction with NO2 to form carcinogenic nitrosamines, volatile and aerosol 
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emissions in the exiting flue gas, parasitic loss from leaks, and additional loss incurred in 

any solvent reclaiming process.  Amine makeup due to solvent degradation may account 

for up to 10% of the cost of operating an amine scrubber (Rao and Rubin, 2002).  In 

addition to increased cost, solvent degradation and emissions can also increase the 

environmental and health and safety risks associated with amine scrubbing. 

Holdup at high temperatures in the stripper and cross exchanger results in thermal 

degradation of the solvent from irreversible reactions with CO2, resulting in the 

accumulation of amine carbamate polymers (Polderman, 1955).  Amine thermal 

degradation has been studied for decades in the context of acid gas scrubbing and is fairly 

well-understood.  Thermal degradation of monethanolamine (MEA) in acid gas scrubbing 

has been shown to be manageable at stripper operating temperatures up to 120 °C (Davis, 

2009). 

PCCC flue gas is considerably different in composition from that of the sour 

natural gas treated in acid gas scrubbing.  A molar excess of air is typically fed to the 

boiler or natural gas turbine to maximize combustion, with the resulting flue gas 

containing 3 to 15 vol % oxygen.  Oxidation of the solvent has been the most significant 

cause of amine loss observed in pilot plant campaigns using post-combustion flue gas 

(Strazisar et al., 2003; da Silva et al., 2012).  Oxidation of the amine can result in the 

accumulation of heat stable salts (Rooney et al., 1998) and aldehydes in the solvent and 

the emission of ammonia from the absorber (Voice, 2013).  The heat stable salts (HSS) 

tie up amine alkalinity which would otherwise be used for CO2 capture and can also react 

with the amine to form amides (Sexton, 2008).  The mass transfer kinetics and solubility 

of oxygen into the solvent, the presence of CO2, the presence of metal ions from 

corrosion and fly ash, the presence of oxidation inhibitors, and the continuous cycling of 
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the solvent between the low temperature absorber and high temperature stripper units all 

strongly affect solvent oxidation (Voice, 2013).   

SO2 can absorb from the flue gas as sulfate, which will tie up amine alkalinity, 

lowering the CO2 capacity of the solvent.  Excess accumulation of sulfate as well as the 

HSS’s from oxidation can also increase solvent viscosity, decreasing CO2 absorption rate 

in the absorber and heat transfer in the cross-exchanger and stripper, increasing energy 

costs.  These contaminants can be removed by a variety of solvent reclaiming processes, 

including thermal degradation, ion exchange, and electrodialysis.  However, the 

reclaiming processes may add to the overall energy demands of the process and result in 

additional amine loss due to imperfect separation of the waste from the amine.  The waste 

stream from the reclaiming process represents a significant environmental and health 

concern also must be disposed carefully. 

NO2 is readily absorbed from the flue gas as nitrite, which can also oxidize 

amines.  In the case of secondary amines such as piperazine, the nitrite can react to form 

potentially carcinogenic nitrosamines.  Additional nitrosamine accumulation can occur 

from amine oxidation to form nitrite.  Nitrosamines are expected to decompose in the 

stripper, producing similar products as oxidation (Fine, 2014). 

Amine loss can also occur due to volatile emission of the amine and growth or 

aerosols in the absorber.  Volatile amine loss can be mitigated by use of a water or acid 

wash system on the flue gas downstream of the absorber.  Mitigation of aerosol loss may 

require either a Brownian diffusion mist eliminator to capture small aerosols or an 

impaction tray to capture larger aerosols, possibly after intentionally designing the 

absorber and water wash to maximize aerosol growth.  Alternatively, steps can be taken 

to eliminate aerosol nuclei in the flue gas upstream of the absorber (Beaudry, 2017).  
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Quantification or aerosol emissions and modeling aerosol growth represent a very 

significant area of study, but are outside the scope of this work. 

1.1.2 Piperazine  

Concentrated aqueous piperazine (PZ) has shown promise as a better alternative 

solvent to the baseline monoethanolamine (MEA) solvent used for generations in acid gas 

scrubbing.  Relative to MEA, PZ has a higher CO2 capacity and rate of absorption and 

greater thermal stability.  This allows for a higher operating temperature in the stripping 

unit, reducing the overall energy requirements of the system by reducing CO2 

compression work.  However, PZ oxidation has not been as rigorously characterized as 

MEA oxidation, with less than 70% of the degradation products quantified (Freeman, 

2011).  Questions remain concerning the mechanisms by which PZ oxidizes and the 

effectiveness of removal of dissolved oxygen from the solvent and oxidation inhibitors 

(Voice, 2013).  PZ also has significant solubility issues at low temperature and low CO2 

loading, though this may be mitigated by including PZ in a blend with other amines.   

Figure 1-2 shows the structure of MEA, PZ, and several other promising solvents, 

including the tertiary amine methyldiethanolamine (MDEA), the hindered amine 

aminomethyl-propanol (AMP), and the PZ derivatives 2-methyl-piperazine (2-MPZ) and 

hydroxyethyl-piperazine (HEP).  These solvents have all been shown to be more resistant 

to both thermal and oxidative degradation than MEA (Freeman, 2011; Voice, 2013).  

MDEA, AMP, and 2-MPZ have high CO2 capacities but lower absorption rates.  This can 

be mitigated by blending with PZ to promote the absorption rate.   
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Figure 1-2: Monoethanolamine (MEA), piperazine (PZ), methyldiethanolamine 

(MDEA), aminomethyl-propanol (AMP), 2-methyl-piperazine (2-MPZ), and 

hydroxyethyl-piperazine (HEP) 

1.2 OBJECTIVES 

The overall objective of this research is to accurately quantify and model PZ 

oxidation at the bench, pilot, and full scale.  The most representative way to study amine 

oxidation would be in a long duration pilot plant campaign using flue gas from a coal or 

natural gas power plant.  However, this can be cost-prohibitive, especially for solvent 

screening purposes.  Most pilot plant campaigns are short and intentionally involve the 

manipulation of many variables to test different conditions and configurations, making it 

difficult to draw reliable conclusions about solvent degradation.   
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As an alternative, solvent oxidation can be simulated at the bench scale using an 

apparatus to cycle solvent between absorber and stripper conditions.  Voice (2013) 

constructed the High Temperature Oxidation Reactor (HTOR), which exposes solvent to 

air at absorber conditions and cycles the solvent up to stripper temperatures, simulating 

the cycling process of amine scrubbing.  Experiments in the HTOR and other cyclic 

degradation rigs have shown that MEA oxidation is not limited by consumption of 

dissolved oxygen and may be enhanced in the presence of nonvolatile oxidation carriers 

such as dissolved transition metals and aldehydes (Einbu, 2013; Voice, 2013).  A wide 

variety of inhibitors that showed promise at low temperatures were tested, but none were 

effective at inhibiting MEA oxidation at high temperatures (Voice, 2013).  Only minimal 

screening of other solvents, such as PZ, has been completed before this research project. 

The primary objectives of this research will be:  

 Develop a more complete understanding of the oxidation process of PZ, primarily 

by quantifying the oxidation rate and products as a function of process conditions 

in pilot plant campaigns and in the HTOR. 

 Develop a more complete understanding of the mechanisms of amine oxidation, 

and whether oxidation can be inhibited in the carbon capture.  This will be 

accomplished by testing various additives and inhibitors at varying conditions in 

the HTOR apparatus and in other bench scale experiments.  Most significantly, 

the effects of oxidation due to direct reaction with dissolved oxygen compared to 

cycling of nonvolatile oxidation carriers by selectively removing dissolved 

oxygen in the HTOR by sparging the solvent with nitrogen.  

 Quantify the effects of oxidation and accumulation of degradation products on 

major solvent properties.  Most significantly, HSS accumulation will increase 
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solvent viscosity over time, decreasing heat transfer in the cross-exchanger and 

leading to increased energy demands on the stripper and reboiler.  This effect 

needs to be precisely quantified to determine the rate at which the solvent will 

need to be reclaimed to control the heat stable salt concentration.   

 Construct a comprehensive model of amine loss and solvent contamination in a 

full scale post combustion CO2 scrubbing system for both MEA and PZ.  The cost 

of amine makeup due to degradation and contamination will be quantified and 

compared to the energy savings of using PZ over MEA.  The model will attempt 

to accurately predict the following: 

o Thermal degradation and oxidation rate and product accumulation as 

function of O2 in the flue gas, temperature, residence time at high 

temperature, dissolved metal concentration, and the presence of inhibitors. 

o Nitrosation rate, steady state MNPZ concentration, and accumulation rate 

of nitrosamine degradation products. 

o Accumulation rate of flue gas contaminants.  

o Amine loss rate in the reclaimer as a function of reclaimer type and feed 

rate. 

o Changes in solvent viscosity as a result of solvent contamination. 

o Equivalent work (total energy required to regenerate the solvent) as a 

function of stripper configuration, temperature, and solvent viscosity. 

o Overall required amine make-up rate and cost of solvent make-up 

 Determine the most effective strategies for oxidation mitigation based on the 

results of the experiments and model predictions.  Possible mitigation strategies 

include minimizing temperature and hold-up in the stripper; removing dissolved 
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oxygen from the solvent by flashing or sparging with nitrogen; inhibitors such as 

free radical scavengers, chelators, and corrosion inhibitors; and pretreatment of 

the flue gas to remove SO2 and NO2.   

 Screen additional promising solvents and PZ blends for oxidation rate and product 

formation in the HTOR apparatus.   
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The chapter includes relevant information pertaining to the oxidation of amines, 

including mechanisms, products, catalysts and inhibitors, and the effects of experimental 

and process conditions.  It condenses and builds upon literature reviews of amine 

oxidation compiled by Sexton (2008), Closmann (2011), and Voice (2013).  Most 

previously published work has focused on the oxidation of monoethanolamine (MEA) at 

absorber conditions, due to its status as the baseline solvent from acid gas scrubbing.  A 

brief summary of thermal degradation and nitrosamine formation and decomposition in 

PZ is also presented. 

2.1 AMINE OXIDATION 

2.1.1 Oxidation Mechanisms 

Oxidation of amines mainly produces fragments, especially ammonia, aldehydes, 

and carboxylate heat stable salts (HSS’s).  The exact mechanism for amine fragmentation 

is uncertain, though several have been proposed to explain the production of the observed 

degradation products. 
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Figure 2-1 demonstrates a proposed electron abstraction mechanism for MEA.  

This mechanism is based on a group of studies performed at the Edgewood Arsenal by 

the U.S. Army Chemical Research and Development Laboratories.  These studies focused 

on the oxidation of amines using chlorine dioxide and other single electron oxidants 

(Rosenblatt et al., 1963; Rosenblatt el al., 1967; Dennis et al., 1967; Hull et al., 1967).  A 

reactive free radical, most likely ferric iron Fe3+, extracts an electron from the nitrogen of 

an unprotonated amine to produce an amminium cation radical.  The amminium radical 

rearranges to produce an imine radical and abstract a proton.  The imine then hydrolyzes 

to produce an aldehyde/ketone and an amine.  In the case of MEA this would be 

ammonia and hydroxyacetaldehyde.  The initial electron abstraction is thought to be the 

rate-limiting step.  Alternatively Dennis et al. (1967) showed that imines can form a 

resonance structure known as an enamine, which hydrolyzes to two moles of 

formaldehyde and one mole of ammonia in the case of MEA. 

Chi and Rochelle (2002) proposed an alternate route in which the imine radical 

reacts with oxygen to form a peroxide radical.  The peroxide radical can react with 

another molecule of MEA to form MEA-hydroperoxide and another amminium radical.  

MEA-hydroperoxide subsequently decomposes to hydrogen peroxide and an imine.  

Alternatively, the MEA-hydroperoxide can lose an OH radical, leaving a free radical 

structure that decomposes to formamide and the free radical version of formaldehyde.  

The formaldehyde free radical can be subsequently oxidized to formate (Sexton, 2008). 
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Figure 2-1: Electron abstraction mechanism for MEA oxidation (adapted from Chi 

and Rochelle, 2002 by Sexton, 2008) 

Voice (2013) proposed that MEA oxidation is mediated by the stability of the 

MEA-hydroperoxide (MEA-HP) and other organic peroxides in degraded MEA solvent.  

The stability of peroxides at alkaline conditions is very sensitive to the presence of 

transition metals (Galbács and Csányi, 1983).  In the presence of excess oxygen, 

production of free radicals is mediated by the rate of homolytic (free radical generating) 

decomposition relative to heterolytic decomposition of hydroperoxides (Figure 2-2) 

(Walling, 1957).  Each new free radical can react with MEA and oxygen to produce one 

molecule of MEA-HP and another free radical, propagating the reaction.  Voice proposed 

that at steady state, both oxidation and reduction of the peroxide must occur since the 

metal can only act as a catalyst as no significant amount of new metal is continuously 
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added to the solvent.  The relative amount of metal in each oxidation state would depend 

on the relative rates of oxidation and reduction of the peroxide.  However, differences in 

solubility of the metal in the solvent depending on oxidation state could result in the 

precipitation of the metal due to the oxidation or reduction of the hydroperoxide, limiting 

the overall decomposition rate. 

 
Figure 2-2: Mechanism of hydroperoxide formation and metal-catalyzed 

decomposition (Voice, 2013) 

An alternative to electron abstraction is the hydrogen abstraction mechanism, also 

developed at the Edgewood Arsenal, from experiments in which aqueous amines were 

degraded by ionizing radiation.  This was supported by Petryaev et al. (1984).  The 

radiation formed initiating radicals such as H*, OH*, and e- (aq).  The mechanism 

proceeds through a 5-membered hydrogen bonded ring for MEA (Figure 2-3).  Free 

radicals abstract a hydrogen atom from the nitrogen, α-carbon, or β-carbon.  The newly 

formed radical can transfer internally through the ring structure to ultimately cleave the 

N-C bond, resulting in ammonia and an aldehyde or aldehyde radical.  The validity of 

this mechanism is most likely limited to MEA and other amines that can form the cyclic 

transition state. 
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Figure 2-3: Hydrogen Abstraction Mechanism for MEA Oxidation (Petryaev et al., 

1964) 

Aldehydes are very susceptible to oxidation and will decompose to carboxylate salts.  

These salts can react with the amine to form amides.  These products can continue to 

react with themselves, the parent amine, or products accumulated from thermal 



 

 

16 

degradation to produce a plethora of secondary products, especially in cyclic systems 

experiencing both thermal degradation and oxidation.  Pathways for many of these 

products in MEA are shown in Figure 2-4 (Gouedard, 2014). 

 
Figure 2-4: MEA degradation pathways (Gouedard, 2014) 

2.1.2 Summary of Previous Experimental Results 

Kindrick et al. (1950a and 1950b) performed the first significant screening 

experiments of amines for oxidative stability.  39 amines and 11 amine mixtures were 

screened in a reactor system in which 100 mL/min of 50% CO2 in O2 was contacted with 

100 mL of 2.5 N amine solution containing 25 to 60 ppm dissolved iron at 80 °C.  

Ammonia was identified as a significant oxidation product.  Tertiary amines and hindered 

amines, including methyldiethanolamine (MDEA) and 2-amino-2-methyl-1-propanol 

(AMP) were shown to be significantly more stable than primary and secondary amines 

including MEA. 
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Hofmeyer et al. (1956) determined that up to 40% of basicity loss could be 

attributed to oxidative deamination to form ammonia in MEA oxidation at 75 °C.  The 

majority of the remaining balance of basicity loss was due to the tie-up of MEA by other 

products including formic acid, a carbonyl compound, a high molecular weight polymer, 

and amides. 

The U.S. Navy conducted a major study of MEA degradation in support of early 

nuclear submarine operations (Johnson et al., 1960; Blachly and Ravner, 1964).  The 

evolution of ammonia and production of peroxides was measured from air sparging of 

amine solutions at 55 and 98 °C for up to 13 days.  No oxidation occurred in the absence 

of CO2 and dissolved metals.  With CO2 present, copper and other transition metals were 

shown to be significant catalysts.  The chelating agent ethylenendiamine-tetra-(acetic 

acid) (EDTA) was proposed as an oxidation inhibitor due to its ability to form 

nonreactive metal complexes.  Bicine was also proposed as an inhibitor. 

Rooney et al. (1998) studied oxidation of MEA, MDEA, digylcolamine (DGA™), 

and diethanolamine (DEA) in a reactor bubbling 5.5 mL/min compressed air through the 

amine at 82 °C.  The heat stable salts formate, acetate, glycolate, and oxalate were 

identified as significant products.  Unloaded solutions were shown to be more stable than 

CO2-loaded solutions, and MDEA and DEA were significantly more stable than MEA 

and DGA™. 

Strazisar et al. (2003) performed the first significant study of amine oxidation in 

an actual post-combustion carbon capture facility, analyzing reclaimer waste samples 

from the IMC Chemicals Facility in Trona, CA, which removes CO2 from a coal-fired 

power plant with 20 wt % aqueous MEA.  The purified CO2 is used to carbonate brine for 

the sale of commercial bicarbonate.  Oxidation products were observed in far greater 
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molar concentrations than products formed from carbamate polymerization (thermal 

degradation), indicating that oxidation is likely to be the dominant cause of amine loss 

over thermal degradation.  Sulfate and nitrosamines were also identified due to the 

absorption of SO2 and NO2 from the flue gas. 

Chi and Rochelle (2002) quantified MEA oxidation in the High Gas Flow (HGF) 

apparatus, which sparged 7.5 L/min of air through 350 mL of amine at 40 to 70 °C, 

simulating absorber conditions.  A hot gas FTIR continuously analyzing ammonia 

production allowed for near instantaneous assessment of oxidation rate.  Dissolved iron 

and copper were shown to be potent oxidation catalysts. 

Goff (2005) quantified MEA oxidation in the HGF.  O2 mass transfer was 

determined to be a limiting factor in this and most previous bench-scale MEA oxidation 

experiments.  However, in a full-scale system the absorber will be designed to maximize 

mass transfer of CO2 (and thus also O2) into the solvent, indicating most previous bench-

scale experiments have underestimated MEA oxidation rates in a real system.  Inhibitor A 

(Inh A), a free radical scavenger, was proposed as an oxidation inhibitor. 

Sexton (2008), using the HGF as well as the Low Gas Flow apparatus (LGF), 

which contacted the amine with 100 mL/min of CO2 in O2 (no FTIR analysis), 

determined that the major products of MEA oxidation at absorber conditions are formate, 

hydroxyethyl-formamide (HEF), hydroxyethyl-imidazole (HEI), and ammonia.  MEA/PZ 

blends were shown to be less stable than MEA or PZ by themselves.  It is believed that 

free radicals formed from MEA oxidation serve to synergistically accelerate the oxidation 

of PZ. 
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LePaumier (2011) and da Silva (2012) confirmed oxidation to be the dominant 

cause of MEA loss in PCCC pilot plants and identified hydroxyl-ethyl glycine (HEGly) 

as a significant secondary product of MEA oxidation.   

Einbu (2013) identified nitroso-HEGly as the significant nitrosamine present in 

MEA degraded in the bench scale Solvent Degradation Rig (SDR), which cycles solvent 

between absorber and stripper conditions and exposes the solvent to a simulated flue gas 

mixture of O2/N2/CO2/NOx. 

Mertens (2012 and 2013) published ammonia emissions data gathered by hot-gas 

FTIR from MEA oxidation at the Esbjerg pilot plant, a facility treating a 2 MWe slip 

stream of coal flue gas in Denmark.  Ammonia emissions increased over time, indicating 

that the overall rate of MEA oxidation was most likely also increasing with time.  This 

was correlated with the accumulation of dissolved iron in the solvent (Figure 2-5).  

Ammonia was also correlated to oxygen content in the flue gas (Figure 2-6).   
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Figure 2-5: NH3 emissions (% of maximum) and dissolved iron accumulation (mg/L) 

at the Esbjerg pilot plant (Mertens, 2013) 
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Figure 2-6: Correlation between O2 content and NH3 emissions (% of maximum) for 

MEA at Esbjerg (Mertens, 2012) 

Dhingra et al. (2017) developed a kinetic model for MEA oxidation in pilot plants 

based on an assumed autocatalytic reaction mechanism between solvent degradation, 

corrosion, and ammonia emissions (Equations 2.1 through 2.3).  The kinetic parameters 

were regressed based on results from a pilot plant campaign conducted at the EnBW 

facility in Heilbronn, Germany.  The model predicted the trends of ammonia emissions 
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and metal concentration at 3 other facilities to within an order of magnitude.  The model 

implies that amine oxidation will increase over time due to the accumulation of formate 

and other heat stable salts increasing the corrosion rate and thus concentration of 

dissolved metals in the solvent. 

 −𝑟𝑀𝐸𝐴 = 𝑘1[𝐹𝑒]0.47[𝑂2]1.46 (2.1) 

 𝑟𝑁𝐻3 = −0.6𝑟𝑀𝐸𝐴 (2.2) 

 𝑟𝐹𝑒 = 𝑘2[𝐹𝑜𝑟𝑚𝑎𝑡𝑒]1.36 (2.3) 

Freeman (2011) showed that PZ was resistant to oxidation in the LGF apparatus 

with stainless steel metals present, but does oxidize in the presence of copper.  

Ethylenediamine (EDA), carboxylate salts, and amides were the only identified products, 

and only accounted for 25% of lost alkalinity.  Ammonia was not quantified. 

Closmann (2011) and Voice (2013) studied oxidation in two bench-scale cyclic 

degradation apparatuses, the Integrated Solvent Degradation Apparatus (ISDA) and the 

High Temperature Oxidation Reactor (HTOR).  Both apparatuses cycle solvent between 

absorber and stripper conditions.  The ISDA was based on the LGF reactor and cycled 

solvent up to 120 °C, while the HTOR was based on the HGF and could cycle solvent up 

to 160 °C (Table 2-1).  Ammonia emissions from the HTOR were continuously 

quantified by FTIR.  Table 2-2 and 2-3 summarize the results of amine screening in the 

ISDA and HTOR, respectively.  MDEA, PZ, AMP, and 2-methyl-PZ (2-MPZ) were all 

shown to be significantly more stable than MEA or an MEA/MDEA blend.  Closmann 

proposed that oxidation of amines otherwise stable at absorber conditions (i.e. PZ and 

MDEA) will occur in the hot rich end of the cross exchanger and in the piping between 

the cross exchanger and stripper due to carryover of dissolved oxygen in the reactor, and 

proposed mitigation by nitrogen sparging to remove dissolved oxygen and removal of 
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entrained gas bubbles.  Voice demonstrated that MEA oxidation in the HTOR was not 

limited to dissolved oxygen consumption due to the presence of other oxygen carriers 

including peroxides and dissolved transition metals.  Inh A and the chelating agents 

diethylenetriamine-penta-(acetic acid) and 2,5-dimercapto-1,3,4-thiadiazole were shown 

to be effective at inhibiting MEA oxidation at absorber conditions but ineffective in the 

HTOR apparatus. 

Table 2-1: Summary of ISDA and HTOR parameters (Voice, 2013) 

Parameter ISDA HTOR 

Total volume (L) 2 1.6 

Oxidative reactor (L) 0.35 0.35 

Reactor Temperature (°C) 40-55 40-55 

High temperature volume (L) 0.13 0.2 

Pressure Limit (psig) 80 250 

Temperature Limit (°C) 120 160 

Solvent circulation rate (L/min) 0.2 0.2 

Gas flow rate (L/min) 0.1 7.5 

O2 Partial Pressure (kPa) 98 20 

Chemical Analyses Liquid only Liquid and gas 

Table 2-2: Summary of amine loss rates and formate production in the ISDA with 

100 mL/min 2 vol % CO2 in oxygen, cycling 200 mL/min from 55 to 120 °C, stainless 

steel metal salts added (Closmann, 2011; Voice, 2013) 

Solvents Amine loss rate 

(mmol/kg/hr) 

Formate accumulation rate 

(mmol/kg/hr) 

7 m MEA 5.5 ± 0.34 0.702 

7/2 m MDEA/PZ 5 ± 0.4 0.907 

7 m MDEA 5.1 ± 0.72 0.543 

8 m PZ 1.97 ± 0.18 0.223 

4.8 m AMP 1.8 ± 0.32 0.022 
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Table 2-3: Summary of amine screening results in the HTOR sparged with 7.5 

L/min 0.5-2 vol % CO2 in air, solvent cycled at 200 mL/min, stainless steel metal 

salts added (Voice, 2013) 

Solvents (cycling range) NH3 rate 

(mmol/kg/hr) 

Amine loss 

(mmol/kg/hr) 

NH3 rate @ 120 

°C (mmol/kg/hr) 

-Ea 

(kJ/mol) 

7 m MEA (55 – 120 °C) 4.2 4.7 ± 0.1 4.32 32 

7/3.4 m MEA/MDEA  

(55 – 120 °C) 

3.55 5.2 ± 0.1/ 

2.0 ± 0.04 

3.59 19 

7 m MDEA (55 – 120 °C) 0 1.3 ± 0.3 0 N/A 

8 m PZ (40 – 160 °C) 1.86 1.3 ± 0.5 0.68 32 

4/4 m PZ/2-MPZ 

 (40 – 150 °C) 

1.59 1.5 ± 0.3 0.60 30 

4.8 m AMP (55 – 150 °C) 1.16 10.7 ± 0.9 0.15 110 

2.2 OTHER CAUSES OF AMINE DEGRADATION 

2.2.1 Thermal Degradation 

Thermal degradation of MEA and PZ has been thoroughly characterized by Davis 

(2009) and Freeman (2011) respectively.  MEA thermal degradation occurs by carbamate 

polymerization, as shown in Figure 2-7.  Hydroxyethylimidazolidone (HEIA) and the 

cyclic urea of the trimer (triHEIA) accumulated in significant amounts at a rate related to 

MEA loss.  Hydroxyethylethylenediamine (HEEDA) and the trimer intermediates were 

also observed in significant amounts, and typically reached equilibrium with HEIA and 

triHEIA as determined by the CO2 loading of the solvent (Davis, 2009). 
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Figure 2-7: Carbamate polymerization of MEA (Davis, 2009) 

PZ follows a different thermal degradation pathway.  Typically, a PZ molecule 

will attack another protonated PZ molecule in an SN2 nucleophilic substitution reaction, 

forming the compound N-(2-(2-aminoethyl)-aminoethyl)-PZ (AEAEPZ).  AEAEPZ then 

reacts with PZ to form either N-aminoethyl-PZ (AEP) or ethylenediamine (EDA) and 

1,1'-(1,2-ethanediyl)bis-PZ (PEP), which can then decompose to form N-hydroxyethyl-

PZ (HEP) (Figure 2-8). 
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Figure 2-8: Nucleophilic substitution of PZ (Freeman, 2011) 

Thermal degradation occurs mostly in the stripper and is strongly dependent on 

the stripper operating temperature.  As stripper temperature is increased, thermal 

degradation increases, raising solvent make-up costs.  At the same time, the pressure of 

the CO2 vapor stream leaving the stripper increases, reducing work required for 

compression and lowering overall energy costs of the system.  Davis determined that the 
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optimized stripper temperature to balance energy requirements and amine loss is around 

121°C for MEA (Davis, 2009).  The first order thermal degradation rate constant for 

MEA at this temperature is 2.9x10-8 s-1.  For comparison, the stripper operating 

temperature resulting in an equivalent thermal degradation rate constant is 163°C for 8 m 

PZ and 138°C for 7/2 m MDEA/PZ.  Values for these and other solvents are shown in 

Table 2-4, with the stripper operating temperature labeled as Tmax.  The activation energy 

(Ea) of MEA, PZ, and AMP are also shown.  Other solvents have activation energies 

similar to either MEA or PZ, as listed in the table.  The thermal degradation rates and 

activation energies of the solvents were determined by heating loaded solvent in sealed 

thermal cylinders at varying temperatures over a period of weeks to months (Freeman, 

2011). 

Table 2-4: Optimal Stripper Operating Temperature for Amine Solvents (k1 = 2.9 x 

10-8 s-1) (Freeman, 2011) 

Solvent 

 

Loading 

(mol CO2/mol alk) 

Tmax 

(°C) 

Ea 

kJ/mol 

8 m PZ 0.3 163 °C 184 

8 m Hexamethyldiamine (HMDA) 0.3 160 °C (~PZ) 

7/2 m MDEA/PZ 0.11 138 °C (~PZ) 

7 m AMP 0.4 137 °C 112 

4/6 m AMP/PZ 0.4 134 °C (~PZ) 

7 m MDEA 0.2 128 °C (~MEA) 

7 m MEA 0.4 121 °C 157 

4 m DEA 0.5 105 °C (~MEA) 
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2.2.2 Nitrosamine Formation and Decomposition  

Fine (2015) developed a comprehensive model for nitrosamine management in 

pilot and full-scale amine scrubbers.   NO2 will be absorbed from the flue gas as nitrite, 

which can react with secondary amines such as PZ to form potentially carcinogenic 

nitrosamines (NNO) such as N-nitroso-piperazine (MNPZ).  NNO’s are thermally 

unstable and will decompose readily in the stripper.  As a result, NNO’s will reach a 

steady-state concentration, which will be a function of the stripper temperature and the 

flue gas NO2 content as described in the following equations.   

Flue gas containing NOx enters a polishing scrubber where a fraction (αpre) of the 

NO2 can be removed via reaction with sulfite or tertiary amine. The remaining NOx then 

enters the absorber where a portion of the NO2 (βabs) can absorb into the amine solution 

as nitrite. A fraction of the NO (γabs) can directly form nitrosamines by reacting with the 

amine radical formed during NO2 absorption. The rest of the NOx will vent from the 

absorber along with the scrubbed flue gas. A fraction of amine oxidation (ε) also yields 

nitrite in amine solvents that are not oxidatively stable. Nitrite from NOx absorption and 

amine oxidation will then travel to the stripper where it can nitrosate a secondary amine 

with a yield of δstr. The yield is determined by the concentration of secondary amines in 

the solvent and their relative nitrosation rates compared to the primary amine solvent. 

After nitrosation, the nitrosamine will thermally decompose in the stripper according to a 

pseudo-first order nitrosamine decomposition rate constant (kstr). In many amine 

scrubbing systems, a slipstream (xrecl) of the solvent is passed through a distillation 

reclaimer to remove any nonvolatile impurities. Efficiency of nitrosamine removal 

through thermal reclaiming will be determined by nitrosamine volatility (kH NNO) and the 

thermal decomposition rate in the reclaimer (kRecl). Finally, nitrosamines will exit the 
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amine scrubber through gaseous emissions (yNNO) or accidental spills (xspill).  Assuming 

all variables except nitrosamine concentration are constant with respect to time, the first order 

differential equation mass balance can be solved to give Equation 2.4 for the steady-state 

NNO concentration.  For PZ, it is expected from bench-scale experiments that more than 

95% of the NO2 entering the absorber will absorb at nitrite or nitrosamine (βabs + γabs), with 

100% conversion to nitrosamine in the stripper (δstr).  0.01 moles of nitrosamine have been 

observed per mole of PZ oxidized in the absence of NO2 in the HTOR (ε).  The thermal 

degradation rate constant kstr for MNPZ is 1.18 x 10-5 s-1 at 150 °C with an activation energy 

of 94 kJ/mol.   

 𝐶𝑁𝑁𝑂 =
𝛿𝑠𝑡𝑟[(1−𝛼𝑝𝑟𝑒)(𝛽𝑎𝑏𝑠+𝛾𝑎𝑏𝑠)𝑦𝑁𝑂2(

𝐺

𝐿
)+𝜀𝑘𝑜𝑥𝜏𝑜𝑥]

𝜏𝑠𝑡𝑟𝑘𝑠𝑡𝑟+𝜔𝑅𝑒𝑐𝑙𝑥𝑅𝑒𝑐𝑙+𝑥𝑠𝑝𝑖𝑙𝑙+(
𝐺

𝐿
)(

𝑦𝑎𝑚𝑖𝑛𝑒
𝐶𝑎𝑚𝑖𝑛𝑒

)
 (2.4) 

Equation 2.5 gives the time required to reach 95% of a new steady state concentration 

after a process change.   

 𝑡𝑠𝑠 =
3𝜏𝑇𝑜𝑡

𝜏𝑠𝑡𝑟𝑘𝑠𝑡𝑟+𝜔𝑅𝑒𝑐𝑙𝑥𝑅𝑒𝑐𝑙+𝑥𝑠𝑝𝑖𝑙𝑙+(
𝐺

𝐿
)(

𝑦𝑎𝑚𝑖𝑛𝑒
𝐶𝑎𝑚𝑖𝑛𝑒

)
 (2.5) 

In basic conditions MNPZ thermally decomposes into 2-piperazinol, which will 

eventually decompose into formate and ammonia, similar to PZ oxidation.  1.5 moles of 

amine are estimated to be lost per mole of NO2 absorbed from the flue gas (Figure 2-9). 
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Figure 2-9: MNPZ Decomposition Pathway (Fine, 2015) 

Primary and tertiary amines such as MEA and MDEA will not form stable 

nitrosamines.  However, secondary amines present in degraded solvent will react to form 

nitrosamines.  In the case of MEA, N-hydroxyethyl-glycine (HEGly) and diethanolamine 

(DEA) are expected to be the most concentrated secondary amines, forming N-nitroso-

HEGly and N-nitroso-diethanolamine (NDELA) respectively (Einbu, 2015).   

2.3 RATIONALE FOR FOCUSED STUDY ON PIPERAZINE OXIDATION 

Most studies on amine degradation at the bench and pilot-scale have been focused 

on MEA, because it is relatively inexpensive and has a proven record of use for decades 

in acid gas scrubbing of natural gas.  However, it is a very poor solvent choice for post-

combustion carbon capture (PCCC).  It is one of the least-stable solvents studied for both 

thermal and oxidative degradation, which is likely to be worse in post-combustion 

capture from coal than in acid gas scrubbing due to the presence of oxygen, SOx, NOx, 

and other flue gas contaminants.  In addition, the CO2 captured from PCCC will need to 

be compressed for underground storage or utilization, which has not been a requirement 
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for acid gas scrubbing.  It has been shown that when compressor capital and operating 

costs are integrated into the overall cost analysis, a high-pressure (and likely higher-

temperature) stripper will generally have better overall energy performance, which 

cannot be achieved with MEA (Rochelle et al., 2011).  PZ has been shown to be more 

stable beyond 150 °C relative to MEA at 120 °C, along with greater CO2 capacity and 

absorption rate and lower volatility (Dugas, 2009; Freeman, 2011).  PZ is just one of 

several solvents viable for PCCC.  Tertiary amines, hindered amines, and cyclic diamine 

derivatives of PZ have also been shown to be more resistant to oxidative and thermal 

degradation than MEA.  However, many such solvents, including Shell CANSOLV’s 

DC-103™ and MHI’s KS-1™ being used in the first two full-scale PCCC facilities at 

Boundary Dam Power Station in Saskatchewan and the Petra Nova Carbon Capture 

Project at the Parish Generating Station in Texas respectively, are propriety and as such 

no detailed degradation studies have been published in open scientific literature.  PZ 

represents a better nonproprietary baseline solvent than MEA for analysis of oxidation 

and other solvent management issues expected for a full-scale PCCC facility. 
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Chapter 3 – Methods 

 

 

 

 

 

 

The analytical methods and experimental equipment used throughout this 

dissertation are described in this chapter.  Analytical methods are focused on the liquid 

and gas phase analysis of amines, degradation products, and other contaminants.  

Descriptions are also given for two apparatuses, the High Gas Flow reactor (HGF) and 

High Temperature Oxidation Reactor (HTOR) used to oxidize amines at the bench scale.  

These apparatuses and most of the analytical methods were created by previous 

researchers and only slightly modified in the context of this work.  Newly developed 

methods and significant modifications to existing methods are described with sufficient 

detail to reproduce the research.   

3.1 ANALYTICAL METHODS 

Detailed chromatography programs are provided in Appendix A. 

3.1.1 Solution Preparation 

Loaded amine solutions were prepared gravimetrically as described previously 

(Hilliard, 2008).  Calculated amounts of distilled deionized (DDI) water and amine were 

weighed and combined in a 1 L glass sparging column (Figure 3-1) on a scale in a fume 
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hood.  The sparging cap was placed on top of the column and attached to a CO2 inlet line.  

The scale was tared and subsequently sparged until the desired amount of CO2 was 

absorbed.  The prepared solution was then stored in a 1 L glass jar or 4 L plastic carboy.   

 
Figure 3-1: Schematic of gravimetric solution preparation (Freeman, 2011) 

3.1.2 Cation Chromatography (Cation IC) 

Cation IC was used to quantify positively charged ions in solution, including salts 

(sodium, potassium, calcium, magnesium), amines (piperazine, monoethanolamine, etc.), 

and amides (N-formyl-piperazine).  The Cation IC procedure developed by Namjoshi and 

Davis served as the basis for this work (Davis, 2008; Namjoshi, 2015).  A Dionex ICS-

2100 modular IC system with AS-DV autosampler was used for this work.  The eluent 

contained 5.5 to 38.5 mM methane sulfonic acid (MSA) in analytical grade DDI water 

generated by an Eluent Generator (EG) at 0.5 mL/min.  Separation occurred in an IonPac 



 

 

34 

GS17 guard column (4 x 50 mm) and IonPac CS17 analytical column (4 x 250 mm).  The 

system also contained a 4-mm Cationic Self-Regenerating Suppressor to remove anionic 

species before the conductivity detector (CD).  Chromeleon® software controlled the 

system and analyzed the conductivity output.  The overall flow schematic is shown in 

Figure 3-2.  The major cations quantified are listed in Table 3-1.   

Samples were prepared at a dilution of 10,000X by weight in DDI in 1.5 mL 

plastic vials via serial dilution.  25 µL of sample were injected into the column per 

analysis.  The sample was then sent to the CSRS Suppressor (Figure 3-3).  In the 

suppressor, the sample was passed through a channel with two membranes, separating the 

sample flow path from cathode and anode chambers.  Hydroxide from the cathode 

chamber enters the flow path through the cathode membrane in order to neutralize the 

proton present in the flow stream from the eluent MSA.  Simultaneously, anions in the 

flow stream including methane sulfonate travel through the anode membrane in order to 

maintain electroneutrality with the hydroxide entering the flow stream.  The result is a 

flow stream with only cations and water.  The analyte leaving the suppressor was 

quantified by measuring conductance across a fixed volume of solution in the 

Conductivity Detector (CD).   

 
Figure 3-2: Flow schematic for the Cation IC (Freeman, 2011) 
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Figure 3-3: Schematic of CSRS-300 Anion Suppressor (Dionex Corporation, 2007) 
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Table 3-1: Species quantified by Cation IC (ICS-2100, CS17 column, 

Argonaut_RO.pgm) 

Analyte: Elution time (min): 

Ammonium (NH4+) 9.5 

Monoethanolamine (MEA) 10.4 

Diethanolamine (DEA) 11.1 

Methyl-aminoethanol (MAE) 11.3 

Methyldiethanolamine (MDEA) 12.5 

Piperazinone (PZ=O or PZ-one) 12.6 

1-Formyl-PZ (FPZ) 14.1 

Ethylenediamine (EDA) 29.1 

Piperazine (PZ) 32.8 

1-Hydroxyethyl-PZ (HEP) 34.4 

1-Methyl-PZ (1-MPZ) 34.8 

1-Ethyl-PZ (1-EPZ) 35.6 

1,4-Dimethyl-PZ (1,4-DMPZ) 36.4 

1-Aminoethyl-PZ (AEP) 37.7 

Typical Cation IC chromatograms of clean and pilot-degraded PZ samples are 

shown in Figure 3-4.  PZ elutes at 33 minutes, while the degradation products 

piperazinone, N-formyl-PZ, EDA, 1-MPZ, and AEP elute at 12.6, 14.1, 29.1, 34.8, and 

37.7 minutes respectively.  Sodium, potassium, calcium, and magnesium salts can also be 

observed in the clean PZ sample.  Calibration curves were created to quantify amines of 

interest.  Calibration standards were prepared gravimetrically in the range of 1 to 50 

ppmw.  A linear or quadratic trend line was used depending on number and range of 

calibration standards run.   

Most amines could be accurately quantified down to a concentration of less than 1 

mmol/kg, with uncertainty on the order of 2 to 5%.  Piperazinone (PZ=O) had a 
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significantly weaker response than most other amines due to the activity of the internal 

amide group, with a minimum limit of quantification on the order of 10 mmol/kg.  It also 

elutes at a similar time to methyldiethanolamine (MDEA), which has been previously 

tested in both the HTOR apparatus and the SRP pilot facility.  MDEA on the order of 5 to 

20 mmol/kg contaminates PZ samples from the SRP facility and the experiments HTOR8 

and HTOR9, preventing accurate quantification of PZ=O.   

 
Figure 3-4: MSA gradient and sample chromatograms for clean PZ and CSIRO 

Tarong degraded PZ for Cation IC (Argonaut_RO.pgm) 

3.1.3 Anion Chromatography (Anion IC) 

 Anion IC operated similarly to Cation IC, and was used to quantify negatively 

charged ions in solution, including simple anions (chloride), carboxylates (formate, 

acetate, oxalate, glycolate), nitrite, nitrate, and sulfate.  These species are collectively 

referred to as “Heat Stable Salts” (HSS) throughout this dissertation.  The Anion IC 
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procedure developed by Voice and Sexton served as the basis for this work (Sexton, 

2008; Voice, 2013).  A Dionex ICS-3000 modular IC system with AS autosampler was 

used.  The eluent contained 2 to 45 mM methane potassium hydroxide (KOH) in 

analytical grade DDI water generated by an Eluent Generator (EG) at 1.6 mL/min.  

Separation occurred in an IonPac AG15 guard column (4 x 50 mm) and IonPac AS15 

analytical column (4 x 250 mm).  A Continuously Regenerated Anion Trap Column (CR-

TC) was in place to remove excess carbonate species from the samples.  The system also 

contained an Anionic Self-Regenerating Suppressor (ASRS) to remove cationic species 

before the conductivity detector (CD).  Chromeleon® software controlled the system and 

analyzed the conductivity output.  The overall flow schematic is shown in Figure 3-5.  

The major anions quantified are listed in Table 3-2.   

Samples were prepared at a dilution of 100X by weight in DDI in 1.5 mL glass 

vials.  25 µL of sample were injected into the column per analysis.  The sample was then 

sent to the ASRS Suppressor (Figure 3-6).  In the suppressor, the sample was passed 

through a channel with two membranes, separating the sample flow path from cathode 

and anode chambers.  Hydronium ions (H3O
+) from the anode chamber enters the flow 

path through the anode membrane in order to neutralize the hydroxide present in the flow 

stream from the eluent KOH.  Simultaneously, cations in the flow stream including 

potassium travel through the cathode membrane in order to maintain electroneutrality 

with the hydronium entering the flow stream.  The result is a flow stream with only 

anions and water.  The analyte leaving the suppressor was quantified by measuring 

conductance across a fixed volume of solution in the Conductivity Detector (CD). 
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Figure 3-5: Flow schematic for the Anion IC (Freeman, 2011) 

 
Figure 3-6: Schematic of ASRS-300 Cation Suppressor (Dionex Corporation, 2007) 

  



 

 

40 

Table 3-2: Species quantified by Anion IC (ICS-3000, AS15 column, Voice-

Anions_short_130.pgm) 

Analyte: Elution time (min): 

Glycolate 8.5 

Acetate 8.8 

Formate 9.2 

Chloride 10.4 

Nitrite 12.7 

Sulfate 18.4 

Oxalate 19.0 

Nitrate 19.8 

3.1.3.1 Total Heat Stable Salts Quantification 

Amides can be identified and quantified by treating the solvent with NaOH before 

analysis by IC.  Amides decompose in basic conditions to their constituent amines and 

carboxylate salts.  The salts can be quantified by Anion IC.  This was done by mixing the 

concentrated sample 1:1 volumetrically with 5 N NaOH and allowing the solution to 

react for 24 hours before dilution and analysis.   

Typical Anion IC chromatograms of samples of clean and degraded PZ oxidized 

in the HTOR apparatus with and without NaOH treatment are shown in Figure 3-7.  

Formate elutes at 9.2 minutes, and doubles in peak area in the sample treated with NaOH 

due to amide reversal.  Calibration curves were created to quantify salts of interest.  

Calibration standards were prepared gravimetrically in the range of 1 to 50 ppmw.  A 

linear or quadratic trend line was used depending on number and range of calibration 

standards run.   
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Figure 3-7: KOH gradient and sample chromatograms for clean PZ, degraded PZ, 

and degraded PZ treated with sodium hydroxide for Anion IC (Voice-

Anions_short_130.pgm) 

3.1.4 High Pressure Liquid Chromatography (HPLC) 

Nitrosamines and aldehydes were quantified using a Dionex Ultimate 3000 

reverse-phase High Performance Liquid Chromatography unit with UV detection.   

3.1.4.2 Nitrosamine Quantification  

The nitrosamines mononitroso-piperazine (MNPZ) and dinitroso-piperazine 

(DNPZ) were analyzed on the Dionex Ultimate 3000 with UV detection at 240 nm.  

Acetonitrile (ACN) was ramped from 5 to 20 vol % over 10 minutes in 10 mM aqueous 

ammonium carbonate buffer.  A Dionex Polar Advantage II C18 5 µm 120 Å 4.6 x 150 

mm column was used.  MNPZ and DNPZ eluted at 5.5 and 7.9 minutes respectively.  

Samples were diluted 20-50X gravimetrically in water in 1.5 mL amber glass vials for 
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analysis (Fine, 2015).  Figure 3-8 shows sample chromatograms for clean PZ and 

degraded PZ from the CSIRO Tarong pilot plant. 

 
Figure 3-8: Acetonitrile gradient and sample chromatograms for clean PZ and 

CSIRO Tarong degraded PZ for HPLC 

3.1.4.2 Aldehydes Quantification (HPLC-DNPH)  

Aldehydes and hemiaminals, including piperazinol (PZOH), were quantified by 

reacting the sample with 2,4-dintrophenyl-hydrazine (DNPH) and analyzing the products 

on HPLC.  The concentrated sample was diluted gravimetrically by a factor of 50 into 1 

mL of a 2:1 vol:vol methanol/10 mM ammonium carbonate buffer.  A stock solution of 

0.4 wt % DNPH in ACN was then added to the solution and allowed to react over 16 to 

24 hours.  The reacted solution was analyzed on the HPLC using an Acclaim™ Polar 

Advantage II C18 5 µm 120 Å 4.6 x 150 mm column with UV detection at 365 nm in 1.0 

mL min of 65 to 85 vol % methanol ramped in 10 mM aqueous ammonium carbonate.  
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Figure 3-9 shows typical chromatograms for clean and pilot-degraded PZ reacted with 

DNPH.  Unreacted DNPH elutes at 9.1 minutes, while the derivatives PZ-DNPH, PZOH-

DNPH, and formaldehyde-DNPH elute at 2.2, 2.5, and 12.7 minutes, respectively.   

 
Figure 3-9: Methanol gradient and sample chromatograms for clean PZ and CSIRO 

Tarong degraded PZ for HPLC-DNPH 

To calibrate the method, DNPH was reacted with formaldehyde, with the 

calibration standards containing 3.7 mmol/kg DNPH and between 0 and 2.7 mmol/kg 

formaldehyde, diluted from a 1000 ppm stock solution of formaldehyde.  Formaldehyde 

had a response of 0.0078 mmol/kg/(mAU-min) while the DNPH peak decreased linearly 

at 0.0108 mmol/kg/(mAU-min) less than the 3.7 mmol/kg concentration in the clean 

DNPH standard (Figure 3-10).  This allows for the change in DNPH peak area in 

degraded samples to be used to estimate the total aldehydes in the sample, by determining 
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the difference between actual peak area and expected peak area based on DNPH added to 

the reaction mixture. 

 
Figure 3-10: Calibration of DNPH and Formaldehyde 

To calibrate the quantification of PZOH, a 50 mmol/kg sample of MNPZ was 

prepared in 7.5 M PZ and thermally degraded at 175 °C.  Direct-injection mass 

spectroscopy analysis confirmed PZOH was the major product of DNPH decomposition 

(Fine, 2015).  The sample was then diluted, spiked with DNPH, and immediately run on 

the HPLC repeatedly for 24 hours (Figure 3-11).  Two peaks appear in the chromatogram 

at 2.2 minutes and 2.5 minutes while the DNPH peak at 9.1 minutes disappears.  The 

peak at 2.2 minutes is postulated to be the derivative of PZ reacting with DNPH.  It 

appears in all DNPH-reacted PZ samples including clean PZ and accumulates steadily 

until all DNPH is consumed.  The peak at 2.5 minutes only appears in degraded samples.  
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It is hypothesized that the peak at 2.5 minutes is the DNPH-PZOH derivative.  The peak 

was over 95% fully formed within 12 hours of mixing with DNPH.  Assuming that peak 

areas were proportional to analyte concentration, the DNPH peak disappearance was 

regressed over time using a least-squares analysis with the absorption efficiencies of the 

DNPH-PZ and DNPH-PZOH derivatives as free parameters.  The regression of the peak 

areas showed that the absorption efficiency of DNPH-PZOH is 0.0377 mmol/kg/(mAU-

min) and that both peaks could account for all the DNPH disappearance (Fine, 2015). 

 
Figure 3-11: DNPH and DNPH derivatives peak areas 

3.1.5 Inductively-Coupled Plasma Optical Emission Spectroscopy (ICP-OES) 

ICP-OES was used for quantifying the liquid-phase concentration of elements, 

especially transition metals accumulated from corrosion, by quantifying the emittance of 

specified wavelengths of UV light of a sample in an argon plasma flame at 7000 K.  A 
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Varian 710-ES Axial ICP-OES (Varian Inc., Palo Alto, CA) was used for this analysis.  

The system was controlled through ICP Expert II® software.  Samples were diluted by a 

factor of 25X gravimetrically in 2 vol % aqueous nitric acid in 15 mL plastic falcon 

centrifuge vials.  Typically, 8 to 10 mL of diluted sample were prepared to allow for 

multiple analyses. 

For each element of interest, two to three wavelengths with the highest intensity 

were measured along with one argon wavelength as a background. (Table 3-3).  The total 

time (and volume of sample consumed) increased with the number of wavelengths 

chosen.  Therefore, individual runs were typically kept to 12 wavelengths plus argon.  

Calibration samples between 0.5 and 25 ppmw were prepared for each individual element 

from Fisher Scientific 1000 µg/mL AA standards diluted in 2 vol % HNO3 for every run.   

Table 3-3: Characteristic Wavelengths for ICP-OES Metal Quantification 

Element Analyzed Measure Wavelengths (nm) 

Argon (Ar) 737.212   

Iron (Fe) 234.350 238.204 259.940 

Chromium (Cr) 205.560 206.158 267.716 

Nickel (Ni) 216.555 221.648 231.604 

Manganese (Mn) 257.610 259.372 260.568 

Copper (Cu) 213.598 224.700 324.754 

3.1.6 Alkalinity Titration 

Total alkalinity of amine solutions was determined by acid titration at room 

temperature with a Metrohm Titrando series automatic titrator (Freeman, 2011).  PC 

Control software was used to operate the titrator and record data.  Samples were diluted 

volumetrically by 300X by combining 60 mL DDI water with 0.2 g sample in a glass 

beaker.  A potentiometric pH probe was submerged in the sample and automatically 
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dosed at 10 second intervals with 0.1 mL of 0.2 N aqueous sulfuric acid to a pH of 2.4.  

The software automatically detected equivalence points and recorded acid dosage needed 

to reach equivalence.  Total alkalinity was determined by dividing the molar volume of 

acid added to reach the final equivalence point (typically 3.9 pH for PZ) by the mass of 

sample.  

3.1.7 Total Inorganic Carbon (TIC) 

CO2 concentration in amine solutions was determined by the quantification of 

total inorganic carbon (TIC) as developed previously (Freeman, 2011).  A schematic of 

the TIC apparatus is shown in Figure 3-12.  The apparatus consists of a rotameter gas 

flow meter, fritted glass injection tube, two glass desiccant tubes filled with magnesium 

perchlorate, and a Horiba PIR 200 CO2 detector, with data output recorded by PicoLog 

software.  2 mL of 30 wt % aqueous phosphoric acid (H3PO4) was loaded into the 

injection tube and continuously sparged with nitrogen gas.  The amine (typically 20-50 

µL of sample diluted 50 to 100X gravimetrically) was then injected into the reactor to 

desorb CO2.  The resulting peaks observed by the CO2 detector were integrated by 

trapezoidal rule to calculate peak area.  The results were compared against a CO2 

calibration curve prepared at the end of the analysis run from injection of various 

volumes of 1000 ppm standard inorganic carbon solution (mixture of K2CO3 and 

KHCO3, Ricca Chemical Company, Arlington, TX).  Desiccant was replaced every run.  

CO2 loading could be calculated by dividing CO2 concentration by total alkalinity 

measured by acid titration or inferred from amine quantification by Cation IC. 
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Figure 3-12: Schematic of Total Inorganic Carbon (TIC) apparatus (TIC) 

3.1.8 Viscosity 

Viscosity was measured using a Physica MCR 301 cone-and-plate rheometer 

(Anton Paar GmbH, Graz, Austria) controlled by the US200 software package.  The 

instrument had temperature control to within 0.01 °C and an overall uncertainty in 

viscosity measurements expected to be less than 1.0 % for liquids of at least 2 cP.  Error 

is likely to increase at higher measurement temperatures due to lower viscosity and 

potentially degassing of CO2 (Freeman, 2011).  Therefore such measurements were 

limited to no more than 55 °C.   

Analysis procedure: 

1. Place the CP-50 cone into the holder on the upper portion of the viscometer. 

2. Create a new data file using the “Flow Curve/CSR” option in the U200 software 

program. 

3. In the “Analysis” window, set desired temperature (typically 25, 40, or 55 °C), 

angular speed settings (increasing from 100 to 1000 s-1 over 100 s), and analysis 

settings (shear stress measured 10 times, every 10 seconds). 

4. Click on the gearbox icon to initialize the instrument.  Set temperature to match 

the desired temperature previously specified in the “Analysis” window. 
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5. Once the apparatus has reached a stable temperature, select “Zero Gap” to 

calibrate cone position relative to the plate.  This procedure accounts for any 

expansion to the bottom plate based on temperature change from the previous 

calibration. 

6. Lift the cone by selecting “Lift Position.” 

7. Transfer 700 µL of sample onto the center of the plate and select “Measurement 

Position” in the gearbox.  This lowers the cone first to the “Trim Position” to 

allow for any excess liquid around the edges to be removed.  After trimming is 

complete, select “OK” to continue to the measurement position of 0.05 mm. 

8. Select “Start Analysis” to conduct the measurement. 

9. After the measurement is complete, copy the data into an Excel spreadsheet. 

10. Raise the cone to “Lift Position” and clean with DDI water, ethanol, and 

ChemWipes.  Dab carefully to prevent scratching the cone and plate. 

11. Repeat steps 7 through 10 for additional samples at the same temperature or steps 

3 through 10 if measuring at multiple temperatures. 

3.1.9 Fourier Transform Infrared Spectroscopy (FTIR) 

The composition of gas leaving the HGF and HTOR apparatuses was quantified 

using a portable Temet Gasmet™ DX-4000 analyzer from Air Quality Analytical, Inc. 

(Sexton, 2008).  5 SLPM of gas exiting the HGF or HTOR was pulled through a heated 

line via a vacuum pump into the sample cell at 180 °C.  Inside the cell the gas was 

irradiated with infrared radiation between 600 and 4200 cm-1.  Every molecule has a 

discrete absorption spectrum which could be deconvoluted from the overall IR absorption 

by the Calcmet software (Table 3-4).   Water and CO2 were quantified in the range of 0.1 

to 10 vol %, while ammonia, amines, and N2O were quantified in the range of 1 to 500 
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ppmv.  When analyzing gas emissions from experiments in the HGF or HTOR, 

continuous measurements were taken every 3 minutes. 

Table 3-4: FTIR analysis ranges  

Compound Range 1 (cm-1) Range 2 (cm-1) Range 3 (cm-1) 

H2O (vol %) 3200-3401   

CO2 (vol %) 910-1003 3425-3616 2165-2251 

NH3 (ppm) 915-988 2423-2560  

PZ (ppm) 2470-2540 2580-2800  

HEP (ppm) 895-1380 1810-2223 2550-3450 

N2O (ppm) 2123-2224 2505-2628  

  

3.2 EXPERIMENTAL APPARATUSES 

Standard operating procedures for the HGF and HTOR are provided in Appendix 

B. 

3.2.1 High Gas Flow Reactor (HGF) 

The HGF was used to quantify volatile emissions, most significantly ammonia, 

emitted from amines oxidized at absorber conditions.  The system is similar to that 

described in detail by Goff (2005), Sexton (2008), and Voice (2013).  The reactor is a 1 L 

jacketed glass vessel, typically filled with 350 mL amine solution (Figure 3-13).  A 

mixture of 7.5 L/min of 0.5 to 2 vol % CO2 in air is sparged from the bottom of the 

reactor.  Air is regulated by a 20 SLPM Brooks Mass Flow Controller Model 5850E and 

CO2 by a 0.1 SLPM Model 5850C, both controlled by a Brooks Instrument 4-channel 

Brose control box Model 5878A1B1.  Gas flows through ¼” PE tubing with SwageLok 
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fittings.  There is no net absorption of CO2 at steady-state, the CO2 in the gas phase is 

present to maintain the solvent at a moderate loading.   

The gas is passed through a temperature-controlled saturator before entering the 

reactor and a condenser after leaving to control water balance in the solvent.  The 

saturator is a Parr 1108 Oxygen Combustion Bomb fed with water continuously from a 

reservoir by a ColeParmer Masterflex Model 7520-50 peristaltic pump with a Masterflex 

Model 7013-20 pump head and 6409-13 Tygon tubing (0.03” ID).  Level in the saturator 

is maintained by Masterflex Model 7521-40 pump with 7016-20 pump head and 6409-16 

tubing.  Excess water from the saturator is sent to a 500 cc stainless steel flash tank (16 

cm OD, 30.5 cm height) and must be periodically drained. 

The reactor itself is an Ace Glass Inc. 1 L jacketed reactor with a 5 neck top and 8 

mm bottom drain tube, temperature-controlled to 40 to 55 °C by a Lauda Econoline E-

100 thermostat heating a 50 cSt dimethyl silicone (DMS) circulating oil bath.  The gas 

leaving the reactor passes through a condenser temperature-controlled by a Lauda Alpha 

RA8 Chiller with Kryo30 ethylene glycol/water mixture.  Gas leaving the condenser 

passes through a T where 5 SLPM is pulled by the vacuum pump to the FTIR for 

continuous quantification of ammonia, CO2, water vapor, and other volatile amine 

emissions.  The remainder of the gas is vented to the fume hood. 
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Figure 3-13: Diagram of the HGF apparatus (Voice, 2013) 

3.2.2 High Temperature Oxidation Reactor (HTOR) 

The High Temperature Oxidation Reactor (HTOR) was constructed by Voice 

(2013) to simulate cyclic oxidation similar to a real post-combustion carbon capture 

facility (Figure 3-14).  It was initially called the “High Temperature Cycling System” 

(HTCS).  The system was constructed as an add-on to the HGF reactor, with solvent 

being continuously cycled between the reactor and an oil bath trim heater at up to 160 °C.   

This allows for dissolved oxygen to absorb into the solvent in the HGF reactor to then 

react with the amine at high temperature, as is hypothesized to occur in a full-scale 

system.   
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A ¼” Teflon tube is set to draw liquid from the HGF reactor.  The depth of the 

tube in the reactor was set to maintain level control for a constant volume of 350 mL.  0.2 

L/min is pumped from the HGF reactor by a ColeParmer Masterflex Model 7518 pump 

with Type 24 tubing into a bubble removal vessel (9” x 1 ¾” OD glass column with ¼” 

Pro-Pak Protruded Metal Distillation Packing).  The bubble removal vessel prevents 

entrained gas from entering the high-pressure section of the apparatus and interfering 

solvent flow.  Water balance in the HTOR system is monitored by the height of the liquid 

in the column.  If the water balance is neutral the level in the bubble removal vessel 

remains constant.  Gas from the top of the vessel is returned to the HGF reactor. 

Liquid from the bottom of the bubble removal vessel flows into a Hydracell 

P100NSESS010A diaphragm pump.  This pump regulates solvent circulation rate 

(nominally 0.2 L/min) and pressurizes the solvent.  The entire high-pressure high-

temperature section of the apparatus is constructed from 316 stainless steel tubing and 

vessels.  The solvent then flows through a cross exchanger and into the trim heater.  Both 

the cross exchanger and trim heater are AlfaNova 14-20H stainless plate-and-frame 

exchangers from Alfa Laval.  The trim heater was submerged in an oil bath with DMS oil 

pumped across the hot side of the exchanger by a Fisher Scientific Isotemp 6200 H24 

circulator.  The solvent is cooled by flowing back through the cross exchanger to 

minimize heat loss, then sent to a trim cooler consisting of a ¼” stainless steel metal tube 

submerged in another Fisher Scientific Isotemp 6200 H24 circulator controlled to 55-60 

°C.  Pressure is maintained to 200 psig by a Hydracell 111-107 back-pressure valve 

before solvent is returned to the HGF.  The maximum operating temperature in the 

system is limited by the pressure required to keep CO2 from flashing.  Vapor 

accumulation in the high-pressure system prevents solvent circulation due to the 
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operation of the diaphragm pump.  Solvent holdup and residence time for the various 

parts of the system are shown in Table 3-5.  The solvent is estimated to be within 10 °C 

of maximum temperature for 40 seconds out of a total of 8 minutes per cycle. 

 
Figure 3-14: Diagram of the High Temperature Oxidation Reactor (HTOR) 

(adapted from Voice, 2013) 

Table 3-5: Solvent holdup in the HTOR 

Section Liquid Volume Residence time 

HGF Reactor 350 mL 105 s 

Bubble Removal Vessel 100-223 mL 30-67 s 

Cross Exchanger (cold side) 200 mL 60 s 

Trim Heater 200 mL 60 s (40 s within 10 °C of max T) 

Cross Exchanger (hot side) 180 mL 54 s 

Trim Cooler 17 mL 5 s 

Total 1.5-1.6 L 7.5-8 min 
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3.2.2.1 Nitrogen Sparger 

The bubble removal vessel between the oxidation reactor vessel and the high 

pressure pump of the HTOR apparatus was modified with a sparger tube.  The nitrogen 

gas inlet uses a Cole-Parmer Valved Acrylic Flowmeter for precise gas flowrate control 

between 0.4 and 5 L/min and typically operated between 0.5 and 1 L/min.  Outlet gas was 

vented from the vessel to the oxidation reactor condenser to prevent water loss.  To 

prevent cavitation of the high pressure pump, the liquid level in the column cannot be 

permitted to drop below 2.5 cm, and is typically operated with 6-10 cm of liquid depth. 

3.2.3 Liquid Sampling and Data Analysis 

Liquid samples were periodically collected from both the HGF and HTOR.  

Typically, 2 to 4 mL of sample were pipetted from the HGF or syringed from a rubber 

septa in the line exiting the bottom of the bubble removal vessel and stored in glass or 

plastic vials at room temperature for future analysis.  An equivalent amount of clean 

solvent (typically saved from the initial setup of the experiment) would be added to the 

system to make up for lost sample volume.  Samples were taken before planned process 

changes and at a frequency of one every 2 to 3 days if operating at steady state. 

Data analysis was done in Microsoft Excel™, including regression and error 

analysis. 
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Chapter 4 – Pilot Scale Oxidation of Piperazine 

 

 

 

 

 

 

4.1 OVERVIEW OF PILOT PLANT CAMPAIGNS 

This chapter presents results and observations from campaigns conducted with 

aqueous piperazine (PZ) from 3 pilot-scale post-combustion carbon capture research 

facilities: the Separations Research Program (SRP) pilot plant at the Pickle Research 

Campus in Austin, Texas operated by the Texas Carbon Management Program; “Pilot 

Plant 2” (PP2); and the Tarong facility operated by CSIRO (Table 4-1).  Data from these 

campaigns has been previously published in Nielsen et al., 2012, Cousins et al., 2015, and 

Chen et al., 2017.  All three facilities had similar total operating time, volume of solvent 

inventory relative to flue gas flow rate, and overall cycle time, typically on the order of 

30 to 45 minutes. 
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Table 4-1: Pilot plant campaigns with concentrated aqueous PZ 

Parameter SRP “PP2” CSIRO Tarong 

Flue Gas 0.1-0.2 MWe 

synthetic 

Coal slipstream 0.1 MWe coal 

slipstream 

Solvent 3.5-8 m PZ 8 m PZ 8 m PZ 

Operating time >1700 hours 1680 hours 1701 hours 

Stripper configuration Multiple: simple, 

1 or 2-stage flash, 

or AFS 

Simple Simple 

Regeneration temperature 120-150 °C 135-150 °C 125 or 155 °C 

Additives 1-1.5 wt. % Inh A None None 

4.2 RESULTS 

4.2.1 SRP 

6 campaigns were run at SRP between 2009 and 2015, using the same inventory 

of 5 to 8 m aqueous PZ (Table 4-2).  In lieu of actual post-combustion flue gas, a 

synthetic flue gas mixture simulating a 0.1-0.2 MW plant was used, typically consisting 

of air mixed with 12 kPa CO2 at 350 to 500 ACFM.  The first two campaigns used a 

simple stripper operating at 120 °C.  The next two campaigns, in winter 2010–11 and fall 

2011, tested a two-stage flash stripper   up to 150 °C.  A brief two day campaign in 

November 2013 focused on testing aerosol formation and mitigation with a 1-stage flash 

stripper.  A 3 week campaign was run in March 2015 to test the Advanced Flash Stripper 

(AFS) (Figure 4-2). Liquid samples of rich and lean amine were collected from the winter 

2010-11 campaign onwards and analyzed for total alkalinity, CO2 loading, and 

degradation products via a range of analytical methods (Table 4-3).  From 2013 onwards 

gas-phase emissions were continuously monitored by hot-gas FTIR for CO2, PZ, and 

ammonia (NH3). 
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Figure 4-1: SRP pilot absorber/stripper and advanced flash stripper skid (bottom 

left) (Chen et al., 2017) 
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Figure 4-2: Advanced flash stripper configuration with cold and warm rich bypass 

and cold rich exchanger (Chen et al., 2017) 

Table 4-2: PZ campaigns conducted at the SRP pilot plant 

Date Duration  

(weeks) 

Stripper Configuration PZ  

(m) 

Heat Duty 

(kJ/mol) 

11/2008 2 Simple 5 & 8 2.8-3.5 

9/2010 1 Simple 8 2.9-3.2 

1/2011 1 2-Stage Flash 8 4.7-5.5 

10/2011 2 2-Stage Flash + Cold Rich Bypass 8 2.8-3.9 

10/2013 0.5 1-Stage Flash + Cold Rich Bypass 3.5  

3/2015 3 Advanced Flash Stripper 5 & 8 2.1-2.9 
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Table 4-3: Analytical methods for quantifying liquid-phase degradation products 

Analytical Method Component 

Acid titration Total Alkalinity 

Base titration, TIC CO2 (loading) 

Cation IC Piperazine (PZ) 

 NH4
+ 

 Piperazinone (PZ-one) 

 Ethylenediamine (EDA) 

 1-Formyl-PZ (FPZ) 

 1-Methyl-PZ (1-MPZ) 

 1-Ethyl-PZ (1-EPZ) 

 Aminoethyl-PZ (AEP) 

 Methyl-diethanol-amine (MDEA) 

 Na, K, other alkali and alkalide metal ions 

Anion IC Formate 

(Total formate, etc.: Acetate 

Pretreated with NaOH) Glycolate 

 Oxalate 

 Sulfate 

 Nitrite 

 Nitrate 

 Chloride 

HPLC (UV-Vis) 1-Nitroso-PZ (MNPZ) 

 1,4-Dinitroso-PZ (DNPZ) 

HPLC-DNPH (UV-Vis) PZOH 

 Total aldehydes 

 Formaldehyde (CH2O) 

ICP-OES Dissolved transition metal ions 

Figure 4-3 shows PZ in lean solvent samples as quantified by Cation IC for the 

last 4 campaigns at SRP.  Both the raw data and normalized PZ concentration is shown.  

Inh A, a stable and nonvolatile compound, was added to the solvent inventory at the 

beginning or operations at the SRP facility, and can function as a tracer.  PZ 

concentration was normalized relative to Inh A and adjusted to the expected value if the 

solvent concentration were changed to 8 m to account for changes in water balance.  

Additional PZ was added to the solvent inventory without any additional Inh A before the 

start of the 2013 campaign, resulting in an apparent increase in normalized PZ.  No 
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significant amine loss was observed during the individual campaigns.  The fluctuations 

that do occur can be explained by changes in water balance and intentional changes to 

solvent concentration between 3.5 and 8 m. 

 
Figure 4-3: PZ in SRP lean solvent (Cation IC) and normalized to 8 m relative to 

changes in Inh A concentration 

The most significant degradation products quantified in the liquid samples were 

PZOH and EDA (Figure 4-4).  PZOH increased from 13 to 25 mmol/kg over the course 

of the 2010 and 2011 campaigns, and fluctuated between 15 and 25 mmol/kg during the 

2013 and 2015 campaigns.  EDA increased from 9 to 15 mmol/kg during the 4 

campaigns.  Piperazinone (PZ-one) was also observed in the solvent, but cross-

contamination from methyldiethanolamine solvent (MDEA) on the order of 5 mmol/kg 

from other operations conducted at the pilot plant prevented accurate quantification by 
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Cation IC.  Both species elute at approximately the same time in the method and MDEA 

has a much stronger response in the conductivity sensor relative to PZ-one.  PZ-one is an 

internal amide of N-acetyl-ethylenediamine.  By treating the sample 1:1 volumetrically 

with 5 N NaOH before dilution to 1000X 24 hours later to reverse the amide formation, 

the concentration of PZ-one can be inferred from the decrease in the combined peak 

produced by itself and MDEA.  Based on this quantification method, PZ-one at SRP was 

determined to be on the order of 20 ± 5 mmol/kg for most samples.  A trend could not be 

accurately quantified.  Concentrations for the 2013 and 2015 campaign have been 

normalized to remove the dilution effects of operating at 3.5 and 5 m. 

 
Figure 4-4: Degradation products in SRP lean solvent 

Total formate, including N-formyl-PZ amide (FPZ), was also observed at up to 

5.5 mmol/kg with a mostly positive trend in accumulation over time (Figure 4-5).  Free 
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formate and FPZ were in an equimolar equilibrium.  1-MPZ, hypothesized to have 

formed from reaction of PZ with formaldehyde, accumulated up to 6.6 mmol/kg.  AEP 

was the most significant thermal degradation product quantified, accumulating up to 4 

mmol/kg in the earlier campaigns and 3 mmol/kg in the later campaign.  This suggests 

minimal thermal degradation occurred at SRP.  Other degradation products, including 

acetate, oxalate, ammonium, and 1-EPZ were all less than 1 mmol/kg.  MNPZ formed 

from the reaction of PZ with nitrite formed from oxidation was less than 0.1 mmol/kg.  

Significant nitrosamine accumulation should not be expected in facilities with no NO2 in 

the flue gas.   

 
Figure 4-5: Degradation products less than 7 mmol/kg in SRP lean solvent 

Minimal accumulation of corrosion products was observed (Figure 4-6).  Near the 

end of the 2015 campaign, two doses of 500 mL of 0.5 M aqueous FeSO4 were added to 
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the lean solvent storage tank.  Each injection should have been sufficient to raise 

dissolved ferrous iron in the solvent inventory by 0.2 mmol/kg.  Samples taken 6 hours 

after the first addition showed no change in dissolved iron.  Samples taken 3 hours after 

the second addition showed an increase of 0.03 mmol/kg, 15% of the amount added.  

Later samples returned to the baseline of 0.015 mmol/kg.  The added iron is most likely 

precipitating out either as ferrous carbonate (siderite) (Zheng et al., 2014), ferric-ferrous 

magnetite, or ferric oxides, and 0.015 mmol/kg represents the solubility limit of iron in 

the solvent at the time of the experiment.  Nickel, chromium, and manganese were 

similar to or less than iron and showed no accumulation trend.   

 
Figure 4-6: Stainless steel metal ions in SRP lean solvent (ICP-OES) 

Ammonia emissions in the flue gas leaving the absorber were continuously 

quantified by FTIR during the March 2015 campaign. For most of the campaign, the 
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emission rate varied between 2 and 8 ppmv (average of 6.0 ppmv) with no significant 

overall trend.  Ammonia temporarily increased after both additions of FeSO4 above 10 

ppmv before returning to baseline over a period of 8 to 10 hours (Figure 4-7).  This trend 

may be due to enhanced oxidation catalyzed by the excess dissolved iron, returning to 

baseline once the iron has precipitated out. 

 
Figure 4-7: Ammonia emissions after knockout filter (FTIR) during addition of 

FeSO4 in the March 2015 SRP campaign 

4.2.2 PP2 

PP2 used a slipstream of real flue gas from a coal-fired boiler.  The flue gas had 

been treated by selective catalytic reduction and a limestone slurry scrubber FGD to 

reduce SOx and NOx emissions.  The campaign started with clean 8 m PZ and used a 

simple stripper configuration operating at 120 to 150 °C.  A time series of lean and rich 
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solvent samples were collected throughout the course of the campaign and quantified by 

the same analytical methods as the SRP samples (Table 2).   

PZ in the lean solvent samples decreased by 0.5 ± 0.3 mmol/kg/hr, for a 

cumulative loss of 0.8 ± 0.5 mol/kg PZ during the campaign (Figure 4-8).  This may be 

due to degradation, volatile loss, or dilution of the solvent over time.   

 
Figure 4-8: PZ in PP2 lean solvent (Cation IC)   

The most significant degradation products quantified in the lean solvent samples 

were initially PZOH, EDA, PZ-one, at up to 70, 30, and 10 mmol/kg respectively in the 

first 900 hours (Figure 4-9).  After this point these products stabilized while total formate 

(including FPZ), acetate, and oxalate increased significantly.  This suggests that PZ 

oxidation to formate and other heat stable salts occurs over a multi-step pathway. 
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Figure 4-9: Degradation products in PP2 lean solvent 

Total acetate and oxalate trended along with formate at lower molar 

concentrations of up to 9.1 and 7.5 mmol/kg respectively (Figure 4-10).  1-MPZ, most 

likely from the reaction of PZ with formaldehyde in the stripper, accumulated linearly at 

1.9 µmol/kg/hr up to 2.5 mmol/kg.  1-EPZ from reaction with acetaldehyde accumulated 

up to 0.5 mmol/kg.  The molar ratios of acetate to formate and 1-EPZ to 1-MPZ were 

both on the order of 0.2.  Ammonium dissolved in the solvent slowly decreased over time 

from 6 mmol/kg 500 hours into the campaign down to 1 mmol/kg at the end of the 

campaign. 

AEP from thermal degradation accumulated to 4 mmol/kg after 900 hours of 

operation, similar to what was observed at SRP.  This suggests that a similar amount of 
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thermal degradation has occurred at both facilities, and the additional degradation 

observed at PP2 is due to oxidation. 

 
Figure 4-10: Degradation products less than 10 mmol/kg in PP2 lean solvent 

Dissolved stainless steel metal ions from corrosion accumulated slowly over the 

first 740 hours of operation, then rapidly increased between 740 and 1240 hours before 

leveling out (Figure 4-11).  The cause of this rapid increase is unknown but may be the 

result of a corrosion event in the system or fluctuating stripper temperature.  Nickel and 

chromium accumulated greater than iron, between 1.5 and 2 mmol/kg respectively for 

nickel and chromium compared to 0.4 mmol/kg for iron.  The pilot plant facility was 

constructed with 304 stainless steel, which usually consists of around 70% iron, 18% 

chromium, and 8% nickel.  The excess dissolved chromium and nickel relative to iron 
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suggests that either iron is solubility-limited in the solvent or the corrosion process 

selectively dissolves chromium and nickel. 

 
Figure 4-11: Stainless steel metal ions in PP2 lean solvent (ICP-OES) 

4.2.3 CSIRO Tarong 

The Tarong CO2 capture plant (Figure 4-12) has been described in detail in 

Cousins et al., 2012.  It is designed to capture up to 90% of the CO2 in a 0.1 MWe 

slipstream of coal flue gas from the Tarong Power Station in Queensland, Australia.  In 

late 2012 through early 2013 a campaign was conducted to test the effectiveness of 8 m 

PZ.  Initially, 856 hours of parametric testing were performed to optimize energy 

performance.  After these tests, the plant was operated at steady state conditions for 425 

hours at a stripper operating temperature of 125 °C, followed by 421 hours at 155 °C to 

determine the effects of stripper temperature on energy performance and degradation.  
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The same solvent inventory was used for the duration of the campaign.  Flue gas was sent 

through a pretreatment column before the absorber to reduce SO2 to less than 1 ppmv.  

Before leaving the absorber, flue gas was passed through a water wash section to 

minimize amine emissions.  Samples of both CO2-lean and rich solvent and wash water 

were periodically collected and shipped to UT for analysis, using the same analytical 

methods as SRP and PP2.  Flue gas entering and leaving the absorber was continuously 

monitored by Gasmet Hot-Gas FTIR for the quantification of CO2, H2O, ammonia, SOx, 

NOx, and other gas-phase contaminants (Table 4-4). 

 
Figure 4-12: Flow diagram of Tarong CO2 Capture Plant (Cousins et al., 2015) 
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Table 4-4: Average composition of the flue gas entering the Tarong absorber (FTIR) 

(*: below method LOQ) 

Component Average concentration 

CO2 11.9 ± 0.6 vol. % 

H2O 5.0 ± 0.5 vol. % 

O2 6.9 ± 1.4 vol. % 

N2 + Ar 76.2 ± 2.0 vol. % 

NO 210 ± 30 ppmv 

NO2 1.3 ± 1.0 ppmv*
 

SO2 0.5 ± 0.4 ppmv*
 

SO3 2 ± 7 ppbv*
 

CO 50 ± 100 ppmv 

NH3 0.5 ± 0.4 ppmv*
 

HCl 0.3 ± 0.3 ppmv*
 

HF 1.8 ± 0.6 ppmv*
 

The campaign started with clean 8 m PZ, which was a clear, colorless liquid.  The 

solvent changed color from clear to pale yellow (219 hours) to red-brown (427 hours) to 

brown-black by the end of the campaign, due to the accumulation of degradation products 

and dissolved transition metal ions from corrosion (Figure 4-13). 

 

 
Figure 4-13: Visual appearance of rich piperazine solvent samples collected from 

the pilot plant after various operating times as indicated (Cousins et al., 2015) 
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Solvent alkalinity was quantified on-site by acid titration and was constant at 35 ± 

2 wt. % (4 ± 0.3 mol/kg) throughout most of the campaign including the steady-state runs 

(Figure 4-14).  However, PZ as quantified by Cation IC in the lean solvent samples 

generally decreased during the steady-state runs, by 1.3 ± 0.8 mmol/kg/hr during 

operation at 125 °C and 0.4 ± 1.0 mmol/kg/hr at 155 °C, though the correlations are not 

statistically significant (Figure 4-15).  PZ decreased by 0.72 ± 0.26 mol/kg during the 

combined steady-state runs.  Alkaline degradation products may be accumulating in the 

solvent, resulting in total alkalinity remaining constant while PZ decreases. 

 
Figure 4-14: Tarong solvent total alkalinity (acid titration) (Cousins et al., 2015) 
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Figure 4-15: PZ in Tarong lean solvent (Cation IC) 

Ammonia emissions in the flue gas exiting the absorber water wash were 

continuously monitored by Gasmet Hot-Gas FTIR (Figure 4-16).  During operation at 

125 °C ammonia emissions increased linearly from 12 to 17 ppm.  Between the 125 and 

155 °C runs the plant was shut down to reconfigure for the increased stripper temperature 

and pressure.  Upon startup at 155 °C, ammonia emissions were initially as high as 37 

ppm before decreasing over 100 hours down to 22 ppm and then slowly increased up to 

31 ppm by the end of the campaign.  This higher initial rate could be due to increased 

degradation of accumulated degradation products, including MNPZ.  Based on the 

average ammonia emission rate for each run, the activation energy of ammonia 

generation relative to stripper operating temperature is on the order of 30 kJ/mol, which 

is similar to the observed activation energy of 32 kJ/mol for the oxidation of PZ to 

ammonia in a bench scale cyclic oxidation apparatus (Voice, 2013). 
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Figure 4-16: Ammonia in CO2 lean flue gas leaving Tarong absorber water wash 

(Cousins et al., 2017) 

PZOH (50-75 mmol/kg), PZ-one (40-50 mmol/kg), total formate (24-46 

mmol/kg) and EDA (25-40 mmol/kg) were the most significant oxidation products 

quantified in the lean amine samples during the 125 °C run.  During the 155 °C run, total 

formate continued to increase up to 110 mmol/kg while the PZOH and PZ-one 

maintained the same concentrations as 125 °C.  EDA slowly decreased to 14 mmol/kg 

(Figure 4-17).  This clearly indicates PZOH, PZ-one, and EDA are intermediate 

degradation products.  

Total formate accumulated at rates of 0.06 and 0.17 mmol/kg/hr at 125 and 155 

°C respectively, giving an activation energy on the order of 50 kJ/mol, slightly higher 

than observed with ammonia and would be expected from oxidation.  Formate has been 

observed to form in bench-scale thermal degradation experiments due to the reduction of 

piperazine carbamate to 1-formyl-piperazine amide (Freeman, 2011).  The activation 
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energy of thermal degradation of PZ is on the order of 184 kJ/mol (Freeman, 2011).  The 

higher activation energy for total formate relative to ammonia may be due to the 

additional formation from thermal degradation. 

 
Figure 4-17: Degradation products in Tarong lean solvent  

MNPZ accumulated up to 7 mmol/kg during the 125 °C run before dropping to 2 

± 0.4 mmol/kg during the 155 °C run (Figure 4-18).  This very closely (R2
 = 0.89) 

matched the prediction made based on the MNPZ steady-state accumulation model 

developed by Fine, which assumes MNPZ will reach an equilibrium balanced by 

absorption rate of NO2 from the flue gas and thermal decomposition of MNPZ due to 

temperature and holdup in the stripper (Fine, 2015).  This validates the proposal that 

MNPZ can be managed in a post-combustion carbon capture facility by increasing 

temperature and/or residence time in the stripper. 

0

20

40

60

80

100

120

800 1000 1200 1400 1600 1800

C
o
n
ta

m
in

an
ts

 (
m

m
o
/k

g
)

Operating Hours

PZOH

PZ-one

T. Formate

EDA

FPZ

125 °C 155 °C



 

 

76 

 
Figure 4-18: Observed and predicted MNPZ accumulation in Tarong lean solvent 

(HPLC) 

Total oxalate behaved similarly to MNPZ, decreasing from 6.6 to 2.7 mmol/kg 

after the stripper temperature increase, indicating that it too is most likely thermally 

unstable (Figure 4-19).  The accumulation rates of total acetate, 1-MPZ, and 1-EPZ 

increased at 155 °C.  AEP was the most significant thermal degradation product 

quantified, at up to 1.8 mmol/kg during the 155 °C run, which indicates very little 

thermal degradation occurred. 
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Figure 4-19: Degradation products less than 16 mmol/kg in Tarong lean solvent 

Iron was the most significant dissolved stainless steel metal ion quantified in the 

liquid samples, accumulating at 0.11 µmol/kg/hr from 0.12 to 0.15 mmol/kg at 125 °C 

and at 0.94 µmol/kg/hr up to 0.54 mmol/kg at 155 °C (Figure 4-20).  This very strong 

effect of temperature (activation energy of 100 kJ/mol) suggests almost all corrosion 

occurred in the high-temperature section of the facility.  Dissolved nickel, chromium, and 

manganese were substantially less than iron, no greater than 0.03 mmol/kg by the end of 

the campaign (Figure 4-21).  Chromium and nickel both increased by more than 0.015 

mmol/kg between 1425 and 1475 hours, representing more than half the total 

accumulation observed,  and dissolved iron increased by 0.15 mmol/kg over the same 

time span.  This increase may due to a corrosion event in the process. 
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Figure 4-20: Stainless steel metal ions in Tarong lean solvent (ICP-OES) 

 
Figure 4-21: Stainless steel metal ions less than 0.04 mmol/kg in Tarong lean solvent 

(ICP-OES)   
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Samples of water from the water wash system were collected and analyzed via 

cation and anion IC (Figure 4-22).  PZ was the most significant contaminant in the wash 

water, decreasing from 100 to 60 mmol/kg during the steady state runs.  The decrease in 

PZ over time is most likely due to dilution due to condensation of water from the flue 

gas.  No make-up water was added to the water wash system during the campaign.  1-

MPZ accumulated up to 5 mmol/kg in the wash water by the end of the campaign, a 

factor of 30 times greater than in the solvent relative to PZ, indicating it has a 

significantly greater relative volatility than PZ.  Ammonium and EDA were observed at 

less than 0.5 mmol/kg, and no other significant contaminants were observed.  

Ammonium increased at the higher stripper operating temperature while EDA decreased, 

mirroring the increase in ammonia emissions in the gas phase and decrease in EDA in the 

solvent.  Flue gas leaving the water wash was continuously monitored by FTIR; no 

significant PZ was observed.  This shows the water wash was still effective at capturing 

PZ despite the contamination present, and no emission of PZ was occurring due to 

aerosol formation. 
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Figure 4-22: Contaminants in Tarong water wash (Cation and Anion IC) 

4.2.4 Comparisons between campaigns 

4.2.4.1 Oxidation and Corrosion 

Total formate accumulation rate was greatest at Tarong, at 0.06 mmol/kg/hr at 

125 °C and 0.17 mmol/kg/hr at 155 °C (Figure 4-23).  At PP2, formate accumulation was 

minimal for the first 600 hours at 0.005 mmol/kg/hr but increased by an order of 

magnitude by the end of the campaign.  Formate accumulated at SRP at less than 0.007 

mmol/kg/hr for the campaigns from 2011 to 2015.  Concentrations for the November 

2013 and March 2015 SRP campaigns were adjusted to the expected values if the solvent 

were concentrated to 8 m, the same as the earlier SRP campaigns and the PP2 and CSIRO 

campaigns.   
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Figure 4-23: Total formate in lean solvent samples from SRP, PP2, and Tarong 

(Anion IC-NaOH pretreatment) 

In bench-scale experiments studying the oxidation of PZ in a cyclic system 

simulating pilot plant conditions, 6.9 moles of ammonia were produced per mole of total 

formate (Figure 5-28).  Based on this relationship cumulative ammonia emissions for the 

three pilot plants was estimated and added to the total moles of nitrogen in the quantified 

liquid-phase degradation products (Figure 4-24).  “Estimated Total N” increased linearly 

at 0.38 mmol/kg/hr at PP2 due initially to the accumulation of PZOH, EDA, and PZ-one, 

and later due to the assumed generation of ammonia as the intermediary products 

stabilized.  “Estimated Total N” was greater at CSIRO Tarong, increasing linearly at 0.43 

mmol/kg/hr at 125 °C and 1.11 mmol/kg/hr at 155 °C.   SRP had the lowest “Estimated 

Total N” at 0.11 mmol/kg/hr after adjusting for changes in solvent concentration.   
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Overall it can be concluded that significantly less degradation has occurred at 

SRP relative to the other two pilot plants.  There are several possible reasons for this:   

 SRP uses a synthetic flue gas, which has around 3 times more oxygen than typical 

post-combustion coal flue gas (18 vs. 5 kPa) but none of the other contaminants 

such as NO2, SO2, and fly ash.  In comparison, the rate of NO2 absorption from 

the flue gas at Tarong was on the order of 0.07 mmol/kg/hr.  This represents the 

minimum loss rate of PZ due to nitrosamine formation and decomposition.   

 For the campaigns from 2011 onwards, SRP tested a variety of novel stripper 

configurations, including 2-stage flash and the advanced flash stripper, all of 

which reduce solvent holdup at high temperature relative to the simple stripper 

configuration.  The cross exchanger was also modified to allow flashing to occur, 

which may minimize the reaction of the amine with dissolved oxygen at high 

temperature. 

 1 to 1.5 wt. % Inhibitor A, a stable non-volatile free radical scavenger, was added 

to the SRP solvent at the start of operations in an attempt to inhibit oxidation.  

However, bench-scale experiments conducted since the beginning of operations at 

SRP have called into question the inhibitor effectiveness in a cyclic system 

(Voice, 2013). 

It is difficult to determine which of these differences had the most significant 

impact on degradation at SRP relative to the other pilot plants.  The primary objectives of 

most pilot plant campaigns are to test new solvents, configurations, and different process 

conditions to optimize energy performance and minimize capital and operating costs, 

with solvent management issues typically being a secondary concern.  Therefore, 

additional testing, either on the bench scale or in more controlled pilot plant campaigns 
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with a focus on degradation, is needed to determine which of these differences had the 

most significant impact on degradation.  

 
Figure 4-24: Total nitrogen quantified in degradation products and from estimated 

cumulative ammonia emissions at SRP, PP2, and Tarong 

In parallel with degradation, significantly lower accumulation of dissolved iron 

ions was observed at SRP relative to Tarong and PP2 (Figure 4-25).  Less than 0.02 

mmol/kg accumulated at SRP, with no significant change occurring during the later 

campaigns.  Tarong saw up to 0.5 mmol/kg, accumulating at 0.11 µmol/kg/hr at 125 °C 

and 0.94 µmol/kg/hr at 155 °C.  The strong effect of stripper operating temperature 

suggests corrosion in the stripper is the dominant source of dissolved iron from corrosion, 

and corrosion at low temperature and absorption of iron from fly ash is relatively 

minimal.  Iron at PP2 was initially similar to SRP, no greater than 0.06 mmol/kg for the 
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first 740 hours.  Between 740 and 1160 hours it rapidly increased up to 0.4 mmol/kg at 

0.8 µmol/kg/hr, before stabilizing around 0.4 mmol/kg for the rest of the campaign.  The 

cause of this sudden change is unknown.  At the same time iron rapidly increased, the 

intermediary degradation products stabilized while total formate (and presumably 

ammonia) began to increase significantly.  This suggests that dissolved iron catalyzes the 

decomposition of the intermediary oxidation products to formate and ammonia.  

However, the rates of PZ loss and “Total Estimated N” was constant throughout the 

campaign, indicating dissolved iron may not have as strong an impact on oxidation of PZ 

itself. 

Differences in ferrous and ferric iron solubility could explain the difference in 

dissolved iron accumulation in the pilot plants.  Dissolved iron may be cycling between 

ferrous and ferric oxidation states, which will have different solubilities.  Typically, ferric 

iron is far less soluble than ferrous and can precipitate out as iron(III) oxide-hydroxide 

(FeO(OH)).  Ferrous iron can precipitate with carbonate as siderite (FeCO3), while both 

ferrous and ferric iron can precipitate as magnetite (Fe3O4) (Zheng et al., 2014).  The 

different process and operating conditions could explain the relative differences in 

observed dissolved iron.  For example, SRP captures from a more oxygen-rich synthetic 

flue gas and has greater relative holdup in CO2 rich and semi-rich conditions in the trim 

heater of the advanced flash stripper, which could combine to produce a relatively more 

oxidative environment, shifting dissolved iron to the ferric state and reducing apparent 

solubility.  More research is needed at both the bench and pilot scale to determine if this 

effect is occurring. 
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Figure 4-25: Dissolved iron in lean solvent samples at SRP, PP2, and Tarong (ICP-

OES) 

4.2.4.2 Absorption of Flue Gas Contaminants 

Sulfate and nitrate can accumulate in the solvent due to absorption of SOx and 

NOx from the flue gas.  Australia does not have strong emissions regulations, and the 

Tarong Power Station has minimal emissions controls.  A prescrubber before the 

absorber reduced SO2 to below 1 ppmv but no attempt was made to minimize NOx 

entering with the flue gas, which contained 210 ppmv NO and 1.3 ppmv NO2 on average.  

Nitrate accumulated linearly in the Tarong solvent at 16 µmol/kg/hr up to 22 mmol/kg 

(Figure 4-26).  Changing stripper operating temperature had no effect on the nitrate 

accumulation rate, confirming that absorption from the flue gas was the primary source of 

nitrate, not solvent oxidation.  Sulfate accumulated at 21 µmol/kg/hr during steady-state 

operation at Tarong.  However, most of the sulfate accumulation occurred at the end of 
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the 125 °C run before a process shutdown.  It’s hypothesized that transient changes 

during the shutdown process resulted in an unexpected incursion of SO2 into the 

absorber.  Not including this increase, sulfate accumulated at 6 µmol/kg/hr.  Sulfate and 

nitrate accumulation was lower at PP2, at 3 and 2 µmol/kg/hr respectively, most likely 

due to better pretreatment of the flue gas.  SRP, which used synthetic flue gas with no 

significant SOx and NOx, saw no significant accumulation of nitrate.  Sulfate accumulated 

up to 2.8 mmol/kg during the 2013 and 2015 campaigns due to the injection of SO2 and 

H2SO4 nuclei for aerosol testing. 

 
Figure 4-26: Sulfate and nitrate in lean solvent samples from SRP, PP2, and Tarong 

(Anion IC) 

NO2 in the flue gas absorbs into the solvent as nitrite, which will react in the 

stripper to form the nitrosamine MNPZ, a potentially carcinogenic compound.  However, 
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MNPZ is significantly less thermally stable than PZ and will decompose in the stripper, 

allowing its concentration to be controlled by increasing stripper temperature and 

residence time (Fine, 2015).  MNPZ was greatest during the 125 °C run at Tarong at up 

to 7.2 mmol/kg, and decreased to 1.6 to 2.4 mmol/kg when the stripper temperature was 

increased to 155 °C (Figure 4-27).  MNPZ at PP2 was between 0.7 and 1.4 mmol/kg for 

most of the campaign, except for a brief spike up to 2.8 mmol/kg early in the campaign, 

possibly due to changes in the flue gas NO2 concentration or stripper operating 

parameters.  Trace MNPZ up to 0.1 mmol/kg was observed at SRP, most likely due to the 

formation of nitrite from the oxidation of PZ. 

 
Figure 4-27: MNPZ in lean solvent samples from SRP, Tarong, and PP2 
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4.3 CONCLUSIONS 

 PZ loss during the pilot plant campaigns varied from 0 to 1.5 mmol/kg/hr in the 3 

campaigns, and total formate accumulation varied from less than 0.007 

mmol/kg/hr at SRP to 0.17 mmol/kg/hr at Tarong during 155 °C stripper 

operations.  Total estimated nitrogen in the degradation products and ammonia 

emissions varied from 0.11 mmol/kg/hr at SRP to 1.1 mmol/kg/hr at Tarong at 

155 °C. 

 Significantly less degradation and corrosion occurred at SRP compared to the 

other two pilot plants.  Possible reasons for this include the use of Inhibitor A (a 

free radical scavenger), using a synthetic flue gas with no SOx and NOx 

contamination; testing of stripper configurations with lower relative holdup at 

high temperature, or flashing in the hot rich side of the cross exchanger.   

 In both PP2 and Tarong the intermediate degradation products piperazinol 

(PZOH), piperazinone (PZ-one), and ethylenediamine (EDA) were the most 

significant degradation products observed early in the campaign.  These products 

typically reached steady state while the accumulation rates of formate, acetate, 

and other final products increased over time.  The total estimated nitrogen in the 

degradation products and estimated ammonia emissions increased linearly, 

suggesting a steady rate of PZ loss. 

 Mononitrospiperazine (MNPZ), a potential carcinogen, was controlled by 

increasing stripper temperature.  MNPZ did not exceed 7 mmol/kg in the solvent 

at Tarong during 125 °C stripper operations, and did not exceed 3 mmol/kg at PP2 
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and at Tarong during 155 °C stripper operations.  MNPZ was less than 0.1 

mmol/kg at SRP, with no NOx in the synthetic flue gas. 

 The water wash system at Tarong was effective at controlling PZ emissions to 

below 1 ppmv despite 100 mmol/kg of PZ contamination in the wash water. 
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Chapter 5 – Bench Scale Oxidation of Amines 

 

 

 

 

 

 

This chapter provides an overview and detailed results of all experiments 

conducted in the High Gas Flow (HGF) and High Temperature Oxidation Reactor 

(HTOR) apparatuses to quantify amine oxidation.  MEA and piperazine (PZ) oxidation 

has already been thoroughly characterized for absorber conditions in the HGF apparatus 

(Sexton, 2008; Freeman, 2011), and cyclic oxidation of MEA has been previously 

characterized in the HTOR apparatus with limited screening of PZ and other amines 

(Voice, 2013).  This chapter will focus on the oxidation of MEA and PZ via hydrogen 

peroxide addition in the HGF apparatus at absorber conditions and the cyclic oxidation of 

PZ and hydroxyl-ethyl-piperazine (HEP) in the HTOR apparatus cycling between 

absorber and stripper operating temperatures.   

Concentrated aqueous PZ and its derivatives are promising amines for post-

combustion carbon capture and are more representative of the amines likely to be used in 

the first generation of full-scale PCCC plants than MEA, which is most likely too 

unstable for long-term use. 

5.1 CYCLIC OXIDATION OF PZ AND HEP IN THE HTOR 

Table 5-1 summarizes all experiments conducted in the HTOR apparatus.  
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Table 5-1: Summary of experiments conducted in the HTOR with PZ and HEP 

Experiment Solvent Notes 

HTOR8 Clean 8 m PZ Base case steady state 

HTOR9 SRP PZ (Oct 2011: 

8 m, 100 mM Inh A) 

Addition of 4 mM Cu2+ corrosion inhibitor 

HTOR10 Clean 5 m PZ 1st-gen N2 sparger  

HTOR11 Clean 5 m PZ Addition of FeSO4, 100 mM Inh A 

HTOR12 CSIRO Tarong  

4 m PZ 

2nd-gen N2 sparger 

HTOR14 Clean 5 m PZ Addition of 30 mM Inh A, N2 sparging 

HTOR15 Clean 5 m PZ N2 sparging, addition of 30 mM NaNO2 

HTOR16 Moderately degraded 

8 m HEP 

Degraded base case, N2 sparging 

HTOR17 Moderately degraded 

8 m HEP after sulfide 

treatment 

Selective Fe2+ removal 

HTOR18 Clean 8 m HEP Clean base case, then mixed with degraded HEP, 

N2 sparging 

HTOR19 Mildly degraded  

8 m HEP  

Addition of FeSO4 

HTOR20 Mildly degraded  

8 m HEP  

Addition of formic acid, hydrogen peroxide 

 

5.1.1 Piperazine Oxidation in the HTOR 

5.1.1.1 HTOR8: Base case clean 8 m PZ cycled to 150 °C 

A 650-hour experiment was conducted in the High Temperature Oxidation 

Reactor apparatus (HTOR) cycling 8 m PZ from 55 °C to 150 °C.  The apparatus was 

operated at steady state with no major process changes during the run.  At the start of the 

experiment, 0.4 mmol/kg FeSO4, 0.3 mmol/kg MnSO4, 0.05 mmol/kg CrK(SO4)2, and 0.1 

mmol/kg NiSO4 were added to the solvent to simulate stainless steel corrosion. 

Figure 5-1 shows the generation rate of ammonia emitted in the gas leaving the 

HTOR as continuously measured by FTIR.  Upon startup, the rate of ammonia emission 

was less than 0.1 mmol/kg/hr.  Ammonia emissions increased linearly up to 1.2 mmol/kg 
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over 651 hours.  428 mmol/kg cumulative ammonia (C. NH3) was emitted during the 

experiment as calculated by rectangular integration of the FTIR data. 

 
Figure 5-1: Ammonia generation as quantified by FTIR for HTOR8.  1.6 L clean 

8 m PZ cycled from 55 to 150 °C at 200 mL/min, 7.5 L/min 2 vol. % CO2 in air.  

Metals added at t = 0: 0.4 mmol/kg FeSO4, 0.1 mmol/kg NiSO4, 0.05 mmol/kg 

CrK(SO4)2, 0.3 mmol/kg MnSO4. 

Liquid sample collection began 315 hours into the experiment and continued 

every 48 hours until the end.  4 mL of solvent were collected per sample and replaced 

with clean solvent to minimize inventory loss.  Figures 5-2 and 5-3 show the 

accumulation of liquid phase degradation products on the primary y-axis and the parent 

amine loss (quantified by Cation IC) and cumulative ammonia generation (C. NH3; 

integration of FTIR emission data) on the secondary y-axis over time.  Formate, PZ-one, 

2-PZOH, EDA, and 1-MPZ were the most significant liquid-phase products observed.  
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The accumulation of acetate, oxalate, and 1-MPZ followed similar trends to formate at 

lower concentrations. Intermediate products 2-PZOH and EDA decreased in 

concentration over the course of the experiment.  When extrapolating back to the origin 

at time t = 0, total formate accumulation followed a quadratic trend (R2 = 0.996), which 

would be expected if the rate of oxidation was increasing linearly.   

 
Figure 5-2: PZ loss, cumulative ammonia generation, and liquid phase oxidation 

product accumulation in HTOR8. 1.6 L clean 8 m PZ cycled from 55 to 150 °C at 

200 mL/min, 7.5 L/min 2 vol. % CO2 in air.  Metals added at t = 0: 0.4 mmol/kg 

FeSO4, 0.1 mmol/kg NiSO4, 0.05 mmol/kg CrK(SO4)2, 0.3 mmol/kg MnSO4. 

The concentration of PZ in the solvent decreased by approximately 425 mmol/kg 

over the course of the experiment, after adjusting for changes in the water balance and 

makeup solvent added during the experiment.  Ammonia loss represents 50% of the 

observed total loss of PZ, and the volatile loss represents 3%.  The products observed 
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account for 85% of the total nitrogen and 39% of the total carbon lost during the 

experiment (Table 5-2). 

 
Figure 5-3: Liquid phase oxidation product accumulation in HTOR8. 1.6 L clean 

8 m PZ cycled from 55 to 150 °C at 200 mL/min, 7.5 L/min 2 vol. % CO2 in air.  

Metals added at t = 0: 0.4 mmol/kg FeSO4, 0.1 mmol/kg NiSO4, 0.05 mmol/kg 

CrK(SO4)2, 0.3 mmol/kg MnSO4. 

Piperazinone accumulation could not be accurately quantified due to 

contamination in the solvent of trace amounts of 5 to 10 mmol/kg MDEA from a 

previous experiment in the HTOR, which masks the piperazinone peak in the Cation IC 

method.  By treating the samples with sodium hydroxide to cause piperazinone to ring-

open into N-aminoethyl-glycine and comparing reduction in area of the 

MDEA/piperazinone peak, the concentration of piperazinone was determined to be on the 

order of 20 mmol/kg throughout the period of sample collection.  Based on observations 
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in subsequent experiments, piperazinone accumulation tends to track along with EDA 

accumulation, and can be assumed to behave similarly. 

Solvent degradation can be quantified by parent amine loss, the emission of 

ammonia, and the accumulation of formate.  Parent amine loss is difficult to precisely 

quantify due to the amplification of noise from leaks and changes in the water balance of 

the apparatus combined with the two-step dilution procedure to 10000X for Cation IC.  

For example, a 2% change in a sample with 3 mol/kg amine and 100 mmol/kg formate 

would represent a deviation of 150 mmol/kg in amine loss but only 2 mmol/kg formate.  

With its continuous sampling, ammonia emissions via FTIR is the most precise measure 

of solvent degradation, followed by formate accumulation, with parent amine loss being 

the most imprecise.  The precision of parent amine loss could be improved via use of a 

tracer, such as potassium or sulfate salt, which can also be quantified by IC and cannot be 

accumulated due to contamination.  However, most experiments conducted in the HTOR 

did not use a tracer.   
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Table 5-2: Molar balance of PZ loss and degradation product accumulation in 

HTOR8. 1.6 L clean 8 m PZ cycled from 55 to 150 °C at 200 mL/min, 7.5 L/min 2 

vol. % CO2 in air.  Metals added at t = 0: 0.4 mmol/kg FeSO4, 0.1 mmol/kg NiSO4, 

0.05 mmol/kg CrK(SO4)2, 0.3 mmol/kg MnSO4. 

Component Method mmol/kg N-eq C-eq mol/mol PZ loss 

PZ loss Cation IC 425 850 1700 
 

Ammonia FTIR 428 428 
 

1.0 

Volatile loss FTIR 14 28 56 0.03 

Total formate Anion IC 62 
  

0.15 

1-Formyl-PZ Cation IC 25 50 125 0.06 

Free formate Anion IC 37 
 

37 0.08 

Acetate Anion IC 6.4 
 

13 0.02 

PZ-oxalyl amide Anion IC 4.2 8.4 25 0.01 

Free Oxalate Anion IC 1.1 
 

2.2 0.003 

Glycolate Anion IC 3.1 
 

6.1 0.007 

2-PZOH HPLC-DNPH 46 92 184 0.11 

PZ-one Cation IC 20 40 80 0.05 

EDA Cation IC 15 30 30 0.04 

1-MPZ Cation IC 18 36 90 0.04 

AEP Cation IC 1.8 5.4 11 0.004 

1,4-DMPZ Cation IC 0.8 1.6 4.8 0.002 

1-EPZ Cation IC 0.1 0.2 0.6 0.0002 

Ammonium Cation IC 1.3 1.3 
 

0.003 

MNPZ HPLC 0.6 1.8 2.4 0.001 

Total N/C in products  
 

723 667  

Balance  
 

85% 39% 
 

Figure 5-4 shows the accumulation of dissolved metal in the solvent during 

HTOR8.  At the start of the experiment, a mix of 0.4 mmol/kg FeSO4, 0.1 mmol/kg 

CrK(SO4)2, 0.1 mmol/kg NiSO4, and 0.3 mmol/kg MnSO4 was added to the solvent to 
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simulate the corrosion of stainless steel.  3 times more MnSO4 was added than intended 

due to a dilution error.  Nickel and chromium accumulated linearly at a rate of 0.6 and 1.1 

µmol/kg/hr respectively due to the corrosion of the apparatus.  Observed ferrous iron 

accumulation was less than 0.4 mmol/kg in earlier samples, despite the addition of 0.4 

mmol/kg FeSO4.  This strongly suggests the precipitation of added Fe2+, most likely as 

FeCO3, and subsequent reabsorption due to changes in ferrous iron solubility over the 

course of the experiment.  The accumulation of dissolved ferrous iron could be accurately 

modeled by a quadratic fit through the origin, which suggests the solubility of iron 

increased at a linear rate over the course of the experiment, and parallels the 

accumulation of formate and other degradation products as well as the linear increase in 

the emission rate of ammonia. 
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Figure 5-4: Liquid phase accumulation of dissolved stainless steel metal ions in 

HTOR8 as quantified by ICP-OES.  1.6 L clean 8 m PZ cycled from 55 to 150 °C at 

200 mL/min, 7.5 L/min 2 vol. % CO2 in air.  Metals added at t = 0: 0.4 mmol/kg 

FeSO4, 0.1 mmol/kg NiSO4, 0.05 mmol/kg CrK(SO4)2, 0.3 mmol/kg MnSO4. 

5.1.1.2 HTOR9: SRP PZ (1 wt % Inh A) cycled to 150 °C. Addition of cupric sulfate. 

Marginally degraded PZ solvent with 1 wt % Inh A taken from the end of the 

October 2011 SRP pilot plant campaign was cycled from 40 to 150 °C in the HTOR.  The 

solvent had previously been used for 1340 hours of operation at SRP.  The solvent had 

not significantly degraded during the pilot plant campaign, and contained only trace 

amounts of dissolved metal from stainless steel corrosion.   

Figure 5-5 shows the rate of ammonia emissions as measured by FTIR compared 

to HTOR8.  Upon startup, ammonium that had accumulated in the solvent during storage 

was purged at an initial rate of up to 1.8 mmol/kg/hr before settling to 0.24 mmol/kg/hr 

after the first 24 hours of operation.  The rate of ammonia generation increased more 

slowly in HTOR9 than in HTOR8, reaching 0.39 mmol/kg/hr after 340 hours of 

operation.  After 340 hours, 4 mM CuSO4 was added to determine if Cu2+ could function 

as a corrosion inhibitor in conjunction with Inh A as an oxidative inhibitor.  However, the 

Cu2+ strongly catalyzed the oxidation of the solvent, increasing ammonia generation to 

above 3 mmol/kg/hr.  Cupric sulfate should not be used as a corrosion inhibitor in an 

amine scrubbing facility, and the use of copper or brass fittings and equipment should be 

avoided at all costs. 
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Figure 5-5: Ammonia generation as quantified by FTIR for HTOR9 (red) compared 

to HTOR8 (grey).  1.6 L 8 m PZ from October 2011 SRP pilot plant inventory 

cycled from 40 to 150 °C at 200 mL/min, 7.5 L/min 0.5 vol % CO2 in air.  No metals 

added initially.  0.3 mmol/kg FeSO4, 0.1 mmol/kg MnSO4 added at t = 142 hours, 4 

mmol/kg CuSO4 added at t = 340 hours. 

Figure 5-6 shows the solvent loss and degradation product accumulation 

quantified in the liquid phase as well as cumulative ammonia emissions.  Ammonia and 

the formyl amide of PZ are the two most significant degradation products, with ammonia 

accounting for 50% of all nitrogen lost.  The addition of 0.3 mmol/kg Fe2+ and 0.1 

mmol/kg Mn2+ did not significantly affect the accumulation rate of most degradation 

products.  After the addition of 4 mmol/kg Cu2+, most degradation product accumulation 

rates increased significantly due to the increase in the PZ oxidation rate, except for EDA 

and 2-PZOH, which decreased in concentration.  Piperazinone could not be accurately 
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quantified due to masking by the presence of approximately 20 mmol/kg MDEA 

contamination from operation in the SRP pilot plant. 

 
Figure 5-6: PZ loss, cumulative ammonia generation, and liquid phase oxidation 

product accumulation in HTOR9. 1.6 L 8 m PZ from October 2011 SRP pilot plant 

inventory cycled from 40 to 150 °C at 200 mL/min, 7.5 L/min 0.5 vol % CO2 in air.  

No metals added initially.  0.3 mmol/kg FeSO4, 0.1 mmol/kg MnSO4 added at t = 142 

hours, 4 mmol/kg CuSO4 added at t = 340 hours. 

Figure 5-7 shows the accumulation of dissolved metal ions in the solvent.  Metal 

sulfate salts were not added to the solvent at the start of this experiment, and very little 

accumulation of metal ions had occurred during the pilot campaigns at SRP.  The Ni2+ 

and Cr3+ accumulation rates were nearly identical to HTOR8.  However, the Fe2+ 

accumulation rate was reduced by 60% in HTOR9.  At 142 hours, 0.3 mmol/kg FeSO4 

and 0.1 mmol/kg MnSO4 were added to the solvent.  6 hours after addition, the  dissolved 

Fe2+ as quantified by ICP-OES increased by 0.03 mmol/kg Fe2+ over the baseline before 
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FeSO4 addition, accounting for 10% of the amount added.  The next sample, taken 48 

hours later, showed the Fe2+ had returned to the baseline rate of accumulation.  SO4
2- did 

increase by the expected amount of 0.4 mmol/kg, indicating that no error was made in 

adding the ferrous sulfate solution.  This strongly suggests that ferrous iron accumulation 

is solubility-limited and the solubility increases slowly, most likely due to degradation of 

the solvent.  The additional Fe2+ most likely precipitated out of solution as FeCO3 onto 

the stainless steel surfaces of the high pressure section of the HTOR apparatus (Zheng et 

al., 2014).  After 4 mM of Cu4+ was added, Fe2+ initially dropped before accumulating at 

a faster rate than before addition.  It is possible the addition of copper initially catalyzed 

the degradation of the intermediary products responsible for solubilizing ferrous iron, but 

these products reaccumulated at a faster rate than previously as the solvent degraded.  

Mn2+ does not accumulate in the solvent as a result of corrosion.  However, it does fully 

dissolve when added as MnSO4. 
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Figure 5-7: Accumulation of dissolved stainless steel metal ions in HTOR9 as 

quantified by ICP-OES.  1.6 L 8 m PZ from October 2011 SRP pilot plant inventory 

cycled from 40 to 150 °C at 200 mL/min, 7.5 L/min 0.5 vol % CO2 in air.  No metals 

added initially.  0.3 mmol/kg FeSO4, 0.1 mmol/kg MnSO4 added at t = 142 hours, 4 

mmol/kg CuSO4 added at t = 340 hours. 

5.1.1.3 HTOR10: Clean 5 m PZ cycled to 150 °C.  1st generation N2 sparger test. 

5 m PZ was cycled in the HTOR apparatus for 220 hours from 40 to 150 °C.  

After an initial 24-hour baseline/leak test with the trim heater set to 40 °C, the trim heater 

was raised to 150 °C.  After allowing 24 hours for the system to reach steady state, iron 

and manganese sulfate were added to the solvent.  No chromium or nickel was added in 

this experiment.  At 170 hours, N2 sparging in the bubble removal vessel was started at a 

flow rate of 1 L/min.  This was discontinued at 200 hours due to buildup of solid PZ in 

the bubble removal vessel gas vent line.  At 220 hours, the apparatus was shut down for 

repairs. 

 

0

0.1

0.2

0.3

0.4

0.5

0.6

0 100 200 300 400 500 600

C
o

rr
o
si

o
n

 P
ro

d
u
ct

s 
(m

m
o
l/

k
g
)

Time (hrs)

Fe2+

Mn2+

+4 mM CuSO4

+0.3 mM  FeSO4

+ 0.1 mM MnSO4

Cr3+ 

1.1 µM/hr

Ni2+

0.7 µM/hr



 

 

103 

Figure 5-8 shows the ammonia emitted during the entire experiment as measured 

by FTIR.  The solvent did not degrade sufficiently to accurately quantify PZ loss rate via 

cation IC or alkalinity titration.  N2 sparging reduced the ammonia rate by approximately 

20%.  The bubble removal vessel contains metal packing in the bottom to break up 

entrained air bubbles, which limited the operating depth of the sparger to approximately 

5 cm.   This limited the amount of dissolved oxygen which could be stripped.  After 30 

hours of operation, both solvent and gas flow into the column had become erratic due to 

pressure buildup in the bubble removal vessel, and sparging was stopped.  It was 

determined that the vapor line leaving the column had become clogged with solid PZ, 

leading to the increase in pressure in the vessel.   
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Figure 5-8: Ammonia generation as quantified by FTIR for HTOR10 (red) 

compared to HTOR8 (grey).  1.6 L clean 5 m PZ cycled from 40 to 150 °C at 200 

mL/min, 7.5 L/min 0.5 vol % CO2 in air.  No metals added initially.  0.3 mmol/kg 

FeSO4, 0.1 mmol/kg MnSO4 added at t = 51 hours.  Solvent sparged with 1 L/min N2 

to remove dissolved oxygen before heating from t = 170 to 200 hours. 

Figure 5-9 shows the accumulation of liquid phase degradation products and 

cumulative ammonia generation.  EDA and piperazinone reached steady concentrations 

40 and 20 mmol/kg respectively and 10 mmol/kg each of total formate and 1-MPZ had 

accumulated by the end of the experiment. 
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Figure 5-9: Cumulative ammonia generation and liquid phase oxidation product 

accumulation in HTOR10. 1.6 L clean 5 m PZ cycled from 40 to 150 °C at 200 

mL/min, 7.5 L/min 0.5 vol % CO2 in air.  No metals added initially.  0.3 mmol/kg 

FeSO4, 0.1 mmol/kg MnSO4 added at t = 51 hours.  Solvent sparged with 1 L/min N2 

to remove dissolved oxygen before heating from t = 170 to 200 hours. 

Figure 5-10 shows the accumulation of dissolved metal ions in solution.  As 

previously observed, the addition of ferrous sulfate did not increased dissolved ferrous 

iron accumulation in the solvent.  No nickel or chromium salts were added to the solvent, 

and the accumulation of those ions was due to the corrosion of the apparatus.  Nickel and 

chromium accumulated at similar rates to those observed in HTOR8 and HTOR9.  Iron 

accumulation could be accurately modeled by a quadratic curve through the origin, 

similar to HTOR8. 
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Figure 5-10: Accumulation of dissolved stainless steel metal ions in HTOR10 as 

quantified by ICP-OES.  1.6 L clean 5 m PZ cycled from 40 to 150 °C at 200 

mL/min, 7.5 L/min 0.5 vol % CO2 in air.  No metals added initially.  0.3 mmol/kg 

FeSO4, 0.1 mmol/kg MnSO4 added at t = 51 hours.  Solvent sparged with 1 L/min N2 

to remove dissolved oxygen before heating from t = 170 to 200 hours. 

5.1.1.4 HTOR11. 5 m PZ cycled to 150 °C.  Addition of ferrous sulfate and Inh A.   

Clean 5 m PZ was oxidized in the HTOR apparatus cycling from 40 to 150 °C for 

700 hours.  0.4 mM FeSO4, 0.2 mM NiSO4, 0.2 mM CrK(SO4)2, and 0.1 mM MnSO4 

were added to the solvent at the start of the experiment.  30 mM Inh A was added to the 

solvent at 120 hours, and an additional 70 mM was added at 195 hours.  Figure 5-11 

shows the rate of ammonia emissions as measured by FTIR during the experiment, 

normalized to total solvent inventory.  For the first 120 hours, the rate climbed steadily 

from 0.18 to 0.38 mmol/(kg solvent)/hr.  The rate rapidly doubled after the first addition 
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of Inh A and increased slightly after the second addition, and undulated between 0.8 and 

1.1 mmol/kg/hr for the rest of the experiment.   

 
Figure 5-11: Ammonia generation as quantified by FTIR for HTOR11 (red) 

compared to HTOR8 (grey).  1.6 L clean 5 m PZ cycled from 40 to 150 °C at 200 

mL/min, 7.5 L/min 0.5 vol % CO2 in air.  Metals added at t = 0: 0.4 mmol/kg FeSO4, 

0.1 mmol/kg NiSO4, 0.1 mmol/kg CrK(SO4)2, 0.1 mmol/kg MnSO4.  100 mmol/kg 

Inh A added between t = 120 and 195 hours. 

Figure 5-12 shows the rate of PZ loss, the accumulation of liquid phase 

degradation products, and cumulative ammonia emissions during the experiment.  Unlike 

the ammonia rate, the addition of Inh A did not have a discernable effect on the PZ loss 

rate of approximately 1.1 mmol/kg/hr.  Figure 3 shows the accumulation of liquid phase 

degradation products in the solvent during the experiment.  EDA was initially the most 

prominent degradation product before the addition of Inh A, accumulating to 50 

mmol/kg.  After Inh A was added, EDA decreased to a steady state of 10 mmol/kg.  
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Formate was the most significant heat stable salt, accumulating at a steady rate of 0.12 

mmol/kg/hr.  Oxalate, acetate, and N-methyl-PZ (1-MPZ) accumulated at a slower rate 

than formate. 

In previous HTOR experiments with PZ, approximately 1 mole of ammonia was 

emitted per mole of PZ, accounting for 50% of the total lost nitrogen (Rochelle et al., 

2013).  The initial ammonia rate before the addition of Inh A was significantly less than 

would be predicted from the PZ loss rate, and only reached the expected value of 1.1 

mmol/kg/hr after Inh A was added.  Inh A catalyzed the degradation of EDA and other 

intermediate oxidation products to ammonia without affecting the rate of PZ oxidation.   

 
Figure 5-12: PZ loss, cumulative ammonia generation, and liquid phase oxidation 

product accumulation in HTOR11. 1.6 L clean 5 m PZ cycled from 40 to 150 °C at 

200 mL/min, 7.5 L/min 0.5 vol % CO2 in air.  Metals added at t = 0: 0.4 mmol/kg 

FeSO4, 0.1 mmol/kg NiSO4, 0.1 mmol/kg CrK(SO4)2, 0.1 mmol/kg MnSO4.  100 

mmol/kg Inh A added between t = 120 and 195 hours. 
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Figure 5-13 shows the accumulation of dissolved metal ions in the solvent during 

the experiment.  Figure 5-14 shows the same data for the first 30 hours after the initial 

addition of metal sulfate salts.  Chromium and nickel accumulated linearly throughout the 

experiment, as has been observed in previous HTOR experiments.  Iron was briefly 

observed in the liquid samples taken immediately after the addition of 0.4 mmol/kg 

FeSO4, but at a maximum concentration of only 0.15 mmol/kg, less than 40% of the total 

amount added to the solvent.  The concentration of iron dropped to nearly 0 within 6 

hours of addition to the HTOR.  Most likely, the iron added to the solvent is precipitating 

out on the stainless steel surfaces of the HTOR as FeCO3 (Zheng et al., 2014), which is 

then reabsorbed by the solvent later in the experiment as the solubility of iron in the 

solvent changes.  After the initial addition of FeSO4 and settling out of FeCO3, Fe2+ 

increased following a quadratic curve over the course of the experiment, similar to 

HTOR8 and HTOR10. 
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Figure 5-13: Accumulation of dissolved stainless steel metal ions in HTOR11 as 

quantified by ICP-OES from t = 30 hours onwards.  1.6 L clean 5 m PZ cycled from 

40 to 150 °C at 200 mL/min, 7.5 L/min 0.5 vol % CO2 in air.  Metals added at t = 0: 

0.4 mmol/kg FeSO4, 0.1 mmol/kg NiSO4, 0.1 mmol/kg CrK(SO4)2, 0.1 mmol/kg 

MnSO4.  100 mmol/kg Inh A added between t = 120 and 195 hours. 
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Figure 5-14: Accumulation of dissolved stainless steel metal ions in the initial 30 

hours of HTOR11 as quantified by ICP-OES.  1.6 L clean 5 m PZ cycled from 40 to 

150 °C at 200 mL/min, 7.5 L/min 0.5 vol % CO2 in air.  Metals added at t = 0: 0.4 

mmol/kg FeSO4, 0.1 mmol/kg NiSO4, 0.1 mmol/kg CrK(SO4)2, 0.1 mmol/kg MnSO4.  

100 mmol/kg Inh A added between t = 120 and 195 hours. 

5.1.1.5 HTOR12 CSIRO PZ cycled to 150 °C.  Improved N2 sparger test. 

4 m PZ solvent previously degraded at the Tarong pilot plant facility (Cousins et 

al., 2015) was cycled from 40 to 150 °C.  Moderate degradation of the solvent had 

occurred during the campaign over 1700 hours of operation.  After the campaign, the 

solvent inventory was then shipped to UT Austin for storage and further use.  The solvent 

was diluted to less than 4 m to avoid precipitation issues during transportation and 

storage.  58 mmol/kg total formate, 34 mmol/kg piperazinone, and 8 to 15 mmol/kg 

EDA, total oxalate, and 1-MPZ were present in the solvent from degradation that 
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occurred during the pilot plant campaign, along with 0.25 mmol/kg ferrous iron and less 

than 0.05 mmol/kg other stainless steel metals from corrosion. 

The nitrogen sparger in the bubble removal vessel previously tested in HTOR10 

was modified to improve liquid depth to up to 15 cm and to widen the vapor return to the 

HGF reactor to avoid precipitation leading to clogging.   

The solvent reached a steady-state ammonia emission rate of 0.7 mmol/kg/hr 

(Figure 5-15).  After 44 hours, the nitrogen sparger was started at a flow rate of 1 L/min 

and a liquid depth of 10 cm.  Ammonia emissions dropped by 0.4 mmol/kg over the next 

8 hours, then remained constant for the duration of the 100-hour experiment.  Liquid 

depth of the sparger was varied from 5 to 15 cm during this time, with no observed effect 

on ammonia emission rate, indicating an excess flow rate of nitrogen and liquid depth 

was being used and removal of dissolved oxygen was most likely 100%.  The remaining 

observed ammonia emission was therefore due to the oxidation of the solvent caused by 

the cycling of nonvolatile contaminants which could react with oxygen in the low 

temperature HGF reactor to pick up oxidative potential, and are then cycled up to high 

temperature in the trim heater to oxidize PZ and regenerate themselves before being 

cycled back to low temperature.  One possible way this could occur would be the cycling 

of iron between ferrous and ferric states.  Assuming a stoichiometry of 1 mole of 

ammonia produced per mole of iron cycled between oxidation states, approximately 25% 

of the iron present in solution would need to be cycling between states to account for the 

observed remaining ammonia emissions.  The ratio of ferric to ferrous iron was not 

quantified analytically, and other nonvolatile species may also be participating in the 

cycling process, such as other dissolved metals, amine fragments, aldehydes, imidazoles, 

etc. 
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Figure 5-15: Ammonia generation as quantified by FTIR for HTOR12 (red) 

compared to HTOR8 (grey).  1.6 L 4 m PZ from degraded CSIRO Tarong pilot 

plant inventory cycled from 40 to 150 °C at 200 mL/min, 7.5 L/min 0.5 vol % CO2 in 

air.  No metals added.  Solvent sparged with 1 L/min N2 to remove dissolved oxygen 

from t = 44 to 138 hours. 

At the end of the experiment, the sparger was stopped.  The ammonia rate 

returned to the pre-sparge baseline of 0.7 mmol/kg/hr within 8 hours.  The rate of total 

formate accumulation matched the trend of ammonia emission, dropping by 50% with 

nitrogen sparging (Figure 5-16) from 0.22 to 0.11 mmol/kg/hr.  EDA and piperazinone 

concentrations decreased due to nitrogen sparging, while total oxalate and 1-MPZ 

increased but at slower rates than without sparging. 
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Figure 5-16: Cumulative ammonia generation and liquid phase oxidation product 

accumulation in HTOR12. 1.6 L 4 m PZ from degraded CSIRO Tarong pilot plant 

inventory cycled from 40 to 150 °C at 200 mL/min, 7.5 L/min 0.5 vol % CO2 in air.  

No metals added.  Solvent sparged with 1 L/min N2 to remove dissolved oxygen from 

t = 44 to 138 hours. 

The rate of chromium and nickel ion accumulation in the solvent was not strongly 

affected by nitrogen sparging, and followed similar trends to those observed in previous 

HTOR experiments (Figure 5-17).  Fe2+ decreased between the first and second samples, 

most likely due to FeCO3 precipitation onto the stainless steel surfaces of the HTOR 

during startup of the experiment.   
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Figure 5-17: Accumulation of dissolved stainless steel metal ions during HTOR12 as 

quantified by ICP-OES.  1.6 L 4 m PZ from degraded CSIRO Tarong pilot plant 

inventory cycled from 40 to 150 °C at 200 mL/min, 7.5 L/min 0.5 vol % CO2 in air.  

No metals added.  Solvent sparged with 1 L/min N2 to remove dissolved oxygen from 

t = 44 to 138 hours. 

5.1.1.6 HTOR14.  Clean 5 m PZ cycled to 150 °C.  Addition of Inh A and N2 sparging.   

5 m PZ was oxidized in the HTOR apparatus for 337 hours cycled from 40 to 

150 °C.  30 mmol/kg Inh A was added to the solvent after 173 hours.  Nitrogen sparging 

was employed at the end of the experimental run to determine its effects on a degraded 

solvent containing Inh A and at a low ferrous iron concentration. 

Figure 5-18 shows the rate of volatile ammonia generation during HTOR14 as 

quantified by FTIR compared to HTOR8 (clean PZ without sparging) and HTOR12 

(degraded CSIRO PZ with sparging).  30 mM Inh A was then added to the solvent.  The 

ammonia generation rate rapidly exceeded 0.5 mmol/kg/hr.  At 240 hours, the nitrogen 
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sparger was turned on at a rate of 1 L/min N2, the same conditions that had previously 

been used in HTOR12.  The ammonia rate dropped by 0.4 mmol/kg/hr when the nitrogen 

sparger was employed. 

 
Figure 5-18: Ammonia generation as quantified by FTIR for HTOR14 (red) 

compared to HTOR8 and HTOR12 (grey).  1.6 L clean 5 m PZ cycled from 40 to 

150 °C at 200 mL/min, 7.5 L/min 0.5 vol % CO2 in air.  0.07 mmol/kg MnSO4 added 

at t = 20 hours.  30 mmol/kg Inh A added at t = 173 hours.  Solvent sparged with 

1 L/min N2 to remove dissolved oxygen from t = 239 hours. 

Figure 5-19 shows the accumulation of degradation products in the solvent over 

time as quantified by cation and anion IC as well as the cumulative ammonia emissions 

calculated from the integration of ammonia emissions measured by FTIR.  EDA was the 

most significant degradation product for the first portion of the experiment.  After the 

addition of Inh A, the increased rate of ammonia generation matched the degradation rate 

of EDA, showing that the spike in ammonia emissions was not due to an increase in the 
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overall solvent oxidation rate but rather from the decomposition of EDA.  Once nitrogen 

sparging was started, PZ loss seemed to cease and the remaining emission of ammonia 

could be explained by the decomposition of EDA and PZOH.  This strongly suggests that 

PZ oxidation was completely inhibited by the combination of Inh A and nitrogen 

sparging. 

 
Figure 5-19: PZ loss, cumulative ammonia generation, and liquid phase oxidation 

product accumulation in HTOR14. 1.6 L clean 5 m PZ cycled from 40 to 150 °C at 

200 mL/min, 7.5 L/min 0.5 vol % CO2 in air.  0.07 mmol/kg MnSO4 added at t = 20 

hours.  30 mmol/kg Inh A added at t = 173 hours.  Solvent sparged with 1 L/min N2 

to remove dissolved oxygen from t = 239 hours. 

Figure 5-20 shows the accumulation of dissolved stainless steel metal ions in the 

solvent as quantified by ICP-OES.  0.07 mmol/kg MnSO4 was added 20 hours into the 

experiment to determine if manganese had a catalytic effect on oxidation in the absence 

of iron.  No significant change in ammonia rate was observed due to this addition.  No 
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ferrous sulfate or other metals were added in this experiment.  Iron remained low 

throughout the experiment, increasing slightly after the addition of Inh A but never 

exceeding 0.07 mmol/kg.  For comparison, 0.3 to 0.5 mmol/kg dissolved iron has been 

observed in degraded pilot plant PZ (Cousins et al., 2014; Nielsen et al., 2012), and 

HTOR12 had 0.15 to 0.25 mmol/kg dissolved iron.  Nickel and chromium accumulated 

linearly during the experiment and were not affected by nitrogen sparging or the addition 

of Inh A. 

 
Figure 5-20: Accumulation of dissolved stainless steel metal ions during HTOR14 as 

quantified by ICP-OES. 1.6 L clean 5 m PZ cycled from 40 to 150 °C at 200 

mL/min, 7.5 L/min 0.5 vol % CO2 in air.  0.07 mmol/kg MnSO4 added at t = 20 

hours.  30 mmol/kg Inh A added at t = 173 hours.  Solvent sparged with 1 L/min N2 

to remove dissolved oxygen from t = 239 hours. 
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5.1.1.7 HTOR15.  5 m PZ cycled to 150 °C with continuous N2 sparging.  Addition of 

sodium nitrite and parametric testing. 

Clean 5 m PZ was oxidized in the HTOR apparatus for 950 hours.  Initially, the 

solvent was cycled from 40 to 150 °C, sparged with 0.5 vol % CO2 in air, with 

continuous nitrogen sparging at 1 L/min N2.  Significant process changes are shown in 

Table 5-3. Figure 5-21 shows the ammonia emission rate as measured by FTIR for the 

entire experiment.  Figure 5-22 shows the accumulation of liquid-phase oxidation 

products as well as cumulative ammonia emissions.   

Table 5-3: Parametric changes made during HTOR15 

Time (hrs) Addition or Process Change 

127 +5 mmol/kg NaNO2 

176 +25 mmol/kg NaNO2 

528 +0.4 mmol/kg FeSO4 

616 Nitrogen sparger off 

708 +1 mmol/kg Na2S 

733 Nitrogen sparger on (1 L/min N2) 

785 Trim Heater set to 120 °C 

804 Trim Heater set to 90 °C 

821 Nitrogen sparger off 

852 Trim Heater set to 120 °C 

874 Trim Heater set to 150 °C 
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Figure 5-21: Ammonia generation as quantified by FTIR for HTOR15 (red) 

compared to HTOR12 (grey).  1.6 L clean 5 m PZ cycled from 40 to 150 °C at 200 

mL/min, 7.5 L/min 0.5 vol % CO2 in air, 5 mmol/kg NaNO2 added at t = 127 hours, 

25 mmol/kg NaNO2 added at t = 176 hours.  Solvent sparged with 1 L/min N2 from t 

= 0 to 617 hours. 

After 100 hours, sodium nitrite was added to the solvent to simulate NO2 

absorption in two additions of 5 and 25 mmol/kg.  This resulted in a rapid increase in 

ammonia emission due to nitrosamine formation and subsequent decomposition.  After 

600 hours, ammonia reached a steady state of 0.1 mmol/kg/hr.   

Cumulative ammonia and total formate accumulation were strongly correlated, 

increasing fastest in the initial period after nitrite was added and when nitrogen sparging 

was ceased.  Upon the addition of nitrite, up to 22 mmol/kg of MNPZ was initially 

observed, which thermally decomposed over the next 425 hours.  The intermediary 

products PZOH, PZ-one, and EDA rapidly accumulated as MNPZ decomposed.  EDA 
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and PZ-one reached a pseudo-steady state of 17 and 11 mmol/kg respectively, while 

PZOH decreased from 21 mmol/kg to 7 mmol/kg.  PZOH has been previously proposed 

to be the initial primary degradation product of MNPZ decomposition (Fine, 2015). 

When MNPZ had completely decomposed after 616 hours, the actual cumulative 

ammonia emissions were 45 mmol/kg greater than would be expected from oxidation 

alone.  This suggests that NO2 absorption in PCCC should produce approximately a 1.5:1 

stoichiometric ratio of ammonia (1 ppmv of NO2 in the flue gas will produce 1.5 ppmv of 

ammonia emissions). 

At 616 hours, nitrogen sparging was ceased.  Ammonia rapidly increased by 0.4 

mmol/kg/hr over the next 12 hours, then increased linearly by 0.13 mmol/kg/hr over the 

next 90 hours.  PZOH, PZ-one, and EDA also increased in concentration, but decreased 

after nitrogen sparging was resumed at 733 hours. 
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Figure 5-22: Cumulative ammonia generation and liquid-phase oxidation product 

accumulation in HTOR15. 1.6 L clean 5 m PZ cycled from 40 to 150 °C at 200 

mL/min, 7.5 L/min 0.5 vol % CO2 in air, 5 mmol/kg NaNO2 added at t = 127 hours, 

25 mmol/kg NaNO2 added at t = 176 hours.  Solvent sparged with 1 L/min N2 from t 

= 0 to 617 hours. 

Figure 5-23 shows the accumulation of dissolved metal ions in the solvent.  

Dissolved nickel and chromium linearly accumulated in the solvent from stainless steel 

corrosion at a rate of 0.5 and 0.4 µmol/kg/hr, respectively.  During parametric testing at 

the end of the experiment, the trim heater temperature was temporarily reduced to as low 

as 90 °C.  Nickel and chromium accumulation was significantly less during this period, 

indicating a reduced corrosion rate due to the lower temperature. 

Iron accumulation appeared to be solubility-limited.  After the addition of sodium 

nitrite, the concentration of dissolved iron fluctuated around 0.05 mmol/kg.  At 528 

hours, 0.4 mmol/kg of ferrous sulfate in the form of 2.4 mL of 200 mM aqueous FeSO4 
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was added to the solvent.  An initial sample taken 1.3 hours later showed an increase in 

dissolved iron up to 0.1 mmol/kg.  However, subsequent samples showed a return to 

baseline of 0.05 mmol/kg, similar to a previous HTOR experiment where FeSO4 was 

added to PZ.  The additional iron most likely precipitated onto stainless steel metal 

surfaces in the form of FeCO3. 

 
Figure 5-23: Accumulation of dissolved stainless steel metal ions during HTOR15 as 

quantified by ICP-OES.  1.6 L clean 5 m PZ cycled from 40 to 150 °C at 200 

mL/min, 7.5 L/min 0.5 vol % CO2 in air, 5 mmol/kg NaNO2 added at t = 127 hours, 

25 mmol/kg NaNO2 added at t = 176 hours.  Solvent sparged with 1 L/min N2 from t 

= 0 to 617 hours. 

At 708 hours, 1 mmol/kg Na2S was added to the solvent in an attempt to 

precipitate out the remaining dissolved iron.  The ammonia emission rate was temporarily 

reduced by up to 0.14 mmol/kg/hr but returned to baseline after 24 hours.  The overall 

reduction in cumulative ammonia under the baseline rate was on the order of 1 mmol/kg, 
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indicating the sulfide was most likely scavenging dissolved oxygen to form sulfate.  Any 

dissolved iron that precipitated out would have returned into solution during this time.  

Sulfide addition had no effect on iron solubility. 

 
Figure 5-24: Ammonia generation as quantified by FTIR for HTOR15 after 700 

hours. 1.6 L clean 5 m PZ cycled from 40 to 150 °C at 200 mL/min, 7.5 L/min 0.5 vol 

% CO2 in air, 1 mmol/kg Na2S added at t=708 hours. Solvent sparged with 1 L/min 

N2 from t=733 to 821 hours. 

At 733 hours, nitrogen sparging was resumed and the ammonia rate was allowed 

to reach steady state.  After 785 hours, the trim heater operating temperature was lowered 

sequentially from 150 to 120 to 90 °C, with, typically, 24 hours between each change for 

the system to reach steady state.  Nitrogen sparging was then ceased and the trim heater 

was sequentially raised back to 150 °C (Figure 5-24). 
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Graphing the log of the steady state ammonia rate as a function of inverse 

temperature in an Arrhenius plot (Figure 5-25) gives an activation energy of 39 ± 3 

kJ/mol with nitrogen sparging and 34 ± 7 kJ/mol without.  Previous HTOR experiments 

showed an activation energy of 33 kJ/mol without nitrogen sparging for 8 m PZ (Voice, 

2013). 

 
Figure 5-25: Ammonia generation rate as a function of trim heater temperature 

with and without nitrogen sparging (1 L/min N2) at the end of HTOR15. 1.6 L clean 

5 m PZ cycled from 40 to 150 °C at 200 mL/min, 7.5 L/min 0.5 vol % CO2 in air 

5.1.1.8 Overview of PZ oxidation in the HTOR 

Figure 5-26 shows the loss of PZ as quantified by Cation IC for all runs with PZ 

in the HTOR cycling up to 150 °C.  Parent amine loss is difficult to quantify in the 

HTOR apparatus, especially for stable amines such as PZ, due to inherent errors from the 

analytical method, leaks, and changes in water balance in the apparatus.  For example, no 
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experiment observed more than a 10% loss of amine, while the error of the Cation IC 

method due to dilution alone is on the order of 2 to 5%, giving a potential error in rate on 

the order of 20 to 50%.  Shorter experiments will also have greater potential error in PZ 

loss rate. 

PZ loss rate was normally on the order of 0.7 to 1.6 mmol/kg/hr for most 

experiments with a few significant exceptions.  The addition of cupric sulfate at the end 

of HTOR9 increased PZ loss rate to 3.4 mmol/kg/hr, indicating copper is a very potent 

oxidation catalyst.  When nitrogen sparging was employed during HTOR14 and 

HTOR15, PZ loss was negligible.  However, PZ loss was on the order of 1.1 mmol/kg 

during HTOR12 even with nitrogen sparging.  This indicates that removal of dissolved 

oxygen via nitrogen sparging may be capable of preventing a clean solvent from being 

oxidized, but may not stop the oxidation of a solvent which has already accumulated 

nonvolatile contaminants that can cycle oxidation potential between the absorber and 

stripper. 

PZ loss appears to be 0th-order in respect to PZ concentration, varied between 4 

and 8 m.  This observation could be due to the inaccuracy of PZ loss measurements, 

exacerbated by the relatively short duration of the experiments in terms of overall PZ loss 

resulting in all experiments appearing to be roughly linear in PZ loss.  In addition, the 

higher alkalinity and ionic strength of the more concentrated solvents may be reducing 

oxygen solubility and masking the effect of higher amine concentration. 
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Figure 5-26: PZ loss in all HTOR experiments 

Figure 5-27 shows cumulative ammonia emissions for all PZ HTOR experiments.  

Ammonia generation is far more accurately quantified via FTIR than PZ loss can be by 

Cation IC.  Quantification of ammonia rate via FTIR is expected to have an error on the 

order of 2%.  However, ammonia is a secondary product of PZ oxidation and is thought 

to have multiple reaction steps with stable intermediates, including PZOH, piperazinone, 

and EDA.  Thus, an instantaneous change in ammonia rate is not necessarily correlated 

with a change in the oxidation rate of the parent amine.  However, for the longer duration 

experiments ammonia emissions tend to correlate with around 50% of the total nitrogen 

lost due to oxidation.  Thus ammonia can be roughly correlated 1:1 per mole of PZ 

oxidized. 
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Overall cumulative ammonia emissions followed the same trends as PZ loss, with 

the rate of ammonia generation from degraded PZ usually on the order of 0.5 to 1 

mmol/kg/hr.  The ammonia rate tended to increase linearly over time, most likely 

occurring as the intermediary products accumulated in the solvent and then decomposed.  

This results in a typically quadratic increase in cumulative ammonia emissions over time.   

As with PZ loss, copper was a potent catalyst for ammonia emissions while nitrogen 

sparging suppressed ammonia emissions by a factor of 0.4 mmol/kg/hr at 150 °C.  The 

addition of Inh A seemed to have little to no observable effect on PZ loss, but does 

catalyze the decomposition of intermediates to ammonia. 

 
Figure 5-27: Cumulative ammonia generation from PZ oxidation in the HTOR 

Figure 5-28 shows the correlation of cumulative ammonia emissions in the gas 

phase as quantified by FTIR, and net total formate accumulation in the solvent as 
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quantified by Anion IC with pretreatment by sodium hydroxide to reverse amide 

formation for all HTOR experiments with PZ at all operating conditions.  Ammonia and 

formate production were very strongly correlated, with an average of 6.9 moles of 

ammonia produced per mole of formate.  This indicates that formate and ammonia 

production most likely occur due to the same oxidation pathways, and quantification of 

one product can be reasonably used to estimate net production of the other.  In lieu of 

accurate PZ loss data or ammonia emissions, total formate accumulation can be used as a 

proxy to estimate overall solvent degradation.  This is especially useful for estimating 

degradation during pilot plant campaigns which did not maintain rigorous control over 

the solvent inventory or employ continuous emissions monitoring.  

 
Figure 5-28: Correlation of cumulative ammonia generation and net total formate 

accumulation due to PZ oxidation in the HTOR 
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Figure 5-29 shows the accumulation of dissolved iron in degraded PZ relative to 

total formate accumulation for all experiments run in the HTOR apparatus as well as in 

pilot plant campaigns conducted with concentrated PZ at SRP, NCCC, and CSIRO 

(Chapter 4).  In both the HTOR and SRP campaigns, attempts were made to increase 

dissolved iron concentration by the addition of FeSO4, invariably failing, most likely with 

Fe2+ precipitating as FeCO3.  This indicates iron solubility increases as the solvent 

becomes more degraded at a rate of approximately 0.005 moles of iron per mole of 

formate. 

 
Figure 5-29: Correlation of ferrous iron accumulation and total formate 

accumulation in PZ degraded in the HTOR and various pilot plant campaigns 
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5.1.2 Hydroxyethyl-Piperazine (HEP) Oxidation in the HTOR 

5.1.2.1 HTOR16: Degraded HEP cycled to 120 °C with and without N2 sparging. 

A sample of previously degraded 8 m HEP was cycled in the HTOR for 284 hours 

from 55 to 120 °C.  Ammonia generation as measured by FTIR is shown in Figure 5-30.  

Initial trim heater temperature was increased step-wise from 60 to 120 °C to determine 

activation energy.  After reaching 120 °C, the apparatus was kept at steady state for 1 

week, producing ammonia at a rate of 0.25 to 0.35 mmol/kg/hr.  After 170 hours, the N2 

sparger was started at 1 L/min, resulting in an immediate decrease of 0.08 mmol/kg/hr in 

the ammonia rate.  During HTOR15 with 5 m PZ, the ammonia rate was reduced 0.3 

mmol/kg/hr at 120 °C with nitrogen sparging.  This indicates dissolved oxygen 

consumption has less of an impact on HEP oxidation relative to PZ oxidation.  This may 

be due to lower oxygen solubility or different oxidation stoichiometry for HEP. 
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Figure 5-30: Ammonia generation as quantified by FTIR for HTOR16.  1.6 L 

degraded 8 m HEP cycled from 55 to 120 °C at 200 mL/min, 7.5 L/min 2 vol % CO2 

in air.  No metals added.  Solvent sparged with 1 L/min N2 from t = 170 hours. 

During startup the trim heater temperature was increased sequentially between 60, 

90, 105, and 120 °C, with at least two hours given between temperature changes to allow 

the apparatus to reach steady state.  The activation energy of HEP oxidation to ammonia 

was determined to be 33 ± 0.9 kJ/mol (Figure 5-31).  Previously in HTOR15, the 

activation energy of moderately degraded PZ was determined to be 34 ± 7 kJ/mol.  In 

previous solvent screening work in the HTOR, the activation energy for oxidation of 

most amines was on the order of 19 to 32 kJ/mol, indicating that HEP behaves similarly 

to most common amines (Voice, 2013). 
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Figure 5-31: Ammonia generation as a function of trim heater temperature at the 

start of HTOR16 

Figure 5-32 shows the accumulation of total formate and hydroxyethyl-

piperazinone (HEPO) in solution as well as cumulative ammonia generation during 

HTOR16.  HEPO was the most significant intermediate degradation product and had 

previously accumulated to 450 mmol/kg due to prior degradation.  HEPO concentration 

decreased initially, then reached a steady state of 350 to 400 mmol/kg during nitrogen 

sparging.  Formate accumulated at an initial rate of 0.4 mmol/kg/hr from an initial 

concentration of 82 mmol/kg.  This was reduced to 0.1 mmol/kg/hr after the start of 

nitrogen sparging.  Parent amine loss was not accurately quantified for this experiment. 
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Figure 5-32: Cumulative ammonia generation and liquid phase oxidation product 

accumulation in HTOR16. 1.6 L degraded 8 m HEP cycled from 55 to 120 °C at 200 

mL/min, 7.5 L/min 2 vol % CO2 in air.  No metals added.  Solvent sparged with 1 

L/min N2 from t = 170 hours. 

Figures 5-33 and 5-34 show the accumulation of dissolved metals from corrosion.  

0.19 mmol/kg dissolved iron was initially present from previous contamination of the 

solvent.  There was minimal initial accumulation of other stainless steel metals.  Iron 

accumulated at an initial rate of 0.2 µmol/kg/hr, increasing to 0.8 µmol/kg/hr after the 

start of nitrogen sparging.   
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Figure 5-33: Accumulation of dissolved stainless steel metal ions during HTOR16 as 

quantified by ICP-OES.  1.6 L degraded 8 m HEP cycled from 55 to 120 °C at 200 

mL/min, 7.5 L/min 2 vol % CO2 in air.  No metals added.  Solvent sparged with 1 

L/min N2 from t = 170 hours. 

Chromium accumulated linearly at a rate of 1.0 µmol/kg/hr, while nickel and 

manganese each accumulated at a rate of 0.6 µmol/kg/hr.  No effect was observed due to 

nitrogen sparging.  This would seem to indicate the observed change in iron accumulation 

rate due to nitrogen sparging was due to changes in iron solubility and not the overall 

corrosion rate of the apparatus.  This change in iron solubility may be due to the removal 

of dissolved oxygen making the high temperature portion of the apparatus more reducing, 

increasing the reabsorption rate of ferrous carbonate precipitate.  There may also be 

steady-state balance of ferric/ferrous which is shifted by the nitrogen sparging.  If the 

dissolved iron is mostly ferric, which is less soluble than ferrous, the steady-state 
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solubility should be greater if the dissolved iron is shifted more to ferrous.  The rate of 

chromium and nickel accumulation in HEP cycled to 120 °C was significantly less than 

what had previously been observed for PZ cycled to 150 °C, most likely due to the 

decrease in temperature. 

 
Figure 5-34: Accumulation of nickel, chromium, and manganese during HTOR16 as 

quantified by ICP-OES. 1.6 L degraded 8 m HEP cycled from 55 to 120 °C at 200 

mL/min, 7.5 L/min 2 vol % CO2 in air.  No metals added.  Solvent sparged with 1 

L/min N2 from t = 170 hours. 

5.1.2.2 HTOR17: Degraded HEP pretreated with sulfide cycled to 120 °C  

Previously degraded 8 m HEP solvent from the same inventory used in HTOR16 

was pretreated with 20 mmol/kg sodium bisulfide and filtered to remove precipitated 

ferrous iron.  This process reduced dissolved iron from 0.2 to 0.12 mmol/kg, a 40% 

reduction.  When loaded into the HTOR and cycled from 55 to 120 °C, the ammonia rate 
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was nearly identical to HTOR16 (Figure 5-35).  The first liquid sample taken from the 

HTOR after 50 hours of cycling showed that dissolved iron had returned to the same 

level as in HTOR16 (Figure 5-36).  Iron had most likely reaccumulated in the solvent due 

to corrosion of the apparatus.  This indicates that selectively removing iron from 

degraded solvent without also removing the species that solubilize iron is unlikely to 

have any effect on oxidation. 

 
Figure 5-35: Ammonia generation as quantified by FTIR for HTOR17 (red) 

compared to HTOR16 (grey).  1.6 L degraded 8 m HEP cycled from 55 to 120 °C at 

200 mL/min, 7.5 L/min 2 vol % CO2 in air.   Solvent treated with 20 mmol/kg NaHS 

and filtered to reduce Fe2+ to 0.12 mmol/kg before cycling. 
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Figure 5-36: Accumulation of dissolved ferrous iron for HTOR17 (red) compared to 

HTOR16 (grey).  1.6 L degraded 8 m HEP cycled from 55 to 120 °C at 200 mL/min, 

7.5 L/min 2 vol % CO2 in air.   Solvent treated with 20 mmol/kg NaHS and filtered 

to reduce Fe2+ to 0.12 mmol/kg before cycling. 

5.1.2.3 HTOR18: Clean HEP cycled to 120 °C, mixed sequentially 10:1 and 1:1 with 

degraded HEP 

Clean 8 m HEP was cycled from 55 to 120 °C with no metals added.  Ammonia 

was generated at a rate of 0.02 mmol/kg/hr, around 10% of the degraded solvent in 

HTOR16 and HTOR17 (Figure 5-37).  At 141 hours the solvent was mixed 

volumetrically in a 10:1 ratio with degraded HEP from the same inventory used in 

HTOR16, by the addition of 160 mL of degraded solvent and removal of an equivalent 

amount of clean solvent from the apparatus.  Ammonia rate increased to 0.04 

mmol/kg/hr, 10% of the difference between the clean solvent and the rate observed in 
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HTOR16 with the degraded solvent.  At 262 hours an additional 640 mL of degraded 

solvent was added (for a total ratio of 1:1 clean:degraded).  Ammonia rate increased to 

0.16 mmol/kg, approximately 50% of the difference in rate between clean and degraded 

solvent.  This shows that the ammonia emission rate is a strong function of the amount of 

degradation that has occurred to the solvent.   

After 334 hours the nitrogen sparger was switched on, initially at a rate of 1 L/min 

N2 before being reduced to 0.5 L/min N2 at the 420-hour mark.  The ammonia emission 

rate dropped by 0.1 mmol/kg/hr, the same magnitude as had been previously observed in 

the more degraded HTOR16 experiment.  Reducing the nitrogen flow rate had no effect 

on the ammonia emission rate, indicating that an excess amount of nitrogen was being 

used and dissolved oxygen removal is on the order of 100%.  This indicates that, like PZ, 

the oxidation of HEP to ammonia due to cycling of dissolved oxygen is not a function of 

the amount of solvent degradation.  At 448 hours the nitrogen sparger was turned off and 

the ammonia rate returned to the same level observed before nitrogen sparging. 
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Figure 5-37: Ammonia generation as quantified by FTIR for HTOR18 (red) 

compared to HTOR16 (grey).  1.6 L clean 8 m HEP cycled from 55 to 120 °C at 200 

mL/min, 7.5 L/min 2 vol % CO2 in air.  No metals added.  0.16 L degraded solvent 

added to inventory at t = 141 hours (10:1 clean:degraded).  0.64 L degraded solvent 

added at t = 262 hours (1:1 clean:degraded).  Solvent sparged with 0.5 to 1 L/min N2 

from t = 354 to 448 hours. 

Figure 5-38 shows the accumulation of degradation products and cumulative 

ammonia emitted during HTOR18.  Formate accumulated faster after the addition of 

degraded solvent, while HEPO accumulated more slowly.  Overall HEPO accumulation 

was less than observed in HTOR16, suggesting that it was approaching but had not yet 

reached a steady-state accumulation during the course of HTOR18. 
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Figure 5-38: Cumulative ammonia generation and liquid-phase oxidation product 

accumulation in HTOR18. 1.6 L clean 8 m HEP cycled from 55 to 120 °C at 200 

mL/min, 7.5 L/min 2 vol % CO2 in air.  No metals added.  0.16 L degraded solvent 

added to inventory at t = 141 hours (10:1 clean:degraded).  0.64 L degraded solvent 

added at t = 262 hours (1:1 clean:degraded).  Solvent sparged with 0.5 to 1 L/min N2 

from t = 354 to 448 hours. 

Figure 5-39 shows the accumulation of metals during HTOR18.  The 

accumulation rates of iron, nickel, and chromium were similar in the clean and mixed 

solvents, with changes in the concentration due to mixing with degraded solvent.  Ferrous 

iron accumulation increased with N2 sparging with no effect on nickel and chromium 

accumulation rates, similar to what had been observed during HTOR16. 
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Figure 5-39: Accumulation of dissolved stainless steel metal ions during HTOR18 as 

quantified by ICP-OES.  1.6 L clean 8 m HEP cycled from 55 to 120 °C at 200 

mL/min, 7.5 L/min 2 vol % CO2 in air.  No metals added.  0.16 L degraded solvent 

added to inventory at t = 141 hours (10:1 clean:degraded).  0.64 L degraded solvent 

added at t = 262 hours (1:1 clean:degraded).  Solvent sparged with 0.5 to 1 L/min N2 

from t = 354 to 448 hours. 

5.1.2.4 HTOR19: Mildly degraded 8 m HEP cycled to 120 °C, addition of FeSO4  

Mildly degraded 8 m HEP was cycled from 55 to 120 °C.  This solvent came from 

a different inventory of degraded HEP than had been used during HTOR16 through 18 

and initially started with 95% less HEPO and ferrous iron and 70% less total formate 

compared to the previous degraded solvent.  An initial ammonia rate of 0.05 mmol/kg/hr 

was observed, slightly greater than clean HEP at the start of HTOR18 (Figure 5-40).  Air 

leaking into the high pressure diaphragm pump during the run requiring periodic purging 

of accumulated gas in high pressure section to maintain solvent flow throughout the run, 
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resulting in undulations in the observed ammonia rate.  The leak was repaired after the 

end of the experiment.  From 350 to 490 hours, a total of 0.27 mmol/kg FeSO4 was added 

to the solvent over 3 sequential additions of increasing amounts.  No significant effect on 

overall ammonia generation rate was observed over this period. 

 
Figure 5-40: Ammonia generation as quantified by FTIR for HTOR19 (red) 

compared to HTOR16 (grey).  1.6 L mildly degraded 8 m HEP cycled from 55 to 120 

°C at 200 mL/min, 7.5 L/min 2 vol % CO2 in air.  0.27 mmol/kg FeSO4 added 

between t = 348 and 490 hours 

Figure 5-41 shows the accumulation of degradation products and cumulative 

ammonia emitted during HTOR19.  HEPO accumulated at a rate of 0.14 mmol/kg/hr, and 

total formate accumulated at 0.03 mmol/kg/hr. 
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Figure 5-41: Cumulative ammonia generation and liquid phase oxidation product 

accumulation in HTOR19 

Figure 5-42 shows the accumulation of dissolved metal ions in the solvent during 

HTOR19.  Chromium and nickel accumulated linearly at a rate of 0.06 and 0.04 

µmol/kg/hr during the experiment.  Ferrous iron also accumulated mostly linearly at a 

similar overall rate.  The ferrous sulfate additions did not increase dissolved ferrous iron, 

indicating that iron is at its solubility limit, and the increase over time is due to an 

increase in solubility. 
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Figure 5-42: Accumulation of dissolved stainless steel metal ions during HTOR19 as 

quantified by ICP-OES.  0.02 mmol/kg FeSO4 added at t = 348 hours, 0.05 mmol/kg 

FeSO4 added at t = 420 hours, 0.2 mmol/kg FeSO4 added at t = 490 hours. 

5.1.2.5 HTOR20: Mildly degraded 8 m HEP cycled to 120 °C, addition of formic acid 

and hydrogen peroxide 

Mildly degraded 8 m HEP was cycled in the HTOR from 55 to 120 °C.  This 

solvent came from a different inventory than had been used in previous HTOR 

experiments, and initially contained 110 mmol/kg HEPO (24% as much as initially 

present in HTOR16), 35 mmol/kg total formate (43% compared to HTOR16), and 0.015 

mmol/kg ferrous iron (8% compared to HTOR16).  Upon reaching steady state, an initial 

ammonia rate of 0.13 mmol/kg/hr was observed, approximately half that of HTOR16 

(Figure 5-43).  65 mmol/kg formic acid was added to the solvent at 165 hours.  No 
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immediate change in ammonia rate was observed, but after this point the rate began to 

increase linearly up to 0.2 mmol/kg/hr over the next 150 hours of operation.   

 
Figure 5-43: Ammonia generation as quantified by FTIR for HTOR20 (red) 

compared to HTOR16 (grey).  1.6 L mildly degraded 8 m HEP cycled from 55 to 120 

°C at 200 mL/min, 7.5 L/min 2 vol % CO2 in air.  65 mmol/kg formic acid added at t 

= 165 hours. 

6 mmol/kg hydrogen peroxide was added at 350 hours, and 56 mmol/kg was 

added at 380 hours (Figure 5-44).  The ammonia emission rate increased significantly 

within 30 minutes of each addition before exponentially decaying to a new steady-state 

emission rate.  This new steady state was approximately double the emission rate 

observed before the addition of hydrogen peroxide.  This indicates that hydrogen 

peroxide has a dual effect on oxidation.  Hydrogen peroxide reacts rapidly to directly 

oxidize the solvent.  This additional instantaneous degradation also serves to permanently 
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increase the overall oxidation rate of the solvent to ammonia.  This strongly suggests that 

the oxidation rate of the solvent to ammonia is a strong function of the cumulative 

amount of degradation that has occurred to the solvent.  Approximately 0.1 moles of 

additional ammonia was produced per mole of added hydrogen peroxide.   

At 432 hours the trim heater temperature was raised to 150 °C.  The ammonia rate 

approximately doubled, in line with the activation energy of -32 kJ/mol previously 

quantified during HTOR16.  The nitrogen sparger was turned on at a rate of 0.5 L/min N2 

at 482 hours, reducing ammonia emissions by 0.17 mmol/kg/hr.  Previously, the nitrogen 

sparger had reduced oxidation of HEP by 0.1 mmol/kg/hr at 120 °C.  This difference 

indicates the activation energy of the direct reaction of HEP with dissolved oxygen is also 

on the order of 30 kJ/mol, which is similar to that previously observed with PZ. 
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Figure 5-44: Ammonia generation as quantified by FTIR for HTOR20 (red) after 

t = 350 hours.  1.6 L degraded 8 m HEP cycled from 55 to 120 °C at 200 mL/min, 7.5 

L/min 2 vol % CO2 in air.  6 mmol/kg hydrogen peroxide added at t = 360 hours, 

56 mmol/kg hydrogen peroxide added at t = 380 hours.  Trim heater raised to 

150 °C at 432 hours.  Solvent sparged with 0.5 L/min N2 from t = 482 hours. 

Figure 5-45 shows the accumulation of degradation products and cumulative 

ammonia emissions during HTOR20.  Total formate accumulated at a rate of 0.8 

mmol/kg/hr both before and after the addition of formic acid.  HEPO accumulated at an 

initial rate of 0.2 mmol/kg/hr, increasing to 0.3 mmol/kg/hr after the addition of formic 

acid.  Approximately half of the total formate in the solvent was associated with HEP as 

the HEP-formamide both before and after the addition of formic acid, indicating no 

change in the equilibrium between free formate and formamide.  The addition of 

hydrogen peroxide and increasing trim heater temperature both increased the rate of 

accumulation of total formate and HEPO, to 0.4 and 1.1 mmol/kg/hr, respectively.   
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Figure 5-45: Cumulative ammonia generation and liquid-phase oxidation product 

accumulation in HTOR20. 1.6 L mildly degraded 8 m HEP cycled from 55 to 120 °C 

at 200 mL/min, 7.5 L/min 2 vol % CO2 in air.  65 mmol/kg formic acid added at t = 

165 hours. 

Figure 5-46 shows the accumulation of dissolved metal ions in the HTOR20 

solvent.  At 120 °C, iron, chromium, and nickel accumulated at a rate of 0.12, 0.12, and 

0.06 µmol/kg/hr, respectively.  At 150 °C, these rates increased to 3.9, 1.2, and 0.5 

µmol/kg/hr, indicating an activation energy for the accumulation of nickel and chromium 

from corrosion on the order of -100 kJ/mol.  The apparent activation energy of iron 

accumulation was -160 kJ/mol.  This is on the same order as the activation energy of 

thermal degradation of most amines including HEP (Freeman, 2011).  This suggests that 

thermal degradation products may play a strong role in increasing iron solubility in the 
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solvent.  The rates of nickel and chromium accumulation for HEP at 150 °C were similar 

to PZ under the same conditions, indicating the solvent is of similar corrosivity. 

 
Figure 5-46: Accumulation of dissolved stainless steel metal ions during HTOR20 as 

quantified by ICP-OES.  1.6 L mildly degraded 8 m HEP cycled from 55 to 120 °C 

at 200 mL/min, 7.5 L/min 2 vol % CO2 in air.  65 mmol/kg formic acid added at t = 

165 hours. 

5.1.2.6 Overview of HEP oxidation in the HTOR 

Figure 5-47 shows the cumulative ammonia emissions observed in all HEP runs 

in the HTOR.  Although a strong association is apparent between the overall initial 

amount of solvent degradation and the initial rate of ammonia emission, no one 

contaminant could be singled out as being singly correlated to ammonia emissions.  

Overall ammonia emissions without nitrogen sparging are correlated by an R2 factor of 

0.9 relative to formate and 0.8 relative to HEPO and iron.  However, formate was 
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significantly artificially increased by the addition of formic acid during HTOR20 with no 

significant effect on ammonia emission, and HEPO decreased over time during HTOR16 

while the ammonia emission rate was constant or slowly increasing.  At the end of 

HTOR18, iron accumulation increased by 50% due to nitrogen sparging while no 

significant change was observed in ammonia emission rate before and after the period 

where nitrogen sparging was employed. 

 
Figure 5-47: Cumulative ammonia generation due to HEP oxidation in the HTOR 

Figure 5-48 shows the cumulative ammonia emissions relative to net formate 

accumulation in degraded HEP.  1.6 moles of ammonia were produced per mole of 

formate, significantly less than observed with PZ.  HEP is a secondary-tertiary diamine 

which behaves like a blend of secondary and tertiary amines.  In previous experiments 

with MDEA and other solvents, pure tertiary amines did not produce significant ammonia 
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due to oxidation (Voice, 2013).  Therefore, HEP would be expected to produce less 

ammonia per mole of oxidation than PZ.   

 
Figure 5-48: Correlation of cumulative ammonia generation and net total formate 

accumulation due to HEP oxidation in the HTOR 

5.2 OXIDATION OF PZ AND MEA VIA HYDROGEN PEROXIDE ADDITION IN THE HGF 

5.2.1 Clean and SRP-degraded PZ 

Hydrogen peroxide was reacted with PZ solvent in the HGF reactor to determine 

if peroxide produces similar degradation products to amine oxidation under typical 

absorber conditions.  Two solvents were tested: 5 m PZ with 0.4 mM FeSO4 and 0.1 mM 

MnSO4 added (Experiment 1), and 8 m PZ from the SRP pilot plant with no additional 

metals (Experiment 2).  The SRP PZ contains 1 wt % Inh A and less than 0.1 mM 
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dissolved metal ions, as well as minimal amounts of degradation products (Nielsen, 

2012).   

2.5 mL of 30 wt % hydrogen peroxide in water was injected into the first solvent 

using a 3 mL syringe.  Vigorous foaming was observed for up to 15 minutes after 

peroxide injection, probably caused by the peroxide reacting with itself to produce 

molecular oxygen and water.  Figure 5-49 shows ammonia peaks produced by addition of 

hydrogen peroxide.  Ammonia generation rate reached a maximum 30 minutes after the 

injection of peroxide and returned to baseline in 8 hours.   

N2O was also observed in a smaller but much sharper peak of less than 20 

minutes.  Trace amounts of N2O had been observed in previous oxidation experiments, 

but in concentrations too low to allow for accurate quantification (Voice, 2013).  Based 

on the rapid return to baseline of the N2O peak and slower return of the ammonia peak, it 

is hypothesized that oxidation occurs rapidly, within the first 20 minutes of peroxide 

injection, producing liquid-phase ammonia and ammonium, which is then stripped out by 

air sparging in the HGF.  N2O is not very soluble and is stripped out immediately on 

production. 

NO, NO2, EDA, PZ, methylamine, and 1-MPZ were also analyzed by FTIR but 

showed no change over baseline.  These species may still be produced but in amounts 

lower than the detection limit of the FTIR.   

An injection of 5 times the peroxide (12.5 mL) produced 5 times the ammonia 

and N2O.  Surprisingly, a third injection of the initial amount of 2.5 mL peroxide still 

produced 5 times the ammonia.  Possibly, accumulation of liquid-phase products from the 

first two injections helped catalyze additional oxidation on the third injection. 
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Figure 5-49: Ammonia and N2O production from the oxidation of 5 m PZ via 

hydrogen peroxide (30 wt %) in HGF (350 mL solvent, 7.5 L/min air + 0.5% CO2, 

0.4 mM FeSO4, 0.1 mM MnSO4). 

Figure 5-50 shows the FTIR results of the second experiment with SRP PZ.  

Peroxide was added slowly in 2.5 mL increments to see if the rate of ammonia generation 

increased with the amount of cumulative oxidation.  However, the amount of ammonia 

produced per mole of peroxide added was constant throughout the experiment.  At the 

end of the experiment, 7.5 mL of peroxide was added, which produced three times the 

normal amount of ammonia.  N2O was observed with every addition of peroxide, at a 

ratio of approximately 2–3 orders of magnitude less than ammonia. 
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Figure 5-50: Ammonia and N2O production from the oxidation of SRP PZ (8 m, 

1 wt % Inh A, <0.1 mM Fe2+) via hydrogen peroxide (30 wt %) in HGF. 

At the end of the second experiment, 7.5 mL of acetaldehyde was added to the 

solvent to determine if an increase in aldehydes would result in an increase in ammonia 

production on peroxide injection, as observed at the end of Experiment 1 (Figure 5-51).  

The addition of acetaldehyde resulted a sharp peak in both ammonia and N2O, which 

quickly returned to baseline, possibly due to the aldehyde oxidizing the amine and 

increased foaming affecting the mass transfer of ammonia to the gas phase.  Excessive 

foaming caused by the acetaldehyde resulted in the planned addition of peroxide being 

canceled.  A thick stable foam built up in the reaction vessel above tolerable levels.  If 

peroxide were added, the additional vigorous foaming could potentially flood the vessel 

and damage the FTIR. 
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Figure 5-51: Ammonia and N2O production from the oxidation of SRP PZ (8 m, 

1 wt % Inh A, <0.1 mM Fe2+) via hydrogen peroxide (30 wt %) and acetaldehyde 

(>97%) in HGF. 

When the ammonia returned to baseline after each injection of peroxide, a liquid 

sample was taken and analyzed for total heat stable salts for both experiments.  Figure 5-

52 shows cumulative ammonia emitted and total formate accumulated in the solvent as a 

function of total peroxide added for the two experiments.  Ammonia was initially 

produced at a rate of 0.03 moles per mole of peroxide added for both experiments.  

Experiment 1 had high metals and no inhibitor while Experiment 2 had low metals and 

Inh A, indicating that the presence of metals or free radical scavengers does not influence 

the initial rate of ammonia production via peroxide oxidation.  However, Experiment 2 

did not see an increase in ammonia production rate later in the experiment, unlike 
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Experiment 1.  Also, total formate accumulated at one third the rate in Experiment 2 

compared to Experiment 1.  Acetate, oxalate, and nitrate were observed in lower molar 

concentrations than formate. 

 
Figure 5-52: Cumulative production of ammonia and total formate from the 

oxidation of 5 m PZ and SRP PZ via hydrogen peroxide in HGF 

Ethylenediamine (EDA) was observed to accumulate in the liquid phase of both 

solvents during the experiments.  EDA is a stable intermediary degradation product 

produced as PZ is oxidized to ammonia.  While EDA is more volatile than PZ, the 

amount produced in the experiment was too little to be quantified in the gas phase by 

FTIR.  Figure 5-53 shows the total EDA accumulation for both experiments. 
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Figure 5-53: Cumulative production of EDA in the liquid phase from the 

oxidation of 5 m PZ and SRP PZ via hydrogen peroxide in HGF 

In both experiments, the total amount of ammonia, formate, and EDA produced 

was relatively similar in relative magnitude of molar amounts, at 0.015 to 0.04 moles 

produced per mole of peroxide added.  This is significantly different from previous 

observations of the oxidation of amines in pilot plants and the HTOR.  1 mole of 

ammonia is typically observed per mole of PZ oxidized in these systems, while only 0.1 

to 0.2 moles of formate and EDA are accumulated (Voice, 2013).  It is possible that 

cycling the solvent from absorber to stripper conditions produces relatively more 

ammonia than peroxide oxidation at absorber conditions. 
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5.2.2 Acid-Loaded 7 m MEA 

For Experiment 3, 7 m MEA was loaded with sulfuric acid to 0.3 mol H+/mol 

alkalinity and no CO2 was added to the feed gas in order to observe if CO2 was being 

generated from oxidation of the amine.  An initial addition of 2.5 mL (60 mM) of 30 

wt % H2O2 produced an ammonia peak with a height of 55 ppm which returned to 

baseline in 8 hours (Figure 5-54).  After this, 0.4 mmol/kg of FeSO4 was added to the 

solvent and the experiment was repeated.  With ferrous ions in solution, the ammonia 

peak was significantly sharper, reaching a maximum value of 200 ppm and a more rapid 

return to baseline.  However, the total amount of ammonia produced was the same as the 

first addition as calculated by integrating the FTIR peak, producing 10 mmol/kg each 

time.  The experiment was repeated 2 more times, the second time with an additional 0.4 

mmol/kg FeSO4.  Both times the peak produced was nearly identical.  This confirms that 

the presence of ferrous ions in solution catalyzes the rate of oxidation of the solvent but 

does not change the stoichiometry or the amount of amine oxidized per mole of peroxide. 

No CO2 was observed by FTIR.  If CO2 is produced by solvent oxidation, it is 

produced at a rate below the limit of detection of the FTIR apparatus, which should not 

have a significant impact on the carbon capture process. 
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Figure 5-54: NH3 generation from FTIR for acid-loaded 7 m MEA 

Figure 5-55 shows the accumulation of heat stable salts in the MEA solvent 

during the experiment.  Formate was the most significant heat stable salt formed, with 

less acetate and glycolate and trace amounts of nitrite observed.  This degradation 

product profile is similar to most previous oxidation experiments and pilot plant 

observations (Voice, 2013). 
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Figure 5-55: Heat stable salt accumulation in 7 m MEA reacted with peroxide 

Figure 5-56 shows the cumulative ammonia emitted per mole of peroxide added 

for the experiments using 7 m MEA, 5 m PZ, and 8 m PZ collected from the SRP pilot 

plant October 2011 campaign.  Compared to the previous experiments with PZ, MEA 

produced 6 times as much ammonia per mole of peroxide added. 
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Figure 5-56: Cumulative NH3 emissions for 7 m MEA (acid-loaded), 5 m PZ, and 

SRP PZ. 

5.3 CONCLUSIONS  

 PZ initially oxidizes to intermediates such as piperazinol (PZOH), piperazinone 

(PZ-one), and ethylenediamine (EDA), which then decompose to ammonia, 

formate, and other products over time. 

 PZ loss rate in the HTOR is on the order of 0.7 to 1.6 mmol/kg/hr when cycling 

up to 150 °C, with an overall activation energy of 34 ± 7 kJ/mol. 

 Temperature and CO2 concentration of the low temperature high gas flow (HGF) 

absorber between 40 and 55 °C from 0.5 to 2 vol % CO2 had no effect on cyclic 

oxidation rate of PZ and HEP in the HTOR.  PZ and HEP are stable at absorber 

conditions and all oxidation is due to cycling up to high temperatures in the 
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presence of dissolved oxygen, nonvolatile oxidation carriers, catalysts, and 

nitrosamine decomposition. 

 Nitrogen sparging to remove dissolved oxygen before cycling to high temperature 

may completely inhibit the oxidation of clean PZ but does not completely inhibit 

the oxidation of previously degraded PZ, due to the presence of nonvolatile 

contaminants which may be oxidized at low temperature and then reduced at high 

temperature to oxidize PZ. 

 Nitrogen sparging to remove dissolved oxygen reduces ammonia generation from 

PZ by a factor of 0.4 mmol/kg/hr when cycling up to 150 °C with an activation 

energy of 39 ± 3 kJ/mol.  The magnitude of the decrease in ammonia rate is not a 

function of solvent degradation and represents the amount of oxidation due to 

reaction with dissolved oxygen. 

 Overall ammonia emission rate tends to increase linearly over time as the solvent 

becomes more degraded.  This results in cumulative ammonia generation 

following a quadratic curve at steady state in the HTOR. 

 In degraded PZ, ammonia typically accounts for 50% of the total nitrogen lost.  

Overall nitrogen mass balance closure is 85% when including intermediates and 

volatile amine loss.  Carbon balance closure is 39% with formate being the most 

significant stable liquid-phase product.  Carbon dioxide may also be a significant 

degradation product but could not be accurately quantified. 

 With PZ, 6.9 moles of ammonia are emitted per mole of formate accumulated in 

the solvent, with total formate accumulation following a quadratic curve similar to 

cumulative ammonia generation in the HTOR. 
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 Iron accumulation is solubility-limited in PZ and HEP.  Solubility increases as the 

solvent becomes more degraded, following a quadratic curve similar to formate 

and cumulative ammonia at steady state and increasing at a rate of approximately 

5 mmoles dissolved iron per mole total formate accumulated.  Excess iron in 

solution most likely precipitates as FeCO3. 

 Nickel, chromium, manganese, and copper are not solubility-limited in PZ.  

Nickel and chromium will tend to accumulate linearly due to stainless steel metal 

corrosion but do not appear to catalyze oxidation.  Manganese may also 

accumulate but does not catalyze oxidation in the absence of iron. 

 Copper is a potent oxidation catalyst even in the presence of the free radical 

scavenger Inhibitor A (Inh A). 

 Inh A does not inhibit oxidation of PZ, but does catalyze the decomposition of 

EDA to ammonia. 

 Nitrosamine decomposition follows a pathway similar to PZ oxidation, initially 

producing the intermediates PZOH, PZ-one, and EDA, and ultimately producing 

1.5 moles of ammonia per mole of NO2 absorbed into the solvent as nitrite. 

 Ammonia generation was less for HEP compared to PZ, with 1.6 moles of 

ammonia produced per mole of total formate accumulated.   

 Initial rates of ammonia and formate generation in HEP oxidation were a strong 

function of the initial amount of solvent degradation. 

 Nitrogen sparging to remove dissolved oxygen had a smaller effect on the rate of 

ammonia production from HEP compared to PZ, possibly due to lower oxygen 

solubility in HEP.  Ammonia production from HEP oxidation was reduced by 
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0.08 mmol/kg/hr at 120 °C and 0.17 mmol/kg/hr at 150 °C with nitrogen 

sparging, and has a similar activation energy to PZ oxidation. 

 The addition of formic acid to degraded HEP in the HTOR had no immediate 

effect on ammonia generation but may have resulted in a slow increase over the 

course of 150 hours. 

 The addition of 62 mmol/kg hydrogen peroxide to degraded HEP in the HTOR 

immediately produced 0.1 moles of additional ammonia per mole of hydrogen 

peroxide and doubled the steady state ammonia generation rate in the apparatus. 

 Hydrogen peroxide addition at absorber conditions in MEA and PZ produces 

similar products to cyclic oxidation, confirming oxidation follows free radical 

reaction mechanisms. 

 8 m PZ oxidized by reaction with hydrogen peroxide at absorber conditions in the 

HGF apparatus produces 0.03 moles ammonia per mole of peroxide added 

regardless of PZ concentration, dissolved metal concentration, or the presence of 

Inh A.  N2O was also observed at 2 to 3 orders of magnitude less than ammonia.   

 7 m MEA oxidized by reaction with hydrogen peroxide at absorber conditions in 

the HGF apparatus produces 0.18 moles ammonia per mole of peroxide added, 6 

times greater than the rate of ammonia production observed with PZ.  The 

presence of ferrous ions in solution increased the rate of ammonia production but 

did not change the total amount of ammonia produced.  No significant CO2 was 

observed as a result of MEA oxidation due to peroxide addition. 
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Chapter 6 – Viscosity Effects of Heat Stable Salt Accumulation 

 

 

 

 

 

 

The effect of heat stable salt accumulation on the viscosity of 7 m MEA and 8 m 

PZ was quantified.  Assuming amine is added to the solvent to maintain constant 

alkalinity as the salt accumulates, the accumulation of 10 wt % sulfate will increase the 

viscosity of 7 m MEA by a factor of 2 and 8 m PZ by a factor of 1.6 at 40 °C.  The 

accumulation of 10 wt % formate will increase viscosity 1.6x for 7 m MEA and 1.2x for 

8 m PZ.  A simple additive correlation was developed to predict the viscosity effects of 

sulfate, formate, acetate, oxalate, glycolate, propionate, and nitrate.  Ionic charge was 

found to have the most significant effect on viscosity, with molecular weight and 

structure having indeterminate effects. 

6.1 INTRODUCTION 

Contaminants will accumulate in the solvent over time in any post-combustion 

carbon capture facility due to amine degradation and from the absorption of SOx, NOx, 

and fly ash from the flue gas.  The most significant contaminants are typically heat stable 

salts (HSS), mostly formate and acetate from oxidation and sulfate and nitrate from the 

flue gas.  These contaminants can be controlled by solvent reclaiming processes or more 

rigorous flue gas pretreatment, but at an increased cost.  Thus it is important to determine 
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the maximum tolerable accumulation of HSS in the solvent to balance the overall 

operating costs of the amine scrubbing process. 

One of the most significant effects of HSS accumulation will be the increase in 

solvent viscosity over time.  Increased viscosity will result in reduced mass transfer in the 

absorber and stripper and reduced heat transfer in the cross exchangers and reboiler, 

potentially requiring increased solvent flow rates and steam rates if the process was not 

initially designed to handle the reduced performance.  In addition, the HSS will associate 

with the amine to produce protonated amines and amides, reducing total alkalinity.  It is 

expected that most plants will operate to maintain constant alkalinity by adding more 

amine, increasing viscosity further. 

The first model of viscosity for an amine-water-CO2 system was developed for 

monoethanolamine (MEA) and other simple amines by Weiland et al. (1998) and has the 

form of:  

 ln (
𝜇

𝜇𝐻2𝑂
) =

((𝑎𝜔+𝑏)𝑇+(𝑐𝜔+𝑑))(𝛼(𝑒𝜔+𝑓𝑇+𝑔)+1)𝜔

𝑇2   (6.1) 

where µ and µH20 are the viscosity of the solution and water, respectively (mPa-s), ω is 

the mass percent amine, α is CO2 loading (mol CO2/mol alkalinity), T is temperature (K), 

and a through g are regressed constants.  For MEA, a = 0, b = 0, c = 21.186, d = 2373, e = 

0.01015, f = 0.0093, and g = -2.2589. 

Freeman (2011) developed a separate correlation for the viscosity of loaded 

concentrated aqueous piperazine (PZ) with the form: 

 ln (
𝜇

𝜇𝐻2𝑂
) = 𝑎1 + 𝜑1 +

𝜑2

𝑇
  (6.2) 

where 
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 𝜑𝑖 = 𝑏𝑖𝐶𝐶𝑂2 + 𝑐𝑖𝐶𝑃𝑍 + 𝑑𝑖𝐶𝐶𝑂2𝐶𝑃𝑍  (6.3) 

where CCO2 and CPZ are the molar concentrations of CO2 and PZ respectively (mol/kg), T 

is temperature (K), and a1 through d2 are regressed constants.  For PZ, a1 = 1.723, b1 = 

2.63, c1 = -1.019, d1 = -0.527, b2 = -778, c2 = 355.2, and d2 = 169.3. 

No previous published study has quantified the effects of heat stable salt 

accumulation on solvent viscosity. 

6.2 METHODS 

The following 5 amine + salt solutions were prepared and analyzed extensively 

from 25 to 55 °C at multiple CO2 loadings: 7 m MEA + sulfate, 7 m MEA + formate, 8 m 

PZ + sulfate, 8 m PZ + formate, and 5 m PZ + formate.  Further analysis was done on the 

following 7 systems at constant loading, typically 0 mol CO2/mol alkalinity for MEA and 

0.25 mol CO2/mol alkalinity for PZ: 7 m MEA + acetate, 7 m MEA + propionate, 7 m 

MEA + glycolate, 7 m MEA + sodium formate, 7 m MEA + sodium nitrate, 8 m PZ + 

acetate, and 8 m PZ + oxalate. 

6.2.1 Instrument Description and Procedure (adapted from Freeman, 2011) 

Viscosity was measured using a Physica MCR 301 cone-and-plate rheometer 

(Anton Paar GmbH, Graz, Austria) controlled by the US200 software package. 

Analysis procedure: 

12. Place the CP-50 cone into the holder on the upper portion of the viscometer. 

13. Create a new data file using the “Flow Curve/CSR” option in the U200 software 

program. 
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14. In the “Analysis” window, set desired temperature (typically 25, 40, or 55 °C), 

angular speed settings (increasing from 100 to 1000 s-1 over 100 s), and analysis 

settings (shear stress measured 10 times, every 10 seconds). 

15. Click on the gearbox icon to initialize the instrument.  Set temperature to match 

the desired temperature previously specified in the “Analysis” window. 

16. Once the apparatus has reached a stable temperature, select “Zero Gap” to 

calibrate cone position relative to the plate.  This procedure accounts for any 

expansion to the bottom plate based on temperature change from the previous 

calibration. 

17. Lift the cone by selecting “Lift Position.” 

18. Transfer 700 µL of sample onto the center of the plate and select “Measurement 

Position” in the gearbox.  This lowers the cone first to the “Trim Position” to 

allow for any excess liquid around the edges to be removed.  After trimming is 

complete, select “OK” to continue to the measurement position of 0.05 mm. 

19. Select “Start Analysis” to conduct the measurement. 

20. After the measurement is complete, copy the data into an Excel spreadsheet. 

21. Raise the cone to “Lift Position” and clean with DDI water, ethanol, and 

ChemWipes.  Dab carefully to prevent scratching the cone and plate. 

22. Repeat steps 7 through 10 for additional samples at the same temperature or steps 

3 through 10 if measuring at multiple temperatures. 

6.2.2 Sample Preparation 

For each amine + salt mixture, 4 stock solutions were initially prepared: CO2-lean 

amine without salt (α = 0 moles CO2/mol alkalinity for MEA, 0.25 moles CO2/mole 

alkalinity for PZ), lean amine with ~10 wt % salt (1 M sulfate or 2 M formate), and rich 
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amine with and without salt (0.55 moles CO2/mole alkalinity for MEA, 0.4 moles 

CO2/mole alkalinity for PZ).  Samples with intermediate loading and salt concentration 

were prepared by mixing between the 4 initial stock solutions.  The salt was typically 

added in acid form.  An equivalent amount of pure amine was added to the solution in 

order to maintain constant total alkalinity.  This mirrors the expected operation of an 

amine scrubbing facility, which will most likely strive to maintain a constant alkalinity in 

the solvent through the addition of make-up amine. 

Procedure for preparation of stock solutions: 

1. The required mass of pure amine, water, CO2, and salt is calculated by 

simultaneously solving the following equations for the required molar 

concentrations of amine, CO2, and salt (Camine, CCO2, and Csalt: moles per kg 

solution) based on desired alkalinity (m: moles of alkalinity per kg water) and 

CO2 loading (α, moles CO2 per mole alkalinity). 

𝐴𝑙𝑘𝑎𝑙𝑖𝑛𝑖𝑡𝑦 (𝑚) = 𝑥1(𝐶𝑎𝑚𝑖𝑛𝑒 − 𝑥2𝐶𝑠𝑎𝑙𝑡) ∗
1000

18.02𝐶𝐻2𝑂
    (6.4) 

𝐿𝑜𝑎𝑑𝑖𝑛𝑔 (∝) =
𝐶𝐶𝑂2

𝑥1(𝐶𝑎𝑚𝑖𝑛𝑒−𝑥2𝐶𝑠𝑎𝑙𝑡)
      (6.5) 

1000𝑔 = 44.01𝐶𝐶𝑂2 + 𝑀𝑊𝑎𝑚𝑖𝑛𝑒𝐶𝑎𝑚𝑖𝑛𝑒 + 𝑀𝑊𝑠𝑎𝑙𝑡𝐶𝑠𝑎𝑙𝑡 + 18.02𝐶𝐻2𝑂  (6.6) 

2. Weigh out and mix together the calculated amounts of pure amine and water 

required to make 200 mL of solution in a 500 mL glass column.   

3. Add the concentrated acid form of the salt drop-wise into the solution.  The 

solution will heat up during the addition from the acid-base reaction with the 

amine.  Weigh the solution before and after to confirm the amount of salt added. 

4. Load the solution to the desired lean loading by either by sparging with pure CO2 

gas or adding dry ice until the solution has achieved the desired change in mass.  

Weigh the solution before and after to determine the mass of CO2 added; wait 
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until bubbling has ceased and all CO2 is dissolved into solution before taking the 

final measurement. 

5. Store half the solution as the lean amine + salt stock solution. 

6. Continue adding CO2 to the other half of the solution until the desired rich loading 

is achieved. 

7. Wait at least 3 hours for the solutions to cool to room temperature, then prepare 

intermediate loading and salt concentration samples by volumetric mixing of the 

initial stock solutions.  Typically, 15 mL of sample are prepared for each desired 

loading and salt concentration. 

In addition, the following solutions were prepared by the same method but at only 

one loading: 7 m MEA mixed with acetate, propionate, or glycolate without CO2; and 8 

m PZ with acetate or oxalate at 0.25 moles CO2/mole alkalinity. 

6.2.3 Limitations and Expected Error 

The Physica MCR 300 rheometer was very accurate for measuring viscosity, with 

temperature control to within 0.01 °C and an overall uncertainty in viscosity 

measurements expected to be less than 1.0 % for liquids of at least 2 cP.  Error is likely to 

increase at higher measurement temperatures due to lower viscosity and potentially 

degassing of CO2.  Therefore such measurements were limited to no more than 55 °C.   

In order to check the accuracy of the rheometer method, the viscosity of CO2-

loaded MEA and PZ was measured and compared to the predicted viscosity from the 

Weiland (MEA) and Freeman (PZ) correlations (Figures 6-1 and 6-2).  For MEA the 

measured values are generally less than predicted from the Weiland correlation at lean 

loadings and greater than predicted at rich loadings.  The average deviation between 
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measured and predicted viscosity was 6.6% over the entire data range, and 3.3% in the 

mid-loading range.  There does not appear to be a temperature-dependent error. 

 
Figure 6-1: Comparison of measured viscosity of 7 m MEA (points) to correlation 

prediction (lines) (Weiland et al., 1998) 

For PZ the measured values agree very closely with the Freeman correlation 

prediction at 25 and 40 °C, with an average error of 1.2% and 3.3%, respectively.  The 

correlation under-predicts viscosity at 55 °C with an average error of 12%. 
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Figure 6-2: Comparison of measured viscosity of 8 m PZ (points) to correlation 

prediction (lines) (Freeman, 2011) 

6.3 RESULTS 

Figure 6-3 shows the measured viscosity of 8 m PZ with 0 to 1 M [PZH+]2[SO4
2-] 

over a range of loadings at 40 °C, the typical operating temperature of the absorber.  At a 

rich loading of 0.43 mol CO2/mol alkalinity, the viscosity of the solution increased from 

11.9 to 19.9 mPa-s.  The viscosity of 7 m MEA increased from 2.7 to 3.9 mPa-s due to 

the addition of 0.6 M [MEAH+]2[SO4
2-] at 40 °C and 0.5 mol CO2/mol alkalinity (Figure 

6-4). Formate had a smaller effect, with 2.0 M [MEA+][HCO2
-] being required to increase 

the viscosity of 7 m MEA to 3.8 mPa-s at 40 °C and 0.5 mol CO2/mol alkalinity.   
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Figure 6-3: Measurement (points) and empirical correlation (lines) of viscosity of 

8 m PZ with 0 to 1 M [PZH+]2[SO4
2-] at 40 °C 

 
Figure 6-4: Measurement (points) and empirical correlation (lines) of viscosity of 

7 m MEA with 0 to 0.6 M [MEAH+]2[SO4
2-] at 40 °C 
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6.3.1 Empirical Model Development 

An expansion of the Freeman correlation was developed to model the effects of 

heat stable salt accumulation in loaded amine solutions.  The model includes 6 new 

parameters for the interaction of the salt with itself, the amine, and CO2.  Constants were 

regressed via least squares minimization in Excel individually for the data sets for MEA 

+ sulfate, MEA + formate, PZ + sulfate, and PZ + formate (Table 6-1).  Overall, the 

correlations fit the data very well, with an average absolute deviation on the order of 0.03 

or less, and all data is fit to within 8.4%.  A parity plot comparing the experimental 

viscosity data to the values predicted using the correlation for PZ/SO4 is shown in Figure 

6-5 with 5% deviation indicated with dashed lines. 

 𝜑𝑖 = 𝑏𝑖𝐶𝐶𝑂2 + 𝑐𝑖𝐶𝑎𝑚𝑖𝑛𝑒 + 𝑑𝑖𝐶𝐶𝑂2𝐶𝑎𝑚𝑖𝑛𝑒 + 𝑒𝑖𝐶𝑠𝑎𝑙𝑡 + 𝑓𝑖𝐶𝑎𝑚𝑖𝑛𝑒𝐶𝑠𝑎𝑙𝑡 + 𝑔𝑖𝐶𝐶𝑂2𝐶𝑠𝑎𝑙𝑡 (6.7)  
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Table 6-1: Empirical correlation parameters for loaded amine/salt solutions 

 
MEA/SO4 MEA/HCO2 PZ/SO4 PZ/HCO2 Freeman (PZ) 

a1 1.368 0.815 -1.341 -0.927 1.723 

b1 -5.83 9.66 0.97 3.34 2.63 

c1 -0.478 -0.321 -1.064 -0.079 -1.019 

d1 1.407 -1.888 0.286 -0.699 -0.527 

e1 9.09 -6.84 1.02 -17.13 
 

f1 -1.020 1.262 0.914 3.639 
 

g1 -3.033 0.780 -1.464 0.629 
 

b2 1905 -2877 -203 -1008 -778 

c2 124.4 107.2 578.2 237.1 355.2 

d2 -446.8 572.5 -88.9 234.9 169.3 

e2 -3178 2142 -183 4597 
 

f2 413.5 -383.4 -287.3 -990.8 
 

g2 1011 -225 462 -134 
 

Data 

points 

used 

48 36 53 33 84+ 

Average 

Absolute 

Deviation 

0.026 0.018 0.022 0.015 0.028 

Maximum 

error 
8.4 % 5.1 % 7.9 % 4.0 % 2.4 % 

Data 

Range 

7–8 m MEA, 

0–1 M SO4, 

α = 0–0.55, 

25–55 °C 

7–8 m MEA, 

0–2 M HCO2, 

α = 0–0.55, 

25–55 °C 

5–8 m PZ, 

0–1 M SO4, 

α = 0.25–0.45, 

25–55 °C 

8 m PZ, 

0–2 M HCO2, 

α = 0.25–0.4, 

25–55 °C 

8 m PZ, 

α = 0.24–0.4, 

20–70 °C 
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Figure 6-5: Parity plot of the empirical correlation compared to measured values of 

the viscosity of PZ/sulfate solutions from 25 to 55 °C 

Figure 6-6 shows the effect of the addition of amine salts on the viscosity of 7 m 

MEA and 8 m PZ at a loading of 0.25 mol CO2/mol alkalinity at 40 °C as calculated by 

the correlations.  Figure 6-7 shows the same data but with the viscosity normalized by the 

initial viscosity of the salt-free amine.  Concentration of salt is plotted by normality 

(N/mol) to account for the effect of sulfate, with a charge of 2, on the amount of 

additional amine required.  2 N is equivalent to approximately 10 wt % salt for both 

sulfate and formate.  Sulfate has a stronger effect on viscosity than formate for both MEA 

and PZ, increasing viscosity by a factor of 2.0 for MEA and 1.6 for PZ when 2 N of salt 

is added.  The relative effects of both salts are greater for MEA than for PZ. 
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Figure 6-6: Empirical correlation predications for the increase in viscosity due to 

the addition of 0–2 N amine salts for 7 m MEA and 8 m PZ at 40 °C, α = 0.25 mol 

CO2/mol alkalinity 
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Figure 6-7: Empirical correlation predications for the increase in viscosity due to 

the addition of 0–2 N amine salts for 7 m MEA and 8 m PZ at 40 °C, α = 0.25 mol 

CO2/mol alkalinity, normalized by clean amine viscosity µ0 

6.3.2 Simplified Linear Addition Model 

The empirical correlations very accurately model the viscosity of the individual 

amine/salt systems.  However, they are unwieldy and cannot account for mixtures with 

multiple salts, which is likely to occur during actual operation of an amine scrubbing 

facility.  A simpler model could be constructed if it is assumed the increase in viscosity 

as a result of heat stable salt accumulation is solely a function of the concentration of the 

salt and is not affected by temperature or the concentration of alkaline amine and CO2.  

The result is a single additive term to either the Weiland or Freeman models, of the form: 
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 ln (
𝜇

𝜇𝐻2𝑂
) = 𝑓(𝐶𝑎𝑚𝑖𝑛𝑒 , 𝐶𝐶𝑂2, 𝑇) + 𝛽𝐶𝑠𝑎𝑙𝑡  (6.8) 

where f(x) is the existing Weiland or Freeman correlation, Csalt is the molar concentration 

of salt, and β is a regressed constant.  This could be further simplified to: 

 ln (
𝜇

𝜇0
) = 𝛽𝐶𝑠𝑎𝑙𝑡  (6.9) 

where µo is the predicted viscosity of a clean amine solvent at the same alkalinity, 

loading, and temperature.  For mixtures of multiple salts that do not interact with each 

other, the viscosity of the solvent would be a sum of the effects of multiple salts: 

 ln (
𝜇

𝜇0
) = ∑ 𝛽𝑖𝐶𝑠𝑎𝑙𝑡,𝑖  (6.10) 

The value of β can be regressed linearly from the natural log of the measured 

viscosity over predicted clean solvent viscosity at equivalent alkalinity, loading, and 

temperature as a function of salt molar concentration.  The results of this regression for 

sulfate in 7 m MEA and 8 m PZ are shown in Figures 6-8 and 6-9.  The viscosity of clean 

MEA was modeled using the Weiland correlation (Weiland, 1998), while the viscosity of 

clean PZ was modeled using the Freeman correlation (Freeman, 2011). 
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Figure 6-8: Effect of [MEA+]2[SO4

2-] on viscosity of 7 m MEA at 0 to 0.52 mol 

CO2/mol alkalinity at 25, 40, and 55 °C 

 
Figure 6-9: Effect of [PZ2+][SO4

2-] on viscosity of 8 m PZ at 0.3 to 0.45 mol CO2/mol 

alkalinity at 25, 40, and 55 °C 
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Table 6-2 shows the regressed values of the coefficient β for sulfate in 7 m MEA 

using subsets of the collected data at either constant temperature or constant CO2 loading.  

Temperature had no significant effect on the regression, varying by 10% with no 

observable trend.  Loading had a stronger effect, increasing 15% from unloaded to 

saturated solution.  However, this may be an artifact of variability observed between 

measured viscosity and the Weiland correlation used to predict clean solvent viscosity.  

The observed viscosity was consistently lower than predicted for low loading and higher 

than predicted at high loading regardless of salt concentration, producing the spread in 

the data in Figure 6-8.  This may be due to a methodological error made in the 

measurements, or an error in the correlation.  The data for PZ shows no such trend for 

loading, though measurements were made over a smaller loading range of 0.25 to 0.45 

mol CO2/mol alkalinity. 

Table 6-2: Regressed value of β for 7 m MEA + MEA-Sulfate from data at constant 

temperature or CO2 loading 

Data subset: β: 

25 °C 0.98 

40 °C 0.89 

55 °C 0.98 

0 mol CO2/mol alk. 0.9 

0.18 mol CO2/mol alk 0.94 

0.34 mol CO2/mol alk 1.00 

0.52 mol CO2/mol alk 1.05 

All data 0.94 

Table 6-3 shows the regressed values for the coefficient β for multiple heat stable 

salts for 7 m MEA and 8 m PZ.  The viscosity of each solvent was measured at salt 

concentrations up to 10 wt % at 25, 40, and 55 °C and constant alkalinity and loading.  

Alkalinity was maintained by adding the salts in acid form and adding more amine to be 

protonated as the counter ion for most salts tested.   
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Nitrate is expected to be a significant contaminant in solvent from both oxidation 

and absorption of NOx from the flue gas.  Nitrate cannot be easily added to solvent as 

nitric acid due to the oxidative properties of the acid, which would potentially change the 

solvent alkalinity and add further degradation products.  Instead, sodium nitrate was 

added to 7 m MEA.  7 m MEA with sodium formate was measured to quantify the 

difference between sodium and protonated MEA as the counter ion.  Sodium formate 

increased viscosity 60% as much as protonated MEA-formate.  Sodium is a more 

compact cation than the amine and should have less effect on viscosity.  Surprisingly, 

sodium nitrate increased viscosity by only 25% as much as sodium formate, even though 

nitrate is a heavier anion than formate.  Accounting for the effects of sodium, nitrate 

accumulation in the solvent without a counter ion other than protonated MEA would have 

a β of 0.10. 

Table 6-3: Regressed coefficient β for viscosity correlation for various heat stable 

salts (paired with protonated amine to maintain alkalinity unless otherwise noted) 

Contaminant 7 m MEA 8 m PZ 

Sulfate 0.94 0.83 

Formate 0.40 0.27 

Acetate 0.34 0.33 

Propionate 0.47  

Oxalate  0.76 

Glycolate 0.40  

Sodium Nitrate 0.06  

Sodium Formate 0.24  

Nitrate (estimated) 0.10  

Increasing ionic charge had a much more significant effect on viscosity than 

increasing molecular weight.  Sulfate and oxalate, which are both dianions, had nearly 

double the effect on viscosity on a molar basis compared to formate, acetate, propionate, 
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and glycolate.  On a normal basis, the average value of β is 0.39 ± 0.13 for all ions except 

sodium formate and nitrate. 

6.4 CONCLUSIONS 

If the total alkalinity of the solution is kept constant on a molal basis, the addition 

of 10 wt % (1 M) sulfate increases MEA viscosity by a factor of 2.0 for 7 m MEA and 

1.6 for 8 m PZ at 40 °C and a loading of 0.25 mol CO2/mol alkalinity.  If the total 

alkalinity of the solution is kept constant on a molal basis, the addition of 10 wt % (2 M) 

formate increases MEA viscosity by a factor of 1.6 for 7 m MEA and 1.2 for 8 m PZ at 

40 °C and a loading of 0.25 mol CO2/mol alkalinity.  Temperature did not have a 

significant impact on the relative contribution of salts on amine viscosity between 25 and 

55 °C.  In a typical pilot plant, formate, sulfate, acetate, and nitrate are the most 

significant heat stable salts to accumulate in the solvent (Nielsen, 2012).  Oxalate is less 

thermally stable and will typically decompose to formate, limiting its concentration.  

Therefore, controlling formate, acetate, and sulfate accumulation is critical to limiting 

any increase in solvent viscosity.  It is less critical to control nitrate, due to its weaker 

effect on viscosity. 
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Chapter 7 – Modelling Solvent Management Costs for Full Scale Post-

Combustion Carbon Capture 

 

 

 

 

 

 

This chapter presents a brief summary of a study originally performed for the 

IEAGHG research and development programme intended to evaluate the costs associated 

with the disposal of reclaimer sludge expected to be generated from full-scale amine 

scrubbing units for coal or natural gas combined cycle carbon capture (IEAGHG, 2014; 

Sexton et al., 2014).  Two model variants are presented: the “Original Model” as 

originally published, based on simplifying assumptions for amine oxidation; and the 

“Refined Model,” based on the results for PZ oxidation in the HTOR bench scale cyclic 

degradation apparatus (Chapter 5).  The Refined Model is used to quantify the effects of a 

number of parameters on amine make-up and reclaiming costs, including solvent 

selection, stripper configuration, dissolved oxygen removal via flashing or stripping with 

nitrogen gas, and flue gas pretreatment to reduce SOx and NO2.  The Refined Model 

results are compared to observations from the SRP and CSIRO PZ pilot campaigns 

(Chapter 4) for validation. 
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7.1 INTRODUCTION 

The effects of solvent degradation can be mitigated through a variety of 

reclaiming processes to remove contaminants.  Reclaiming can be performed by a 

thermal reclaimer, vacuum distillation, ion exchange (IX), or electrodialysis (ED).  

Thermal reclaiming is essentially a distillation process, taking a slipstream of hot lean 

solvent leaving the stripper, heating and reducing to atmospheric pressure to vaporize the 

amine and leave behind nonvolatile contaminants (Figure 7-1).  The amine vapor is 

condensed and returned to the system, while the waste “sludge” collected in the bottom 

of the reclaimer is periodically discharged for disposal.  For amines with high boiling 

points, such as MDEA, vacuum distillation may be required.  IX and ED both remove 

charged contaminants such as heat stable salts (HSS).  IX passes the solvent past anion 

and/or cation exchange resin beds that remove charged components (Figure 7-2).  The 

resin beds will need to be periodically regenerated, typically with an acid wash such as 

sulfuric for cation beds and a caustic wash for anion beds.  Electrodialysis is similar to 

ion exchange, but exposes the solvent to a current as it passes over selective membranes 

to separate cationic and anionic species (Figure 7-3).  For all processes, it is 

recommended to first completely remove CO2 and treat with at least 1 mole sodium 

hydroxide per mole of HSS to reverse amide formation and maximize amine recovery in 

the processes. 
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Figure 7-1: Thermal reclaiming process flow diagram (Sexton et al., 2014) 

 
Figure 7-2: Ion exchange process flow diagram (Sexton et al., 2014) 

 
Figure 7-3: Electrodialysis process flow diagram (Sexton et al., 2014) 



 

 

188 

7.2 MODEL DEVELOPMENT 

Both the Original and Refined Models attempt to estimate solvent loss (via 

oxidation, thermal degradation, nitrosation, and volatile emission), contaminant 

accumulation (from degradation, corrosion, and absorption of flue gas contaminants), and 

reclaimer feed and waste stream rates and compositions.  The Original Model models 7 m 

MEA, 8 m PZ, and 7/2 m MDEA/PZ for Coal and NGCC base cases with thermal 

reclaiming, ion exchange, or electrodialysis.  The Refined Model includes a more 

rigorous oxidation model for PZ and includes the option of modeling the Advanced Flash 

Stripper (AFS) configuration.  The Refined Model also substitutes 5 m PZ in place of 8 m 

PZ.  5 m PZ is expected to have comparable or better energy performance to 8 m with a 

wider precipitation window (Lin, 2016).   

It is assumed the system has been operating for a significant length of time and 

thus amine loss and contaminant accumulation rates are balanced by amine make-up and 

contaminant removal in the reclaimer, with the overall system at steady-state.  As such 

either the steady state contaminant accumulation or reclaimer feed rate must be user-

specified.  The models were constructed in Microsoft Excel. 

7.2.1 Design Basis for Generic Full-Scale Models 

The significant parameters assumed for the supercritical coal and natural gas 

combined cycle (NGCC) cases as modeled are shown in Table 7-1.  Most significantly 

for amine oxidation, the NGCC base case is assumed to have less CO2, more O2, and 

minimal concentrations of other contaminants in the flue gas relative to the Coal base 

case.  The Coal facility is assumed to have state-of-the-art selective catalytic removal 

(SCR) and flue gas desulfurization (FGD) units upstream of the amine scrubber.  The 

amine scrubber is assumed to remove 90% of the CO2 entering in the flue gas.   
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Table 7-1: Base case flue gas parameters (IEAGHG, 2014) 

Parameters Coal NGCC 

Gross power output (MWe) 900.1 809.9 

Flue gas flow rate (Nm3/hr)  3.89*106 5.04*106 

T (°C) 54 109 

P (kPa) 115.8 117.2 

N2 (vol %) 70.22 75.16 

CO2 (vol %) 11.78 4.09 

H2O (vol %) 12.97 8.76 

O2 (vol %) 5.03 11.99 

CO2 Removal 90% 

7.2.2 Oxidation 

7.2.2.1 Original Model Oxidation 

The original solvent loss models use an oxidation rate constant calculated from 

experimental data collected in the HTOR and the ISDA (Closmann, 2011; Voice, 2013).  

Oxidation rates and activation energies for 7 m  MEA and 8 m PZ were taken from data 

collected in the HTOR apparatus (Table 2-2), while the oxidation rate and activation 

energy of 7/2 m MDEA/PZ was calculated from experiments conducted in the older 

ISDA apparatus (Table 2-3).  Kinetic parameters are shown in Table 7-2, and the typical 

stoichiometry of degradation product accumulation relative to amine loss is shown in 

Table 7-3.  Oxidation was assumed to be first-order with respect to the amine and oxygen 

content of the flue gas, and will occur chiefly in the heated section of the rich side of the 

cross exchanger and in the pipe downstream before entering the stripper.  The residence 

time in this section was assumed to be on the order of 30 seconds in a typical amine 

scrubbing process.  A 5°C hot-side approach temperature was assumed for the cross-
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exchanger.  Therefore the maximum temperature reached in this section will be 5°C less 

than the operating temperature of the stripper sump.  Oxidation was assumed to cease 

once the solvent entered the stripper where any remaining dissolved oxygen would 

quickly flash off.  Based on the observations from previous pilot plant campaigns 

(Nielsen, 2012), the base case assumes a high metals content due to corrosion resulting in 

oxidation rates similar to those observed in the ISDA and HTOR. 

Table 7-2: Original Model oxidation kinetics 

 7 m MEA 8 m PZ 7/2 m MDEA/PZ 

k0 (s
-1kPa-1) 1.94*10-7 5.15*10-8 6.43*10-8 

T0 (°C) 117 150 115 

-Ea (kJ/mol) 32 32 55 
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Table 7-3: Original Model oxidation stoichiometry 

Product Moles produced/mole 

amine lost 

MEA 

Ammonia 0.67 

Total formate  0.12 

Total Oxalate  0.01 

Nitrate 0.01 

Nitrite 0.002 

HEI 0.06 

Nitrate 0.01 

HEGly 0.22 

PZ 

Ammonia 1.0 

Total Formate  0.11 

EDA 0.17 

Oxalate + Acetate 0.03 

Nitrate 0.01 

MNPZ (from oxidation of amine) 0.005 

MDEA/PZ 

Ammonia 0.22 

Total formate 0.12 

Total oxalate 0.01 

1-MPZ 0.27 

DEA + MAE 0.39 

Bicine 0.05 

7.2.2.3 Refined Model Oxidation 

Since the publication of the Original Model significant progress has been made in 

quantifying PZ oxidation at the bench scale (Chapter 5).  PZ oxidation rate increased over 
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time due to the accumulation of degradation products.  By using nitrogen sparging to 

remove dissolved oxygen from the solvent before cycling to high temperature, it was 

shown that the oxidation of PZ can be nearly completely inhibited in clean solvent. 

However, oxidation will continue to occur in more degraded solvents, most likely due to 

the oxidation of nonvolatile dissolved metals and degradation products such as iron, 

aldehydes, and peroxides at low temperature and then subsequent reaction with PZ when 

cycled to 150 °C.   

At steady-state intermediary degradation product accumulation (less than 10% 

change over 100 hours for piperazinol, piperazinone, and ethylenediamine), the rate of 

ammonia emissions in the HTOR was strongly correlated to dissolved iron accumulation 

(Figure 7-4).  No other single contaminant was shown to be strongly correlated to 

ammonia emissions rate.  With DO removal, ammonia emissions were correlated to iron 

accumulation to the 0.5 power, at a rate of 0.72 mmol NH3/kg/hr/(mmol/kg Fe)0.5.  This 

represents the amount of oxidation occurring due to the cycling of nonvolatile oxidation 

carriers.  In multiple experiments, nitrogen sparging was selectively switched on or off, 

with a resulting change in ammonia rate of around 0.4 mmol/kg/hr regardless of the level 

of iron or degradation product accumulation, which represents the direct oxidation of PZ 

due to dissolved oxygen.   
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Figure 7-4: Ammonia production as a function of dissolved iron in 5 m PZ cycled to 

150 °C with and without the removal of dissolved oxygen via nitrogen sparging in 

the HTOR apparatus 

In multiple HTOR experiments and in the SRP pilot plant campaign, ferrous 

sulfate was added to the solvent in an attempt to artificially increase dissolved iron.  

However, dissolved iron was always observed to rapidly return to the baseline value.  

This indicates dissolved iron solubility is limited. Iron accumulation in both the HTOR 

pilot plants is correlated to total formate accumulation (Figure 7-5) and more weakly to 

overall total heat stable salt accumulation (Figure 7-6).   
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Figure 7-5: Dissolved iron accumulation relative to total formate for PZ in the 

HTOR and pilot plants 

These correlations do not necessarily confirm that iron solubility is increased by 

formate or overall heat stable salt accumulation.  Rather, as the solvent is cycled through 

various conditions in the HTOR and pilot plants, from the highly oxidative environment 

in the absorber to the more reducing environment in the stripper sump, iron may 

transition between more and less soluble phases, precipitating out in parts of the system 

as ferrous carbonate (FeCO3), magnetite (Fe3O4), or ferric oxide (Fe2O3) depending on 

the conditions.  The rate in which iron transitions between these states may also be 

conditions which promote PZ oxidation, resulting in a higher observed iron concentration 

when PZ oxidation rate and degradation product accumulation is greater.  Regardless, 

dissolved iron concentration is a strong proxy for oxidation rate in a cyclic system. 
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Figure 7-6: Dissolved iron accumulation relative to total heat stable salts for PZ in 

the HTOR and pilot plant campaigns 

Formate accumulation was strongly correlated with cumulative ammonia 

emissions in the HTOR (Figure 7-7), indicating that both most likely form from the same 

oxidation pathways.  This helps to explain the observed increase over time in oxidation 

rate observed in both the HTOR and pilot plant campaigns.  The solvent initially oxidizes 

slowly, but as formate accumulates and iron solubility increases, the parent amine 

oxidation rate also increases, leading to a synergistic effect where a more degraded 

solvent will degrade faster. 
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Figure 7-7: Cumulative ammonia emissions relative to total formate accumulation 

for PZ cycled to 150 °C in the HTOR 

Based on these results, oxidation in the Refined Model is defined below (Eq. 7.1-

7.3).  1 mole of ammonia is assumed to be produced per mole of PZ oxidized (50% of 

total nitrogen loss).  The ammonia rate is a function of dissolved iron accumulation k1 

(serving as a proxy for the cycling of all nonvolatile oxidation carriers) plus a fixed term 

for the reaction with dissolved oxygen k2.  Oxidation is assumed to be first order relative 

to PZ concentration and oxygen concentration in the flue gas.  Formate accumulation rate 

is assumed to be correlated with ammonia generation rate, and iron solubility is assumed 

to be a function of either total heat stable salt or total formate accumulation. 
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 [𝐹𝑒] = 𝛽[𝐹𝑜𝑟𝑚𝑎𝑡𝑒] 𝑜𝑟 𝛽[𝐻𝑆𝑆] (7.3) 

Table 7-4: Refined Model PZ Oxidation Kinetics 

Parameter Value 

k1 (s
-1kPa-1(mmol/kg Fe)-0.5) 3.54x10-8 

-Ea,k1 (kJ/mol) 34 

k2 (s
-1kPa-1) 1.88x10-8 

-Ea,k2 (kJ/mol) 39 

T0 (°C) 150 

α (mmol NH3/mmol formate) 6.89 

β (mmol Fe/wt % HSS) 0.49 

Alternate β (µmol Fe/mmol formate) 5.4 

Oxidation due to dissolved oxygen (k2) is assumed to occur only in the hot rich 

side of the cross exchanger, and to a far lesser extent in the absorber for PZ.  Unlike the 

Original Model, oxidation due to nonvolatile oxidation carriers (k1) is expected to 

continue into the stripper sump.  The base case simple stripper assumes a sump residence 

time of 5 minutes at maximum temperature and packing of 3 minutes at 10 °C less than 

stripper operating temperature,  considerably more than the 30 seconds residence time 

assumed for the hot rich cross exchanger and piping before the stripper. 

The Refined Model also includes the option to model oxidation for the Advanced 

Flash Stripper configuration (AFS) (Figure 7-8).  The AFS is designed to improve overall 

energy performance by recovering heat normally lost in the stripper overhead with cold 

and warm rich bypass streams through a heat exchanger and the stripper packing (Lin, 

2016).  The main rich solvent stream will continue through a high temperature cross 

exchanger and a steam heater before entering the bottom of the stripper.  By employing a 

steam heater instead of a reboiler, the overall holdup in the stripper sump is expected to 
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be significantly reduced compared to a simple stripper configuration, minimizing both 

thermal degradation and oxidation due to nonvolatile oxidation carriers.  However, direct 

oxidation due to dissolved oxygen may be higher unless flashing is allowed to occur in 

the cross exchanger and steam heater.  The base case AFS model assumes 35% of the 

solvent is split off in the cold and warm rich bypass, with 90 seconds residence time in 

piping and stripper packing at 30 °C less than the stripper operating temperature.  For the 

remaining solvent, there is assumed to be 30 seconds residence time in the hot rich cross 

exchanger and piping at 5 °C less than stripper operating temperature and an additional 

30 seconds in the steam heater at stripper operating temperature.  Residence time in the 

stripper sump was assumed to be 2.5 minutes.  This was intentionally chosen to be half 

that of the base case simple stripper configuration to illustrate the effects of minimizing 

residence time at high temperature. 

 
Figure 7-8: Advanced flash stripper (AFS) process flow diagram (Lin, 2016) 
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7.2.2.2 Potential PZ Oxidation Pathways 

Amine oxidation is believed follow free radical chain reaction pathways catalyzed 

by dissolved transition metals.  Several mechanisms have been proposed for MEA, 

including electron and hydrogen abstraction, however, none of these mechanisms have 

been experimentally verified in CO2 capture conditions (Voice, 2013). 

Chi and Rochelle (2002) proposed a mechanism, adapted from Hull et al. (1969), 

in which MEA oxidation was initiated by electron abstraction catalyzed by ferric.  An 

analogous pathway for PZ oxidation is shown below (Figure 7-9 and 7-10).  Ferric iron 

abstracts an electron from PZ, producing ferrous iron and a positively-charged PZ-

aminium radical.  The PZ-aminium radical rearranges to produce a PZ-imine radical and 

loses a proton.   

 
Figure 7-9: Ferric initiated electron abstraction mechanism of PZ (adapted from 

Chi and Rochelle, 2002) 
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Figure 7-10: Net balance of ferric initiated electron abstraction of PZ 

The PZ-imine radical can then react with dissolved oxygen and PZ to produce PZ-

hydroperoxide (PZ-HP) (Figure 7-11).  PZ-HP is likely to be unstable and decompose in 

the presence of ferrous iron to a PZ-oxide radical, regenerating a ferric radical in the 

process.  PZ-oxide radical can react with PZ to produce piperazinol (PZOH) and a PZ-

imine radical (Figure 7-12). 

Formation of PZ-hydroperoxide: 

 
Figure 7-11: Formation of PZ-hydroperoxide (propagation) 
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Figure 7-12: Decomposition of piperazine-hydroperoxide to piperazinol 

Disproportionation reactions can terminate the free radical reaction pathway in a 

number of ways.  For example, 2 molecules of PZ-imine radical can react to form PZ-

imine and regenerate PZ (Figure 7-13).  Alternatively, a PZ-oxide radical and PZ-imine 

radical can react to form PZOH and PZ (Figure 7-14).  In an aqueous environment, PZ-

imine is likely to undergo hydration to form PZOH (Figure 7-15). 

 
Figure 7-13: Disproportionation of piperazine-imine radicals (homogeneous 

termination) 
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Figure 7-14: Disproportionation of piperazine-oxide radical and piperazine-imine 

radical (heterogeneous termination) 

 
Figure 7-15: Hydration of piperazine-imine to piperazinol 

PZ-imine and PZOH have been quantified in oxidized PZ samples, but PZ-HP 

and the amine free radicals have not been positively identified due to their low stability in 

solution.  Overall, 2 moles of PZ are expected to be oxidized to PZOH per mole of 

oxygen with one mole of dissolved iron cycled between ferrous and ferric states in the 

ferric-initiated electron abstraction mechanism (Figure 7-16).  The rate of oxidation will 

be mediated by the rates of the termination reactions relative to the propagation reactions. 
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𝑃𝑍 + 𝐹𝑒3+ → 𝑃𝑍∗ + 𝐻+ + 𝐹𝑒2+ 

𝑃𝑍∗ + 𝑂2 → 𝑃𝑍𝑂𝑂∗ 

𝑃𝑍𝑂𝑂∗ + 𝑃𝑍 → 𝑃𝑍𝐻𝑃 + 𝑃𝑍∗ 

𝑃𝑍𝐻𝑃 + 𝐹𝑒2+ → 𝑃𝑍𝑂∗ + 𝑂𝐻− + 𝐹𝑒3+ 

𝑃𝑍𝑂∗ + 𝑃𝑍 → 𝑃𝑍𝑂𝐻 + 𝑃𝑍∗ 

2𝑃𝑍∗ → 𝑃𝑍𝑖𝑚𝑖𝑛𝑒 + 𝑃𝑍 

𝑃𝑍𝑖𝑚𝑖𝑛𝑒 + 𝐻2𝑂 → 𝑃𝑍𝑂𝐻 

𝑁𝑒𝑡: 2𝑃𝑍 + 𝑂2 → 2𝑃𝑍𝑂𝐻 
Figure 7-16: Net balance of ferric initiated electron abstraction mechanism to form 

piperazinol from piperazine 

Voice (2013) proposed a similar alternative pathway in which MEA oxidation 

was mediated by the stability of MEA-hydroperoxide decomposition.   In this 

mechanism, a trace amount of PZ-peroxide radical reacts with PZ to form PZ-HP and a 

PZ-imine radical.  The PZ-imine radical can react with dissolved oxygen to generate 

more PZ-peroxide radical (Figure 7-17).  The stability of PZ-HP will be very sensitive to 

the presence of transition metal catalysts.  Homolytic decomposition of PZ-HP will 

produce a PZ-oxide radical in the presence of ferrous iron or a PZ-peroxide radical in the 

presence of ferric (Figure 7-18).  PZ-peroxide radical can react to oxidize more of the 

parent amine, while PZ-oxide radical can terminate to form PZOH.   
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Figure 7-17: Mechanism of PZ-hydroperoxide formation (adapted from Voice, 

2013) 

 
Figure 7-18: Mechanism of PZ-hydroperoxide metal-catalyzed decomposition 

(adapted from Voice, 2013) 

The overall balanced mechanism produces the same PZOH product as the ferric-

initiated electron abstraction mechanism, and is functionally equivalent (Figure 7-19).  

For both mechanisms, 2 moles of amine are oxidized per mole of iron cycled between 
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ferrous and ferric states, possibly explaining the dependence of ammonia emissions on 

dissolved iron concentration to the one half power observed in the HTOR. 

2{𝑃𝑍 + 𝑃𝑍𝑂𝑂∗ → 𝑃𝑍𝐻𝑃 + 𝑃𝑍∗} 

𝑃𝑍∗ + 𝑂2 → 𝑃𝑍𝑂𝑂∗ 

𝑃𝑍𝐻𝑃 + 𝐹𝑒2+ → 𝑃𝑍𝑂∗ + 𝑂𝐻− + 𝐹𝑒3+ 

𝑃𝑍𝐻𝑃 + 𝐹𝑒3+ → 𝑃𝑍𝑂𝑂∗ + 𝐻+ + 𝐹𝑒2+ 

𝑃𝑍𝑂∗ + 𝑃𝑍 → 𝑃𝑍𝑂𝐻 + 𝑃𝑍∗ 

2𝑃𝑍∗ → 𝑃𝑍𝑖𝑚𝑖𝑛𝑒 + 𝑃𝑍 

𝑃𝑍𝑖𝑚𝑖𝑛𝑒 + 𝐻2𝑂 → 𝑃𝑍𝑂𝐻 

𝑁𝑒𝑡: 2𝑃𝑍 + 𝑂2 → 2𝑃𝑍𝑂𝐻 
Figure 7-19: Net balance of PZ-hydroperoxide formation and metal catalyzed 

decomposition 

In the absence of dissolved metals and other radicals, PZ can react directly with 

molecular oxygen to form a PZ-imine radical and a hydroperoxide radical via electron 

abstraction (Figure 7-20).  Hydroperoxide can then react with PZ to form another PZ-

imine radical and hydrogen peroxide.  Hydrogen peroxide can then oxidize another 

molecule of PZ via electron abstraction, forming a PZ-imine radical, a hydroxyl radical, 

and water.  Once all the free radicals have been terminated, the net result is the same as 

the other mechanisms, with 2 moles of PZOH produced per 2 moles of PZ and 1 mole of 

dissolved oxygen consumed (Figure 7-21).  This pathway requires multiple initiation and 

termination reactions, which are not likely to occur rapidly, explaining the relative 

stability of PZ in clean solvent with no dissolved metals present.  In a bench-scale 

experiment, hydrogen peroxide produced the same total amount of ammonia when added 
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to 7 m MEA in absorber conditions, but the rate of ammonia production was significantly 

greater with dissolved iron present (Figures 5-54 and 5-56). 

 
Figure 7-20: Oxidation mechanism of PZ in the absence of metal catalysts 
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𝑃𝑍 + 𝑂2 → 𝑃𝑍∗ + 𝐻𝑂2
∗ 

𝑃𝑍 + 𝐻𝑂2
∗ → 𝑃𝑍∗ + 𝐻2𝑂2 

𝑃𝑍 + 𝐻2𝑂2 → 𝑃𝑍∗ + 𝑂𝐻∗ + 𝐻2𝑂 

𝑃𝑍∗ + 𝑂𝐻∗ → 𝑃𝑍𝑂𝐻 

2𝑃𝑍∗ → 𝑃𝑍𝑖𝑚𝑖𝑛𝑒 + 𝑃𝑍 

𝑃𝑍𝑖𝑚𝑖𝑛𝑒 + 𝐻2𝑂 → 𝑃𝑍𝑂𝐻 

𝑁𝑒𝑡: 2𝑃𝑍 + 𝑂2 → 2𝑃𝑍𝑂𝐻 

Figure 7-21: Net balance of the oxidation of PZ in the absence of metal catalysts 

PZOH is more susceptible to oxidation than PZ, and as it accumulates in the 

solvent will oxidize further to piperazinone (PZ=O), ethylenediamine (EDA), and 

eventually decompose to ammonia, aldehydes, heat stable salts, and possibly CO2 (Figure 

7-22).  Ammonia is not likely to be an initial product of PZ oxidation, but rather is 

generated from the oxidation of primary amines such as EDA that accumulate as PZ 

oxidizes.  PZOH can open to form an aldehyde and PZ=O to aminoethyl-glycine, both 

primary amines that can readily produce ammonia (Figure 7-23).  The amine-

hydroperoxides and free radicals formed from the oxidation of PZOH, PZ=O, and EDA 

can react with PZ, resulting in an increase in the oxidation rate of PZ.  These two facets 

combined explain the behavior of ammonia observed in the HTOR.  Clean PZ initially 

produces very little ammonia, but the ammonia rate increases as intermediary degradation 

products accumulate, and continues to increase even as the intermediary products reach 

steady state or even pass through a maximum and begin degrading faster than they are 

formed (Figure 5-2). 
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Figure 7-22: Continued oxidation of piperazinol to other intermediary and final 

products 

 
Figure 7-23: Equilibrium reactions for piperazinol and piperazinone to form 

primary amines 

The intermediary oxidation products formed from PZ oxidation can react to form 

other secondary products.  EDA can react with CO2 to form the cyclic urea 

imidazolidinone (Figure 7-24).  Formaldehyde can react with PZ to form an iminium salt, 

which can then be reduced in the presence of formate to produce 1-methyl-piperazine (1-

MPZ) (Figure 7-25) (Clarke et al., 1933).  This reaction requires an oxidative 

environment to produce formaldehyde, and a reducing environment such as in the 
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stripper sump to subsequently produce 1-MPZ, and is therefore only likely to occur in 

cyclic systems. 

 
Figure 7-24: Reaction of ethylenediamine and CO2 to form cyclic urea 

 
Figure 7-25: Eschweiler-Clarke reaction of piperazine with formaldehyde to 

produce 1-methyl-piperazine 

Oxygen consumption will be variable.  Half a mole of oxygen is required for the 

initial reaction to produce PZOH, but 5 moles would need to be consumed to completely 

oxidize PZ to ammonia, CO2, and water.  As the solvent becomes more degraded oxygen 

consumption is likely to increase. 

7.2.3 Other Causes of Amine Loss and Contamination 

In addition to oxidation, solvent loss will occur due to thermal degradation, 

nitrosamine decomposition, and volatile loss.  The same assumptions are made for these 

in both the Original and Refined Models. 
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7.2.3.1 Thermal Degradation 

Thermal degradation of the amine is based on the Stripper Tmax model originally 

developed by Davis (2009) and expanded by Freeman (2011).  Both modeling and 

industrial experience in acid gas scrubbing has shown 121 °C to be an optimal stripper 

operating temperature for 7 m MEA to balance thermal degradation and energy 

performance.  This temperature corresponds to a thermal degradation rate of 2.91x10-8 s-1 

(or 2% per week) in bench-scale thermal degradation experiments conducted in thermal 

cylinders heated in ovens.  8 m PZ matches that thermal degradation rate at 163 °C, and 

7/2 m MDEA/PZ at 138 °C.  This value is said to be the “Tmax” of the solvent (Table 7-

5).  This is the reason for setting default stripper operating temperatures of 120 °C for 

MEA, 150 °C for PZ (assumed to be limited by steam quality), and 135 °C for 

MDEA/PZ. 

Table 7-5: Stripper Tmax (Freeman, 2011) 

 7 m MEA 8 m PZ 7/2 m MDEA/PZ 

Stripper Tmax (k = 2.91x10-8 s-1) 121 °C 163 °C 138 °C 

-Ea (kJ/mol) 157 184 184 

The stoichiometry of degradation product accumulation is based on composition 

analysis from bench-scale thermal degradation experiments (Table 7-6). 
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Table 7-6: Thermal degradation stoichiometry 

Product Moles produced/mole amine lost 

MEA (Davis, 2009) 

HEIA 0.2 

triHEIA 0.05 

HEEDA in equilibrium w/ HEIA 

MEA trimer in equilibrium w/ triHEIA 

PZ (Freeman, 2011) 

Ammonium 0.29 

EDA 0.03 

2-Imidazolidone 0.06 

Formate 0.06 

N-Formyl-PZ (FPZ) 0.32 

Total formate 0.39 

Total acetate 0.02 

AEP 0.07 

HEP 0.04 

N-Ethyl-PZ 0.03 

Other nonvolatile amines 0.26 

MDEA/PZ (Closmann, 2011) 

Total formate 0.01 

1-MPZ + 1,4-dimethyl-PZ 0.18 

DEA + MAE 0.64 

AEP 0.01 

7.2.3.2 Nitrosamine Accumulation  

Nitrosamine accumulation and decomposition was quantified using the model 

developed by Fine (2015).  NO2 will be absorbed from the flue gas as nitrite, which can 

react with secondary amines such as PZ to form carcinogenic nitrosamines such as N-
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nitroso-piperazine (MNPZ).  MNPZ is thermally unstable, decomposing readily in the 

stripper.  As a result, it will reach a steady-state concentration determined by the stripper 

temperature and residence time and the flue gas NO2 content.  As the temperature and 

holdup of the stripper is increased, the degradation rate of MNPZ increases, reducing the 

steady-state concentration in the solvent.  MNPZ decomposes into PZOH, which will 

then decompose into formate and ammonia.  It is assumed that 1.5 moles of ammonia 

will be produced per mole of NO2 absorbed from the flue gas. 

Pure MEA will not form a stable nitrosamine.  However, secondary amines 

present in degraded solvent can react to form nitrosamines.  N-hydroxyethyl-glycine 

(HEGly) and diethanolamine (DEA) are expected to be the most concentrated secondary 

amines, forming N-nitroso-HEGly and N-nitroso-diethanolamine (NDELA) respectively.  

The formation of nitramines was not considered in this study. 

7.2.3.3 Volatile Amine Loss 

Some amine will be emitted from the top of the absorber stack with the CO2-lean 

flue gas due to volatility, entrainment, and aerosol growth.  It is assumed that a water 

wash will be employed to limit emissions.  The model includes a calculation of amine 

loss as a function of the design specification of the water wash and a calculation of the 

concentration of ammonia leaving the absorber.  The base case for all amines is 1 ppmv 

of amine in the flue gas leaving the water wash.   

7.2.3.4 Flue Gas Contaminant Accumulation 

The solvent will absorb contaminants from the flue gas, most significantly sulfate 

and nitrate from SOX and NOX absorption.  Coal flue gas also contains trace amounts of 

fluoride, chloride, and fly ash.  Table 7-7 shows the typical flue gas concentration range 
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for major fuel contaminants, as well as the base case values used for the coal and NGCC 

base cases in this study; these values were chosen after reviewing data gathered by the 

United States Environmental Protection Agency (US EPA) in its 2010 Information 

Collection Request from coal-fired power generating units with similar pollution 

controls.  The table shows the typical range of contaminants in coal flue gas as well as the 

median values chosen for the coal and natural gas base cases.  It was assumed that SO2, 

NO2, HCl, and HF will be absorbed by the amine solvent to some extent and 

subsequently form heat stable salts.  However, SO3 and other NOX compounds present in 

the flue gas will not be absorbed. 

Table 7-7: Flue gas contaminants (IEAGHG, 2014) 

Contaminant 

(wet basis) 

Coal 

Typical range 

Coal 

base case 

NGCC 

base case 

% Removal 

from gas 

SOX (ppmv) 11 – 20 15 0.5  

SO3 (ppmv) 10 10 0 0% 

SO2 (ppmv) 1 – 10 0.5 0.5 90% 

NOX (ppmv) 20 – 110 46.5 15.5  

NO2 (ppmv) 1 – 5.5 1.5 0.5 100% 

NOX (ppmv) 19 – 104.5 45 15 10% 

HCl (ppmv) 0.2 – 1.85 1.85 0 90% 

HF (ppmv) 0.075 0.075 0 90% 

Fly ash (mg/Nm3) 1.5 – 45 6 0 5% 

Hg (μg/Nm3) 0.135 – 6 1.8 0 5% 

Se (μg/Nm3) 0.3 – 30 2.3 0 50% 

Other metals (μg/Nm3) 3 – 150 5.5 0 5% 

NO2 will be absorbed as nitrite, which will then react with PZ and other 

secondary amines to form nitrosamines.  Sulfate, nitrate, chloride, and fluoride will be 
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stable and nonvolatile, similar to the other heat stable salts formed by degradation.  The 

other contaminants should not accumulate to a level where solvent performance is 

affected.  However, mercury, selenium, arsenic, and other toxic components of the fly ash 

could potentially pose a health risk and result in the solvent or reclaimer waste being 

treated as a hazardous waste. 

7.2.4 Reclaimer Options 

In  addition  to  the  other  causes  of  amine  loss,  some  additional  amine  will  

be  lost  in  the  reclaiming  process  with  the waste streams.  Thermal reclaiming is 

expected to be able to recover 95 wt % of the amine in the feed (with some loss due to 

additional thermal degradation) with 100 % removal of HSS and other nonvolatile 

contaminants.    Electrodialysis and ion exchange should be of the order of 97 and 99 wt 

% amine recovery and 91.5 and 90 wt % HSS removal, respectively, but these processes 

will not remove polar contaminants (Kohl and Nielsen, 1997).  Solvent costs were 

assumed to be $1.91/kg for MEA, $5/kg for PZ, and $2.42/kg for MDEA/PZ. 

Table 7-8: Assumptions for reclaiming technologies 

Reclaiming Technology Amine Recovery 

wt % 

HSS removal 

wt % 

Metals/Non-ionic 

products removal wt % 

Thermal Reclaiming 95 100 100 

Ion Exchange 99 90 0 

Electrodialysis 97 91.5 0 

Reclaimer capital, energy, and other operating cost estimation parameters are 

described in detail in the IEAGHG report (2014).  Reclaimer capital costs were scaled 

relative to the feed rate of heat stable salts to the power of 0.6 from vendor 

recommendations.  A Lang Factor of three was used to scale bottom-up purchased 
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equipment costs to total capital costs based upon construction of an Nth plant for a well-

developed technology.  Costs were annualized based on an 8% discount rate and plant 

life of 25 years.  A capacity factor of 85% was assumed.  Operating costs include sodium 

hydroxide ($0.68/kg), steam for thermal reclaiming, sulfuric acid ($0.07/kg) for 

regeneration of ion exchange beds, and distilled, deionized water for resin bed flushing 

and electrodialysis ($0.5/m3).  Ion exchange resin beds and electrodialysis membranes 

were assumed to last 5 years for the NGCC cases and 2.5 years for the coal cases before 

needing replacement.  Parasitic energy requirements were assumed to cost $120/MWe. 

7.2.5 Solvent Viscosity 

The Refined Model includes an estimate for the change in solvent viscosity due to 

heat stable salt accumulation.  Parameters for the effects of individual components are 

shown in Table 6-5 for Equation 6.10.  As solvent viscosity increases heat transfer in the 

cross exchanger will decrease.  As the cross exchanger cannot be expanded after 

installation, this will require more steam to be used in the reboiler or steam heater to 

regenerate the solvent compared to what would be predicted for a clean solvent.  The heat 

transfer coefficient was assumed to be a function of viscosity to the power of 0.35.  The 

base case design assumes a 5 K LMTD approach for the cross exchanger. 

7.2.6 Nitrogen Sparging 

A model for sizing a bubble column to strip dissolved oxygen from rich solvent 

was developed in Microsoft Excel.  A few simplifying assumptions were made to develop 

the model.  The oxygen solute was assumed to be dilute with a linear equilibrium line and 

constant liquid and gas flow rates with countercurrent plug flow, allowing for an 

integrated analytical form of the operating line equation to be used to calculate tower 
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height (Hines and Maddox, 1985).  The rich solvent was assumed to be saturated with 

oxygen from the flue gas in the absorber.  The Henry’s constant of O2 in H2O was used as 

an estimate for the Henry’s constant in the aqueous PZ solvent.  The bubble column was 

assumed to operate at 40 °C with a top pressure of 0 psig.  Axial mixing effects and 

dispersion effects of the gas inlet nozzle should not have a significant effect on bubble 

column operation at the scale being considered and are ignored (Decker, 1992). 

The mass transfer coefficient kLa was calculated using Equation 7.4 (Akita and 

Yoshida, 1973).  The diffusion coefficient DL was estimated by the Wilke-Chang 

correlation, using the association parameter of water, and was calculated to be 

approximately 2.5∙10-6 cm2/s (Bird et al, 2007).  For 8 m PZ at 40 °C and 0.4 mol 

CO2/mol alkalinity, ρL = 1.15 kg/L and μL = 11.4 cP (Freeman, 2011).  For surface 

tension σL, the surface tension of water was used (70 dyne/cm).  dT is the tower diameter, 

g is the gravitational constant (9.81 m/s2), and εG is the gas holdup. 

 𝑘𝐿𝑎 = (
0.6𝐷𝐿

𝑑𝑇
2 ) (

𝜇𝐿

𝜌𝐿𝐷𝐿
)

0.5

(
𝑔𝑑𝑇

2𝜌𝐿

𝜎𝐿
)

0.62

(
𝑔𝑑𝑇

3𝜌𝐿
2

𝜇𝐿
2 )

0.31

𝜀𝐺
1.1  (7.4) 

The gas holdup εG was calculated using Equation 7.5, where uG and uL are the 

superficial velocities of the gas and liquid in m/s (Hills, 1976). 

 𝜀𝐺 =
𝑢𝐺

0.24+1.35(𝑢𝐺+𝑢𝐿)0.93  (7.5) 

From this and assuming linear operating and equilibrium lines (Henry’s Law, 

dilute solute, constant liquid and gas flow rates) the required height of the tower can be 

calculated using Equation 7.6 (Hines and Maddox, 1985).  xO2,i is the rich solvent O2 

concentration entering the bubble column (assumed saturated by flue gas), xO2,o is the O2 

concentration of solvent leaving the column (calculated based on desired removal), and 

yO2,o is the concentration of O2 in the gas leaving the absorber (calculated by a simple 
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material balance).  The inlet nitrogen gas is assumed to be pure N2.  HO2 is the Henry’s 

constant of O2 (assumed to be the same as that in water at 40 °C: 55000). 

 𝑍(𝑇) = 𝐻𝑇𝑈 ∗ 𝑁𝑇𝑈 = (
𝑢𝐿

𝑘𝐿𝑎
)

𝑎𝑣𝑔
∗

𝑥𝑂2,𝑖−𝑥𝑂2,𝑜

𝑥𝑂2,𝑖−
𝑦𝑂2,𝑜

𝐻𝑂2
−𝑥𝑂2,𝑜

ln (
𝑥𝑂2,𝑖−

𝑦𝑂2,𝑜

𝐻𝑂2

𝑥𝑂2,𝑜
)  (7.6) 

Based on these equations, a required nitrogen flow rate for a desired tower height, 

diameter, liquid flow rate, and O2 removal can be calculated using the Solver function in 

Microsoft Excel. 

For capital cost estimation, the sparger column was assumed to be a vertical 

bubble column with no internals, constructed from 0.5” thick 304 stainless steel (density 

= 2.84 lbs/in3, FM = 1.7) (Seider et al., 2009).  Factors for conversion from purchased 

equipment cost to annualized total capital cost were the same as used for the reclaimer 

capital cost evaluation.  The cost of nitrogen from on-site generation was assumed to be 

$0.21/100 SCF per vendor recommendation (Humphreys, 2017). 

7.3 MODEL RESULTS 

7.3.1 Original Model 

7.3.1.1 Amine Loss 

Table 7-9 shows the required solvent make-up costs for the six base cases in 

$/metric tonne (MT) of CO2 removed, broken down by causes of solvent loss, as 

calculated by the Original Model.  All cases assume 30 minutes of total residence time in 

the system, 8 minutes residence time in the stripper (5 minutes in the sump, 3 minutes in 

the packing), and 30 seconds residence time in for high-temperature oxidation before the 

stripper.  The flue gas leaving the water wash is assumed to have an amine concentration 

of 1 ppmv.   
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For all three solvent systems of interest, oxidation contributes more to solvent loss 

than thermal degradation or volatile losses.  Estimated oxidation rates for NGCC cases 

are more than twice as much as the coal cases per MT of CO2 captured due to the higher 

oxygen content of the flue gas, and volatile solvent losses are approximately three times 

greater due to the greater flue gas rate relative to the absorber solvent feed rate.  

Nitrosamine formation results in some additional loss of PZ for both the 8 m PZ 

and 7/2 m MDEA/PZ cases.  The cost of solvent makeup due to nitrosamine formation 

for these cases is expected to be on the order of 0.09 to 0.14 $/MT of CO2 captured, and 

is a strong function of NO2 concentration entering the absorber.  It may be advantageous 

to remove the remaining NO2 upstream of the capture unit to reduce the solvent make-up 

costs. 
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Table 7-9: Original Model amine loss results 

Parameters 7 m MEA 8 m PZ 7/2 m MDEA/PZ 

Flue Gas Coal NGCC Coal NGCC Coal NGCC 

Stripper temperature (°C) 120°C 150°C 135°C 

Loading range 

(mol CO2/mol alkalinity) 

0.12-

0.51 

0.12-

0.49 

0.31-

0.41 

0.28-

0.37 

0.11-

0.25 

0.11-

0.25 

Thermal degradation cost 

($/MT CO2) 
0.06 0.07 0.10 0.11 0.26 0.26 

Oxidation cost 

($/MT CO2) 
0.13 0.33 0.28 0.72 0.43 1.02 

Nitrosamine formation cost 

($/MT CO2) 
  0.14 0.13 0.09 0.08 

Volatile amine loss cost 

($/MT CO2) 
0.02 0.07 0.08 0.26 0.05 0.16 

Total Amine Make-up 

($/MT CO2 captured) 
0.22 0.45 0.60 1.23 0.83 1.53 

7.3.1.2 Techno-Economic Evaluation of Reclaimer Options 

Steady-state material balances were made around the reclaimer system assuming 

two different bases: 

 A slipstream of 0.1% of the total solvent circulation rate is fed to the reclaiming 

unit.  This slipstream ratio keeps the solvent losses at acceptable levels, but the 

heat stable salts (HSS) levels vary depending on the amine solvent. 

 The reclaimer slipstream percentage is adjusted so that the steady-state 

concentration of HSS in the circulating amine solvent is 1.5 wt%.   

Table 7-10 presents the annualized capital costs and total revenue requirement for 

each of the cases for a 0.15 slipstream.  Table 7-11 presents the cost of reclaiming per ton 

of CO2 captured in $/ton for all cases.  The process economics suggest that for both coal 
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and natural gas combustion, annualized reclaiming costs for MEA-based capture systems 

could be lower than annualized reclaiming costs for both MDEA/PZ and PZ-based 

capture systems, with PZ-based capture systems having the highest estimated annualized 

reclaiming costs. This annualized cost difference is attributed to annual costs from 

solvent losses and energy consumption for the thermal reclaiming and electrodialysis 

cases. For an actual detailed plant design, with a more expensive amine system, it will be 

advantageous to design a reclaimer that minimizes amine loss in the waste.  

For MEA coal combustion, thermal reclaiming was found to be the least 

expensive reclaiming process, while for PZ and MDEA/PZ ion exchange was the least 

expensive. For natural gas combustion, ion exchange was the least expensive reclaiming 

process for all the amines except for MEA with 1.5 wt% HSS, where electrodialysis had 

a slightly lower cost.   Overall, the estimated costs ranged from $1.11 to $2.18/MT CO2 

for coal cases with 1.5 wt % heat stable salts, and $0.82 to $1.69/MT CO2 for NGCC.  
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Table 7-10: Estimated annual revenue requirements (0.1% slipstream to reclaimer) 

 

Total Annual 

Operating 

Costs ($MM) 

Annual 

Energy 

Costs 

($MM) 

Annualized 

Capital 

Costs 

($MM) 

Total Revenue 

Requirement 

($MM) 

MEA Coal - Thermal Reclaiming 3.2 1.3 1.0 5.6 

MEA Coal - Ion Exchange 4.5 0.013 1.5 6.0 

MEA Coal -Electrodialysis 3.6 0.9 1.0 5.5 

MEA NGCC - Thermal 

Reclaiming 
1.4 0.6 0.3 2.3 

MEA NGCC - Ion Exchange 1.3 0.011 0.4 1.7 

MEA NGCC - Electrodialysis 1.2 0.4 0.3 1.9 

PZ Coal - Thermal Reclaiming 14.4 2.2 1.1 17.8 

PZ Coal - Ion Exchange 7.1 0.010 1.5 8.6 

PZ Coal - Electrodialysis 10.5 2.1 1.2 13.8 

PZ NGCC - Thermal Reclaiming 7.1 1.1 0.3 8.5 

PZ NGCC - Ion Exchange 2.5 0.012 0.5 3.0 

PZ NGCC - Electrodialysis 4.6 1.1 0.3 6.0 

MDEA/PZ Coal - Thermal 

Reclaiming 
11.9 2.6 1.1 15.6 

MDEA/PZ Coal - Ion Exchange 6.5 0.032 1.6 8.2 

MDEA/PZ Coal - Electrodialysis 9.0 3.6 1.1 13.7 

MDEA/PZ NGCC - Thermal 

Reclaiming 
5.2 1.2 0.3 6.8 

MDEA/PZ NGCC - Ion Exchange 2.1 0.014 0.5 2.6 

MDEA/PZ NGCC - 

Electrodialysis 
3.5 1.6 0.3 5.5 
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Table 7-11: Normalized costs for 0.1 wt% slipstream and 1.5 wt % HSS cases 

 

0.1 wt % slipstream 

$/MT CO2 

1.5 wt % HSS 

$/MT CO2 

MEA Coal - Thermal Reclaiming 1.11 1.11 

MEA Coal - Ion Exchange 1.20 1.21 

MEA Coal -Electrodialysis 1.10 1.13 

MEA NGCC - Thermal Reclaiming 1.23 0.89 

MEA NGCC - Ion Exchange 0.90 0.86 

MEA NGCC - Electrodialysis 1.01 0.82 

PZ Coal - Thermal Reclaiming 3.53 2.18 

PZ Coal - Ion Exchange 1.71 1.50 

PZ Coal - Electrodialysis 2.74 1.96 

PZ NGCC - Thermal Reclaiming 4.50 1.69 

PZ NGCC - Ion Exchange 1.58 1.10 

PZ NGCC - Electrodialysis 3.20 1.43 

MDEAPZ Coal - Thermal Reclaiming 3.11 1.63 

MDEA/PZ Coal - Ion Exchange 1.63 1.41 

MDEA/PZ Coal - Electrodialysis 2.71 1.67 

MDEA/PZ NGCC - Thermal Reclaiming 3.58 1.26 

MDEA/PZ NGCC - Ion Exchange 1.61 1.01 

MDEA/PZ NGCC - Electrodialysis 2.89 1.21 

7.3.2 Refined Model 

The most significant change in the Refined Model compared to the Original 

Model is the way in which oxidation is modelled.  For the Refined Model, it is assumed 

that oxidation rate is partially due to the cycling of nonvolatile oxidation carriers such as 

dissolved iron, which is itself a function of degradation product accumulation.  Thus a 

more degraded solvent will oxidize faster.  The oxidation of the amine is expected to 
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carry over into the stripper sump due to these oxidation carriers.  The Refined Model also 

includes the option to model the AFS stripper configuration, dissolved oxygen (DO) 

removal to reduce oxidation, and estimates increased steam requirements in the stripper 

due to increased solvent viscosity.  Figure 7-26 shows the ammonia emissions as a 

function of heat stable salt accumulation for the coal base case with 5 m PZ for a simple 

stripper, AFS, and AFS with DO removal.  Also shown are the observed ammonia 

emissions from the March 2015 campaign at SRP, which used an AFS at 150 °C to treat 

synthetic flue gas (12 kPa CO2, 18 kPa O2), and the 155 °C duration test conducted at 

CSIRO Tarong using a simple stripper and treating a slipstream of coal flue gas.  See 

Chapter 4 for details on those campaigns.   

The model assumes a user-defined steady-state where degradation product 

accumulation is matched by reclaiming with the amount of degradation, and was never 

meant to model transient effects.  Despite this, the model matches the observations at 

both pilot plants very well.  Adjusting the stripper sump residence time for the simple 

stripper model fits the data with a coefficient of determination of 0.67.  Table 7-12 shows 

some other model predictions compared to actual results from the CSIRO campaign.  

Formate, dissolved iron, nitrosamine accumulation, and the change in sulfate 

accumulation were all reasonably well-matched.  Ammonia at SRP also matches with the 

model prediction for the AFS, despite the oxygen content in the synthetic flue gas being 3 

times greater than the Coal base case.  The cross exchanger and steam heater at SRP were 

intentionally designed to allow for flashing of the solvent.  This may be removing 

dissolved oxygen from the liquid phase before it can react.  This, combined with the lack 

of NO2 to cause nitrosamine decomposition, has resulted in the solvent remaining clean 
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with a minimal oxidation rate despite running for a similar length of time as the CSIRO 

facility. 

Using the AFS configuration drastically reduced oxidation compared to the 

simple stripper, with ammonia emissions being reduced from 35 ppmv to 14 ppmv at 1 wt 

% HSS.  However, this comes at the cost of increased steady state MNPZ nitrosamine 

accumulation, from 1.6 to 2.7 mmol/kg.  Both the reduced oxidation and increased 

nitrosamine is entirely due to the designed reduced residence time for the solvent in the 

AFS compared to the simple stripper.  Removing dissolved oxygen, however, reduced 

ammonia by less than 2 ppmv in degraded solvent, as most of the oxidation is caused by 

cycling of nonvolatile oxidation carriers.  This is far less drastic than what has been 

observed for DO removal in the bench-scale HTOR apparatus.  However, the HTOR is 

designed to allow the amine to react with DO throughout the system unless removed by 

sparging, while in a full-scale facility it would be expected to flash off upon entering the 

stripper.  DO removal will be more important in a system with longer residence time in 

the hot rich side cross exchanger, piping, and steam heater. 
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Figure 7-26: Estimated ammonia emissions for Refined Model, coal base case, 5 m 

PZ, fixed heat stable salts 

Table 7-12: Comparison of Refined Model predictions (fixed heat stable salts) to 

observations at CSIRO pilot plant 

 Model Prediction Observed R2 

PZ Loss (mmol/kg/hr) 0.44-0.50 0.4 ± 1.0  

Formate (mmol/kg) 75-109 62-110 0.86 

Fe (mmol/kg) 0.35-0.49 0.18-0.54 0.66 

MNPZ (mmol/kg) 1.6 1.6-2.4  

Sulfate (mmol/kg) 10.2-13.0 (+2.8) 23.1-26.9 (+3.8)  

Figure 7-27 shows the predicted total cost of PZ loss and reclaiming for the Coal 

base case assuming 95% amine recovery in a thermal reclaimer for both the simple 

stripper and AFS configurations as a function of specified steady-state heat stable salt 

accumulation.  The model includes estimates for amine make-up, additional reclaimer 
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capital and operating costs, and the cost of additional steam use in the reboiler or steam 

heater due to increased solvent viscosity.  The breakdown in cost of these factors is 

shown in Figure 7-28 for the AFS configuration.  The capital, operating, and amine 

make-up costs in the reclaimer are directly proportional to the reclaimer feed rate and 

thus inversely proportional to steady-state HSS accumulation.  However, amine make-up 

due to oxidation and steam required due to increased viscosity both increase due to HSS 

accumulation.  This results in an optimal operating range where these costs are balanced 

of around 0.3 to 0.4 wt % HSS.  In this range, total costs are $4.2/MT CO2 for the simple 

stripper and $2.6/MT CO2 for the AFS.  DO removal saves an average of $0.2/MT CO2 

over the range of 0.1 to 2 wt % HSS. 

 
Figure 7-27: Total cost for amine make-up and reclaiming for 5 m PZ, Refined 

Model, Coal base case, 95% amine recovery in thermal reclaimer, fixed heat stable 

salts 
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Figure 7-28: Breakdown of costs for amine make-up and reclaiming for 5 m PZ, 

Refined Model, Coal base case, 95% amine recovery in thermal reclaimer, fixed 

heat stable salts, AFS 

The base case model assumes amine recovery from the feed to the thermal 

reclaimer is fixed at 95%.  This may not be true in practice.  If the reclaimer feed is 

already relatively clean, it is likely amine recovery can be improved.  An alternate 

assumption for amine loss in the reclaimer is 2 mol amine/mol HSS waste generated.  

This is reasonable for a semi-batch reclaimer with a relatively large feed stream and 

relatively small waste stream.  The cost breakdown using this assumption is shown in 

Figure 7-29.  As amine make-up costs are reduced for a clean amine, the optimal 

operating point shifts down to $2.2/MT CO2 at 0.1 wt %.  Above 0.5 wt % HSS, amine 
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than the fixed recovery base case.  Maximizing amine recovery will be a very important 

parameter in the design and operation of the reclaimer. 

 
Figure 7-29: Breakdown of costs for amine make-up and reclaiming for 5 m PZ, 

Refined Model, Coal base case, 2 moles amine lost per mole HSS removed in 

thermal reclaimer, fixed heat stable salts, AFS 
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nonpolar nonvolatile contaminants, such as metals leached from fly ash.  Therefore, if ion 

exchange is implemented to control HSS’s, it may be necessary to also have a small 

thermal reclaimer, operated periodically when nonvolatile contamination in the solvent 

becomes excessive.  

 
Figure 7-30: Total cost for alternative reclaimer options, 5 m PZ, Refined Model, 

Coal base case, 95% amine recovery in thermal reclaimer, fixed heat stable salts, 

AFS 
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significantly cheaper than thermal reclaiming, at a minimum of $3.3/MT CO2 (Figure 7-

32).  Because the NGCC flue gas does not typically contain the same contaminants as 

coal flue gas, a secondary thermal reclaimer may not be necessary if ion exchange is used 

to control HSS accumulation. 

 
Figure 7-31: Total cost for amine make-up and reclaiming for 5 m PZ, Refined 

Model, NGCC base case, 95% amine recovery in thermal reclaimer, fixed heat 

stable salts 
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Figure 7-32: Breakdown of costs for amine make-up and reclaiming for 5 m PZ, 

Refined Model, NGCC base case, fixed amine recovery in reclaimer, fixed heat 

stable salts, AFS 
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heating costs matched by decreased compression cost (Lin, 2016).  Thus only the 

compressor capital cost is expected to be a function of stripper temperature, with a higher 

temperature and operating pressure allowing for a small compressor chain.  The 

optimized stripper temperature balancing total cost of amine loss and compression capital 

cost is approximately 150 °C (Figure 7-33).  Increasing residence time in the steam heater 

and stripper sump will increase total reclaiming cost by $0.34 and $0.26/MT CO2 per 

minute respectively, so designing and operating the stripper to minimize solvent holdup 

will be critical. The value is greater for the steam heater due to the additional 

consumption of dissolved oxygen.  If dissolved oxygen is removed or flashed off before 

the steam heater the cost of increased holdup will be equivalent to the stripper sump.  

Holdup in the stripper packing is less important for the AFS due to the reduced solvent 

flow and temperature.  Operating with a smaller, less optimal cross exchanger will reduce 

total reclaiming cost due to a decrease in the additional steam requirements as the solvent 

becomes more viscous.  However, this will be canceled out by increased overall 

equivalent work requirement of the stripper design.   

Removing 90% of dissolved oxygen before the cross exchanger and steam heater 

reduces solvent make-up and reclaiming cost by $0.19/MT CO2.  Reducing NO2 will also 

reduce cost by $0.19/MT CO2 per ppmv (not including the additional cost of an NO2 

prescrubber to treat the flue gas before the absorber).  The base case model assumes a 

polishing scrubber before the absorber to reduce SO2 to 0.5 ppmv.  Solvent make-up and 

reclaiming costs are projected to increase by $0.5/MT CO2 per ppmv of SO2.  Without a 

polishing scrubber, SO2 may be as high as 5 ppmv entering the absorber, increasing 

reclaiming costs by $2/MT CO2.  Limiting HCl in the flue gas will have a smaller effect, 

at $0.16/MT CO2 per ppmv.  Other flue gas contaminants, such as fly ash, mercury, and 
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selenium, will not be absorbed into the solvent at a rate requiring an appreciable increase 

in reclaimer feed rate.  However, the concentration of these contaminants in the reclaimer 

waste sludge may increase disposal costs significantly.  These costs are discussed in the 

IEAGHG report (2014).  PZ emissions will cost $0.1/MT CO2 per ppmv of PZ not 

captured by the water wash system.  This cost will be minimal for a system with a well-

designed water wash and no aerosol growth.  However, aerosol growth in the absorber 

has been shown to drastically increase amine emissions, to as high as 50 to 100 ppmv 

(Beaudry, 2017), which would require $5-10/MT CO2 in amine make-up costs. 

Increasing CO2 capture to 99% slightly reduces amine make-up costs by $0.1/MT 

of CO2, due to the increased CO2 removed by the solvent compared to oxygen absorbed 

from the flue gas.  This is likely to be dwarfed by the increased capital cost of the 

absorber required to reach 99% capture.  Reducing lean loading to 0.22 mol CO2/mol 

alkalinity while maintaining rich loading at 0.41 mol CO2/mol alkalinity reduces make-up 

and reclaiming costs by $0.3/MT CO2, due to the higher capacity of the solvent.  Lower 

lean loading is also expected to minimize the equivalent work of the AFS stripper system 

(Lin, 2016). 
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Table 7-13: Sensitivity analysis of Refined Model parameters relative to total amine 

make-up and reclaiming costs. Coal, 5 m PZ, AFS, thermal reclaiming: 

Parameter Base Case New Value (Δ) Δ $/MT CO2 

Steady-state HSS  0.4 wt % 1.4 wt % (+1 wt %) 1.4 

Reclaimer amine 

recovery 
95% 99% -0.8 

Stripper T (not 150 °C 135 °C (-15 °C) -0.37 

including ΔWEQ)  165 °C (+15 °C) 0.78 

τ stripper sump 2.5 min 3.5 min (+1 min) 0.26 

τ stripper packing 1.5 min 2.5 min (+1 min) 0.04 

τ steam heater 0.5 min 1.5 min (+1 min) 0.34 

CX LMTD 5 K 10 K (+5 K) -0.2 

O2 Removal 0% 90% -0.19 

NO2 1.5 ppmv 2.5 ppmv (+1 ppmv) 0.19 

SO2 0.5 ppmv 1.5 ppmv (+1 ppmv) 0.51 

HCl 1.85 ppmv 2.85 ppmv (+1 ppmv) 0.16 

PZ emissions 1 ppmv 2 ppmv (+1 ppmv) 0.09 

CO2 Removal 90% 99% -0.08 

Lean Loading 0.28 0.22 mol/mol alk -0.32 
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Figure 7-33: Reclaimer, amine make-up, and annualized compressor capital costs 

(Lin, 2016) as a function of stripper operating temperature for 5 m PZ using the 

AFS, Coal base case, Refined Model, thermal reclaiming, 0.4 wt % HSS. 
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exchange to $2.3/MT of CO2, $0.3/MT CO2 less than PZ.  5 m PZ is expected to reduce 

equivalent work in the AFS stripper by 10%, from 34.2 to 29.7 kJ/mol (Lin, 2016).  At a 

cost of electricity of $120/MWe, this corresponds to a decrease of $3.4/MT CO2 in 

equivalent work for the stripper.  Overall, this means that using 5 m PZ at 150 °C instead 

of 7 m MEA at 120 °C will reduce overall cost by approximately $3/MT CO2.  PZ would 

have to cost $13/kg for amine make-up costs to cancel out the savings in energy 

performance.  Oxidation in the absorber will also be more important for MEA than for 

PZ, with over 30% of total oxidation occurring in the absorber packing and sump 

(assuming 5 minute residence times for each), compared to 10% for PZ. 

Table 7-14: Comparison of 7 m MEA (120 °C) to 5 m PZ (150 °C) for Refined 

Model, Coal base case, AFS configuration, Approximate Stripper Model: 

Solvent/Reclaimer Optimal 

wt% HSS 

Amine make-up 

kg/MT CO2 

Total Cost 

$/MT CO2 

Cost + WEQ 

$/MT CO2 

7 m MEA/Thermal 0.3 0.66 2.3 28.2 

7 m MEA/IX 0.1 0.44 1.3 27.2 

7 m MEA/ED 0.3 0.54 2.2 28.1 

5 m PZ/Thermal 0.4 0.34 2.6 25.1 

5 m PZ/IX 0.1 0.25 1.6 24.2 

5 m PZ/ED 0.3 0.30 2.4 24.9 

Iron solubility was more strongly correlated to total formate than total heat stable 

salts in bench and pilot-scale experiments (Figures 7-5 and 7-6).  A version of the 

Refined Model where iron concentration and oxidation rate was determined from a user-

specified steady-state total formate concentration (β = 5.4 µmol Fe/mmol formate), 

instead of total heat stable salts (β = 0.49 mmol Fe/wt % HSS), was also constructed.  

The overall results are very similar to the HSS-controlled model.  Ammonia emissions 
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could be matched at the CSIRO Tarong facility by adjusting stripper sump residence time 

with a coefficient of determination of 0.8 (Figure 7-34).  Table 7-14 shows that the model 

also reasonably matches observed PZ loss and HSS, Fe, MNPZ, and sulfate accumulation 

at CSIRO.  The total cost predicted by the fixed total formate model closely matches the 

prediction of fixed total HSS model (Figure 7-35) for the Coal base case with 5 m PZ and 

AFS, with a minimum cost of $2.4/MT CO2. 

 
Figure 7-34: Estimated ammonia emissions for Refined Model, coal base case, 5 m 

PZ, fixed total formate 
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Table 7-15: Comparison of Refined Model predictions (fixed total formate) to 

observations at CSIRO pilot plant 

 Model Prediction Observed 

PZ Loss (mmol/kg/hr) 0.41-0.51 0.4 ± 1.0 

HSS (wt %) 0.6-1.1 0.7-1.0 

Fe (mmol/kg) 0.34-0.59 0.18-0.54 

MNPZ (mmol/kg) 1.6 1.6-2.4 

Sulfate (mmol/kg) 11.4-15.9 (+4.5) 23.1-26.9 (+3.8) 

 
Figure 7-35: Breakdown of costs for amine make-up and reclaiming for 5 m PZ, 

Refined Model, Coal base case, 95% amine recovery in thermal reclaimer, fixed 

total formate compared to fixed heat stable salts, AFS 
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The model was used to propose designs for testing at the SRP facility and to determine 

the cost of nitrogen sparging for the Refined Model Coal and NGCC base cases with 5 m 

PZ and the AFS configuration. 

7.3.3.1 Proposed Design for SRP Pilot Plant 

A rich solvent flow rate of 20 gpm was assumed for modeling the bubble column.  

This is the highest flow rate typically used in the SRP campaigns.  Three options were 

considered: using the existing simple stripper (not in use when the AFS skid is used for 

solvent regeneration); sparging in the absorber sump; and constructing a new column, 

most likely out of a 6” ID pipe.  A base case design using the existing stripper (16.8”-ID 

by 20 ft height) with no entrained gas would require approximately 0.17 SCFM of N2 to 

achieve 90% removal of dissolved O2.  By comparison, the synthetic flue gas uses as 

much as 80 ACFM of CO2 (675 ACFM total).  If only 10 feet of the column is used, the 

required nitrogen flow rate increases by 75% to 0.30 SCFM.  Alternatively, using 

nitrogen sparging in the absorber sump (16.8” ID, 2-5 ft liquid head) would require 0.5 to 

0.8 SCFM N2. 

Figure 7-36 shows the N2 flow rate required to achieve 90% O2 removal from a 

20 gpm rich solvent stream as a function of bubble column height and diameter.  As 

expected, a shorter or narrower column would require a greater gas flow rate.  Above 

16.8” diameter, the diameter of the tower has minimal effect on gas flow rate.   
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Figure 7-36: Nitrogen flow rate required to achieve 90% removal of O2 from 

oxygenated rich solvent for various bubble column heights and diameters 

Figure 7-37 shows the effect of desired oxygen removal on required nitrogen flow 

for a 16.8” by 20’ column with 20 gpm of rich solvent flow.  Stripping 50% of dissolved 

oxygen requires only 35% as much nitrogen as 90% removal.  However, 99% removal 

would require 80% more nitrogen than 90% removal. 
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Figure 7-37: Nitrogen flow rate required for variable O2 removal for a 16.8" x 20' 

bubble column 

The presence of entrained gas has a complicated effect on bubble column 

operation.  The entrained gas would contain roughly the same concentration of oxygen as 

the flue gas (18 kPa for SRP).  Thus, as the gas mixes with nitrogen, the oxygen content 

of the stripping gas increases, reducing the driving force of the stripping process.  This is 

illustrated by Figure 7-38, which shows the McCabe-Thiele plot of equilibrium and 

operating lines for an oxygen stripping process with 90% removal of dissolved oxygen 

with 0 vol% and 5 vol% entrained gas in the solvent.  The entrained gas is assumed to 

mix at the same rate that dissolved oxygen is stripped from the solvent.  The 

concentration of oxygen in the gas phase at the top of the column more than doubles with 

5 vol% entrained gas in the rich solvent. 
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Figure 7-38: Effect of entrained gas on operating line of McCabe-Thiele plot of 

bubble column 

While the entrained gas decreases the driving force for oxygen stripping, it also 

increases the gas flow rate, which increases the interfacial area between gas and liquid.  

This increases the mass transfer coefficient kLa, improving the rate at which oxygen is 

stripped.  Figure 7-39 plots the required number of transfer units NTU (a function of 

driving force), the height of a transfer unit HTU (a function interfacial area a and mass 

transfer kL), and the required nitrogen flow rate as a function of entrained gas in the rich 

solvent for a 16.8”x20’ column with 90% dissolved oxygen removal.  As entrained gas 

increases, the number of transfer units NTU increases due to the decreased driving force, 

but the height of a transfer unit HTU decreases by a nearly identical amount due to the 
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higher interfacial area.  As a result, the required nitrogen flow rate varies by less than 1% 

from 0 to 10 vol% entrained gas. 

 
Figure 7-39: Effect of entrained gas on required N2 flow rate (primary axis), 

interfacial area (a, m-1, secondary axis), HTU (m, secondary axis), and NTU 

(secondary axis) for a 16.8" x 20' bubble column and 90% removal of O2 from 

solvent 

The gas leaving the bubble column would be contaminated with solvent and 

volatile degradation products.  Therefore, it would be best to recycle the stream to the 

flue gas upstream of the absorber.  The flow rate of this stream is 3 orders of magnitude 

less than that of the flue gas and should not have an effect on absorber operation. 

Another proposal for reducing dissolved oxygen would be to install a low-

temperature flash tank between the first and second cross exchangers, operating at 80 °C.  

If this were to be used instead to remove dissolved oxygen, it would flash off about 10% 
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of the trapped CO2 and a similar amount of water vapor, creating a gas stream of around 

10 to 20 SCFM.  This is nearly two orders of magnitude greater than the amount of 

nitrogen required to strip dissolved oxygen in the proposed bubble column design.  While 

the mass transfer to the gas phase would work differently in a flash vessel as compared to 

a bubble column, this combined with the lower solubility of oxygen at higher temperature 

should be enough to effectively remove dissolved oxygen from the solvent.  Allowing for 

flashing in the cross exchanger and steam heater has been hypothesized to have a similar 

effect, removing dissolved oxygen from the liquid phase.  However, this effect has not 

been verified experimentally. 

7.3.3.2 Model Results at Full Scale 

Figure 7-40 shows the required tower height as a function of nitrogen flow 

required to remove 90% of dissolved oxygen from PZ for the Coal base case.  The 

reduction in amine make-up and reclaiming costs at constant steady-state HSS 

accumulation was determined to be $0.19/MT CO2.  To break even with this cost, 1000 

SCFM would be needed for a 30 ft ID column with 6 ft of liquid depth, similar in size to 

the sump of the absorber.  Accounting for the capital cost of the column shell and cost of 

required nitrogen, an optimized column would by 30 ft ID by 29 ft in height, with 340 

SCFM of N2 (G/Gmin = 1.7) with a normalized cost of $0.09/MT CO2.  This gives a net 

savings of $0.1/MT CO2.  A similar savings could be accomplished by reducing 

residence time in the cross exchanger or steam heater by 20 seconds. 

A smaller diameter column would require either greater liquid depth or a higher 

flow rate of N2.  An optimized column 12 ft in diameter would need to be 81 feet tall.  

Required nitrogen flow and normalized cost would be the same as the 30 ft column.  

Pressure drop was quantified but not including in the costing of the column.  The 
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optimized 30 ft ID column would have a pressure drop of 14 psi, while the 12 ft ID 

column would be 39 psi, making the 30 ft column the more attractive option.  8 m PZ 

would also require a taller column or more nitrogen than 5 m PZ due to the solvent’s 

increased density and viscosity.  A column using 5 m PZ would require only 60% of the 

liquid depth of a column using 8 m PZ at the same N2 flowrate.    Removing 99% 

dissolved oxygen would require either 1.5 times more nitrogen or 2 times more liquid 

depth than removing 90%. 

 
Figure 7-40: Nitrogen bubble column height as a function of nitrogen flow rate and 

column diameter for 5 m and 8 m PZ, 90 to 99% removal of dissolved oxygen, Coal 

base case 

For the NGCC base case nitrogen sparging becomes a more attractive option.  

Reducing dissolved oxygen by 90% reduces amine make-up and reclaimer costs by 

$0.65/MT CO2.  To break even, only 1.5 ft to 3 ft of liquid depth would be required for a 
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column 12 to 30 ft in diameter with 1300 SCFM of nitrogen.  The optimal column would 

be 12 ft ID by 38 ft in height using 180 SCFM and cost $0.13/MT CO2 for a net savings 

of more than $0.5/MT CO2.  Larger diameter columns would not be substantially more 

expensive, with a 30 ft ID by 28 ft column costing $0.15/MT CO2.   

 
Figure 7-41: Nitrogen bubble column height as a function of nitrogen flow rate and 

column diameter for 5 m and 8 m PZ, 90 to 99% removal of dissolved oxygen, 

NGCC base case 

Table 7-16 shows the sensitivity of the model to several important parameters and 

assumptions.  Viscosity and density affect required column height for a specified 

diameter and flowrate, to the power of 0.62 and -0.74 respectively.  This is particularly 

important for viscosity, as changing from 8 m PZ to 5 m PZ reduces column height by 

50% just due to the change in viscosity.  Including the change in density and molecular 

weight, the column will need to be 60% as tall for 5 m PZ compared to 8 m PZ.  The 
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surface tension of PZ has not been well characterized, so the surface tension of water was 

used.  A 6 M aqueous sodium chloride solution has a surface tension 15% greater than 

water; if the surface tension of 5 m PZ is the same, the column height will need to be 

increased by 10%.  Column height is directly proportional to the Henry’s constant.  The 

Henry’s constant for oxygen in PZ is unknown and assumed to be the same as oxygen in 

water.  The association parameter ψ used to calculate oxygen diffusion in the solvent is 

also unknown and assumed to be that of oxygen in water.  If the association parameter for 

oxygen in ethanol is used instead, column height increases 15%.  To account for these 

uncertainties, the capital cost estimation for the column shell assumed 20% excess 

column height. 
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Table 7-16: Sensitivity analysis of model parameters and assumptions: 

Parameter Dependence  

h ~ xn 

Change in 

parameter x/x0 

Change in 

height h/h0 

Notes 

Viscosity µ 0.62 
0.32 (8 m PZ 

to 5 m PZ) 
0.50 

5 m PZ: 3.68 

cP; 8 m PZ: 

11.4 cP at 40 

°C 0.4 mol 

CO2/mol alk. 

Density ρ -0.74 
0.95 (8 m PZ 

to 5 m PZ) 
1.03 

5 m PZ: 1.102; 

8 m PZ: 1.15 

g/L at 40 °C 

Solvent MW -1.25 0.88 0.88 

5 m PZ: 24.9 

mol/kg; 8 m 

PZ: 28.2 

5 m vs. 8 m PZ 

overall 
  0.60  

Surface 

Tension σ 
0.62 

1.15 (alkaline 

vs clean water) 
1.09 

Water: 70 

dyne/cm; Oil: 

35 dyne/cm; 6 

M NaCl: 80 

dyne/cm 

Henry’s 

constant HO2 
1 0.5 0.5 

Unknown for 

O2 in PZ, 

55000 in water 

at 40 °C 

Association 

parameter ψ 
-0.25 0.58 1.15 

2.6 for water; 

1.5 for ethanol 

 

7.4 CONCLUSIONS 

The Refined Model, with PZ oxidation estimated based on data from the HTOR 

bench-scale cyclic degradation apparatus, accurately matched the ammonia emissions 

observed at both the CSIRO and SRP pilot plant facilities.  The model illustrates which 

variables are most critical for PZ solvent management in post-combustion carbon capture 
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from coal and NGCC flue gas.  Because contaminated solvent oxidizes more readily than 

clean solvent, the optimal steady-state total heat stable salt concentration in the solvent 

will be on the order of 0.1 to 0.5 wt % to balance reclaimer costs, amine make-up, and 

increased energy requirements due to viscosity.  Total costs increase by $1.4/MT CO2 for 

a 1 wt % increase in HSS over the optimal concentration.   

Stripper design and operation will also be critical, with $0.3/MT CO2 added for 

each additional minute of residence time.  The Advanced Flash Stripper configuration 

will be significantly better for solvent management than a simple stripper due to its 

reduced holdup.  The optimal operating temperature for PZ in the AFS will be on the 

order of 150 °C to balance solvent management costs and compressor capital cost.   

Designing the reclaimer to minimize amine loss in the waste sludge will also be 

very important.  Using ion exchange instead of thermal reclaiming can reduce total cost 

of solvent management by $1.0/MT CO2 mainly due to improved amine recovery.  

However, a small thermal reclaimer may also be required to manage the accumulation of 

nonionic nonvolatile contaminants that are not removed by ion exchange.  Electrodialysis 

was shown to be similar in cost to thermal reclaiming and may also be a valid alternative. 

An SO2 polishing scrubber will be necessary to keep SO2 in the flue gas to below 

1 ppmv.  1 ppmv of SO2 entering the absorber increases solvent management costs by 

$0.5/MT CO2 for PZ with thermal reclaiming, and by $0.2/MT CO2 with ion exchange. 

NO2 prescrubbing will reduce solvent management costs by $0.2/MT CO2 per 

ppmv NO2.  This will also prevent the accumulation of carcinogenic nitrosamine in the 

solvent, and reduce the rate of amine loss due to nitrosamine decomposition.   

Dissolved oxygen removal by sparging CO2-rich solvent with nitrogen in a bubble 

column or the sump of the absorber will reduce solvent management costs by up to 
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$0.1/MT CO2 in the Coal base case and $0.5/MT CO2 in the NGCC case, assuming 

residence time where dissolved oxygen can react with the amine at high temperature 

before flashing off in the stripper is minimized to less than 1 minute.  Allowing for the 

solvent to flash in the cross exchanger and steam heater before entering the stripper may 

have a similar effect.   

The solvent management models assume the plant has been operating for 

thousands of hours to reach the steady-state heat stable salt concentration balanced by 

reclaiming.  It does not take into account transient effects.  For example, using nitrogen 

sparging and NO2 prescrubbing may keep the solvent from degraded for a significantly 

longer period of time before viscosity increases and solvent reclaiming is required.  PZ 

has not significantly degraded at the SRP pilot plant compared to the CSIRO and PP2 

pilot plants despite being operated for a similar length of time at 140-150 °C and higher 

oxygen content in the synthetic flue gas.  This is most likely due to the lack of NO2 and 

SO2 in the flue gas, and possibly flashing in the cross exchanger to minimize the reaction 

with dissolved oxygen.  Because solvent contamination has been minimized, the 

oxidation rate is low. 
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Chapter 8 – Conclusions and Recommendations 

 

 

 

 

 

 

This chapter presents an overview of the results from the preceding 4 chapters and 

gives recommendations for future research on amine oxidation and solvent management 

in amine scrubbing.  Pilot campaigns were conducted at the SRP, PP2, and CSIRO 

Tarong facilities with concentrated aqueous piperazine (PZ).  On the bench scale, PZ 

oxidation was thoroughly characterized in the HTOR cyclic degradation apparatus, with 

additional screening of hydroxyethyl-piperazine (HEP), and the effects of peroxide 

addition to monethanolamine (MEA), PZ, and HEP was also determined.  The effect of 

heat stable salt accumulation in MEA and PZ was quantified and combined with the 

HTOR data to produce a model of amine oxidation and solvent management for a 

hypothetical full-scale amine scrubber. 

8.1 CONCLUSIONS 

This work demonstrated that PZ oxidation is autocatalytic.  The observed rate of 

oxidation increases with the accumulation of degradation products.  Dissolved metal ions 

and degradation products accumulate in the solvent and are oxidized in the absorber.  The 

oxidized contaminants then react to oxidize PZ at high temperature.  Ammonia 

generation from PZ oxidation was shown to be correlated to dissolved iron concentration 
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in the HTOR to the one-half power.  The accumulation of degradation products in the 

solvent increases iron solubility.  This effect was demonstrated on the pilot-scale, where 

PZ more readily oxidized later in campaigns at CSIRO Tarong and PP2 but not at SRP.  

CSIRO Tarong and PP2 treated a slipstream of coal flue gas, pretreated to reduce but not 

completely eliminate contaminants such as NO2 and SO2, while SRP treated synthetic 

flue gas with minimal contamination.  The lack of flue gas contaminants combined with 

lower holdup at high temperature has resulted in a minimal buildup of degradation 

products at SRP, thus reducing oxidation rate.  Based on these observations it is 

recommended when constructing and operating a full-scale post-combustion carbon 

capture amine scrubber to minimize oxidation by minimizing holdup at high temperature, 

pretreating the flue gas upstream of the absorber to minimize NO2 and SO2, and 

employing a reclaiming process to remove degradation products from the solvent to keep 

total contamination to less than 1 wt %. 

8.1.1 Pilot-Scale Results 

PZ loss during the pilot plant campaigns at SRP, CSIRO Tarong, and PP2 widely 

varied from 0 to 1.5 mmol/kg/hr, and total formate accumulation varied from less than 

0.007 mmol/kg/hr at SRP to 0.17 mmol/kg/hr at Tarong during 155 °C stripper 

operations.  Total estimated nitrogen in the degradation products and ammonia emissions 

varied from 0.11 mmol/kg/hr at SRP to 1.1 mmol/kg/hr at Tarong at 155 °C.  

Significantly less degradation and corrosion occurred at SRP compared to the other two 

pilot plants.  Possible reasons for this include the use of Inhibitor A (a free radical 

scavenger), using a synthetic flue gas with no SOx and NOx contamination,  testing of 

stripper configurations with lower relative holdup at high temperature, and flashing in the 
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hot rich side of the cross exchanger.  However, the individual contributions of each of 

these factors could not be reliably determined. 

At both PP2 and Tarong the intermediate degradation products piperazinol 

(PZOH), piperazinone (PZ-one), and ethylenediamine (EDA) were the most significant 

degradation products observed early in the campaign.  These products typically reached 

steady state while the accumulation rates of formate, acetate, and other final products 

increased over time.  The total estimated nitrogen in the degradation products and 

estimated ammonia emissions increased linearly, suggesting a steady rate of PZ loss. 

1-nitrosopiperazine (MNPZ), a potential carcinogen, was controlled at Tarong by 

increasing stripper temperature.  MNPZ did not exceed 7 mmol/kg in the solvent during 

125 °C stripper operations, and did not exceed 3 mmol/kg at PP2 or during 155 °C 

stripper operations.   

The water wash system at Tarong was effective at controlling PZ emissions to 

below 1 ppmv despite 100 mmol/kg of PZ contamination in the wash water. 

1-methylpiperazine (1-MPZ) accumulated in the solvent in all three pilot plants 

up to 10 mmol/kg, most likely due to the reaction and subsequent reduction of PZ with 

formaldehyde in the stripper.  1-MPZ is significantly more volatile than PZ, and up to 2.4 

mmol/kg accumulated in the wash water at Tarong, at a molar ratio relative to PZ 38 

times greater than in the solvent itself.  Managing 1-MPZ emissions may be an important 

factor in the design and operation of the water wash system. 
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8.1.2 Bench-Scale Results 

8.1.2.1 Oxidation of PZ in the HTOR 

PZ loss rate in the HTOR is on the order of 0.7 to 1.6 mmol/kg/hr when cycling 

up to 150 °C, with an overall activation energy of 34 ± 7 kJ/mol.  PZ initially oxidizes to 

intermediates such as piperazinol (PZOH), piperazinone (PZ-one), and ethylenediamine 

(EDA), which then decompose to ammonia, formate, and other products over time. 

Temperature and CO2 concentration in the low temperature high gas flow (HGF) 

absorber between 40 and 55 °C from 0.5 to 2 vol % CO2 had no effect on cyclic oxidation 

rate of PZ and HEP in the HTOR.  PZ and HEP are stable at absorber conditions and all 

oxidation is due to cycling up to high temperatures in the presence of dissolved oxygen, 

nonvolatile oxidation carriers, catalysts, and nitrosamine decomposition. 

Nitrogen sparging to remove dissolved oxygen before cycling to high temperature 

may completely inhibit the oxidation of clean PZ but does not completely inhibit the 

oxidation of previously degraded PZ, due to the presence of nonvolatile contaminants 

which may be oxidized at low temperature and then reduced at high temperature to 

oxidize PZ.  Nitrogen sparging reduces ammonia generation from PZ by a factor of 0.4 

mmol/kg/hr when cycling up to 150 °C with an activation energy of 39 ± 3 kJ/mol.  The 

magnitude of the decrease in ammonia rate is not a function of solvent degradation and 

represents the amount of oxidation due to reaction with dissolved oxygen. 

Overall ammonia emission rate tends to increase linearly over time as the solvent 

becomes more degraded.  This results in cumulative ammonia generation following a 

quadratic curve at steady state in the HTOR.  In degraded PZ, ammonia typically 

accounts for 50% of the total nitrogen lost.  Overall nitrogen mass balance closure is 85% 

when including intermediates and volatile amine loss.  Carbon balance closure is 39% 
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with formate being the most significant stable liquid-phase product.  Carbon dioxide may 

also be a significant degradation product but could not be accurately quantified.  With 

PZ, 6.9 moles of ammonia are emitted per mole of formate accumulated in the solvent, 

with total formate accumulation following a quadratic curve similar to cumulative 

ammonia generation in the HTOR. 

Ammonia emissions from the HTOR were correlated to iron accumulation to the 

0.5 power, at a rate of 0.72 mmol NH3/kg/hr/(mmol/kg Fe)0.5.  This represents the amount 

of oxidation occurring due to the cycling of nonvolatile oxidation carriers.  In multiple 

experiments, nitrogen sparging was selectively switched on or off, with a resulting 

change in ammonia rate of around 0.4 mmol/kg/hr regardless of the level of iron or 

degradation product accumulation, which represents the direct oxidation of PZ due to 

dissolved oxygen.   

Formate accumulation was strongly correlated with cumulative ammonia 

emissions in the HTOR, indicating that both most likely form from the same oxidation 

pathways.  This helps to explain the observed increase over time in oxidation rate 

observed in both the HTOR and pilot plant campaigns.  The solvent initially oxidizes 

slowly, but as formate accumulates and iron solubility increases, the parent amine 

oxidation rate also increases, leading to a synergistic effect where a more degraded 

solvent will degrade faster. Iron accumulation in both the HTOR and pilot plants is 

correlated to total formate accumulation and more weakly to overall total heat stable salt 

accumulation. 

Iron accumulation is solubility-limited in PZ and HEP in the HTOR.  Solubility 

increases as the solvent becomes more degraded, following a quadratic curve similar to 

formate and cumulative ammonia at steady state and increasing at a rate of approximately 
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5 mmoles dissolved iron per mole total formate accumulated.  Excess iron in solution 

most likely precipitates as FeCO3.  Nickel, chromium, manganese, and copper are not 

solubility-limited in PZ.  Nickel and chromium will tend to accumulate linearly due to 

stainless steel metal corrosion but do not appear to catalyze oxidation.  Manganese may 

also accumulate but does not catalyze oxidation in the absence of iron.  Copper is a 

potent oxidation catalyst even in the presence of the free radical scavenger Inhibitor A 

(Inh A) and needs to be avoided in the amine scrubbing process. 

Inh A does not inhibit oxidation of PZ, but does catalyze the decomposition of 

EDA to ammonia.  In addition to previous screening experiments (Voice, 2013), no 

oxidation inhibitor has yet been proven to work in a cyclic system. 

Nitrosamine decomposition follows a pathway similar to PZ oxidation, initially 

producing the intermediates PZOH, PZ-one, and EDA, and ultimately producing 1.5 

moles of ammonia per mole of NO2 absorbed into the solvent as nitrite. 

8.1.2.2 Oxidation of Hydroxyethyl-Piperazine (HEP) in the HTOR 

Ammonia generation was less for HEP compared to PZ, with 1.6 moles of 

ammonia produced per mole of total formate accumulated.  Initial rates of ammonia and 

formate generation in HEP oxidation were a strong function of the initial amount of 

solvent degradation.  Nitrogen sparging to remove dissolved oxygen had a smaller effect 

on the rate of ammonia production from HEP compared to PZ, possibly due to lower 

oxygen solubility in HEP.  Ammonia production from HEP oxidation was reduced by 

0.08 mmol/kg/hr at 120 °C and 0.17 mmol/kg/hr at 150 °C with nitrogen sparging, and 

has a similar activation energy to PZ oxidation.  The addition of 65 mmol/kg formic acid 

to degraded HEP in the HTOR had no immediate effect on ammonia generation but may 

have resulted in a slow increase over the course of 150 hours.   
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8.1.2.3 Addition of Hydrogen Peroxide 

Hydrogen peroxide addition at absorber conditions in MEA and PZ produces 

similar products to cyclic oxidation, confirming oxidation follows free radical reaction 

mechanisms. 

8 m PZ oxidized by reaction with hydrogen peroxide at absorber conditions in the 

HGF apparatus produces 0.03 moles ammonia per mole of peroxide added regardless of 

PZ concentration, dissolved metal concentration, or the presence of Inh A.  N2O was also 

observed at 2 to 3 orders of magnitude less than ammonia.   

7 m MEA oxidized by reaction with hydrogen peroxide at absorber conditions in 

the HGF apparatus produces 0.18 moles ammonia per mole of peroxide added, 6 times 

greater than the rate of ammonia production observed with PZ.  The presence of ferrous 

ions in solution increased the rate of ammonia production but did not change the total 

amount of ammonia produced.  No significant CO2 was observed as a result of MEA 

oxidation due to peroxide addition. 

The addition of 62 mmol/kg hydrogen peroxide to degraded HEP in the HTOR 

immediately produced 0.1 moles of additional ammonia per mole of hydrogen peroxide 

and doubled the steady state ammonia generation rate in the apparatus, indicating that the 

accumulation of oxidation products increases the oxidation rate of the solvent. 

8.1.2.4 Viscosity Effects of Heat Stable Salts 

If the total alkalinity of the solution is kept constant on a molal basis, the addition 

of 10 wt % (1 M) sulfate increases MEA viscosity by a factor of 2.0 for 7 m MEA and 

1.6 for 8 m PZ at 40 °C and a loading of 0.25 mol CO2/mol alkalinity.  If the total 

alkalinity of the solution is kept constant on a molal basis, the addition of 10 wt % (2 M) 

formate increases MEA viscosity by a factor of 1.6 for 7 m MEA and 1.2 for 8 m PZ at 
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40 °C and a loading of 0.25 mol CO2/mol alkalinity.  Temperature did not have a 

significant impact on the relative contribution of salts on amine viscosity between 25 and 

55 °C.  In a typical pilot plant, formate, sulfate, acetate, and nitrate are the most 

significant heat stable salts to accumulate in the solvent (Nielsen, 2012).  Therefore, 

controlling formate, acetate, and sulfate accumulation is critical to limiting any increase 

in solvent viscosity.  It is less critical to control nitrate, due to its weaker effect on 

viscosity. 

8.1.3 Full-Scale Solvent Management Model Results 

The Refined Model for solvent management, with PZ oxidation estimated based 

on data from the HTOR bench-scale cyclic degradation apparatus, accurately matched the 

ammonia emissions observed at both the CSIRO and SRP pilot plant facilities.  The 

model illustrates which variables are most critical for PZ solvent management in post-

combustion carbon capture from coal and NGCC flue gas.  Because contaminated solvent 

oxidizes more readily than clean solvent, the optimal steady-state total heat stable salt 

concentration in the solvent will be on the order of 0.1 to 0.5 wt % to balance reclaimer 

costs, amine make-up, and increased energy requirements due to viscosity.  Total costs 

increase by $1.4/MT CO2 for a 1 wt % increase in HSS over the optimal concentration.   

Stripper design and operation will also be critical, with $0.3/MT CO2 added for 

each additional minute of residence time.  The Advanced Flash Stripper configuration 

will be significantly better for solvent management than a simple stripper due to its 

reduced holdup.  The optimal operating temperature for PZ in the AFS will be on the 

order of 150 °C to balance solvent management costs and compressor capital cost.   

Designing the reclaimer to minimize amine loss in the waste sludge will also be 

very important.  Using ion exchange instead of thermal reclaiming can reduce total cost 
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of solvent management by $1.0/MT CO2 mainly due to improved amine recovery.  

However, a small thermal reclaimer may also be required to manage the accumulation of 

nonionic nonvolatile contaminants that are not removed by ion exchange.  Electrodialysis 

was shown to be similar in cost to thermal reclaiming and may also be a valid alternative. 

An SO2 polishing scrubber will be necessary to keep SO2 in the flue gas to below 

1 ppmv.  1 ppmv of SO2 entering the absorber increases solvent management costs by 

$0.5/MT CO2 for PZ with thermal reclaiming, and by $0.2/MT CO2 with ion exchange.  

NO2 prescrubbing will reduce solvent management costs by $0.2/MT CO2 per ppmv NO2.  

This will also minimize the accumulation of carcinogenic nitrosamine in the solvent, and 

reduce the rate of amine loss due to nitrosamine decomposition.   

Dissolved oxygen removal by sparging CO2-rich solvent with nitrogen in a bubble 

column or the sump of the absorber will reduce solvent management costs by up to 

$0.1/MT CO2 in the Coal base case and $0.5/MT CO2 in the NGCC case, assuming 

residence time where dissolved oxygen can react with the amine at high temperature 

before flashing off in the stripper is minimized to less than 1 minute.  Allowing for the 

solvent to flash in the cross exchanger and steam heater before entering the stripper may 

have a similar effect.   

The solvent management models assume the plant has been operating for 

thousands of hours to reach the steady-state heat stable salt concentration balanced by 

reclaiming.  It does not take into account transient effects.  For example, using nitrogen 

sparging and NO2 prescrubbing may keep the solvent from degraded for a significantly 

longer period of time before viscosity increases and solvent reclaiming is required.  PZ 

has not significantly degraded at the SRP pilot plant compared to the CSIRO and PP2 

pilot plants despite being operated for a similar length of time at 140-150 °C and higher 
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oxygen content in the synthetic flue gas.  This is most likely due to the lack of NO2 and 

SO2 in the flue gas, and possibly flashing in the cross exchanger to minimize the reaction 

with dissolved oxygen.  Because solvent contamination has been minimized, the 

oxidation rate is low. 

8.2 RECOMMENDATIONS FOR FUTURE WORK 

This work significantly adds to the overall body of work on amine oxidation, but 

leaves many questions unanswered and assumptions untested.  The following are some of 

the more significant areas of study which should be pursued. 

A long duration campaign testing aqueous PZ and the AFS is scheduled to occur 

in the second quarter of 2018 at the National Carbon Capture Center (NCCC) in 

Wilsonville, AL, operated by Southern Company in collaboration with the Texas Carbon 

Management Program, Trimeric, and AECOM.  The facility treats a 0.5 MWe slipstream 

of coal flue gas that has been treated with SCR, baghouse filtration, FGD, and a polishing 

scrubber to minimize SOx, NOx, fly ash, and mercury.  The first half of the campaign 

will do parametric testing of the absorber and stripper configurations and operating 

conditions.  The second half of the campaign is slated to be a long duration steady state 

run of approximately 6 weeks, at conditions to optimize energy requirements and solvent 

loss.  Gas phase emissions of ammonia will be continuously quantified by FTIR, and 

liquid samples will be regularly collected for analysis, similar to the previous campaigns 

at SRP and CSIRO Tarong.  The absorber sump has been fitted with a tube for nitrogen 

sparging to remove dissolved oxygen.   

Dissolved oxygen removal by nitrogen sparging should be validated at the pilot 

scale.  The bubble column model developed in this work was based on several 

simplifying assumptions and was not rigorously tested.  Nitrogen sparging in the HTOR 
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was successfully tested, but the sparger was intentionally overdesigned to virtually 

guarantee dissolved oxygen removal, with nitrogen flow of around 10% the total gas flow 

to the apparatus, limited by the equipment available.  The model suggests nitrogen 

sparging should be able to remove 90% dissolved oxygen with 3 orders of magnitude 

lower flow rate of nitrogen relative to flue gas in a well-designed column.  Running a 

long duration pilot plant campaign with continuous nitrogen sparging could serve to 

validate that sparging keeps the solvent clean for significantly longer than without, and 

thus minimizes oxidation rate (similar to the HTOR15 bench-scale experiment).  

Alternatively, the solvent could be allowed to degrade first before beginning sparging, to 

quantify the difference in a degraded solvent with and without sparging (similar to 

experiments HTOR12 and HTOR14) and further verify the effects of the nonvolatile 

cyclic oxidation carriers. 

Allowing for flashing of CO2 from the solvent in the cross-exchanger and steam 

heater has been hypothesized to minimize the reaction of the solvent with dissolved 

oxygen at high temperature, similar to nitrogen sparging.  The HTOR is not equipped to 

test this theory.  The AFS at NCCC has been designed to allow for flashing.  If it is 

determined that nitrogen sparging at NCCC has no effect on oxidation and the overall 

rate of oxidation is minimal, it would be an indication that flashing will work to 

accomplish the same goals as nitrogen sparging. 

The solvent level in the stripper sump will be more closely controlled at NCCC to 

better quantify oxidation as a function of solvent holdup at high temperature.  This has 

not been done at the pilot scale before.  The NCCC campaign may also briefly use a 

simple stripper, possibly allowing for a direct comparison of oxidation rate as a function 

of stripper configuration.  The SRP facility has used several stripper configurations over 
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the ten years of operations with PZ, but usually only tests one configuration per 

campaign, making direct comparisons difficult. 

Future long duration pilot plant campaigns should also be conducted with either 

continuous reclaiming of a slipstream of solvent or regular periodic batch reclaiming to 

validate the theory that keeping the solvent from becoming highly contaminated will 

reduce the amine oxidation rate. 

Improved analytical methods are needed for both bench and pilot-scale analysis.  

This work, along with other publications (Voice, 2013; Dhingra et al., 2017), strongly 

suggests that the cycling of nonvolatile oxidation carriers, such as transition metals, 

peroxides, and aldehydes, strongly influences oxidation rate.  Current analysis by 

ICPOES or Atomic Absorption methods can only quantify total dissolved metals in 

solution, with no indication given to oxidation state.  More rigorous analytical methods 

are required, possibly by selectively reacting specific oxidized transition metals with 

reagents for quantification via UV-Vis spectroscopy.  This would allow for the 

quantification of ferrous and ferric oxidation states in solvent entering and leaving the 

stripper.  Quantifying the overall redox potential of the solvent at various points in the 

system may also give insight to the oxidation cycling process.  Better quantification of 

hydroperoxides and aldehydes is also recommended.  

The contaminants or process conditions limiting iron solubility in the HTOR and 

pilot plants remains to be determined.  While the solubility of iron was shown to be 

correlated to formate and heat stable salt accumulation, this may be due to a third 

unknown correlated factor.  Iron may be precipitating out of the solvent in specific 

locations in the amine scrubbing process due to changes in redox potential caused by 

oxidation.   
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The corrosion rate of stainless steel metal in PZ as a function of contaminant 

accumulation has not yet been rigorously quantified.  This could be accomplished by 

fitting the HTOR with an electrical resistance (ER) corrosion probe to measure corrosion 

rate over time.  There is also a plan to have ER probes and metal coupons for corrosion 

testing at the NCCC campaign. 

Metals removal by ion exchange should also be explored as an oxidation 

mitigation strategy.  Cation exchange may work for direct removal of dissolved iron from 

the solvent.  However, if it is the accumulation of other contaminants that is determining 

the solubility of iron in solution, selective removal of metals may be ineffective.  Anion 

exchange, however, may indirectly reduce iron solubility by selectively removing those 

contaminants.   

This work closed 85% of the mass balance of nitrogen lost from PZ due to 

oxidation, and less than 40% of the carbon mass balance.  Further refinement of 

analytical methods is required for the remaining unidentified products.  Possible 

significant products not quantified in this work include the urea formed from the reaction 

of EDA and CO2, amino acids, cyclic aldehydes, and trace volatile amines and nitrogen-

containing species below the LOD of the FTIR.  Analysis by GC-MS and LC-MS is 

recommended.  Improvements can also be made on the accuracy of the methods for 

piperazinol and piperazinone quantification. 

Neither this work nor any other has successfully closed the carbon balance for 

amine oxidation.  It is hypothesized that CO2 may be a significant product of oxidation, 

but is masked by the CO2 loading of the solvent.  Concentrated PZ must be loaded to 

avoid precipitation at room temperature.  However, acid-loading (i.e. with sulfuric acid) 

can be used in place of CO2.  Unfortunately, even testing with acid-loaded solvent may 
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not be sufficient to allow for accurate quantification of CO2 from oxidation, as trace CO2 

could still be absorbed into the solvent from contact with air.  The most reliable way to 

quantify CO2 from oxidation would be to use a 13C or 14C tagged solvent with mass 

spectroscopy.  In a full-scale PCCC scrubber, any CO2 generated from amine oxidation 

should be sequestered along with the capture CO2, with little overall effect on the 

process. 

Oxidation of other promising amine solvents and blends also need to be better 

characterized.  Tertiary and hindered amines, including MDEA, AMP, and HEP, have 

been shown to be more similar to PZ in stability than MEA.  However, these solvents 

typically have slower CO2 absorption rate.  This can be avoided by using a blended amine 

system in which the tertiary or hindered amine is promoted by PZ, giving similar overall 

performance as concentrated PZ without the precipitation issues. 

The concentration of oxygen in the flue gas is a very important variable affecting 

oxidation rate of the amine.  However, no attempt was made to vary the concentration 

experimentally, either in the HTOR or in a pilot plant campaign.  The HTOR, HGF, and 

SRP facility use air artificially mixed with CO2, with 18-20 kPa O2, while coal flue gas 

(including CSIRO Tarong and PP2) typically has around 5 kPa O2, and NGCC flue gas 

typically has around 12 kPa O2.  For the oxidation model, both direct reaction with 

dissolved oxygen and the cycling of nonvolatile oxidizers was assumed to be first-order 

with respect to oxygen in the flue gas.  Other experimental work has provided a large 

range on oxygen dependence, from 0.69 to 1.5 moles MEA oxidized per mole O2 

consumed (Dhingra, 2017; Sexton, 2008).  A more rigorous experiment to determine 

oxygen dependence is recommended to improve extrapolation of bench-scale results to 

model full-scale oxidation. 
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The full scale solvent management models were explicitly for Nth-hour steady-

state operation, where the solvent degradation and contaminant accumulation rates are 

balanced by the solvent make-up and reclaiming rates.  This approach fails to capture 

transient effects of certain oxidation mitigation strategies.  For example, using nitrogen 

sparging to remove dissolved oxygen and removal of NO2 in a prescrubber before the 

absorber may keep the solvent from becoming rapidly contaminated, minimizing 

oxidation rate and extending the time before the “Nth-hour” is reached and reclaiming and 

solvent make-up would be required, possibly by thousands of operating hours.  This 

would potentially reduce operating costs by more than has been calculated by the model. 

Foaming was observed but not quantified in many HTOR experiments and in the 

pilot plant campaigns, merely treated with silicone antifoaming agent.  Antifoam is a 

temporary fix and does not treat the underlying cause, accumulation of nonpolar 

contaminants leading to foam formation.  Foaming could have a significant effect on 

process operations, including affecting CO2 absorption and desorption and causing 

solvent carryover into the water wash or stripper condenser.  More rigorous 

quantification of the products causing foaming and exploration of mitigation strategies 

such as activated carbon filtration is recommended. 
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Appendix A – Chromatography Methods 

Analytical programs for IC and HPLC.  All instruments controlled by Thermo 

Scientific ™ Chromeleon ™ software. 

A.1 DIONEX ICS 2100 CATION IC 

A.1.1 Argonaut_RO.pgm 

; Argonaut is a modification of Stpehanie3_Auto_AS wherein 

the suppressor current is reduced from 77 mA to 50 mA 

; the change is made to increase suppressor lifespan 

; the program should be used with the CS17 column to permit 

quick elution of monoamines and diamines  

 

Sampler.AcquireExclusiveAccess 

 Flush Volume = 250 

 Wait  FlushState 

 Pressure.LowerLimit =  200 [psi] 

 Pressure.UpperLimit =  3000 [psi] 

 %A.Equate =  "%A" 

 CR_TC =  On 

 NeedleHeight =  0 [mm] 

 CutSegmentVolume =  0 [µl] 

 CycleTime =  0 [min] 

 SyringeSpeed = 4 

          WaitForTemperature =  False 

 Data_Collection_Rate =  5.0 [Hz] 

 CellTemperature.Nominal =  30.0 [°C] 

 ColumnTemperature.Nominal =  30.0 [°C] 

 Suppressor_Type =  CSRS_4mm 

 ; Pump_ECD.H2SO4 =  0.0 

 ; Pump_ECD.MSA =  38.5 

 ; Pump_ECD.Other eluent =  0.0 

 ; Pump_ECD.Recommended Current =  57 

 Suppressor_Current =  50 [mA] 

 Channel_Pressure.Average =  On 

 Flow =  0.50 [ml/min] 

 Wait SampleReady 

 

 0.000 Autozero 

 Concentration =  5.50 [mM] 
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 Curve =  5 

 Wait CycleTimeState 

          load 

 Inject 

 ECD_1.AcqOn 

 Channel_Pressure.AcqOn 

 Concentration =  5.50 [mM] 

 Curve =  5 

 

 0.500 BeginOverlap 

 

16.400 Concentration =  5.50 [mM] 

 Curve =  5 

 

16.501 Concentration =  11.00 [mM] 

 Curve =  5 

 

26.400 Concentration =  11.00 [mM] 

 Curve =  5 

 

36.400 Concentration =  38.50 [mM] 

 Curve =  5 

 

47.400 Concentration =  38.50 [mM] 

 Curve =  5 

 

47.500 Concentration =  5.50 [mM] 

 Curve =  5 

 

50.000 ECD_1.AcqOff 

 Concentration =  5.50 [mM] 

 Curve =  5 

 Channel_Pressure.AcqOff 

 End 

A.2 DIONEX ICS-3000 ANION IC 

A.2.1 Voice-Anions_short 130.pgm 

 Sampler.AcquireExclusiveAccess 

 Sampler_DiverterValve.Position_2 

 Column_TC.AcquireExclusiveAccess 

 Compartment_TC.AcquireExclusiveAccess 
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 Pressure.LowerLimit =  200 [psi] 

 Pressure.UpperLimit =  3000 [psi] 

 MaximumFlowRamp =  6.00 [ml/min²] 

 %A.Equate =  "%A" 

 CR_TC =  On 

 Flush Volume = 250 

 Wait  FlushState 

 NeedleHeight =  2 [mm] 

 CutSegmentVolume =  10 [µl] 

 SyringeSpeed =  2 

 CycleTime =  0 [min] 

 WaitForTemperature =  False 

 Data_Collection_Rate =  5.0 [Hz] 

 Temperature_Compensation =  1.7 [%/°C] 

 CellHeater.Mode = On 

 CellHeater.TemperatureSet =  35.00 [°C] 

 Column_TC.Mode =  On 

 Column_TC.TemperatureSet =  30.00 [°C] 

 Compartment_TC.Mode =  On 

 Compartment_TC.TemperatureSet = 

 30.00 [°C] 

 Suppressor2.Type =  ASRS_4mm 

 Suppressor2.CurrentSet =  130 [mA] 

 Flow =  1.600 [ml/min] 

 Pump_2.Curve =  5 

 Wait SampleReady 

 ;Wait  Column_TC.TemperatureState 

 ;Wait Compartment_TC.TemperatureState 

 ;Wait  Column_TC.TemperatureState 

 ;Wait Compartment_TC.TemperatureState 

 ; Suppressor1.Carbonate =  0.0 

 ; Suppressor1.Bicarbonate =  0.0 

 ; Suppressor1.Hydroxide =  45.0 

 ; Suppressor1.Tetraborate =  0.0 

 ; Suppressor1.Other eluent =  0.0 

 ; Suppressor1.Recommended Current =  179 

 

-4.100 Concentration =  45.00 [mM] 

 EGC_1.Curve =  5 

 

-4.000 Concentration =  2.00 [mM] 

 EGC_1.Curve =  5 
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 0.000 CDet1.Autozero 

 Load 

 Wait CycleTimeState 

 Inject 

 Wait InjectState 

 CD_1.AcqOn 

 CD_1_Total.AcqOn 

 Pump_2_Pressure.AcqOn 

 Sampler.ReleaseExclusiveAccess 

 Compartment_TC.ReleaseExclusiveAccess 

 Column_TC.ReleaseExclusiveAccess 

 

2.000 Concentration =  2.00 [mM] 

 EGC_1.Curve =  5 

 

20.000 Concentration =  45.00 [mM] 

 EGC_1.Curve =  5 

 

20.100 Concentration =  45.00 [mM] 

 EGC_1.Curve =  5 

 

24.000 Concentration =  45.00 [mM] 

 CD_1.AcqOff 

 CD_1_Total.AcqOff 

 Pump_2_Pressure.AcqOff 

 EGC_1.Curve =  5 

 

 

 

A.2.2 AAPA10_short_NaAc_D.pgm 

 Sampler.AcquireExclusiveAccess 

 Sampler_DiverterValve.Position_1 

 Flush Volume = 250 

 Wait  FlushState 

 Column_TC.AcquireExclusiveAccess 

 Compartment_TC.AcquireExclusiveAccess 

 Pressure.LowerLimit =  200 [psi] 

 Pressure.UpperLimit =  3900 [psi] 

 MaximumFlowRamp =  1.00 [ml/min²] 

 %A.Equate =  "%A" 
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 %B.Equate =  "%B" 

 %C.Equate =  "%C" 

 %D.Equate =  "%D" 

 NeedleHeight =  2 [mm] 

 CutSegmentVolume =  10 [µl] 

 SyringeSpeed =  4 

 CycleTime =  0 [min] 

 WaitForTemperature =  False 

 Pump_1_Pressure.Step =  Auto 

 Pump_1_Pressure.Average =  On 

 EDet1.Mode =  IntAmp 

 EDet1.CellControl = On 

 Data_Collection_Rate =  1.00 [Hz] 

 pH.UpperLimit =  13.00 

 pH.LowerLimit =  10.00 

 WaveformName = "amino acids (ph,ag,agcl 

reference)" 

 WaveformDescription = "Amino Acids (pH/Ag/AgCl 

Ref.)" 

 Electrode = pH 

 Waveform Time = 0.000, Potential = 0.130, 

GainRegion = Off, Ramp = On, Integration = Off 

 Waveform Time = 0.040, Potential = 0.130, 

GainRegion = Off, Ramp = On, Integration = Off 

 Waveform Time = 0.050, Potential = 0.330, 

GainRegion = Off, Ramp = On, Integration = Off 

 Waveform Time = 0.210, Potential = 0.330, 

GainRegion = On, Ramp = On, Integration = On 

 Waveform Time = 0.220, Potential = 0.550, 

GainRegion = On, Ramp = On, Integration = On 

 Waveform Time = 0.460, Potential = 0.550, 

GainRegion = On, Ramp = On, Integration = On 

 Waveform Time = 0.470, Potential = 0.330, 

GainRegion = On, Ramp = On, Integration = On 

 Waveform Time = 0.560, Potential = 0.330, 

GainRegion = Off, Ramp = On, Integration = Off 

 Waveform Time = 0.570, Potential = -1.670, 

GainRegion = Off, Ramp = On, Integration = Off 

 Waveform Time = 0.580, Potential = -1.670, 

GainRegion = Off, Ramp = On, Integration = Off 

 Waveform Time = 0.590, Potential = 0.930, 

GainRegion = Off, Ramp = On, Integration = Off 
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 Waveform Time = 0.600, Potential = 0.130, 

GainRegion = Off, Ramp = On, Integration = Off, LastStep = 

On 

 Column_TC.Mode =  On 

 Column_TC.TemperatureSet =  30.00 [°C] 

 Compartment_TC.Mode =  On 

 Compartment_TC.TemperatureSet = 

 30.00 [°C] 

 Wait SampleReady 

 

-2.000 Flow =  1.000 [ml/min] 

 %B =  20.0 [%] 

 %C =  0.0 [%] 

 %D =  0.0 [%] 

 Curve =  5 

 

 0.000 Load 

 Wait CycleTimeState 

 Inject 

 Wait InjectState 

 Sampler.ReleaseExclusiveAccess 

  

 

 0.100 Pump_1_Pressure.AcqOn 

           EDet1.Autozero 

           ED_1.AcqOn 

           ED_1_Total.AcqOn 

12.000 Flow =  1.000 [ml/min] 

 %B =  20.0 [%] 

 %C =  0.0 [%] 

 %D =  0.0 [%] 

 Curve =  6 

 

16.000 Flow =  1.000 [ml/min] 

 %B =  32.0 [%] 

 %C =  0.0 [%] 

 %D =  0.0 [%] 

 Curve =  8 

 

24.000 Flow =  1.000 [ml/min] 

 %B =  24.0 [%] 

 %C =  0.0 [%] 

 %D =  40.0 [%] 
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 Curve =  8 

 

30.000 Pump_1_Pressure.AcqOff 

 ED_1.AcqOff 

 ED_1_Total.AcqOff 

 Flow =  1.000 [ml/min] 

 %B =  24.0 [%] 

 %C =  0.0 [%] 

 %D =  40.0 [%] 

 Curve =  8 

 Compartment_TC.ReleaseExclusiveAccess 

 Column_TC.ReleaseExclusiveAccess 

 End 

A.3 DIONEX ULTIMATE 3000 HPLC 

A.3.1 PA2-MNPZ+DNPH-short.pgm 

 Column_A.ActiveColumn =  No 

 TempCtrl =  On 

 Temperature.Nominal =  30.0 [°C] 

 Column_B.ActiveColumn =  No 

 Pressure.LowerLimit =  25 [bar] 

 Pressure.UpperLimit =  450 [bar] 

 MaximumFlowRampDown =  Infinite 

 MaximumFlowRampUp =  Infinite 

 %A.Equate =  "%A" 

 %B.Equate =  "%B" 

 %C.Equate =  "%C" 

 %D.Equate =  "%D" 

 DrawSpeed =  5.000 [µl/s] 

 DrawDelay =  3000 [ms] 

 DispSpeed =  20.000 [µl/s] 

 DispenseDelay =  0 [ms] 

 WasteSpeed =  32.000 [µl/s] 

 SampleHeight =  2.000 [mm] 

 InjectWash =  NoWash 

 LoopWashFactor =  2.000 

 PunctureOffset =  0.0 [mm] 

 PumpDevice =  "Pump" 

 InjectMode =  Normal 

 SyncWithPump =  On 

 ;Data_Collection_Rate =  2.5 [Hz] 
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 ;TimeConstant =  0.60 [s] 

 ;ELS_1.Step =  0.10 [s] 

 ;ELS_1.Average =  Off 

 UV_VIS_1.Wavelength =  240 [nm] 

 ;EvaporatorTemperature.Nominal = 50 

[°C] 

 ;NebuliserTemperature = 90 [°C] 

 ;LightSourceIntensity = 85 [%] 

 ;CarrierFlow.Nominal = 1.60 [slm] 

 ;SmoothWidth = 20 

 ;PMTGain = 1.0 

 UV.LeakSensorMode = Disabled 

 

-4.000 Flow =  1.000 [ml/min] 

 %B =  5.0 [%] 

 %C =  0.0 [%] 

 %D =  0.0 [%] 

 

 0.000  

 UV.Autozero 

 ;ELSD.Autozero 

 Wait AZ_Done 

 Wait UV.Ready ;and 

ELSD.Ready 

 Inject 

 ;ELS_1.AcqOn 

 UV_VIS_1.AcqOn 

 Pump_Pressure.AcqOn 

 

5.000 Flow =  1.000 [ml/min] 

 %B =  5.0 [%] 

 %C =  0.0 [%] 

 %D =  0.0 [%] 

 

10.000 Flow =  1.000 [ml/min] 

 %B =  20.0 [%] 

 %C =  0.0 [%] 

 %D =  0.0 [%] 

 

10.001 Flow =  1.000 [ml/min] 

 %B =  50.0 [%] 

 %C =  0.0 [%] 

 %D =  0.0 [%] 
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14.000 Flow =  1.000 [ml/min] 

 %B =  50.0 [%] 

 %C =  0.0 [%] 

 %D =  0.0 [%] 

 

 ;ELS_1.AcqOff 

 UV_VIS_1.AcqOff 

 Pump_Pressure.AcqOff 

 

A.3.2 PA2-MeOH-DNPH-Short.pgm 

 Column_A.ActiveColumn =  No 

 TempCtrl =  On 

 Temperature.Nominal =  30.0 [°C] 

 Column_B.ActiveColumn =  No 

 Pressure.LowerLimit =  25 [bar] 

 Pressure.UpperLimit =  450 [bar] 

 MaximumFlowRampDown =  Infinite 

 MaximumFlowRampUp =  Infinite 

 %A.Equate =  "%A" 

 %B.Equate =  "%B" 

 %C.Equate =  "%C" 

 %D.Equate =  "%D" 

 DrawSpeed =  5.000 [µl/s] 

 DrawDelay =  3000 [ms] 

 DispSpeed =  20.000 [µl/s] 

 DispenseDelay =  0 [ms] 

 WasteSpeed =  32.000 [µl/s] 

 SampleHeight =  2.000 [mm] 

 InjectWash =  NoWash 

 LoopWashFactor =  2.000 

 PunctureOffset =  0.0 [mm] 

 PumpDevice =  "Pump" 

 InjectMode =  Normal 

 SyncWithPump =  On 

 ;Data_Collection_Rate =  2.5 [Hz] 

 ;TimeConstant =  0.60 [s] 

 ;ELS_1.Step =  0.10 [s] 

 ;ELS_1.Average =  Off 

 UV_VIS_1.Wavelength =  365 [nm] 
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 ;EvaporatorTemperature.Nominal = 50 

[°C] 

 ;NebuliserTemperature = 90 [°C] 

 ;LightSourceIntensity = 85 [%] 

 ;CarrierFlow.Nominal = 1.60 [slm] 

 ;SmoothWidth = 20 

 ;PMTGain = 1.0 

 UV.LeakSensorMode = Disabled 

 

-4.000 Flow =  1.000 [ml/min] 

 %B =  0.0 [%] 

 %C =  65.0 [%] 

 %D =  0.0 [%] 

 

 0.000  

 UV.Autozero 

 ;ELSD.Autozero 

 Wait AZ_Done 

 Wait UV.Ready ;and 

ELSD.Ready 

 Inject 

 ;ELS_1.AcqOn 

 UV_VIS_1.AcqOn 

 Pump_Pressure.AcqOn 

 

6.000 Flow =  1.000 [ml/min] 

 %B =  0.0 [%] 

 %C =  65.0 [%] 

 %D =  0.0 [%] 

 

10.000 Flow =  1.000 [ml/min] 

 %B =  0.0 [%] 

 %C =  85.0 [%] 

 %D =  0.0 [%] 

 

15.000 Flow =  1.000 [ml/min] 

 %B =  0.0 [%] 

 %C =  82.5 [%] 

 %D =  0.0 [%] 

 

15.001 Flow =  1.000 [ml/min] 

 %B =  0.0 [%] 

 %C =  65.0 [%] 
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 %D =  0.0 [%] 

 

 

 ;ELS_1.AcqOff 

 UV_VIS_1.AcqOff 

 Pump_Pressure.AcqOff 
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Appendix B – Standard Operating Procedures 

Standard operating procedures for the HGF and HTOR updated from Voice 

(2013). 

B.1 HIGH GAS FLOW APPARATUS (HGF) 

1. Turn on the nitrogen purge on the FTIR by opening the needle valve by the 

fume hood.  

2. Turn on the FTIR by flipping the black switch on the instrument.  

3. Turn on the heater for the heated pump and umbilical line. Do not turn on the 

pump motor. The umbilical line must be connected to the pump with a power 

cord and thermocouple for the pump to control the umbilical temperature.  

4. Allow the pump, umbilical, and FTIR to reach 180 °C. For the FTIR, this can 

take several hours.  

5. While waiting for the FTIR to warm up, clean the umbilical by flowing DI 

water through the line and into a bucket. Be sure that the line is not 

connected to the FTIR when you do this. Any liquid entering the FTIR 

will destroy the instrument.  

6. After the water exiting the lines is clear, turn the water off and use air to blow 

the residual water out of the line. Be sure that the residual water has been 

removed and that the temperature has returned to 180 °C before using the line 

to flow gas into the FTIR.  

7. Reconnect the heated umbilical line to the tube exiting the condenser on the 

HGF apparatus.  

8. Plug in the heating mantel around the line exiting the condenser. This mantel 

is used to preheat gas leaving the condenser and vaporize any entrained liquid. 
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Be sure that the mantel is wrapped loosely around the tube. The mantel 

will get very hot very quickly, do not touch it when it is plugged in.  

9. After the temperature of the FTIR has stabilized, verify that the interferrogram 

(IFG) center is below 2600. If the IFG center is not below 2600, wait several 

more hours periodically observing if the IFG center is decreasing or stable. If 

the IFG center is not stable or if it is above 2600 there may be a problem with 

the instrument. Call Mark Nelson (Gasmet USA) at 512.331.0073  

10. Once the FTIR has warmed up and the IFG center is stable, connect a tube 

from the nitrogen supply at the fume hood to the heated pump inlet and flow 

nitrogen at 2 – 5 L/min into the FTIR.  

11. Wait 30 minutes and then check that the background is stable by taking 

several 1 minute samples. The instrument is ready to be zeroed when the 

peaks for water and CO2 are reduced to noise in the baseline.  

12. When the background has stabilized, set the measurement time to 5 minutes 

and take a background scan (the background scan time will be 10 minutes).  

13. While the FTIR, pump, and heated line are warming up, load 350 mL of 

amine solution into the reactor. Be sure that the black valve at the bottom 

of the reactor is closed before adding liquid to the reactor. If it is not 

amine will drain into the saturator and cause a mess.  

14. Turn on the oil pump to heat the reactor and set the temperature as desired.  

15. Turn on the two saturator pumps, the saturator bath heater (30 °C), and the 

condenser chiller (25°C). Verify that the water makeup pump is pumping 

water into the saturator and that the level control pump is pumping water out 

of the saturator.  
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16. Open the valve at the bottom of the gas-liquid separator in the water collection 

system.  

17. Open the valves on the fume hood to allow air and CO2 to flow into the 

system. Set the mass flow controllers at the desired values. Gas will now be 

flowing into the saturator and out of the gas liquid separator.  

18. If the agitator is in use, turn it on to accelerate heat transfer from the oil jacket 

into the amine solution.  

19. Once the FTIR has been properly zeroed, the heated pump and umbilical line 

are at 180 °C, and the amine liquid has reached the desired temperature the 

experiment is ready to start.  

20. Half way close the valve at the bottom of the gas liquid separator to the point 

where the gas velocity audibly accelerates. This provides pressure to the drain 

line and ensures that no amine liquid will drain from the reactor.  

21. Open the black drain valve at the bottom of the reactor to allow gas to flow 

into the system.  

22. Fully close the valve at the bottom of the gas liquid separator to divert the 

entire gas flow to the reactor.  

23. Turn on the motor on the heated pump to provide gas flow to the FTIR.  

24. Begin measuring at the desired sampling interval.  

25. After starting the experiment, verify that the water content in the gas leaving 

the reactor at steady state is 3.41-3.43%. If the saturator bath is at 30 °C, this 

will ensure no net water loss from the system.  
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26. Verify that makeup water pump rate is sufficient to keep the saturator filled. 

After several hours of operation, open the black valve on the saturator and 

observe that a small amount of water drains out.  

27. Verify that the saturator is working by observing a small amount of 

condensate on the clear gas line leading to the reactor.  

28. Verify that the gas rate leaving the reactor is greater than the rate of gas being 

pumped to the FTIR by submerging the excess gas tube (on the T after the 

condenser) in a water-filled beaker and observing bubbles.  

B.2 HIGH TEMPERATURE OXIDATION REACTOR (HTOR)  

Formerly known as the High Temperature Cycling System (HTCS) 

1. Follow steps 1-17 in the HGF startup procedure, with the exception that in 

step 13 one liter of amine solution should be added to the HGF reactor and 

additional amine will be added as it is pumped to the other parts of the system. 

The total inventory is approximately 1.5 L.  

2. Open the priming valve after the trim cooler and before the backpressure 

valve to allow gas to exit the high pressure part of the system.  

3. Turn on the HGF reactor level control pump (peristaltic pump) to begin 

pumping amine into the bubble removal vessel  

4. Turn on the high pressure metering pump to pump liquid from the bubble 

removal vessel into the high pressure part of the system. Add amine to the 

HGF reactor as needed and do not allow the bubble removal vessel to be 

completely empty, as this would introduce air into the system.  

5. When the amine is observed in the trim cooler outlet close the priming valve 

to prevent amine from coming out. Continue pumping amine with the high 
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pressure pump to pressurize the system. Be sure that the valve on the return 

line for amine entering the HGF reactor is open. Failure to open this 

valve can result in over-pressuring the system.  

6. Be sure that the backpressure valve is set so that the system pressure does 

not exceed 250 psig. Higher pressures will destroy the heat exchangers 

which are expensive and time consuming to replace.  

7. The total inventory of the solution can be observed by the height of liquid in 

the bubble removal vessel. The height should be such that the liquid level is 

above the liquid inlet, but does not completely fill the vessel. Mark the level 

on the bubble removal vessel before starting the experiment.  

8. Once the liquid has reached the desired pressure and the inventory has been 

adjusted turn on both of the high temperature heaters and the trim cooler. The 

high temperature heaters should be set at the desired amine temperature 

leaving the trim heater plus 3.3 °C. The trim cooler should be set at the 

temperature of the HGF reactor plus 4 – 8°C.  

9. Proceed with steps 19 – 28 in the HGF procedure. The agitator cannot be used 

with high temperature cycling because it interferes with level control in the 

HGF reactor.  

B.2.1 HTOR Daily Operating Tasks 

 Purge water from saturator liquid-gas separator: open valve 45 degrees, close 

immediately once drained 

 Check water level in trim cooler, add if necessary 

 Check level in bubble removal vessel 

o Level lower than previous: 
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 No water in gas-liquid separator (saturator not functioning): check 

saturator feed pump is operational, turn up flow rate if stuck; add 

water directly to saturator by pipetting through feed line if 

necessary 

 Saturator working: check for solvent leaks; decrease condenser 

temperature to capture more water vapor leaving system 

 Add makeup water directly to solvent if necessary, 40 mL per inch 

decrease in level 

o Level higher than previous: 

 Increase condenser temperature 

 Remove solvent if necessary 

 Overflow due to sparging: add 0.5-1 mL antifoam 

 Check for flow out of high-pressure section: pressure gauge should be pulsing.  If 

flashing is occurring or vapor is present, pressure will be constant and minimal to 

no flow will be occurring.  To remove vapor open purge valve upstream of 

backpressure valve and drain into a beaker (CAUTION: SOLVENT MAY BE 

HOT).  Return beaker contents to HGF reactor.  If flashing, decrease trim heater 

temperature or CO2. 

 Check CO2 and N2, replace tank/dewer if necessary 

o Both can be changed out without significantly affecting operations if done 

promptly, there is no need to shut down the apparatus 

o For operations with PZ or other solvent with precipitation limits, ensure a 

spare CO2 cylinder is stored in the utility corridor to allow for rapid 

replacement even on weekends.   
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 If solvent is excessively foaming (ie liquid carryover from top of bubble removal 

vessel back to HGF while sparging), add no more than 1 mL silicone antifoam to 

HGF reactor. 

 Take a sample (typically every other day): using a long 10 mL pipette, remove 4 

mL from the HGF and replace with makeup solvent.  Store sample in glass or 

plastic vial.  Label with date and time. 

B.3 HGF/HTOR SHUTDOWN 

1. Turn off the motor on the heated pump to provide gas flow to the FTIR.  

2. Stop recording FTIR measurements. 

3. (HTOR ONLY) Turn off the high temperature heaters and trim cooler. 

4. (HTOR ONLY) Continue solvent circulation until all temperatures have 

dropped below 80 °C (wait ~30 minutes). Then turn off the high pressure 

metering pump and HGF level control pump to cease circulation. 

5. Half way open the valve at the bottom of the gas liquid separator to the point 

where the gas velocity audibly accelerates. This provides pressure to the drain 

line and ensures that no amine liquid will drain from the reactor.  

6. Close the black drain valve at the bottom of the reactor to stop gas to flow into 

the system.  

7. Fully open the valve at the bottom of the gas liquid separator. 

8. Close the valves on the fume hood to allow air and CO2 to flow into the 

system. Turn off the mass flow controllers.  

9. Turn off the two saturator pumps, the saturator bath heater and the condenser 

chiller. 

10. Turn off the HGF oil pump to heat the reactor.  
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11. Turn off the heater for the FTIR heated pump and umbilical line.  
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